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A B S T R A C T   

Oxygen Enriched Air (OEA) is essential for medical applications, metal production, chemical production, the 
petrochemical industry, and energy processes. In this work, carbon molecular sieve membranes (CMSM) and 
membrane systems are analyzed concerning their technical and economic feasibility to produce OEA for medical, 
post-combustion, and oxy-combustion applications. Process parameters, such as stage-cut, feed-to-permeate 
pressure ratio, membrane area, and the number of stages, were studied to assess the technical and economic 
feasibility of this technology. In this work, it was observed that for each membrane, there is a permeating oxygen 
concentration that minimizes the specific oxygen cost. The production of 56 tonO2⋅day− 1 for a combustion 
enhancement process with a concentration of 72 % was obtained in a single-stage with a specific cost of 61.0 
€⋅tonO2

− 1. A single-stage is also effective for producing OEA for medical applications (required concentration of 
82 %) at a minimum separation cost of 45.8 €⋅tonO2

− 1. However, a two-stage system is required to produce OEA 
with a concentration higher than 95 % for oxy-combustion with an OEA production cost of 83.8 €⋅tonO2

− 1. These 
production costs are lower than those obtained with two different commercial membranes and are competitive 
with medium-scale cryogenic distillation and pressure swing adsorption processes.   

1. Introduction 

Oxygen-enriched air (OEA), or air with more than 21 vol% of oxy
gen, has long been recognized as an important commodity with appli
cations in various industries [1–3]. These include chemical [4], food [5], 
healthcare [6,7], petrochemical [8], wastewater treatment [9], 
steel-making [10], and more recently, oxy-combustion. In the health
care industry, oxygen is an essential medicine used in different con
centrations [11]. With the onset of the COVID-19 pandemic, its usage 
has substantially increased as a therapy for treating respiratory diseases 
[12]. In the same way, the use of OEA as an oxidizing agent in 
combustion-based processes is also on the rise [1]. In such a process, 
fuels are oxidized traditionally using oxygen with a concentration higher 
than 95 %, instead of air, producing the desired heat and, ideally, only 
carbon dioxide and water vapor as by-products, including no NOx. The 
nitrogen present in the air consumes latent heat, which is later wasted 
through the flue gas emissions; using air diminishes the overall effi
ciency of the combustion process and produces undesirable by-products 

such as CO and NOx [13]. In contrast, the use of OEA as an oxidizing 
agent improves the overall energy efficiency of the process in several 
ways [14]: (1) the process achieves more complete combustion; (2) 
there is a better use of the available oxygen; (3) heat transfer rate to the 
boiler increases; (4) the amount of heat loss through flue gas decreases 
since nitrogen is not fed together with oxygen; and (5) the overall 
amount and variety of pollutants emitted is lower [1,2,14]; and (6) 
overall fuel consumption decreases substantially especially for higher 
operating temperatures. The oxy-combustion is more attractive as the 
fuel price rises, the CO2 recovery becomes required, and the production 
costs of OEA decrease [15]. 

The increase in OEA demand has rekindled the interest in developing 
new and more efficient technologies that can deliver such a product. 
Currently, OEA is mainly produced by three processes: cryogenic 
distillation [16], pressure swing adsorption (PSA) [17], and membrane 
separation [1]. Cryogenic distillation is the most established method and 
is employed in plants where high purity (>99 % O2) and high flowrates 
(100–300 tonO2⋅day− 1) are required [5]. Its energy consumption varies 
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from ca. 75 to 275 kWh⋅tonO2
− 1 depending on the desired oxygen con

centration [18]. However, some drawbacks of cryogenic distillation are 
the high capital investment and the high energy consumption. PSA can 
be employed as an alternative to cryogenic separation; its separation 
mechanism is based on the adsorption equilibrium [19,20]. PSA units 
produce high-concentration O2 (ca. 95 % balanced mostly with argon) 
with a production rate that normally goes from 1 to 100 tonO2⋅day− 1 

[5], consuming between 360 and 500 kWh of energy per tonO2. Pro
duction costs range between 40 and 50 €⋅tonO2

− 1 for a production rate 
between 1 and 50 tonO2 per day [1]. This process is also considered 
energy intensive and has a moderate capital cost, making it unappealing 
for low (<10 tonO2 per day) and high production rates (>300 tonO2 per 
day) [21]. Due to the inherent disadvantages of the two most employed 
OEA production technologies, there is clearly a market opportunity for 
processes that prove to be cheaper and energy efficient for intermediate 
production rates, between 20 and 300 tonO2⋅day− 1 [22]. It should be 
emphasized that water electrolysis can also be used to produce OEA. 
However, this process is only attractive when hydrogen is the desirable 
product and for applications in the neighboring electrolysis plant [23]. 

In recent years, membranes have become a standout technology in 
the gas separation market, especially for the small-to-medium scale 
applications [1,5]. Separation membranes can be made of polymeric or 
inorganic materials, such as carbon, ceramics, or metals. They do not 
require a regeneration step, they have a straightforward design and a 
small environmental impact, and they are modular - making them more 
easily scalable and flexible [24]. Additionally, this technology does not 
use chemicals, generates no waste, the gas products can be directly used 
or discharged, and membranes have a minimal equilibration time that 
makes them suitable for fluctuating feed flow rates [25]. In the sepa
ration process, membranes are usually placed inside a modular incasing 
(module) with different types of configurations: flat plate, tubular, and 
hollow fiber. The module can be tubular, planar, or spiral wound [24]. 
In the hollow fiber membrane configuration, thousands of membranes 
can be packed inside a small volume, maximizing the packing density (i. 
e., the largest active membrane area in relation to the module volume) 
[26]. Since gases display normally low viscosities, this configuration is 
normally preferred for producing OEA. 

The first commercial membrane for gas separation was by Monsanto, 
the PRISM® separators (now owned by Air Products), for the hydrogen 
purification [27]. However, Generon® separator by Dow, was the first 
membrane technology for air separation with a large market penetration 
[28]. Initially proposed in the 1980s, the membrane separation tech
nology was specifically developed to produce nitrogen-enriched air 
(NEA) for applications that require inert atmospheres. Since then, 
several membrane solutions for producing nitrogen-enriched air have 
been commercialized, notably by Air Products and Linde [24,25]. Still, 
in the 1980s decade, techno-economic studies indicated that the use of 
polymeric membranes for oxygen-enriched air production [31], was 
only competitive for small production scale, between 10 
tonO2⋅day− 1and 25 tonO2⋅day− 1, and for an O2 concentration between 
25 % and 40 % [28]. More recently, in 2014, Belaissaoui et al. [18] 
reached a similar conclusion, considering modern materials displaying 
an O2/N2 selectivity between 4.5 and 6. The membrane processes 
display a selectivity-permeability tradeoff first described by Robeson, 
who reported for the first time the so-called Robeson’s upper bound 
plots [29]. This intrinsic limitation means that high-purity and high 
production rates are only possible with the addition of several separa
tion stages, increasing the overall cost of the membrane separation 
process [5]. As pointed out by Belaissaoui, for intermediate purities, new 
membrane technologies such as carbon molecular sieve membranes 
(CMSMs) can be quite competitive since they usually present much 
higher separation performances [18]. 

Intermediate-purity oxygen can be especially useful in combustion- 
enhancement applications [1,5,8,14]. As previously discussed, using 
OEA in non-electrifiable processes can significantly improve the envi
ronmental, and economic performance in industries such as glass, 

ceramics, or electricity production [1]. The oxy-combustion consists of 
introducing high-purity OEA (≥95 % of O2) into a furnace/boiler, which 
largely improves the efficiency-related metrics of the reaction, produces 
a CO2-enriched flue gas, and decreases the production rate of pollutants 
such as NOx and CO. However, as pointed out by the US Department of 
Energy (USDOE), intermediate-purity oxygen-enriched air – between 45 
% and 60 % – is already enough to decrease fuel consumption by over 30 
%, for a flame temperature of ca. 1100 ◦C [30]. Besides, the flue gas 
already has a higher concentration of CO2 (though lower than in the 
oxy-combustion scenario), making its post-combustion separa
tion/capture more economically attractive. 

In a recent publication, K. Ahrawal and his team explored these two 
scenarios, using membranes to produce high/intermediate purity oxy
gen from air [1]. The cost saving of supplying an oxygen-enriched air 
stream with 30 % of O2 to feed a natural gas-fired furnace (293 kWh), 
allows an energy saving of 40 % [13]. An increase in the selectivity of 
the membrane did not interfere with the energy savings of the com
bustion process, but the increase in permeance enabled the production 
of a higher purity OEA, i.e. 50 % of O2, allowing an energy saving of 60 
%. A post-combustion CO2 capture was also analyzed for this furnace. 
The energy required for capturing and purifying the flue gas of a furnace 
fed with an OEA stream with 65 % of oxygen was estimated to be 0.98 
MJ⋅kgCO2

− 1, which results in a CO2 capture cost of ca. 40 €⋅kgCO2
− 1 [1]. 

Similarly, a techno-economic study by Adhikari et al. [5], demon
strated that two stages of (polymeric) membranes with a selectivity of 
5.5 and a permeance of 1000 GPU would be needed to produce 90 % 
pure OEA to perform oxy-combustion in a small-scale coal gasification 
process (5 MWe). Although the predicted separation cost (50 
€⋅tonOEA− 1) was competitive with cryogenic distillation (45 
€⋅tonOEA− 1) and PSA (65 €⋅tonOEA− 1), currently, there are no mem
branes available on the market that can achieve this separation perfor
mance. This study highlights the need for researchers to develop new 
membrane materials with performance metrics that can meet these re
quirements. In particular, increasing the permeance seems to be 
imperative since the cost of generating OEA significantly decreases as 
this metric increases. 

CMSM are an emerging class of membranes that have shown sepa
ration performances well above Robeson’s upper bound for polymeric 
membranes. Another great advantage of these membranes is their 
proven stability in contact with corrosive and high-temperature envi
ronments [31]. In particular, membranes prepared from a cellulose 
precursor are the ones that seem to be the most economically attractive 
due to their exceptionally high separation performance, relatively low 
production cost, and easily scaled-up production procedures. In 2018, 
Haider et al. [32], demonstrated the use of a CMSM prepared from 
cellulose (O2/N2 selectivity of 18) capable of producing, in a single 
stage, a stream with ca. 73 % of oxygen from air with a separation cost of 
80 €⋅tonO2

− 1. Our research group prepared a CMSM from a cellulose 
precursor modified with urea that exhibits a permeability to oxygen 
greater than 330 barrer and an O2/N2 selectivity greater than 52 [33]. 

Motivated by the latest developments on very high-performing 
CMSMs for O2/N2 separation, this work makes a techno-economic 
analysis on using these membranes to produce oxygen-enriched air for 
health (oxygen concentration of >82 %), oxy-combustion (oxygen 
concentration of >95 %), and combustion-enhancement (oxygen con
centration of >65 %) applications. 

2. Model equations 

The gas permeation in a carbon molecular sieve membrane is well 
described by the sorption-diffusion model [34]. Therefore, the mem
brane permeability is the product between sorbed-phase diffusivity and 
the sorption coefficient of each gas component: Pi = Si Di. This model 
assumes that the sorption coefficient is governed by Henry’s law (ci =

Si pi). The permeation rate of the membrane can then be written as: 
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Ji = − Di
dci

dz
= Si Di

dpi

dz
= Pi

Δpi

l
(1)  

where Di is the diffusion coefficient for component i, ci is the sorbed 
concentration of i, z is the axial coordinate of the membrane thickness, 
Si, is the sorption coefficient of component i, pi is the partial pressure of 
component i, Pi is the permeability to component i and ℓ is the mem
brane thickness. The ratio between permeability and thickness of the 
membrane is the permeance, Li. 

A simple method for solving counter-current membrane models 
discretized into n equal-area perfectly mixed stages – cf. Fig. 1. The 
differential molar flow for each component, i, on the retentate side is 
given by: 

dFi,R =Li
(
pRxi,R − pPyi,P

)
dA (2)  

where Fi,R is the molar flow of i in the retentate side, Li is the permeance 
(Li = Pi/l ), pR is the retentate pressure, pP is the permeate pressure, xi,R 

is the molar fraction of i in the retentate side, yi,P is the molar fraction of i 
in the permeate side increment, z is the dimensionless space coordinate 
and dA = π d l dz = A dz is the membrane area, where d is the hollow 
fiber diameter and z is the axial position along the hollow fiber. The 
permeate and the retentate flow in opposite directions: 

dFi,R

dz
=

dFi,P

dz
(3) 

A system of non-linear differential equations needs to be solved. Due 
to the complexity of such a task, an initial condition of the concentration 
profile at the permeate side needs to be provided [35,36]. In addition, 
one boundary condition is needed for each first-order differential 
equation. In this work, the following boundary conditions were 
considered for the retentate side: 

z= 1 : FR = Ffeed (4)  

xi,R = xi,feed (5)  

and for the permeate side without sweep gas flow: 

z= 0 : FP = 0 (6) 

Different approaches can be used to solve this counter-current 
model, namely: (1) Coker et al. (1998) – successive stages method 
with tridiagonal matrices using the Thomas algorithm [37]; (2) Cruz 
et al. (2005) – finite volume method with high-resolution scheme with a 
false transient method using the LSODA package [36]; and (3) Grainger 
et al. (2007) – iterative method with pressure increments on the 
permeate side [38]. In this work, the set of differential equations are 
solved simultaneously using bvp4c function from Matlab®. The bvp4c 
function integrates a system of differential equations of the form y’ = f 
(x,y), subject to the boundary condition [39]. 

In the implementation of this model, a set of assumptions were made, 

namely: plug flow without axial dispersion; ideal gas behavior; the 
permeability values are assumed to be independent of temperature and 
pressure; negligible concentration polarization; no pressure drop on 
both sides of the membrane; negligible membrane deformation under 
pressure and no radial velocity profile. The simulator validation can be 
found in Table S1 of the Supplementary Note 1. 

3. Simulation basis 

As previously referred, this work aims to understand if the recent 
developments in CMSMs for O2/N2 separation can make this technology 
attractive for OEA applications, namely using the permeation parame
ters reported in Ref. [33]. For comparison proposes, the commercial 
membrane Polaris™ – Membrane Technology and Research – and 
membrane Prism® – Air Products, were also considered, besides none of 
them being used for oxygen enriched air production [40,41]. The sep
aration parameters considered for the three different membranes are 
indicated in Table 1. 

The permeabilities to pure components and to O2/N2 mixtures are 
very similar since these two gases display similar adsorption isotherms 
on cellulose-based CMSM [33,42]. Air is mostly composed of nitrogen – 
78 %, oxygen – 21 % and argon – 0.9 %. However, argon displays a 
permeation rate closer to nitrogen [43–45], and for simplicity, the air 
mixture is often assumed to be composed only of oxygen – 21 % and 
nitrogen – 79 %.The gas permeance unit (GPU), corresponds to 3.35 ×
10− 10 mol m− 2 s− 1•Pa− 1. For the CMSM, it was assumed a selective layer 
thickness of 3 μm. The normalized permeate oxygen flowrate (ratio 
between the permeating oxygen and the air feed flow rates – produc
tivity) and the specific membrane area (φ, the ratio between the mem
brane area and the feed flow rate) were obtained for a single-stage 
carbon membrane module, for a constant feed-to-permeate pressure 
ratio (R = Pfeed/Ppermeate) of 100 – Fig. 2. A study on the influence of the 
pressure ratio on the OEA production was then carried out. 

For the techno-economic study, the specific membrane area was 
computed for a target oxygen production concentration; the production 
costs and energy requirements were then calculated. The stage-cut (θ =

Qpermeate/Qfeed) and the permeate concentration were computed. A 
design of experiments (DoE), based on the Response Surface Method
ology (RSM) [46], was applied to determine the optimum operating and 
design conditions for the production of oxygen with 3 different con
centrations (>70 %, >82 %, and >95 %); feed-to-permeate pressure 
ratio and specific membrane area were taken as factors – independent 
variables. The statistical software JMP ® (SAS Institute Inc.) was 
employed for this study. The specific oxygen cost – permeate flowrate 
times the oxygen concentration – was used for obtaining the optimized 
operating and design conditions. The dependent variables were inter
polated using a second-order polynomials [46]. The selected domain of 
the independent variables are: the feed-to-permeate pressure ratio (R =
10–100) and the specific area (φ = 40–400 m2⋅day⋅ton− 1); and, the stage 
cut, the oxygen concentration and the specific cost were the selected 
response variables (ŷ). The fitting equation is: 

ŷ = β0 + β1

(
R − R

(R+1 − R− 1)/2

)

+ β2

(
φ − φ

(φ+1 − φ− 1)/2

)

+β3

(
R − R

(R+1 − R− 1)/2

)(
φ − φ

(φ+1 − φ− 1)/2

)

+ β4

(
R − R

(R+1 − R− 1)/2

)2

+β5 •

(
φ − φ

(φ+1 − φ− 1)/2

)2

(7) 

Fig. 1. Scheme of an ideal configuration of a hollow fiber membrane and its 
mass balance at an infinitesimal volume. 

Table 1 
Separation performance of the membranes used in this work.  

Membrane Permeance (GPU) O2/N2 selectivity (− ) 

Carbon membrane 111 54 
Polaris™ 220 5 
Prism® 68 6.9  
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where, βi are the regression coefficients, R is the feed-to-permeate 
pressure ratio, R is the domain average feed-to-permeate pressure 
ratio, R− 1and R+1 are the limit feed-to-permeate pressure ratio values of 
the domain, φ is the specific membrane area, φ is the intermediate 
specific membrane area between limiting areas φ− 1 and φ+1. The sig
nificance of the parameters was characterized by the p-value. The model 
accuracy and fitness were accessed using the coefficient of determina
tion (R2) and the root mean square error (RMSE). A sensitivity analysis 
of the membrane thickness (selective layer) was carried out to assess its 
impact on the specific cost. The influence of the price of electricity and 
the project lifetime (capital amortization time) were also studied. 
Finally, the results obtained were compared with traditional oxygen 
production processes. 

4. Cost model 

The cost model used in this techno-economic assessment was 
adapted from previous publications [32,34,47,48]. The equipment 
considered in the simulations were the membrane skid, the compressors, 
and the vacuum pumps. The other components of the system (membrane 
capsule, piping, valves, heat exchangers, expanders, and transport 
pumps) have relatively low capital and operating costs compared to 
large equipment [32]; the capital expenditure (CAPEX) was then 
assumed to be only the sum of the cost of these main components. The 
cost of the polymeric membranes (CM) is between 25 and 125 €⋅m− 2, and 
the cost of the CMSM was set to 100 €⋅m− 2 [32]. The cost of compressors 
and vacuum pumps was based on empirical relationships considering 
the power required by the compressor and vacuum pump, respectively 
[49]. The power of a compressor (Pc) is calculated by the following 
equation: 

Pc =
QRT

ηc

k
k − 1

[(
Pdischarge

Psuction

)k− 1
k

− 1

]

(8)  

where Q is the feed flow rate to the compressor, ηc is the compressor 
efficiency (here assumed to be 85 %), and k is the specific heat ratio 
(here assumed to be 1.4). For vacuum pump power (Pvp) was computed 
using the same equation but it was considered an efficiency of 60 % and 
0.1 bar. The compressor and vacuum pump costs were calculated by the 
following equations [49,50]: 

Cc = 5840P0.82
c (9)  

Cvp = 32500
(

1.341Pvp

10

)0.5

(10) 

For the CAPEX, a direct and indirect costs factor (F) of 20 % was 
considered, and a chemical engineering plant cost index (CCEPCI) of 
699.97 (2021) for the equipment was adopted for all inflation adjust
ments of 397 (I) [47]. The CAPEX was calculated by the following 
equation: 

CCAPEX =F ×
CCEPCI

I
×
[
CM +Cc +Cvp

]
(11) 

The annual capital related cost (CACRC) was computed based on the 
capital costs amortization during the period of execution of the project; 
it was assumed an amortization of 10 years [34]. Regarding the 
operational-related expenditure cost (COPEX), only the electricity price of 
0.08 €⋅kWh− 1 was considered, as the labor and utility costs are much 
smaller than this. The plant was assumed to operate 8000 h per year, and 
the energy cost was calculated from the following equation: 

COPEX =Cenergy = 0.08×
(
Pvp +Pc

)
× 8000 (12) 

The specific cost of the OEA production was calculated from the ratio 
of “the sum of the annual capital related cost and OPEX” by “the annual 
oxygen enrichment production”: 

Specific cost (€ / tonO2)=
CACRC + COPEX

QO2

(13)  

where QO2 (tonO2⋅year− 1) is the mass production of oxygen, present in 
the OEA stream per year (tonO2 per year). 

5. Results and discussion 

This techno-economic study assumes different separation scenarios, 
as indicated in Fig. 2, were considered. The role of the main operating 
variables is studied in detail, namely the influence of 1) feed flow rate; 2) 
pressure ratio; 3) oxygen concentration; and 4) sensitivity analysis. 

5.1. Influence of the feed flow rate on the productivity and oxygen 
concentration 

The normalized permeate oxygen flowrate (ratio between the 
permeate oxygen and the air feed flow rates – productivity) as a function 
of the oxygen concentration is plotted in Fig. 3A. The feed-to-permeate 
pressure ratio was kept at 100. As expected, the oxygen production rate 
decreases as the oxygen product concentration increases. The maximum 
oxygen concentration achieved in a single carbon membrane stage is 93 
%. The permeate concentration increases as the stage cut decreases for a 
set pressure ratio, permeance, and O2/N2 selectivity values. When the 
stage cut onsets a fast decrease for reaching a given oxygen concentra
tion, the nominal oxygen concentration is reached, which in this case 
was 93 % – pressure ratio: 100; permeability: 330 barrer, O2/N2 selec
tivity: 53, and the stage cut: 0.015). This maximum concentration cor
responds to reaching the region of the membrane limited by selectivity. 
As the required membrane surface area increases, the oxygen product 
concentration decreases, and the product flowrate increases, as illus
trated by Fig. 3B. 

Fig. 4 shows the specific cost of oxygen-enriched air production as a 
function of oxygen product concentration (A) and oxygen recovery (B). 
Five different air feed rates (13, 25, 125, 250, and 623 ton of air per day) 
were considered to determine the required membrane area and 
respective specific cost and energy consumption. To perform the eco
nomic analysis, the feed pressure was maintained at 10 bar and the 
permeate pressure at 0.1 bar. Fig. 4A plots the specific oxygen produc
tion cost as a function of the oxygen product concentration; since CAPEX 
does not depend linearly on the feed flowrate, there is a curve for each 
feed flowrate. This figure indicates that the specific oxygen cost de
creases for higher feed flowrates; more interestingly, it shows that the 
specific cost is mostly constant up to a threshold oxygen product con
centration, which in this case is ca. 87 %. For example, for an air feed 
flowrate of 623 tons⋅day− 1, a product stream with an oxygen concen
tration of 87 % costs ca. 74€⋅tonO2

− 1, but a product stream with an ox
ygen concentration of 93 % costs 45 times more. The maximum oxygen 
concentration for a mostly constant specific cost value was named 
nominal oxygen concentration. 

Fig. 2. Sketch of a single-stage membrane separation unit.  
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5.2. Influence of the feed-to-permeate pressure ratio on the specific 
oxygen cost 

The influence of the feed-to-permeate pressure ratio (R) was studied 
as a function of the membrane area, oxygen concentration, and stage 
cut. Five different feed-to-permeate pressure ratios (10–100) were used. 
The oxygen concentration and the stage cut as a function of the specific 
membrane area for selected feed-to-permeate pressure ratios are plotted 
in Fig. 5. 

From this study, it is possible to confirm that as the feed-to-permeate 
pressure ratio increases, the membrane area needed for the separation 
decreases. The curves of oxygen concentration as a function of the specific 
membrane area are linear. The oxygen concentration increases with the 
pressure ratio since the real selectivity increases with the feed-to-permeate 
pressure ratio [51]. The stage cut increases with the membrane area; as the 
pressure ratio increases, the membrane area required to obtain the same 
stage cut is smaller. It should be noted that for a feed pressure of 1 bar, a 
blower will need to be incorporated into the process to work and maintain 
the flow on the upstream side of the membrane. 

To perform an economic analysis and calculate the influence of the 
pressure ratio on the specific cost and energy consumption of oxygen- 
enriched air production, the air feed flow rate (250 tons per day) and 
the permeate pressure (0.1 bar) were assumed constant. The simulations 
were conducted for 5 different feed pressures (1, 3, 5, 8 and 10 bar). A 
single stage of CMSM was assumed. For 1 bar of feed pressure, the 
compressor was not considered; a vacuum pump was used in all 
simulations. 

The specific cost and specific energy consumed as a function of the 
oxygen concentration and recovery – ratio between the permeate oxy
gen and the feed oxygen flowrates – are shown in Fig. 6A–D. The specific 
cost of producing oxygen-enriched air is higher for higher pressure ra
tios. The specific oxygen cost as a function of the oxygen product con
centration is the lowest for the lowest feed pressure ca. 85 % – nominal 
oxygen concentration. The specific cost decreases as the recovery in
creases (stage cut) due to the increased permeated flowrate. Neverthe
less, there is an exception for 1 bar feed of pressure. In this case, the 
behavior deviates from this pattern because only the permeate stream is 
pumped using a vacuum pump – there is no feed compressor. The 

Fig. 3. (A) Normalized permeate oxygen flowrate as a function of the permeated oxygen concentration for a single-stage CMSM separator (productivity); (B) oxygen 
concentration and stage cut as a function of the specific membrane area. A feed-to-permeate pressure ratio of 100 was assumed. The lines were added to guide 
the eyes. 

Fig. 4. Specific cost of the oxygen-enriched air stream as a function of (A) permeated oxygen concentration and (B) oxygen recovery for the 5 different plant ca
pacities. The lines were added to guide the eyes. 
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Fig. 5. (A) Oxygen concentration and (B) stage cut as a function of the ratio of the membrane area and feed flow rate (specific membrane area).  

Fig. 6. Specific cost of oxygen-enriched air for 5 different feed pressures, for 0.1 bar of permeate pressure, and for an air feed flow rate of 250 tons per day, as a 
function of the oxygen concentration (A), and as a function of the oxygen recovery (B); energy consumption per mass of produced oxygen as a function of the oxygen 
concentration C) and as a function of the oxygen recovery (D). The lines were added to guide the eyes. 
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minimum specific cost of the oxygen-enriched air corresponds to a feed 
pressure of 3 bar and an oxygen concentration of 88 %, ca. 81 €⋅tonO2

− 1, 
cf. Fig. 6A. However, when atmospheric feed pressure is considered, it is 
possible to produce oxygen with a somewhat higher concentration (ca. 
88 %) at the same specific cost. But in this case, the oxygen recovery is 
much lower, about 20 %, while for feed pressure of 3 bar the recovery is 
ca. 80 %. It should be emphasized that for low-stage cuts and for a given 
feed-to-permeate pressure ratio, compressing the feed corresponds to 
transferring a large amount of energy that will be wasted as compressed 
retentate. In these cases, it is far more attractive to transfer pressure 
energy (vacuum in this case) just to the permeated flowrate, since all the 
applied energy will be used for the permeation. 

From the previous optimization, 3 bar of feed pressure guarantees 
the best relationship between oxygen recovery and concentration, with 
minimal specific separation cost. The relationship of capital and oper
ating costs (and specific cost) as a function of the oxygen concentration 
and recovery are shown in Fig. 7A and Fig. 7B, respectively. 

As can be seen from Fig. 7A, operational expenses (OPEX) and annual 
capital costs decrease with increasing oxygen concentration. This 
behavior is related to two factors: (1) oxygen recovery is lower for high 
oxygen concentrations, so less permeate flowrate is pumped by the 
vacuum pump, decreasing its power demand and capital and operational 
costs; (2) less membrane area is required – Fig. 5. In this process, 
operating costs are higher than annual capital costs, and the specific 
oxygen cost is more sensitive to the production flowrate; power demand 
increases with oxygen recovery. In this case, an optimal specific cost of 
ca. 74.5 €⋅tonO2

− 1 is predicted, with a recovery of 80 %, a stage-cut of 
0.2, an oxygen concentration of 84.5 %, and a power consumption of 
645 kW. 

5.3. Influence of the produced oxygen concentration on the specific 
oxygen cost 

Two target oxygen concentrations were considered, one typical for 
combustion enhancement, and the other for medical applications, 
respectively >70 % and >82 %. Using an oxygen-enhanced air stream 
increases the CO2 concentration in the flue gas, reducing the eventual 
capture and purification process costs, and reducing the carbon dioxide 
emissions making the combustion more efficient [1]. According to the 
World Health Organization directive, a minimum oxygen concentration 
of 82 % is required for oxygen therapy or supplemental oxygen [52]. A 
feed flow rate of 250 ton per day and a permeate pressure of 0.1 bar were 
assumed in this study. 

To determine the minimum specific cost for producing oxygen- 
enriched air for these two concentrations – 70 % and >82 % – using a 

single-stage CMSM, it was applied a design of experiments. The pressure 
ratio and the specific area were varied in the window determined in the 
previous sections of this work; the pressure ratios were varied between 
10 and 100, and the specific area between 40 and 400. The response 
variables selected are the stage-cut, the oxygen concentration, and the 
specific cost of producing the oxygen-enrich air stream. A second-order 
polynomial was used to fit the results from the DoE, and the obtained 
parameters listed in Table S2 of the supplementary Note 2, along with 
ANOVA analysis. The empirical polynomial models were considered 
statistically significant, with p-value <0.0001, p-value 0.0006, and p- 
value <0.0001, respectively, for the stage-cut, the oxygen concentra
tion, and the specific cost. Model parameters β4 and β5 displayed for all 
the dependent variables p-values greater than 1 % and were neglected. 

Table 2 shows the optimum operating and design conditions for the 
targeted oxygen concentrations – minimum specific oxygen cost. The 
results show that the oxygen produced for combustion enrichment ap
plications has a minimum cost of 61 €⋅tonO2

− 1 for a stage cut of 0.28 (i.e., 
57.2 tonO2⋅day− 1) and a pressure ratio of 54; the computed energy 
consumption is 425 kWh⋅tonO2

− 1, the membrane area is 22 425 m2 (90 
m2 s⋅ton− 1) and the permeated oxygen concentration is 72.8 %. 

Regarding oxygen production for medical applications, the opti
mized has a minimum cost of 45.8 €⋅tonO2

− 1 for a stage cut of 0.20 (i.e., 
45.6 tonO2⋅day− 1) and a pressure ratio of 22; the computed energy 
consumption is 425 kWh⋅tonO2

− 1, the membrane area is 20 700 m2 (83 
m2 s⋅ton− 1) and the permeated oxygen concentration of 83.5 %. 
Notably, the cost of producing oxygen at a higher concentration is 
cheaper. This is because there is an optimum relationship between 
capital and operating costs and oxygen purity, as observed in other 
works [53]. Fig. 6 shows that there is a minimum cost for oxygen con
centrations between 80 and 90 % (for all the studied pressure ratios). 

In section 5.1 of this work, it was concluded that a single CMSM stage 
it is not enough to produce OEA with a concentration higher than 93.1 
%. Oxy-combustion requires, however, an oxygen concentration of ≥95 
% [1,13,16,54]. In energy intensive processes such as the production of 
glass, ceramics, cement or burners, which require very large air feed 
flowrates (>300 tonO2 per day), cryogenic distillation, with a specific 
cost of ca. 25 €⋅tonO2

− 1, is the first choice [18]. However, for processes 
requiring lower feed flowrates, in the range of 50 tonO2⋅day− 1, carbon 
membranes are expected to be economically feasible. To test this hy
pothesis, a two-stage carbon membrane process was assumed to reach 
the required oxygen concentration of >95 %. The operating and design 
variables of this membrane process were optimized. The lowest specific 
oxygen cost was obtained for a feed pressure to the first membrane stage 
of 5 bar (membrane area of 38 225 m2, as concluded in the previous 
section), and the permeating stream of the first membrane stage needs to 

Fig. 7. OPEX, annual capital costs, power demand, and oxygen-enriched air-specific production cost as a function of (A) oxygen concentration; and (B) oxygen 
recovery. The lines were added to guide the eyes. 
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be compressed at 1 bar to be fed to the second stage (Fig. 8). An oxygen 
concentration of 95.9 % was obtained at the second CMSM module, with 
a membrane area of 20 000 m2. The annual capital-related cost (ACRC) 
of the system was 0.76 M€ and the OPEX was 0.83 M€. The obtained 
specific oxygen cost was 83.8 €⋅tonO2

− 1. 
Interestingly, if the system optimized for OEA for medical applica

tions were used as the first CMSM stage, in a two-stage membrane sys
tem, it would become possible to produce oxygen with a concentration 
of 99.3 % in the second stage. The specific cost of producing oxygen at 
this concentration is 79.1 €⋅tonO2

− 1. In this system, the oxygen recovery 
is 57 %, while for producing the oxygen concentration of 95.9 % is 97 %. 

5.4. Sensitivity analysis 

A sensitive analysis was performed for producing oxygen enriched 
air with an intermediate concentration (oxygen concentration ≥70 %) 
suitable for combustion-enhancement and carbon dioxide capture from 
non-electrified combustion processes (combustion enhancement pro
cess) and for oxy-combustion (oxygen concentration ≥95 %). 

5.4.1. Membrane thickness 
The thickness of the selective layer of the cellulose CMSM was varied 

from 1 μm to 5 μm for assessing its influence on the specific oxygen cost. 
As expected, reducing the membrane thickness reduces the specific ox
ygen cost (Fig. 9A), since the permeance increases and the selectivity 
stays constant. In this case, the stage cut (θ = 0.28) and pressure ratio (R 
= 54) were kept constant while the required specific area is inversely 
proportional to the membrane thickness; a specific cost of 53.4 €⋅tonO2

− 1 

was obtained for a membrane thickness of 1 μm, compared with a spe
cific cost of 61 €⋅tonO2

− 1 for a membrane of 3 μm, for producing oxygen- 
enriched air with 70 %. 

5.4.2. Membrane cost 
The production cost of the carbon membranes is in the range of 50 

€⋅m− 2 – 125 €⋅m− 2 [31,47,48,53,55]. Cellulose acetate-based carbon 
membranes were produced semi-industrial by the Norwegian company, 
MEMFOACT, with a production capacity of 700 m2 year− 1 [32,56]. This 
company reported that the production cost of these membranes was 100 
€⋅m− 2 [32]. This production value can decrease further for higher 

production rates and with the maturity of the production process. 
Therefore, an analysis of the production cost of these carbon membranes 
was performed to determine its influence on the specific oxygen cost. 
The membrane cost was varied between 25 €⋅m− 2 and 125 €⋅m− 2; the 
computed specific oxygen costs are shown in Fig. 9B. 

For both oxygen-enriched air separation purities – ≥70 % and ≥95 
%, the specific oxygen cost increases with the membrane cost. For 
example, for a 1 μm thick membrane, when the cost of this membrane 
decreases from 100 €⋅m− 2 to 25 €⋅m− 2, the specific oxygen cost for an 
oxygen concentration of ≥70 %, decreases only 6 %, from 53.4 €⋅tonO2

− 1 

to 50.4 €⋅tonO2
− 1. Regarding the specific cost of the two-stage system for 

an oxygen concentration >95 %, when the cost of the membrane de
creases, there is a reduction in the specific oxygen cost of ca. 9 %, from 
69.0 to 63.3 €⋅tonO2

− 1. 

5.4.3. Electricity cost 
The cost of electricity directly impacts the specific oxygen cost 

(Fig. 9C). The cost of electricity in Portugal tends to vary with the price 
of natural gas (which accounts for ca. 40 % of the electricity), even 
though ca. 50 % of the energy produced in Portugal comes from 
renewable sources [57]. Also, the final electricity price depends on 
whether the power is produced locally or transmitted using the national 
high-voltage power grid; if produced locally, its price is substantially 
lower. When the electricity price changes from 0.15 €⋅kWh− 1 to 0.04 
€⋅kWh− 1, the oxygen production cost drops ca. 58 % for a produced 
oxygen concentration of ≥70 % (80.2 €⋅tonO2

− 1 to 33.4 €⋅tonO2
− 1), while 

for an oxygen concentration of ≥95 %, which requires a two-stage 
membrane system, the production cost drops from 101 €⋅tonO2

− 1 to 41 
€⋅tonO2

− 1, a reduction of ca. 59 %. 

5.4.4. Project lifetime 
The lifetime of the carbon membranes has a significant impact on 

capital amortization. The CMSMs produced from cellulose using the 
ionic liquid regenerated approach, post-treated with propylene gas, are 
very stable for gas separations, as shown in Ref. [58]; CMSMs are far 
more stable than polymeric membranes, whose average lifetime is just 5 
years [5,32,34,47]. Therefore, if 25 years of a lifetime is assumed for the 
CMSM membranes, instead of 5 years, the annual CAPEX would 
decrease from 623 k€ to ca. 125 k€, for a produced oxygen concentration 

Table 2 
Optimal DoE parameters and simulated data.   

Operating conditions Results 

R (− ) Sp. Area (m2⋅day⋅ton− 1) θ (− ) yO2 (%) ACRC (M€) OPEX (M€) Sp. Cost (€⋅tonO2
− 1) 

Combustion enhancement 54 90 0.28 72.8 0.52 0.65 61.0 
Medical applications 22 83 0.20 83.5 0.36 0.33 45.8  

Fig. 8. Illustration of the proposed two-stage carbon membrane unit to produce oxygen-enriched air suitable for oxy-combustion (≥95 %).  
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of ≥70 %, and the specific oxygen cost would reduce from 49.8 €⋅tonO2
− 1 

to 23.5 €⋅tonO2
− 1. Following, the specific oxygen cost for a produced 

oxygen concentration of ≥95 % would reduce from 61 €⋅tonO2
− 1 to 29.7 

€⋅tonO2
− 1 – Fig. 9D. 

5.5. Comparison with other membrane separation processes 

Polymeric membranes, particularly those commercialized by Air 
Products and Chemicals, Inc (Prism®), are used for nitrogen production 
on an industrial scale [24]. The polymeric membranes from Air Products 
and from MTR (Polaris™) were used in this work for comparison. The 
same simulation procedure was used to compute the metrics to produce 
oxygen for combustion-enhancement (≥70 %) and for oxy-combustion 
(≥95 %). The polymeric membrane cost was set to 50 €⋅m− 2 and the 

electricity price set to 0.08 €⋅kWh− 1, as in the previous studies, and a 
lifetime of 5 years was assumed. The results of this techno-economic 
analysis are summarized in Table 3. 

The production of oxygen-enhanced air for combustion- 
enhancement (oxygen concentration ≥70 %) using a single-stage unit 
is not possible when polymeric membranes are used, due to their low 
selectivity. Therefore, a unit with two stages of polymeric membranes 
was considered in this study to compare with the single-stage CMSM 
unit. The specific cost of producing oxygen at a concentration of >70 % 
with the Air Products membranes (Prism® membranes) is more than 3 
times higher than with the carbon membranes, 61 €⋅tonO2

− 1 vs 188 
€⋅tonO2

− 1. Also, the specific required energy for performing the separa
tion increases from 424 kWh⋅tonO2 to 1189 kWh⋅tonO2

− 1. The use of 
MTR (Polaris™) membranes, which present a higher permeance than 

Fig. 9. Sensitive analyses of the oxygen-enriched air production cost for two oxygen concentrations: ≥70 % (combustion enhancement) and ≥95 % (oxy-com
bustion). Sensitivity to: (A) CMSM selective thickness; (B) membrane cost, (C) electricity price, and (D) project lifetime. 

Table 3 
Comparison of CMSM and commercial polymeric membranes regarding their separation performances and respective costs for producing combustion-enhancement 
(oxygen concentration ≥70 %) and oxy-combustion (oxygen concentration ≥95 %) grades.   

Post-combustion (>70 %) Oxy-combustion (>95 %) 

CMSM Prism® Polaris™ CMSM Prism® Polaris™ 

ACRC (k€⋅year¡1) 517 1836 2038 760 3471 6247 
OPEX (k€⋅year¡1) 647 1876 2285 830 4363 8327 
Cost (€⋅tonO2

¡1) 61.0 188 227 83.8 263 353 
Energy (kWh⋅tonO2

¡1) 425 1189 1500 640 1734 2446  
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the carbon membranes) but 10 times lower selectivity, was also 
analyzed. The specific production cost of oxygen-enriched air with MTR 
membranes is 227 €⋅tonO2

− 1 and the specific energy is ca. 3 times higher 
than using carbon membranes. 

A three-stage polymer membrane system was considered to produce 
oxy-combustion grade (oxygen concentration ≥95 %). For the Polaris™ 
membranes, a maximum oxygen concentration of ca. 93 % was ob
tained, which is below the target. Since for both polymeric membranes, 
a three-stage membrane process was considered, while the CMSM re
quires only two stages, the annual capital cost and the energy required 
are much higher than for the CMSM-based system. The annual capital 
cost of using Polaris™ membranes is over 6 M€, while using carbon 
membranes costs ca. 517 k€. The OPEX of using Prism® membranes is 
ca. 5 times higher than using carbon membranes; for Polaris membranes, 
it is ca. 9 times higher. With Prism membranes, the specific cost of ox
ygen is ca. 263 €⋅tonO2

− 1; and with Polaris membranes, it is ca. 4 times 
higher than for carbon membranes (353 €⋅tonO2

− 1). Regarding energy 
consumption, it is ca. 3–4 times higher when the polymeric membranes 
are used. 

For both oxygen-enriched air concentrations, the cellulose-based 
carbon membranes considered in this work present the lowest capital 
and operational costs. Assuming a 3 μm membrane thickness, the single- 
stage CMSM unit presents the lowest separation costs compared with the 
two commercial polymeric membranes, but also compared with a PSA 
unit – specific cost of 71 €⋅tonO2

− 1 and specific energy of 800 
kWh⋅tonO2

− 1, for a 300 tonO2⋅day− 1 [23]. The CMSM technology is also 
competitive with the cryogenic distillation – specific cost of 12.4–48 
€⋅tonO2

− 1 and specific energy of 155–600 kWh⋅tonO2
− 1, for a 4000 

tonO2⋅day− 1 [23], if assumed a membrane thickness of 1 μm, a mem
brane cost of 25 €⋅m− 2, an electricity price of 0.04 €⋅kWh− 1 and a capital 
amortization of ≥10 years. Alternatively, for a CMSM with the same 
permeance (333 GPU) but with an ideal selectivity of 333, a one-stage 
membrane unit (R = 10 and φ = 240 m2⋅day⋅ton− 1 is sufficient for 
producing an oxygen current of 95.4 %, displaying a specific cost of just 
21.7 €⋅tonO2

− 1 and specific energy of 122 kWh⋅tonO2
− 1 lower than for the 

cryogenic distillation. Developing fast and more selective membranes is 
the continuous objective of this research team, targeting separation costs 
well below the cryogenic separation. 

6. Conclusions 

This work studies the use of carbon molecular sieve membranes to 
produce oxygen-enriched air. A phenomenological simulator was 
developed to solve the mass balance and kinetic equations of a counter- 
current membrane module based on a simple and intuitive numerical 
method implemented in Matlab®. It was assumed a CMSM with a 
permeability to oxygen of 333 barrer, O2/N2 ideal selectivity of 54, and a 
membrane thickness of 3 μm. 

The relationship between the stage cut, specific membrane area, and 
oxygen concentration was studied for a constant pressure ratio, 
assuming a feed pressure of 1 bar. It was concluded that for a given 
membrane, there is a permeating oxygen concentration that minimizes 
the specific oxygen cost, which was named nominal oxygen concentra
tion. As expected, the specific oxygen cost decreases as the feed flow rate 
increases, due to the CAPEX scaling factor. A minimum specific cost for 

oxygen production of ca. 74 €⋅tonO2
− 1 was obtained for an air stream of 

623 ton⋅day− 1 to 87 % oxygen concentration. The impact of the feed-to- 
permeate pressure ratio was also assessed. For low stage-cuts, it is al
ways better to have just a vacuum pump, which pumps only the 
permeate stream, than a compressor that has to compress a higher feed 
flowrate. 

The production of oxygen-enriched air for combustion- 
enhancement, medical applications, and oxy-combustion requires 
different concentrations, namely 70 %, 82 %, and 95 %. A design of 
experiments was performed to obtain the operating variables that 
minimize the specific oxygen cost. The obtained minimum specific ox
ygen costs for the three oxygen concentrations are 61 €⋅tonO2

− 1 for 
combustion enhancement (≥70 %), 45.8 €⋅tonO2

− 1 for medical applica
tions (≥82 %), and 83.8 €⋅tonO2

− 1 oxy-combustion (≥95 %). To reach an 
oxygen concentration of ≥95 %, required for oxy-combustion uses, it 
was considered a two-stage CMSM process. A sensitivity analysis was 
performed to assess the contribution to the specific oxygen cost of the 
membrane thickness, CMSMs production cost and lifetime, and elec
tricity price. It was concluded that the membrane thickness and cost 
have the lowest impact on the specific oxygen cost. A minimum specific 
oxygen cost of 29.7 €⋅tonO2

− 1 was obtained for an oxygen concentration 
of 73 % and a membrane thickness of 1 μm; this is an extremely 
competitive cost. The performed techno-economic analysis is rather 
simple and aimed to highlight the great potential of the lately developed 
CMSM for oxygen enrichment. 
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Nomenclature 

Greek Symbol Definition Unit 
β Empiric model equation parameter 
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θ Stage cut (θ = Qpermeate /Qfeed)

φ Specific area (φ= A /Q) m2⋅day⋅ton− 1 

ηC Compressor efficiency %  

Variable, Definition, Unit 
A Membrane area, m2 

CACRC Annual capital related cost, € 
CCAPEX Capital expenditure, € 
Cc Compressor cost, € 
CCEPCI Chemical engineering plant cost index 
ci Concentration, mol⋅m− 3 

Cvp Vacuum pump cost, € 
Di Diffusivity coefficient, m2⋅s− 1 

F Indirect cost factor, % 
FF Feed molar flow, mol⋅s− 1 

FP Permeate molar flow, mol⋅s− 1 

FR Retentate molar flow, mol⋅s− 1 

i Component i 
I Inflation adjustment factor 
j Component j 
k Specific heat ratio 
l Membrane thickness, nm 
Li Permeance (Pi/l) (1 GPU = 3.35 × 10− 10 mol m− 2 s− 1•Pa− 1), GPU 
OPEX Operational-related expenditure cost, € 
PC Compressor power, kW 
Pdischarge Compressor discharge pressure, Pa 
Pi Permeability (1 barrer = 3.39 × 10− 16 mol m m− 2⋅s− 1 Pa− 1), barrer 
pi Pressure, Pa 
Pp Permeate pressure, Pa 
PR Retentate pressure, Pa 
Psuction Compressor suction pressure, Pa 
Pvp Vacuum pump power, kW 
Q Volumetric flow rate, mol⋅s− 1 

R Pressure ratio (R = Pfeed /Ppermeate), - 
Si Sorption coefficient, mol⋅m− 3⋅Pa− 1 

x Feed molar fraction, % 
y Permeate molar fraction, % 
z Special coordinate 
+1 Upper level of the DoE factor 
− 1 Lower level of the DoE factor 
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