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Nomenclature
B(T) Virial coefficient, [K]
Cequi Equipment cost, [€]
feo, CO;, fugacity, [bar]
Ko Solubility constant, [mol-kg *-atm 1]
M, Molecular weight, [kg-mol™']
ny Hydration number
Nhours/year Operating hours per year, [h-yr’l]
Nycars Economical lifespan, [yr]
P Pressure, [bar]
Deq Equilibrium pressure, [bar]
Q; Modified Henry's constant, [bar]
i Interest rate
R? Coefficient of determination
s Lattice constant, [m]
S Salinity
T Temperature, [°C]
v Molar volume, [m3~mol 1]
X Fraction of component i in liquid phase

Greek letters

ATmin Minimum temperature approach, [°C]
p Density, [kg-m~3]

Subscripts
A Avogadro
CO, Carbon dioxide
diss Dissociation
eq Equilibrium
equi Equipment
H,0 Water
h Hydration
hours/year Hours per year
L Liquid phase
min Minimum
mol Molar
NaCl Sodium chloride
years Years

Acronyms and Abbreviations

APEA
ASME
BWRS
CAPEX
CEPCI
CFD

COP

EDR

EoS

HFC
HGtS
LNG
NIST
ELECNRTL
ENRTL-RK
MED

MSF

NG

OPEX
REFPROP
REN

RO

R&D

SEC

Aspen Process Economic Analyser
American Society of Mechanical Engineers
Benedict-Webb-Rubin-Starling

Capital Expenditures

Chemical Engineering Plant Cost Index
Computational Fluid Dynamics

Coefficient of Performance

Exchanger Design and Rating

Equation of State

HydroFluoroCarbon

Hydrates to transform Gas into Solids
Liquefied Natural Gas

National Institute of Standards and Technology
Electrolyte Non-Random-Two-Liquid
Electrolyte Non-Random-Two-Liquid-Redlich-Kwong
Multi-Effect Distillation

Multi-Stage Flash

Natural Gas

Operating Expenses

Reference Fluid Properties

Redes Energéticas Nacionais

Reverse Osmosis

Research and Development

Specific Energy Consumption

1. Introduction

The increase in the world population and enhanced living standards,
accompanied by the expansion of industrial and agricultural activities,
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led the world demand for fresh water to grow exponentially [1,2].
Moreover, the world's shift from fossil fuels to renewable energy will
also add to this rise. Water is the ideal raw material for electrolysis for
green hydrogen production [3,4]. Consequently, the supply of readily
available fresh water is declining and is becoming scarce. Seawater is the
major water source on our planet (97.5 %) [2]; however, it is unfit for
human consumption, industrial and agricultural activities, and elec-
trolysis due to the high content of dissolved salts [5]. It is pointed out
that about 39 % of the world's population lives at less than 100 km from
the sea, thereby desalination is reported as a core technology to generate
large amounts of fresh water and, therefore, meet global water supply
challenges [6,7].

Desalination is the process of removing dissolved solids, such as salts
and minerals, from water [1] using some form of energy. Two streams
are generated from desalination: a fresh water stream with a low content
of dissolved salts and a concentrated brine stream. The latter is brine
rich in raw materials, namely sodium, potassium, magnesium and cal-
cium. Sodium and sodium-ion batteries are pointed as a low-cost energy
storage systems [8] to curb the intermittency of renewable energy [9],
making desalination play a key role in energy transition.

Desalination technologies can be grouped into thermal processes and
membrane-based processes [5]. The first processes proposed for water
desalination were the thermal processes, of which Multi-Stage Flash
(MSF) and Multi-Effect Distillation (MED) are the most widely used.
These processes, however, are being outpaced by membrane-based
processes in total desalination capacity, owing to their simplicity,
lower energy requirements and cost [10]. Despite these advantages,
membrane-based processes still present some limitations. Reverse
Osmosis (RO), the leading desalination technology, requires a Total
Dissolved Solids (TDS) in feed water lower than 5 %, and has significant
fouling. Hydrate-based desalination processes are a promising alterna-
tive to overcome this challenge, enabling high concentrations of TDS (~
30 %) in feed water [7,11].

1.1. Hydrate-based desalination process

Hydrates, also known as clathrates, are solid crystalline compounds
resembling ice, composed of cages of hydrogen-bonded water molecules
with small non-polar molecules, typically gas molecules, trapped inside
[7,12]. Hydrates are formed at low temperatures and high pressure; e.g.
CO4 hydrates require temperatures between 0 and 10 °C and pressures
10 to 60 bar [13].

The clathrate hydrate-based desalination process involves contacting
an electrolyte solution (salt water) and a guest compound (hydrate-
forming gas) under suitable pressure and temperature conditions,
leading to a phase change of water from liquid to solid and the formation
of solid hydrates. Because of the salt-removing effect observed in the
hydrate formation process, the crystalline structure of the hydrates
formed from salt water is free from salts and other impurities, which are
concentrated in the liquid phase, without disturbing the morphology of
the hydrate crystal [7]. The salt-free hydrates are mechanically sepa-
rated from the salt-rich liquid phase (e.g. filtration or centrifuge) and
then dissociated into fresh water and the guest compound by pressure
reduction, heating or both. The hydrate-forming gas can be reused to
form new hydrates. Fig. 1 shows a schematic representation of the
hydrate-based desalination process.

Compared with freeze distillation, which involves ice crystallisation,
hydrate-based processes can operate well above the water freezing point
depending on the hydrate-forming gas used. Hence, the refrigeration
costs of the process are reduced [14].

The first hydrate-based process was proposed in 1942 [15,16]. The
research and development of this technology intensified between the
1960s and 1970s [17]. The main operating issues that prevented the
industrialisation of the technology during this period were the difficulty
of separating the hydrate crystals and the removal of dissolved hydrate
forming agent from the recovered water [17,18]. However,
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technological advances have shown that the difficulty of separating the
crystals from the brine solution can be surmounted, for example, by
using physical processes [7,19].

Knox et al. [20] developed the first desalination plant using propane
as hydrate-forming agent. In the mid-1990s, the Bureau of Reclamation
commissioned work from Thermal Energy Systems, Inc., to build two
pilot plant facilities for seawater desalination in Hawaii and San Diego
[21,22]. McCormack [23] describes a clathrate freeze desalination
method and apparatus where the hydrate forming agent, HFC R141b, is
injected in a submerged pipeline under the sea, where the surrounding
temperature is less than the equilibrium temperature for hydrate for-
mation. Then, the hydrate slurry is pumped to the surface.

The hydrate-based process shows to be a promising technology for
water desalination. Nevertheless, there are still technical challenges and
energy efficiency concerns to overcome that hinder the application at
the industrial scale, namely the slow hydrate formation kinetics, a
reactor design to enable the production of desalinated water on a large
scale and the refrigeration costs [7,24].

The current hydrate-based technologies operate as a batch/semi-
batch process [25]. This work proposes, using NETmix technology
[26-28], a mesosized static mixer composed of a network of mixing
chambers interconnected by transport channels to desalinate water
using CO, as hydrate-forming gas. This technology was introduced in
2005 at the University of Porto, and pressure drop studies, using
Computational Fluid Dynamics (CFD) simulation validated by experi-
ments, showed that pressure requirements for operating NETmix are
mainly necessary to promote dynamic mixing. The energy supplied to
overcome friction losses is small compared to that dissipated in flow
accelerations and decelerations, leading to effective mixing promotion
[29]. NETmix was also shown to promote high flow dynamics and
interfacial area generation between two immiscible phases [30,31]. This
is particularly relevant since mixing CO, and water results in a multi-
phase flow. Besides, it presents heat transfer capacities of 10-10°
MW-m~3-K™}, exceeding the typical values for microdevices of 10~*-102
MW-m 3.K 1 [32]. A mainly bi-dimensional flow is observed in NETmix
due to its planar design. The scale-up of the throughput of this tech-
nology can be obtained by numbering up the number of unit cells or
combining several NETmix plates in parallel. A unit cell comprises a
cylindrical chamber and prismatic half channels oriented at 45° from the
main direction. This modular and flexible system makes this technology
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very versatile and has been experimentally demonstrated for the
continuous production of CO5 hydrate using drinking water [33]. The
device used for hydrate formation is a patented modular system [34]
composed of a stack of heat exchanger plates coupled to NETmix plates
and is known as HGtS - Hydrates to transform Gas into Solids. This stack
includes a patented closing system [35], which enables enhancing the
structural integrity and efficiency of plate reactors. Its convex surface
design permits distributing the mechanical stresses evenly along the
stack, minimising the likelihood of the impacts of thermal stresses.

The formation of CO5 hydrates requires low temperature environ-
ments (0 to 10 °C). One way to offset refrigeration costs in hydrate-based
processes is using the heat absorbed for the gasification of Liquefied
Natural Gas (LNG).

1.2. LNG cold utility

The increased environmental concern about air quality and growing
demand for clean energy led to Natural Gas (NG) becoming the primary
energy resource. In a lot of regions, which do not have their own natural
gas resources, natural gas needs to be imported, e.g. all natural gas used
in Portugal is either received by a high-pressure pipeline at the Spanish
border or by sea in the form of LNG at the Sines regasification terminal
[36,37]. The latter is the largest source of NG gas supply in Portugal.
LNG presents some advantages over NG, such as being a cleaner fuel due
to the removal of most of the impurities of NG during the liquefaction
process. Also, the volume reduction makes the transportation of LNG
more efficient for long distances than compressed NG in gas pipelines
[38]. LNG regasification is pointed out as generating a low amount of
greenhouse gas emissions in the context of life cycle assessment [39].

LNG regasification to NG to return to gaseous state is required to
transport it to the end user through a pipeline gas network. The LNG is
regasified in the terminals by exchanging heat with seawater captured
next to the terminal, using open-rack vaporisers. During the regasifica-
tion of LNG to NG in LNG vaporisers, around 850 kJ-kg ! of cold exergy
is released into seawater [40]. The latent heat of LNG regasification that
is currently wasted can be used for process integration with the hydrate-
based desalination process.

He et al. [16] and Chong et al. [14] modelled two hydrate-based
processes using Aspen HYSYS software to evaluate the economic
viability of the process. The propane was used as a hydrate-forming

Hydrate-forming agent

Hydrate-forming agent

Saline water

Brine

Hydrate .

Fresh water

Solids

Fig. 1. — Schematic representation of hydrate-based desalination process.
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agent and LNG was used as cold energy. The results indicate the hydrate-
based process coupled with LNG cold energy utilisation is an attractive
option for large-scale applications compared with the leading desali-
nation technologies. Park et al. [41] integrated light hydrocarbon sep-
aration and hydrate-based desalination also using propane as the
hydrate-forming agent, having shown through process simulation that
this process integration leads to a more efficient energy utilisation
process than when cold energy is only used for desalination.

This paper presents the modelling of the hydrate-based desalination
with NETmix technology using CO5 as hydrate-forming gas to desalinate
seawater in Aspen Plus V12.1. The CO; has the advantage, compared
with propane, that it is not flammable, and the CO; dissolved in
recovered water is not harmful. However, propane has more moderate
hydrate formation conditions, between 0 °C and 5 °C, the equilibrium
pressure to form propane hydrates from fresh water ranges from 1.5 bar
to 5 bar, while for CO5 rises from 12 bar to 23 bar [42]. The fact that CO4
dissolved in water is not harmful to human consumption is beneficial
since it can be sold as sparkling water, which is an extra asset. This also
eliminates the need for an additional step to remove the dissolved
hydrate-forming agent from water. The separation of CO5 from flue gas
streams from power generation industries combined with fresh water
production from salt water is an attractive solution to address both
greenhouse gas emissions and water scarcity. The hydrate-based process
permits the selective partitioning of the CO, component from exhausted
gases between the solid hydrate phase and the gas phase through hy-
drate crystallisation [43,44]. Additionally, Kang et al. [45] showed that
the desalting efficiency depends on the hydrate-forming gas and hy-
draulic pressure, having observed a higher removal efficiency for COy
than CHy4. These advantages place CO; as a promising hydrate-forming
agent for desalination.

Different properties methods were tested to ensure that realistic
models were applied to estimate the properties of the components and
mixtures. The definition of the hydrate component and the imple-
mentation of the unit process where the hydrate formation occurs has
already been described in [46], thus, only the changes made will be
reported. Two approaches were then adopted regarding the cold utility
used. The hydrate-based process was first modelled using ammonia cy-
cles, which were later replaced by LNG cold utility. Ultimately, the
potential of hydrate-based processes regarding Specific Energy Con-
sumption (SEC) is compared with leading desalination technologies.

2. Model implementation

An accurate estimation of vapour-liquid and liquid-liquid equilib-
rium, particularly the ternary mixture [CO2-H20-NaCl], is essential to
model the system. Other salts present in seawater were not considered in
this work. Although NaCl accounts for over 85 % of TDS in typical
seawater composition, recent studies indicate that some of the other
salts present, e.g. MgCly, significantly influence the formation rate and
the stability of CO2 hydrates [47], and are removed via hydrate for-
mation, e.g. Na©, K, Mg?", Ca®"and B*" cations and Cl~ and SO2~
anions [45,47]. Also, other promoters can be added to improve the CO5
gas uptake and lower the incipient hydrate formation conditions
[48,49]. Montazeri et al. [50] investigated the use of CO2 nanobubbles
as a kinetic promoter for hydrate-based desalination for 0.5 M NaCl and
synthesised seawater solution, prepared by dissolving NaCl, KCl, MgCly,
MgSO4 and CaCly in appropriate amounts. They observed an 86 %
reduction in induction time due to the presence of CO; nanobubbles and
ions removal efficiencies of 41.3 % for the 0.5 M NacCl solution and
between 40 % and 50 % for the synthesised seawater. Since sodium
chloride is the predominant salt in seawater and there is a more exten-
sive wealth of knowledge in the literature on CO; formation in NaCl
solutions, the effects of other ions in seawater were not considered in
process simulation. However, the methodology developed to create an
automated framework for simulating the hydrate-based desalination
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process can be easily adapted once comprehensive thermodynamic data
on the salty solution, incorporating all the salts, becomes available.

Two necessary thermodynamic conditions are required for hydrate
formation: the temperature and pressure conditions within the hydrate
stability region (equilibrium conditions), and a supersaturated envi-
ronment, i.e., the amount of guest molecule in the system must be larger
than the solubility of the gas in water.

The first step involved analysing the incipient hydrate formation
conditions, i.e. conditions above which hydrate formation takes place.
Sun et al. [51], Mohammadi et al. [52], and Dholabhai et al. [53] re-
ported some data on the hydrate phase equilibrium of COs in the pres-
ence of various concentrations of NaCl solutions. Fig. 2 compares the
CO9 hydrate equilibrium curves obtained in the CSMGem (Colorado
School of Mines — Gibbs energy minimisation) software with the
experimental data reported by these authors. CSMGem was developed
by Ballard [54] and enables the prediction of the multiphase equilibrium
at any given pressure, temperature and composition through the mini-
misation of Gibbs energy [12].

For reference, a typical seawater salt content of 3.5 % (m/m) NaCl
was also shown (dashed line).

The salt acts as a thermodynamic inhibitor, reducing the driving
force for hydrate formation and, therefore, retarding the growth of hy-
drate crystals [7,19]. For this reason, as observed in Fig. 2, an increase in
salt fraction shifts the incipient hydrate curve to lower temperatures and
larger pressures. The data presented by the authors agree with the
forecast obtained from CSMGem, and the increase in the equilibrium
pressure at the same temperature is more pronounced for higher tem-
peratures, noticing an approximation between the curves as the tem-
perature approaches 0 °C. This indicates that the operating costs related
to the compression and refrigeration of feed streams of the hydrate-
based desalination process increase with the salinity of the feed water.

The next step was the estimation of CO, solubility in seawater,
considering the hydrate formation conditions given by the CSMGem
software. The carbon dioxide solubility was analysed under the tem-
perature and pressure conditions of the grey dashed line shown in Fig. 2,
and a temperature range between 0 and 8 °C, since these temperatures
correspond to the lower and upper quadruple points, respectively, of the
COq-seawater system. The quadruple points identify the four-phase
coexistence, the equilibrium between ice-liquid salt water-hydrate-
gaseous CO5 and liquid salt water-hydrate-gaseous CO2-liquid CO.

The solubility was estimated using CSMGem, Aspen Plus (with
various electrolytic models and the Henry's law for modelling the salt
and the CO3 in liquid solution), and the model developed by Weiss [56].
The latter was based on independent measurements of Li et al. [57] and
Murray et al. [58], after correcting it to consider the non-ideal behaviour
of CO, in the gas phase and the dissociation of dissolved hydrated CO5 to
form bicarbonate - see supplementary material.

Aspen Plus, electrolyte activity coefficient models were selected
because of the presence of the salt, as charged species make the elec-
trolytic systems strongly non-ideal.

The analysis of Fig. 3 shows that the thermodynamic models Elec-
trolyte Non-Random-Two-Liquid (ELECNRTL), symmetric and unsym-
metrical Electrolyte Non-Random-Two-Liquid-Redlich-Kwong (ENRTL-
SK and ENRTL-RK, respectively) provide a good representation of the
calculation of the CO4 solubility from the equations proposed by Weiss
[56]. ENRTL-RK and ENRTL-SR use the ELECNRTL model with two
different Equation of State equations: Redlich-Kwong (RK) and Soave-
Redlich-Kwong (SRK). The use of these EoS for modelling the gas
phase was shown to increase the accuracy of CO; solubility in water,
permitting considering the vapour-liquid equilibrium and ion formation.
PITZER methods are appropriated for highly concentrated solutions,
accounting for long-range electrostatic interactions [59]. Thus, this
model diverges from Weiss's prediction as low concentrations are asso-
ciated with CO; dissolution in water, overestimating the COx solubility
values. ENRTL-HF and ENRTL-HG are modifications of the ELECNRTL
model; the first was designed particularly for hexamerization using
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Fig. 2. CO, hydrate equilibrium curve for various concentrations of NaCl solutions. Lines represent data extracted from CSMGem. The points correspond to
experimental data retrieved from Sun et al. [51], Mohammadi et al. [52], and Dholabhai et al. [53]. For unsalty water, the equation proposed by Anderson [55]

was used.
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Fig. 3. CO; solubility in seawater (3.5 % NaCl (m/m)) under CO, hydrate
equilibrium curve.

hydrogen Fluoride (HF) association for the vapour phase model, and the
second uses the Helgeson model for standard properties calculations.
Still, the deviation observed shows that they don't accurately capture the
hydrogen bonding between water and dissolved CO2. Moreover, it is
observed that the CO; solubility values retrieved from CSMGem are
considerably higher at the same temperature than those predicted by
Weiss [56]. As ENRTL-RK is the thermodynamic model that gives a
closer prediction of the values obtained through the equations proposed
by Weiss [56], it was chosen as the global property method for the
process simulation of the hydrate-based desalination plant.

Aspen Plus User-2 block was used to represent the HGtS, the process
unit where salt is separated from water through hydrate formation. The
User-2 block is a customised block that enables the communication
between Aspen Plus and an Excel workbook. Aspen Plus writes the input
data in Excel, then the calculation is performed in the workbook, and
next, it reads back the output data. Thus, the equations needed to esti-
mate the HGtS outlet composition and the enthalpy of hydrates formed
were added to an Excel worksheet. An algorithm was developed to es-
timate the hydrate formation in the presence of NaCl solutions, as shown
in Fig. 4.

The first step carried out by the block is to verify that the conditions
for the formation of hydrates are met. The equilibrium curve for a mass
percentage of NaCl of 3.5 %, given by CSMGem (Fig. 2) was fitted to a
4th-degree polynomial

peq/ bar = 2.77 x 1073(T/ °C)* — 1.81 x 107(T/ °C)* + 2.06

% 1071(T/ °C)* + 1.66(T/ °c) +148 )

which is valid between 0 and 8 °C.

The block calculates the equilibrium pressure using Eq. 1 for the
operating temperature of HGtS and compares it with the operating
pressure. If the operating pressure is lower than the equilibrium pressure
no hydrate formation occurs, and the outlet composition corresponds to
the mixing of inlet streams; if it is higher, then supersaturated condition
is evaluated.

For that purpose, the equations proposed by Weiss [56] and
described in the supplementary material were introduced in the block to
estimate the solubility of CO, in seawater at operating temperature and
the corresponding equilibrium pressure. Hydrate formation occurs if the
amount of CO; in the feed streams exceeds solubility.

The mass balance in the presence of hydrates is calculated following
the approach described in [46] and Fig. 4, for CO, from unsalted water,
since the salt is not enclatherated in the water cavities of the CO; hy-
drate structure. The salt in feed water leaves at the outlet liquid phase of
HGtS, so it is not considered in the equations that describe the formation
of CO; hydrates.

The hydration number for the equilibrium conditions of the CO,
hydrate formation curve for a 3.5 % NaCl (m/m) solution was estimated
from the following equation, obtained from data from CSMGem, and
valid in the temperature range of 0 to 8 °C

ny = 6.33 x 1074(T/ °C)* — 4.86 x 107(T/ °C) + 6.68 2

The hydration number at 3 °C, obtained using Eq. 2, is 6.5. This value
aligns with the data from different authors for CO, hydrate formation in
pure water, which range from 6.2 to 6.5 [55,60-62].

The procedure for estimating the enthalpy of dissociation of solid
hydrate formed in pure water described in [46] was followed to deter-
mine hydrate dissociation of hydrates formed in saline water. However,
the molar volume of the liquid phase now accounts for the contribution
of NaCl in addition to the CO, and water. The expression used for v*
calculation was proposed by Duan et al. [63] - see supplementary ma-
terial Eq. B.1. The density of CO5 hydrates was determined using the
equation proposed by Teng et al. [64]. These equations were introduced
in HGtS block (User-2). Fig. 5 systematises the algorithm developed to
solve the energy balances for hydrate formation.

The enthalpy of hydrate dissociation was determined using the Cla-
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Fig. 4. - User-2 algorithm for solving the mass balances in HGtS.

peyron equation. For a temperature of 3 °C, Tjy, this value was estimated
to be 57.1 kJ-mol L.

Additionally, to run a simulation with the hydrate presence, the
density, molar weight, specific heat capacity, and hydrate formation
enthalpy at 25 °C of CO9 hydrates have to be introduced in the com-
ponent's specifications tab of the Aspen Plus property environment.

3. Case 1: Refrigeration cycle as cold utility hydrate-based
desalination flowsheet

3.1. Process description
The Aspen Plus V12.1 flowsheet for seawater desalination through

continuous formation of CO5 hydrates is shown in Fig. 6. The global
property method of the hydrate-based desalination process was ENRTL-

RK. In the lines where only CO; is present, the process units were
modelled with Peng-Robinson and refrigeration cycles/heat pump with
Reference Fluid Properties (REFPROP). ENRTL-RK is an activity coeffi-
cient method, thus, it is more suitable for accurate liquid-phase in-
teractions and for systems up to moderate pressures for which the
vapour-phase non-ideality is small. Therefore, Equation of State (EoS)
methods were applied for COz-only lines and modelling of refrigeration
cycles and heat pumps. Peng-Robinson is particularly suitable for hy-
drocarbons and light gases like carbon dioxide. REFPROP was developed
by the National Institute of Standards and Technology (NIST). This
model is particularly appropriate for estimating the thermodynamic and
transport properties of natural gas systems and their mixtures of re-
frigerants and hydrocarbons [65].
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Peq - equilibrium pressure - Eq. (1)

- enthalpy of hydrate dissociation
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Fig. 5. — User-2 algorithm for solving the energy balances in HGtS.

3.1.1. Hydrate formation

The HGtS (R-1), modelled using the User-2 block, described in Sec-
tion 2, operates isothermally at 3 °C and 27 bar with a pressure drop of 3
bar. The equilibrium pressure for CO5 hydrates formation at 3 °C is 21.3
bar; thus, it is guaranteed that the inlet and outlet pressure of HGtS is
larger than the equilibrium pressure. The hydrate formation rate is not
modelled within R-1, as previous studies have demonstrated that the
NETmix technology is capable of producing a hydrate slurry at a space-
time yield of 200 th™ ! m~3[33]. Heat integration was done to minimise
the demand for cold and hot utilities. The heat duty in heat exchangers is
presented in bold next to these equipment.

The seawater inlet stream is fed at 1 bar and 10 °C, and is then
pressurised to 27.5 bar using pump P-2, and cooled to 3 °C (E-2 and E-3).
The NaCl mass percentage in saline water is 3.5 % (m/m). For the
cooling to 3 °C, the stream is divided into two branches. One exchanges
heat with the CO; makeup stream and the other with a refrigeration
cycle.

The inlet conditions of CO, are typical of COy storage in tanks
(—40 °C and 22 bar (ASCO carbon dioxide Ltd. [66])). In this case study,
the amount of CO,, fed to HGtS was fixed at 10 th™!, and the mass flow
rate of water was determined, resorting to a design-spec block, to obtain
a COy hydrate slurry at the reactor outlet with a mass percentage of
solids of 20 % in agreement with [33]. This percentage ensures a

significant amount of water in excess, to enable the formation of the
solid particles in a slurry that is diluted enough to avoid plugging. The
amount of CO,, fed to the HGtS is 10 t-h ™, but nearly half is recirculated.
A CO, makeup with a mass flow rate of 4.7 t-h™! is used to suppress the
CO;, that exits the process dissolved in water in the brine and fresh water
streams. At inlet conditions, the CO> is in the liquid state, so it is pres-
surised using pump P-1 to 27 bar and then is heated by exchanging heat
in E-1 with the fresh water stream required for washing the surface of
the hydrates, which needs to be cooled, and with the saline water in the
heat exchanger E-2. The CO5 makeup stream is mixed with the CO;
recycling stream and is fed to the HGtS.

3.1.2. Preparation of hydrate slurry and dissociation

The CO; hydrates formed are free from salt, however, it is reported
that some salt stays entrapped in interstitial spaces of the hydrate. A
hydrocyclone (S-1) and a wash column (S-2) were modelled to over-
come this issue. At the solid-liquid separator S-1 exit, the hydrate lattice
presents a mass percentage of solids of 90 %, and the other stream is a
brine solution with 4.0 % NaCl (m/m). The hydrate lattice enters the
wash column, where it contacts with COg-saturated water to remove any
adhering salt from the surface of the hydrates.

The fresh water and CO, streams modelled to produce the CO5-
saturated water to feed the wash column can be replaced by providing
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Fig. 6. — Process diagram of the facility for seawater desalination through CO, hydrates production, where C stands for compressor, E for heat exchanger, P for pump,
R for reactor, T for turbine, V for flash vessel, S for separator, VLV for valve and vf for the vapour fraction.

part of the fresh water flow produced in the process, being necessary to
cool this stream from 5 °C to 3 °C. As the solubility in CO increases with
decreasing temperature, mixing some CO; to saturate the stream under
conditions of 3 °C and 23 bar would be required.

After passing the washing column (S-2), the liquid phase of the hy-
drate lattice is free from salts, maintaining the liquid fraction of the
hydrate lattice practically unchanged, with a mass percentage of solids
of 90 % that proceeds to the dissociator (R-2). The mass flow rate of CO2-
saturated water fed to the washing column is the same as the liquid
phase in the hydrate lattice at the S-1 outlet. Thus, the amount of fresh
water to produce this CO,-saturated water stream was fixed at 2.3 t-h™!
and the temperature and pressure at 20 °C and 1 bar, respectively. This
stream was pressurised using pump P-3 and cooled in heat exchanger E-
1 to the outlet operating conditions of the HGtS reactor (3 °C and 24
bar). The amount of CO, needed to saturate the fresh water stream at
3 °C and 24 bar was estimated as 0.1 t-h™!. The inlet conditions are the
same as the CO, makeup stream; pump (P-4) was used to set the oper-
ating pressure to 24 bar. Then, the fresh water and CO, are mixed and
fed to the wash column. A hydrate lattice without salt is obtained from
the wash column, and the saline solution is mixed with the saline so-
lution that leaves the hydrocyclone S-1. This stream passes through a
hydroturbine (T-1) that permits energy recovery by depressurising the
liquid stream to 1 bar. The hydrate lattice goes to the dissociator (R-2),
where the hydrates are disintegrated through heat stimulation
(CO2'myH20 (hydrate) —» COy + myH20, in this case, the hydration
number at 3 °C is 6.5). The hydrate stream is heated up to 5.0 °C, and the
dissociation heat is provided in this unit. The equilibrium pressure for
hydrate formation is around 28 bar for this temperature, so hydrates are
unstable. It is assumed that the rate of hydrate dissociation is larger than
the feed rate, which is reasonable considering that the heat transfer rates
of the micro/mesoreactors used are considerably larger than conven-
tional reactors [32]. The CO5 hydrates are dissociated in a two-phase
liquid mixture composed of CO-saturated water free from salt and
COs in the gaseous state. This mixture goes to a flash unit (V-1) to

separate the gas and liquid phases. The liquid phase, composed of water
saturated in CO,, exchanges heat in E-4 and is the fresh water stream
produced in the process. This fresh water stream is carbonated water and
leaves the process at 23 bar.

3.1.3. Fresh water stream and CO, makeup

The fresh water stream produced can be sold as a carbonated drink.
CO4, is an inert, non-toxic gas, practically tasteless [67]. The amount of
CO, in the liquid phase of fresh water stream is 45 g-1~!. The CO,
impregnation to produce carbonated drinks can occur naturally or by an
artificial process and typically involves cold CO; under higher pressure
[68]. The temperature and pressure temperatures depend on the method
used and the desired level of carbonation. A typical carbonated soft
drink contains between 6 and 8 g of CO-, per litre [69]. So, if the pressure
of the produced fresh water stream is reduced, for example, to 2 bar, the
amount of CO in the liquid phase is around 6.4 g-171, which is in the
range of typical values for drinking sparkling water. The CO» that is no
longer dissolved in the liquid phase can be reused in the hydrate for-
mation process, reducing the mass flow rate of the CO, makeup stream.
If it is intended to produce still water, i.e., water without or with a small
amount of dissolved CO,, degasification methods to remove the dis-
solved CO; should be considered, such as aeration, [70], heating [71],
membrane degasification [72], and chemical precipitation [73].

The gaseous stream that leaves the flash unit is essentially composed
of CO2 (99.98 % of CO, on a mass basis, being the remaining water). This
stream is compressed in compressor C-1 to suppress the pressure drops
in the process and is cooled to 12 °C by exchanging heat in E-4 with the
fresh water produced in the process. Then, it is reused to form new
hydrates.

3.1.4. Refrigeration cycles

Two refrigeration cycles were modelled, both using ammonia as a
refrigerant. One permits removing the heat from the HGtS (R-1)
required to ensure the isothermal operation at 3 °C and supplies the heat
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necessary to hydrate dissociation in the dissociator (R-2). This ammonia
cycle can be seen as a refrigeration cycle or heat pump, as the system
permits the cooling of the HGtS fluids through the evaporation of the
refrigerant (acting as a refrigeration cycle) and the heating of the dis-
sociator fluids through the condensation of the refrigerant (acting as a
heat pump). In this refrigeration cycle/heat pump represented in the
upper LHS of Fig. 6, ammonia circulates in a closed loop. Ammonia
circulates in the heat exchanger plates of HGtS, which evaporates and
removes the heat generated in the reactor. The dissociator was modelled
as a heat exchanger where the heat that needs to be supplied for hydrate
dissociation is obtained through the condensation of ammonia. The
ammonia stream is fed on the hot side of the dissociator, and on the cold
side the CO3 hydrates. The circuit modelled permits removing 2.7 MWy,
from the HGtS. The Coefficient of Performance (COP) in terms of cooling
of this refrigeration cycle is 24.4. Another refrigeration cycle was
modelled to remove the remaining heat from HGtS and cool part of the
inlet seawater stream (60.8 t-h™1). In this case, saline water as a cold
utility is applied to obtain the condensation of ammonia in the heat
exchanger E-5, which results in a weaker performance of this refriger-
ation cycle as the evaporator temperature is the same (0 °C) as it is
needed to cool the streams to 3 °C and the condensing temperature is
now higher 15 °C. The COP of this refrigeration cycle is 13.9.

3.2. Equipment design specifications and economic evaluation

The pressure drop in heat exchangers due to friction was modelled
using conservative values [74,75]. For vapour, liquid, condensing and
boiling streams, the values considered were 0.15, 0.5, 0.2, and 0.1 bar,
respectively.

The heat exchangers that exchange heat between process streams
were modelled with a minimum temperature difference, ATy,, of 5 °C.
A minimum temperature difference of 3 °C was used in refrigeration
cycles except for the saline water cooler E-5, where ATy, = 5 °C was
chosen. The outlet temperature of the hot stream of E-4 (compressed
CO2) was defined as 12 °C, corresponding to ATy, = 7 °C, which intends
to prevent negative COy temperatures at the inlet of the HGtS, which
could lead to water freezing. A minimum temperature difference of 3 °C
was considered for heat exchangers where refrigerant is used and 5 °C
for water coolers, considering that it is possible to operate plate heat
exchangers in counter-flow as low as 2 °C [76].

Regarding the design conditions of the refrigeration cycle/heat
pump which absorbs most of the heat from the HGtS (R-1) and provides
the heat to the dissociator (R-2), the heat of the ammonia condenser (R-
2) was fixed at the value of heat duty of reactor R-2 (2.8 MWy,), this
enabled the determination of the ammonia flow rate needed in the cir-
cuit (8.0 t NHs-h ™).

The dissociator receives heat from the ammonia condensation in the
refrigeration cycle/heat pump. In this ammonia condenser, the outlet
vapour fraction is set to 0, and the outlet temperature to 8 °C. This
temperature was defined considering AT, = 3 °C regarding the dis-
sociator (R-2) outlet stream temperature (5 °C). Although the ammonia
flows in counter current with the hydrates in the dissociator, the tem-
perature gap was established based on the two outlet streams because
ammonia condensation occurs around 8 °C; thus, most of the heat
released by ammonia is at this temperature. The outlet pressure of valve
VLV-1 was set so that the ammonia inlet temperature in the evaporator
(R-1) is 0 °C. For modelling the ammonia evaporation in heat exchanger
plates of HGtS, the outlet vapour fraction of ammonia was fixed at 1, and
the compressor C-2 discharge pressure was determined by defining the
outlet temperature of the ammonia in R-2 (8 °C).

A similar approach was adopted for design the other refrigeration
cycle, which removes 614 kWy, from the HGtS and cools the saline water
(536 kW) fed to the HGtS. The ammonia temperature at the outlet of
the condenser (E-5) is higher for this refrigeration cycle, which increases
the discharge pressure of compressor C-3. After ammonia passes through
valve VLV-2, the total flow is divided into two branches: one exchanges
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heat with HGtS and the other with saline water in E-3. The ammonia
flow rate in each branch, which is proportional to the heat removed, is
1.86 t NHs-h™! for the HGtS (R-1) and 1.62 t NHs-h™! for the seawater
(E-3). The seawater used as a cold utility in E-5 enters at 10 °C and 1 bar,
and is pressurised to 1.5 bar using P-5 to compensate for the pressure
drop in the heat exchanger. The outlet temperature of saline water was
defined to avoid a temperature cross-over of cold and hot streams in E-5.
The ammonia condensation occurs at around 15 °C, thus the outlet
stream of saline water was set at 12 °C, resulting in a mass flow rate of
saline water 550 t-h™!. The condensing temperature was defined
considering ATpmin = 5 °C concerning the inlet temperature of saline
water in E-5, which was specified as 10 °C.

All the pumps were modelled with an efficiency of 80 %, and the
compressors and turbine with 90 %.

The design, rating and cost estimation of the heat exchangers was
done using the Exchanger Design and Rating (EDR) package. The se-
lection of equipment type and capital cost estimation of the other
equipment was done using APEA software. The costs retrieved from
APEA include material and manpower costs. All the equipment costs are
related to the pricing basis for the 1st quarter of 2019 and were obtained
using Europe as the project region. The cost of the HGtS reactor was
estimated considering the guidelines provided by CoLAB NET4CO2,
which are exploiting this technology into industrial projects.

The equipment cost of the hydrate-based desalination process is
shown in Table 1.

The total equipment was estimated to be 4.3 M€. 47 % of the total
cost is allocated to the compressors of refrigeration cycles. The cost from
2019 was adjusted to 2023 using Chemical Engineering Plant Cost Index
(CEPCI):

(CEPCI(2023))

(CEPCI(2019)) @)

Cequi(2023€) = Cequi (2019€)
where CEPCI (2023) and CEPCI(2019) are 800.8 and 607.5, respec-
tively. The Cequi(2023€) were estimated at 5.66 ME.

The Capital Expenditure (CAPEX) cost was calculated normalising
the equipment costs, Cequi, by the process productivity for fresh water
(FW), Ppw, using the following expression.

> Cequii(2023€)

\Nyears
CAPEX — (L+15)

N, years

()]

hours/’ yearp FW

where r; is the interest rate, Npours/year i the operating hours per year,

Table 1
- Equipment cost of the hydrate-based desalination process.

Total Cost/k€
CO, makeup pump (P-1) 34.9
Saline water pump (P-2) 249
Fresh water pump (P-3) 23.9
CO, pump (P-4) 19.3
Saline water pump (P-5) 228
COy/Fresh water heat exchanger (E-1) 0.78
CO,/Saline water heat exchanger (E-2) 2.60
Saline water heat exchanger (E-3) 9.55
CO,/Fresh water heat exchanger (E-4) 0.76
Brine turbine (T-1) 48.8
CO, compressor (C-1) 533
HGtS (R-1) 403
Dissociator (R-2) 356
Hydrocyclone (S-1) 98.2
Gas-Liquid separator (V-1) 146
Refrigeration cycle/Heat pump
Ammonia condenser (E-5) 127
Ammonia compressor (C-2) 1000
Ammonia compressor (C-3) 1011
Total 4292
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and Nyears is the economic lifespan. The interest rate was considered
0 due to increased public financing for supporting desalination tech-
nologies, r; = 0. Several funding mechanisms for Research and Devel-
opment (R&D) and demonstration projects have been established
through research framework programs and other EU funding sources
[77]. For a reference interest rate of 4.5 %, the CAPEX increases by 200
% in both cases, which results in an 84 % increase in the total cost for the
pumped/refrigeration case and a 119 % increase for the LNG case.
Nevertheless, the LNG will always remain the least expensive option.
The Ppy obtained from the main simulation was 19.6 th™%; a 2-week
break per year was assumed resulting in Npours/year 8400 h-yr~! and
Nyears €qual to 25 yr was considered, which is the a typical life span for
desalination plant [78]. This resulted in a CAPEX cost of 1.38 €-(tonne
FW) .

The operating costs were directly proportional to the electrical
consumption of the equipment, as electricity is the only utility needed
for the process. Table 2 shows the electrical power per process unit. No
cost has been attributed to saline water, CO,, or unsalted water
consumed in the process, nor to the NH; load required in the refriger-
ation cycle or to compensate for losses in closed circuits, as this was
considered negligible relative to electricity. The temperature of
seawater streams fed to the process was considered 10 °C (Section 3.1).
Water temperature in the Atlantic Ocean in Sines ranges from 17 °C to
20 °C. However, the water temperature for extraction offshore at depths
below 200 m is 4 °C. The CAPEX for this water source is not considered
in the economic assessment. Furthermore, the cold utility in this case
study is not a limiting factor. Currently, the open-rack vaporisers for
LNG regasification at Sines refinery are already producing a seawater
waste stream, so water availability at 10 °C is considered a conservative
approach.

The electrical power requirement is 260 kW,, which results in a cost
of 37.6 €-h™! considering a unit cost for electricity of 0.1446 €-kWh™1,
This was the electricity price for non-household consumers in Portugal
in 2023, provided by Eurostat [79].

The OPEX cost was calculated by dividing the cost per hour by the
productivity, resulting in 1.92 €-(tonne FW) L. It should be noted that
the refrigeration cycles modelled in the process (C-2 and C-3) represent
75 % of the total electrical consumption of the process. The Specific
Energy Consumption (SEC), defined as the ratio of the total energy
consumption to the volumetric flow rate of fresh water, is 13.2
kWh-m~3. The SEC of RO and MSF for seawater treatment is reported as
3-4kWh-m~3 and 10-16 kWh-m?, respectively [14]. The hydrate-based
technology employing ammonia cycles falls within the SEC range stated
for MSF.

The total cost of producing fresh water using a hydrate-based desa-
lination process, i.e., the sum of OPEX and CAPEX costs, is 3.29 €-(tonne
FW)™.

The analysis of the costs shows that the main cost of desalination
through the formation of CO4 hydrates is associated with the equipment
cost of the refrigeration cycles/heat pump compressors and the elec-
tricity costs associated with them. The following section evaluates the
possibility of energy integration of the latent heat of Liquified Natural

Table 2
— Electrical power in the hydrate-based desalination process.

Electrical Power/ kW,

CO, makeup pump (P-1) 0.66
Saline water pump (P-2) 93
Fresh water pump (P-3) 1.9
CO, pump (P-4) 6.5 x 1072
Saline water pump (P-5) 9.4
Brine turbine (T-1) -50
CO, compressor (C-1) 11
Ammonia compressor (C-2) 111
Ammonia compressor (C-3) 83
Total 260
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Gas (LNG) regasification, typically done in coastal areas [41], with the
hydrate-based desalination process to offset the refrigeration
requirements.

4. Case 2: LNG as cold utility
4.1. Process description

Near the Sines terminal, several chemical industries, such as GALP
Energia and Repsol Polimeros, emit CO,. This presents an opportunity to
utilise CO, sources directly in hydrate-based processes. A future study
will explore the use of a hydrate-based method for CO5 separation from
flue gas. Therefore, the location of the LNG regasification terminal in
Sines is well-suited for implementing a hydrate-based desalination
process that uses CO; as a hydrate-forming agent.

An LNG with 99.34 % CH4 (mol/mol), 0.51 % CyHg (mol/mol), and
0.15 % N5 (mol/mol), at —162 °C and 85 bar was considered. This inlet
temperature was based on [14] and the inlet pressure was based on the
target pressure of the high-pressure pumps in the terminal of Sines that
pressurise the LNG prior to vaporisation, as indicated by Redes Ener-
géticas Nacionais (REN) - the Portuguese company that works on the
transport of high-pressure natural gas [36]. Any heating caused by the
pressurisation to 85 bar is neglected. The LNG/NG lines were modelled
using the BWRS property method, based on the Benedict-Webb-Rubin-
Starling EoS, which is particularly suitable for natural gas mixtures [65].

The process flow diagram of hydrate-based technology using LNG as
cold utility is shown in Fig. 7.

The LNG cools the streams that, in the previous case, were cooled by
the refrigeration cycles/heat pump, i.e. the branch of saline water from
10°Cto 3 °C and the heat generated in HGtS from the CO, dissolution in
water and released in hydrate formation. The heat exchanger E-4, which
integrated the heat of the CO recycling stream after compression with
the stream of water produced in the process, was removed. Considering
there is no limitation on the amount of LNG used, the cooling of the CO,
recycling stream is now done in R-1, reducing the number of heat ex-
changers required.

The outlet LNG temperatures were determined considering a AT, =
5 °C, and the required LNG flow rate was determined. NG is obtained at
the heat exchangers outlet as the LNG's phase change from liquid to gas
occurs.

The heat to be provided for hydrate dissociation is supplied by a
saline water stream that is fed at 10 °C and exits at 8 °C (ATyin= 5 °C). As
it is necessary to supply 2.8 MWy, and only the sensible heat of seawater
is used, the mass flow rate needed is high (1247 th™). It is considered
that the saline water enters the process at 10 °C and 1 bar, and it is
pressurised up to 1.5 bar to offset the pressure drop passing the dis-
sociator. The inlet temperature of saline water as a hot utility in the
dissociator can be increased, for example, by using solar panels, which
reduces the flow rate required and, therefore, the electrical power of P-
5. This is particularly pertinent in regions such as Sines, where tem-
peratures of 40 °C are not uncommon during the summer season.

4.2. Economic evaluation

Regarding the equipment cost, the methodology followed for design
and cost estimation is similar to that described for hydrate-based desa-
lination using refrigeration cycles to generate cold utilities. Table 3
shows the cost per equipment and the main design specifications.

A total equipment cost of 2.5 M€ was estimated, which is 41 % lower
than the case where refrigeration units were modelled. The cost
decreased mainly due to the removal of the refrigeration cycle com-
pressors. Still, the dissociator cost increased as seawater is used,
increasing the flowrate and the area required to provide the heat for the
dissociator, owing to the use of sensible instead of latent heat, thus the
cost associated with the materials of construction of the exchanger. The
equipment costs were updated from 2019 to 2023 using Eq. 3, resulting
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Fig. 7. — Hydrate-based desalination technology using CO, as hydrate-forming gas and LNG as a cold utility. Where C stands for compressor, E for heat exchanger, P
for pump, R for reactor, T for turbine, V for flash vessel, S for separator and VLV for valve.

Table 3
— Equipment cost of hydrate-based desalination process using LNG as a cold
utility.

Total Cost/k€

CO, makeup pump (P-1) 34.9
Saline water pump (P-2) 249
Fresh water pump (P-3) 23.9
CO, pump (P-4) 19.3
Saline water (P-5) 423
CO,/Fresh water heat exchanger (E-1) 0.78
CO,/Saline water heat exchanger (E-2) 2.60
Saline water heat exchanger/LNG (E-3) 3.2
Brine turbine (T-1) 48.8
CO, compressor (C-1) 533
HGtS (R-1) 403
Dissociator (R-2) 532
Hydrocyclone (S-1) 98.2
Gas-Liquid separator (V-1) 146
Total 2516

in a Cequi(2023€) = 3.3 ME.

The CAPEX cost was calculated using Eq. 4 using the following
values: Cequi(2023€) = 3.3 M€, r; = 0, Prw = 19.6 t-h™1, Npours/year =
8400 h~yr’1 (2-week break per year), and Nyears = 25 yr, which resulted
in a CAPEX cost of 0.81 €-(tonne FW)~ L.

Concerning operating costs, the electrical power per equipment and

Table 4
— Electrical power in the hydrate-based desalination process using LNG as
a cold utility.

Electrical Power/ kW,

CO, makeup pump (P-1) 0.66
Saline water pump (P-2) 93
Fresh water pump (P-3) 1.9
CO, pump (P-4) 6.5 x 1073
Saline water pump (P-5) 19
Brine turbine (T-1) -50
CO, compressor (C-1) 10
Total 75

11

the total electrical consumption of the process are shown in Table 4.

The total electrical power required for the hydrate-based desalina-
tion process using LNG cold utility is 75 kW, which results in an OPEX
cost of 0.55 €-(tonne FW) L. The OPEX cost was reduced by 71 % con-
cerning the base case where refrigeration cycles were modelled.

The total CAPEX and OPEX cost for the hydrate-based desalination
process was estimated as 1.36 €-(tonne FW)’l. This value is 57 % lower
than the base case where refrigeration cycles were modelled.

The Specific Energy Consumption using LNG cold utility is 3.8
kWh-m~3. The LNG cold utility places the SEC in the range of the values
reported for RO (3-4 kWh-m 3 [14]). Thus, the hydrate-based tech-
nology using the regasification heat of LNG as cold utility makes this
process competitive in terms of energy requirements, with the currently
most used technology to desalinate seawater.

5. Conclusions

The seawater hydrate-based desalination process, using COy as
hydrate-forming gas and a HGtS as a hydrate-forming unit, was simu-
lated in Aspen Plus. The process simulator introduced in this work en-
ables the transfer of data from the lab scale to the industrial scale,
boosting the development of hydrate-based processes. The ENRTL-RK
model was chosen as the global property method to predict vapour-
liquid and liquid-liquid equilibrium. This model demonstrated the
closest prediction to the literature values of CO5 solubility in salt water.

The process was modelled considering that 10 t-h ™ of CO; are fed to
a HGtS unit, and the water treated has the seawater salt content. This
enabled the production of 19.6 t-h™! of fresh water.

For this production, two options of heat/cooling supply to the pro-
cess have been evaluated. The first option considered the use of a
refrigeration cycle/heat pump with ammonia as the cooling fluid; the
second assessed the use of LNG as cold utility and seawater as hot utility.

For the case using a refrigeration cycle/heat pump, the total cost of
producing fresh water was estimated at 3.29 €-(tonne FW)~ !, with
CAPEX and OPEX costs of 1.38 and 1.92 € (tonne FW)’l, respectively,
and a SEC of 13.2 kWh-m 2. The main costs of the process are associated
with the ammonia refrigerant circuits that integrate the heat between
the HGtS and dissociator and cool the feed streams. Replacing the
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refrigeration cycles/heat pump with the LNG cold utility led to a total
cost of 1.36 €-(tonne FW)_l, with the CAPEX and OPEX costs of 0.81 and
0.55 € (tonne FW)’l, respectively, and a SEC of 3.8 kWh-m 3. This SEC
of the seawater hydrate-based desalination process with LNG cold utility
is competitive with RO (3-4 kWh-m~%). Hence, this positions hydrate-
based desalination technology as a cost-effective solution for address-
ing drinking water scarcity.
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