
 

 

 

 

Cleaning of macro and micro tubes 

using slug flow 
A thesis submitted in part fulfilment of the requirement for the degree of Doctor in Doctoral 

Program in Chemical and Biological Engineering, Faculty of Engineering, by 

Mónica Cristina Ferreira da Silva 

 

Supervised by: 

Doctor José Daniel Pacheco Araújo 

Professor João Bernardo Lares Moreira de Campos 

at Centro de Estudos de Fenómenos de Transporte 

 

 

Departamento de Engenharia Química 

Faculdade de Engenharia da Universidade do Porto 

Porto, Portugal 

November 2018 

 



 
 

i 
 

 

 

 

  



 
 

ii 
 

 

Mónica Cristina Ferreira da Silva 

up200702514@fe.up.pt 

 

This thesis was developed for the Doctoral Program in Chemical and Biological Engineering, 

at: 

Departamento de Engenharia Química 

Faculdade de Engenharia da Universidade do Porto 

Rua Dr. Roberto Frias, s/n, 4200-465, Porto, Portugal 

www.fe.up.pt 

feup@fe.up.pt 

 

 

The work was developed in Centro de Estudos de Fenómenos de Transporte supervised by: 

José Daniel Pacheco Araújo 

daraujo@fe.up.pt 

Departamento de Engenharia Química 

Faculdade de Engenharia da Universidade do Porto 

Rua Dr. Roberto Frias, s/n, 4200-465, Porto, Portugal 

and  

João Bernardo Lares Moreira de Campos 

jmc@fe.up.pt 
 

 

           
 

 

 

This thesis was funded by FEDER funds through the Operational Programme for Competitiveness 

Factors COMPETE and National Funds through FCT (Fundação para a Ciência e a Tecnologia) 

by Ph.D. Grant PD/BD/ 52622/2014. 

 

 
  



 
 

iii 
 

  



 
 

iv 
 

Acknowledgments 

 
This work would not be possible without the help and guidance of Professors João Campos and 

José Daniel Araújo. I would like to thank them for their continued support and for teaching me 

the finer details of fluid mechanics and introducing me to the CFD techniques. In addition to the 

academic support, I would also like to acknowledge their availability, friendship and patience, 

which made this journey easier.  

I would also like to thank Dr João Mário Miranda for his useful insights that helped unlock the 

solutions to some of the problems faced along the way.  

To all members of CEFT team, in special Ana, Filipe Direito, João Carneiro, Soraia Neves for 

their companionship and for providing a friendly workplace. 

A special thanks to Prof. José Manuel Silva for being a friend and source of inspiration.   

I would also like to thank all my friends, in particular, Filipa, Joana, Luís, Miguel, Marisa, and 

Rita for all of their support, mostly over lunch.  

To my parents and brother for helping me, since day one, in every possible way and, in doing so, 

allowing me to reach this far.  

Finally, a special thanks to João and Mimi for always being there for me, there is not enough 

words to thank you.  

  



 
 

v 
 

 

 

  



 
 

vi 
 

Abstract 

 

Slug flow is a particular flow pattern that plays an important role in industrial and natural systems. 

This flow pattern is characterized by the presence of very large gas bubbles (Taylor bubbles) 

followed by liquid slugs. The surroundings of a Taylor bubble are composed by regions with 

different hydrodynamic characteristics: the nose includes the bubble front region; a liquid film 

develops between the bubble and the channel wall; and below the bubble tail normally appears a 

wake region. Due to its inherent hydrodynamic features, slug flow brings several advantages like 

the possibility to enhance mass transfer rates. The work presented in this thesis relied on 

Computational Fluid Dynamics (CFD) techniques to study the effect of the presence of a Taylor 

bubble in two phenomena: wall-liquid mass transfer and bubble-liquid mass transfer. To address 

this problem, both hydrodynamic and concentration fields were solved simultaneously and 

coupled with the Volume of Fluid (VOF) methodology to capture the gas-liquid interface. Since 

slug flow is a frequent gas-liquid flow pattern in macro and micro-scales systems, this study was 

focused on both, conventional and small size channels.   

The study was planned to cover a significant range of some characteristic dimensionless numbers 

in both scales (different Reynolds and Capillary numbers for specific Morton numbers). For 

macro-scale all the cases solved were under the laminar regime. 

Three sub-patterns associated to the different flow behaviors identified in micro-scales slug flow 

were addressed: liquid phase with no recirculation zones (Case A); presence of a closed wake 

following the bubble (Case B); and recirculation zones above and below the bubble (Case C).   

For all simulated systems, the contributions and effects of the different zones surrounding the 

bubble were quantified by the determination of local and average/global mass transfer 

coefficients. Concentration profiles were also inspected in order to analyze the solute distribution.  

Regarding the first phenomenon under the scope (wall-liquid mass transfer), it was shown that 

the flow of a Taylor bubble drastically changes the wall shear stress. Moreover, for macro-scales, 

the passage of a single bubble was enough to increase the mass transfer rates by 10-20% when 

compared to monophasic systems. On the other hand, for micro-scales, the passage of a single 

bubble only improved slightly the mass transfer coefficients, where the different regions as well 

as the different sub-patterns associated to the liquid slug have different effects on the mass 

transferred.  

In order to study the gas-liquid mass transfer phenomenon, the flow of an isolated Taylor bubble 

of pure oxygen through co-current liquid phase was considered and the saturation concentration 

was imposed at the gas-liquid interface. Again, the impact of the different hydrodynamic regions 

on mass transfer was analyzed separately. For macro-scales, the higher mass transfer coefficients 

are associated to the film region. In this region the coefficients tend to become constant as the 

film gets fully developed (Ls/D<8). In the systems under consideration, the closed wake following 
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the Taylor bubble accumulates solute with time and transports it along the domain. The mass 

transfer coefficients were compared with correlations based on the Higbie theory and the film 

theory. Between these two and for the conditions under study, the film theory seems to be the 

appropriate one to predict the concentration gradients near the interface. 

For micro-scales, the effect of the bubble, film velocity and liquid flow sub-patterns have proven 

themselves essential to characterize the mass transfer phenomena. For all cases, the liquid film is 

the zone that shows the highest mass transfer coefficients. The solute distribution depends on the 

type of sub-pattern present: it is dispersed backwards (Case A), accumulated in the closed wake 

structure (Case B), or dispersed radially along the film region (Case C). Once again, the results 

were compared with the correlations available in the literature. The numerical mass transfer 

coefficients from Case C are in good agreement with the correlations available based on the 

penetration theory.  

The present document clearly shows that the introduction of a Taylor bubble in a monophasic 

system enhances either wall-liquid mass transfer as gas-liquid mass transfer and so it may increase 

the velocity of chemical reactions near the wall. Furthermore, in a real system composed by a 

train of bubbles, the referred effects should be amplified and become highly relevant. Although 

being a work supported in fundamental studies, the results obtained have a large potential of 

impacting several daily life scenarios, such as: cleaning of medical devices, dissolution of 

embolisms, prediction of the effects of surfactants and the cleaning of membranes.    

 

Key-words: Mass-Transfer; Slug Flow; Macro-scale; Micro-scale; CFD.  
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Sumário 

 

O slug flow é um padrão de escoamento que desempenha um papel importante em sistemas 

industriais e naturais. Este padrão de escoamento é caracterizado pela presença de grandes bolhas 

de gás (bolhas de Taylor) seguidas por um slug líquido. Em torno de uma bolha de Taylor existem 

diferentes regiões com diferentes características hidrodinâmicas: o nariz inclui a região frontal da 

bolha; um filme líquido desenvolve-se entre a bolha e a parede do canal; abaixo da base da bolha 

geralmente surge uma esteira. Devido às características hidrodinâmicas inerentes deste padrão de 

escoamento, o slug flow introduz várias vantagens, como a possibilidade de aumentar as taxas de 

transferência de massa. O trabalho apresentado nesta tese contou com técnicas de Dinâmica dos 

Fluidos Computacional (CFD) para estudar o efeito da presença da bolha de Taylor em dois 

fenómenos: transferência de massa líquido-parede e transferência de massa bolha-líquido. Para 

resolver esse problema, os campos hidrodinâmico e de concentração foram resolvidos 

simultaneamente e acoplados à metodologia Volume of Fluid (VOF) para rastrear a interface gás-

líquido. Como o slug flow é um padrão gás-líquido frequente em sistemas de macro e micro-

escalas, este estudo focou canais convencionais e canais pequenos. Em macro-escala, todos os 

casos resolvidos estavam sob regime laminar.  

O estudo foi estruturado para cobrir uma faixa significativa de alguns números adimensionais 

característicos em ambas as escalas (diferentes números de Reynolds e Capilares para números 

específicos de Morton). Três sub-padrões associados aos diferentes comportamentos identificados 

em micro-escala foram também abordados: quando a fase líquida não possui zonas de recirculação 

(Caso A); quando surge uma esteira fechada após a bolha (Caso B); e quando surgem zonas de 

recirculação acima e abaixo da bolha (Caso C). Para todos os sistemas simulados, as contribuições 

e os efeitos das diferentes zonas em torno da bolha foram quantificados através da determinação 

de coeficientes de transferência de massa locais e médios/globais. Os perfis de concentração 

também foram inspecionados para analisar a distribuição do soluto. Em relação ao primeiro 

fenómeno em estudo (transferência de massa parede-líquido), a presença de uma bolha de Taylor 

muda drasticamente a tensão de corte da parede que por sua vez pode afetar a transferência de 

massa. Para macro-escala, a passagem de uma única bolha foi suficiente para aumentar as taxas 

de transferência de massa em 10 a 20% quando comparadas a sistemas monofásicos. Por outro 

lado, para micro-escala, a passagem de uma única bolha melhorou apenas ligeiramente os 

coeficientes de transferência de massa, onde as diferentes regiões, bem como os diferentes sub-

padrões associados ao slug líquido, tem diferentes efeitos na transferência de massa. 

Para estudar o fenómeno de transferência de massa gás-líquido, considerou-se uma bolha de 

Taylor única contendo apenas oxigénio que se dissolve através da fase líquida que se encontra em 

co-corrente. A concentração de saturação foi imposta na interface gás-líquido. Novamente, o 

impacto das diferentes regiões hidrodinâmicas na transferência de massa foi analisado 
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separadamente. Para a macro-escala, os maiores coeficientes de transferência de massa estão 

associados à região do filme. Nesta região, os coeficientes tendem a tornar-se constantes à medida 

que o filme se desenvolve (Ls / D <8). Nos sistemas considerados, a esteira fechada, que segue a 

bolha de Taylor, acumula soluto com o tempo e transporta-o ao longo do domínio. Os coeficientes 

de transferência de massa foram comparados com os dados por correlações baseadas na teoria de 

Higbie e na teoria do filme. Entre estas duas, e considerando as condições especificas em estudo, 

a teoria do filme parece ser a apropriada para prever os gradientes de concentração próximos à 

interface. 

Para a micro-escala, o efeito dos sub-padrões de escoamento do liquido em torno da bolha, 

velocidade de filme e velocidade do líquido mostraram-se essenciais para definir os fenómenos 

de transferência de massa. Para todos os casos, o filme é a zona que apresenta os maiores 

coeficientes de transferência de massa. A distribuição do soluto depende do tipo de sub-padrão 

presente: ele é disperso para trás (Caso A), acumulado na esteira fechada (Caso B) ou disperso 

radialmente ao longo da região do filme (Caso C). Os resultados obtidos foram também 

comparados com as correlações disponíveis na literatura. Os coeficientes numéricos de 

transferência de massa do Caso C estão de acordo com as correlações disponíveis baseadas na 

teoria da penetração. 

O presente documento mostra claramente que a introdução de uma bolha de Taylor num sistema 

monofásico aumenta a transferência de massa líquido-parede e gás-líquido e, por isso, pode 

aumentar a velocidade das reações químicas perto da parede. Além disso, num sistema real 

composto por uma sequência de bolhas, os efeitos referidos podem ser amplificados e tornarem-

se altamente relevantes. Apesar de ser um trabalho apoiado em estudos fundamentais, os 

resultados obtidos têm um grande potencial para influenciar diversos cenários como: limpeza de 

dispositivos médicos, dissolução de embolias, prever o comportamento de surfactantes e 

promover a limpeza de membranas. 

 

 

Palavras-chave: Transferência de massa; Slug Flow; Macro-escala; Micro-escala; CFD. 
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1.1 Relevance and motivation  

 

Mass transfer is one of the most important phenomena occurring in natural and industrial 

processes. It is essential to describe biological processes like respiration1,2 or the nutrient 

transport3.  For industrial applications, mass transfer is needed to describe the mechanisms in most 

of the current operating units, and, in particular, when focus is placed on environmental aspects. 

Chemical reactors responsible for wastewater treatment4,5 and the development of clean energies 

as fuel cells6,7 are some of the most relevant examples.  

The thematic of mass transfer in two-phase flow systems has a huge importance and complexity. 

Mass transfer in gas-liquid two phase flows can be affected by, among other factors8,9, the physical 

properties of the fluids involved, geometry and dimensions of the channels/devices and the type 

of flow pattern. In its turn, the nature of the flow pattern can be influenced by the gas and liquid 

flow rates, properties of the liquid and even channel configuration. 

 

 

Figure 1.1: Gas-liquid flow patterns for vertical tubes as described by Taitel et al. (1980)10. 

 

From all of the major gas-liquid flow patterns identified in Figure 1.1, slug flow is one of those 

that attracts more attention to research, due to its common occurrence in several industrial and 

natural processes. Perfect examples are the transport of hydrocarbons, geothermal power plants 

to produce steam, water cooling of nuclear reactors, and enhancement of heat and mass transfer 

in fluidized chemical reactors11. Slug flow is mainly characterized by the presence of large 

gaseous bubbles separated by liquid slugs (see Figure 1.2). These bubbles are commonly known 

as Taylor bubbles. 
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Figure 1.2: Pictures of an isolated Taylor bubble in a biphasic system. Image acquired with a moving 

camera and reproduced from the work of Campos and Guedes de Carvalho12. 

 

The particular hydrodynamic characteristics of slug flow can also be explored to promote mass 

and heat transfer enhancement, namely, through the presence of long bubbles followed by liquid 

slugs where mixing can reduce the mass and heat transfer resistances13. 

 

A standard and relevant application of slug flow involving mass transfer phenomena is the 

cleaning of the surfaces of separation membranes. The use of membranes in purification processes 

has as a major setback – membrane fouling. Membranes can be cleaned with the help of chemical 

products, however, this method may impair the membrane selectivity and reduce its lifetime or 

even produce undesirable secondary products14. Several studies have evaluated the effect of slug 

flow in order to minimize membrane fouling13,15–19. The flow of Taylor bubbles promotes the 

displacement of the concentration polarization layer and induces rapid and abrupt variations on 

the wall shear stress which, in turn, will prevent the settling of particles at the membrane 

surface17,19. The work of Cabassad20 claims an increase of 60-110% on the permeated flux 

associated to the slug flow passage, which is a very good indicator. 

Based on similar principles applied to membranes, another potential scenario of mass transfer 

enhancement is the cleaning of medical devices. Medical devices embrace a wide range of 

dimensions, however, several of them have channels with diameters below 100 μm21. These micro 

devices are continuously in contact with microorganisms that can adhere to their walls and, 

eventually, it will lead to the formation of biofilms. The presence of biofilms cause, most of the 

times, the obstruction or clogging of the device but, more importantly, it can offer an easier way 

for pathogenic agents to develop and become a source of hospital-acquired infections. As a 

reference to understand the magnitude of this problem, in England, during the year of 2006, 

around 8.2% of the patients contracted an infection as a result of a healthcare treatment22. This 

value was reduced to 6.4% after the implementation of several guidelines for a good practice 

dealing with medical devices.23 Furthermore, in the United States, 65% of hospital-acquired 
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infections are due to biofilms and this is the fourth leading cause of death24,25. Infections stemming 

from medical devices increase morbidity and mortality and they also cause a huge financial 

burden26,27. In Europe, it led to extra 16 million days of hospital stay and about 30 000 attributable 

deaths, leading to annual cost around 7 billion euros. While in the USA, in 2004, it led to costs 

around 6.5 billion dollars28.  

The cleaning of medical devices based on the use of detergents with surfactant and without 

enzymes has proven itself to be ineffective29. Additionally, some disinfectants are not completely 

successful on cleaning these devices and can also impair other procedures, e.g., it can affect the 

material of the device when combined with the use of bleach containing sodium hypochlorite29.  

From a proactive perspective, the most effective way of preventing biofilms development is to 

avoid/control the bacterial adhesion to the wall surface. A potentially simple and efficient way to 

achieve this is by the continuous passage of micro bubbles through the devices during a specific 

period of time and independently of the device use. Besides the preventive role on avoiding 

biofilm formation, the presence of Taylor bubbles can also help controlling the biofilm growth 

after its development. The current lack of knowledge necessary to fully understand and enhance 

the efficiency of this kind of cleaning process is the main driving force behind the present work. 

More specifically, important research gaps were identified regarding the mass transfer processes 

that may govern this process: a) from the soluble matter attached to the wall to the flowing liquid 

in the vicinity of a Taylor bubble; and b) from a Taylor bubble composed by a soluble component 

to the flowing liquid for a possible posterior reaction with the soluble matter detached from the 

wall –Figure 1.3. 
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Figure 1.3: Schematic representation of the mass-transfer problems in study. 

 

In a simplified manner, mass transfer can be defined as the transport of a substance through 

another. It is commonly known that the fundamentals of mass transfer mechanisms are directly 

linked to the hydrodynamics of the system9.  As aforementioned, the movement of a Taylor bubble 

is responsible for a drastic change on the hydrodynamic characteristics of the surrounding liquid 

flow. So, in this work, a detailed numerical study was performed to evaluate the impact of an 

individual Taylor bubble in the mass transfer rates of the previously illustrated processes/steps 

(Figure 1.3). Furthermore, since the ratios between the governing forces in macro and micro-

scales differ considerably, another important motivation was to perform the referred evaluation 

at both scales. It is also relevant notice that, such a systematic study about mass transfer in both 

macro and micro-scales is still not understood in the literature.  

Among other possible applications, the knowledge acquired from this work will be a first step to 

prove the potential of using slug flow (i.e., a continuous sequence of Taylor bubbles) to clean 

medical devices and prevent biofilm formation. Due to the relevancy of this practical scenario, 

the success of the present study is expected to have a mid-term real impact in our society and 

daily life.    
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1.2 Objectives  

 

In this work, a study on mass transfer for slug flow regime is presented. The main technical goal 

was to establish numerical procedures to solve simultaneously mass transfer and hydrodynamic 

fields, for macro and micro-scales, supported on the accuracy of computational fluid dynamics 

(CFD) techniques. The pursuit of this goal has undergone detailed fundamental studies that were 

planned following a set of successive steps and intermediate objectives for two main scenarios: 

 

 Mass transfer from a soluble wall to a flowing liquid: 

o validation of a simulation method able to predict the transport of species from a 

wall to a surrounding liquid phase. This task concerned systems comprising the 

absence (single-phase flow) and presence of a rising individual Taylor bubble 

(gas-liquid flow); 

o post-processing and interpretation of the numerical results based on the 

fundamentals of mass transfer mechanisms. Estimation of local and average mass 

transfer coefficients, as well as analyzing the effect of the different hydrodynamic 

regions that surround a Taylor bubble on the referred mechanisms; 

o overall quantification of the solute transferred from the wall in single-phase and 

slug flow systems to assess the potential for enhancement; 

 Mass transfer from a soluble Taylor bubble to the surrounding liquid: 

o validation of a simulation method to solve the transfer of species between a pure 

and soluble rising Taylor bubble and the co-currently flowing liquid; 

o analyzing the numerical results of the previous point to produce reliable data of 

gas-liquid mass transfer coefficients. Study the effect of different parameters 

(velocity and bubble length) and of the bubble regions on the levels of the 

referred gas-liquid mass transfer; 

o overall quantification of the mass transferred between the soluble bubble and the 

flowing liquid. 

 

The sequence of steps/objectives listed above was addressed first for macro-scale scenarios and, 

in a second stage of this work, were reproduced for micro-scale systems. All the studies were 

performed in laminar flow regime conditions in the liquid phase. 
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1.3 Outline 

 

After the general framework provided in this first chapter, a deeper insight on the current state of 

the art regarding the subjects involved in this thesis is presented in Chapter 2. The detailed 

description of the methodologies applied and developed, main results gathered throughout the 

work and corresponding discussions can be found in the subsequent chapters. These chapters 

(from 3 to 6) are based on papers published or under review in peer-reviewed international 

journals: 

 

 Chapter 3: Mass transfer from a soluble wall to the flowing liquid around a bubble 

in a macro-scale system (published in AIChE Journal) with the tittle “CFD 

Studies Coupling Hydrodynamics and Solid-Liquid Mass Transfer in Slug Flow 

for Matter Removal from Tube Walls”; 

 Chapter 4: Mass transfer from a soluble bubble to the flowing liquid around in a 

macro-scale system (under review in Chemical Engineering Research and 

Design) with the tittle “Mass Transfer of a soluble compound from a Taylor 

bubble to the surrounding liquid – A Numerical Approach”; 

 Chapter 5: Mass transfer from a soluble wall to the flowing liquid around a bubble 

in a micro-scale system (under review in International Journal of Heat and Mass 

Transfer) with the tittle “Mass transfer from a soluble wall into gas-liquid slug 

flow in a capillary tube”; 

 Chapter 6: Mass transfer from a soluble bubble to the liquid flowing around in a 

micro-scale system (under review in Microfluidics and Nanofluidics) with the 

tittle “Mass Transfer from a Taylor bubble to the surrounding liquid in micro-

scale – A Numerical Approach” 

 

In chapter 3, a CFD study on the mass transfer between a finite soluble wall and the flowing liquid 

under the presence of an individual Taylor bubble is presented. A detailed analysis of the 

evolution of the solute concentration distribution due to the bubble passage is discussed. Local 

and average mass transfer coefficients were determined and the latter were compared with the 

values present in the literature. The following chapter (Chapter 4) addresses the transport of mass 

between a soluble Taylor bubble of pure oxygen to the surrounding liquid in co-current flow 

configuration (laminar regime in the flowing liquid). This work shows the effect of the bubble 

different hydrodynamic regions (nose, film and tail) on the mass transfer. The acquired values for 

average mass transfer coefficients are compared to values available in the literature, however this 

comparison highlighted the lack of appropriated correlations to predict the mass transfer in the 

conditions studied. These two studies were performed for conventional scales and allowed to 
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achieve a global understanding of the nuances involved in the corresponding mass transfer 

mechanisms. Furthermore, the success of the referred macro-scale studies was supported on the 

establishment of appropriate methods to simulate and post-process numerical results regarding 

mass transfer in two-phase flow. The development of this important “know-how” was essential 

and could be transposed to similar systems in micro-scales. As a logical consequence, the studies 

comprised in Chapters 5 and 6 were elaborated in a similar way as the ones presented in Chapters 

3 and 4, respectively, but now regarding mass transfer in micro-scale slug flow systems. The 

detailed behavior of the distribution of solute concentration was numerically obtained for different 

flow conditions and, based on this data, the corresponding mass transfer coefficients were 

determined.  

Finally, Chapter 7 encloses this thesis with the overall conclusions taken from all the work 

developed and some suggestions for future research. 
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In order to fully understand the problem addressed in this work, a brief description on several 

topics will be presented in the following sections. 

First, since the ultimate goal is to remove biofilms, a brief insight on the principal characteristics 

of these communities is given. Then, as a potential solution, we propose to control the biofilm 

growth by promoting the passage of Taylor bubbles - slug flow. This flow pattern presents a series 

of distinct characteristics that will be discussed for both macro and micro-scales, since important 

differences occur in the governing forces when the dimension range is changed. Afterwards, the 

methodologies used to solve this problem are introduced: the computational fluid dynamic (CFD) 

techniques. A general view on the software chosen as well as the steps necessary to successfully 

run a numerical study are presented. Finally, some mass transfer studies already available in the 

literature are also cited and discussed, in order to frame the work developed and highlight the 

main challenges of the current state of the art.  

 

2.1 Biofilms 

 

A biofilm is a set of microorganisms that co-exist in a cooperative community embedded in a 

matrix of extracellular polymeric substance (EPS) that can be attached to different substrata1. EPS 

is considered the primary matrix material of the biofilm and, in its structure, contains proteins, 

nucleic acids, lipids, cellular debris and polysaccharides. This structure helps to protect the 

microorganisms from the physical and antimicrobial agents. The sustainable growth of 

microorganisms in structured medium like biofilms increases their virulence, and also offers extra 

resistance to their removal by chemical and physical cleaning agents. The organisms present in a 

biofilm can induce diseases from single cells or aggregates that detach from the original structure 

and colonize other regions. Besides that, these communities may also produce endotoxins2–4.  

All biofilm communities are unique and heterogeneous and can be composed by different species. 

Several biofilm structures/types can be found in different conditions5. The dental biofilm is one 

of the most well studied5. It consists of a variety of microorganisms that present several physical, 

metabolic and molecular interactions6. The existence of a dental biofilm can contribute to healthy 

periodontium7. However, the presence of Streptococcus mutans or Porphyromonas gingivalis 

have been related with the appearance of dental caries and periodontal disease, indicating that the 

competition between beneficial and virulent bacteria will define the beneficial or prejudicial effect 

of the biofilm presence8. 

Another relevant example regards Pseudomonas aeruginosa, which is an ubiquitous species 

present in soil and water9 that can form biofilms. It is classified as an opportunistic pathogen since 

it often colonizes immunocompromised patients and the lungs of cystic fibrosis patients10. It forms 

a mushroom-type structure when glucose is used as a carbon source, however, if citrate is used as 

carbon source, the biofilm develops as a flat but dynamic structure11.  
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The biofilm subpopulations will adapt themselves in order to provide the best tolerance to 

antimicrobial agents and to the alteration of environmental conditions12. It is important to note 

that, the complex and variable nature of biofilm structure and interactions are influenced by 

factors like the properties of the fluid (flow, velocity, temperature, proteins and nutrient levels), 

the cell properties (charge, hydrophobicity, and signaling molecules) and the material surface 

properties (roughness, hydrophobicity, chemical composition and charge).  

Being a “living” community, the biofilm formation and maturation has several stages3,13–15. The 

first stage consists in the attachment of the microorganisms to a surface. The microorganisms can 

be transported to the surface by mass transfer processes like diffusion, convection or 

sedimentation16. This initial phase is reversible, and so, it presents itself as the ideal opportunity 

to interfere and prevent the formation of biofilms. After the initial interaction and attachment, the 

cells can adhere to the surface - adhesion. This phase is irreversible due to the binding by EPS. 

During this phase, bacteria start to multiply, while emitting chemical signals between them and 

thus forming cell aggregates. Afterwards, this structure will mature. In a final phase, some 

organisms can detach from the structure and colonize a new area13,15 – Figure 2.1.  

 

 

Figure 2.1: Schematic representation of the steps involved in a typical biofilm development process 

retrieved from the work presented by Stodley et al.15: 1) cell attachment; 2) adhesion; 3) and 4) maturation 

and 5) dispersion phases. Below the schematic representation, the growth of Pseudomonas aeruginosa 

under continuous-flow in a glass substratum is documented. 

 

Biofilms can be beneficial in several situations like water treatment processes17,18. However, if 

not properly controlled, its presence can become problematic especially when it starts to affect 

the performance of devices or, in even more serious cases, it may lead to situations of public 

health concern. It is estimated that 65% of bacterial infections are caused by bacterial biofilms19. 

Regarding a particularly relevant field of occurrence, one of the first associations between 

biofilms and medical devices was described by Johanson et al.20. To cite a few problematic 

examples, the frequency of infections that occur within different medical devices has been 
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reported as: 2% in breast implants, 2% in prostheses, 10% in ventricular struts and 40% in 

ventricular assist devices19,21.  

As mentioned before, the best way to control the biofilm growth is by preventing the definitive 

adhesion of cells to the tube/container wall. The fact that the movement of a Taylor bubble 

drastically changes the hydrodynamic conditions on its surroundings, namely the wall shear 

stress, can be very useful to this purpose and supports the main concept of the present work. 

Besides that, the presence of a gas phase will also modify the usual particle-surface interactions 

and can affect the organism detachments occurring in mature biofilms. 

 

 

2.2 Slug flow   

 

The simultaneous flow of gas and liquid phases inside vertical tubes involve different distributions 

of the phases according to the channel characteristics, flow rates and physical properties of the 

fluids.  

These phase distributions are commonly referred as gas-liquid flow patterns and their behavior 

inside vertically confined spaces has been extensively studied. According to the work of Taitel et 

al.22, four main flow patterns can occur (bubble, slug, churn or annular flow) in 

conventional/macro-scales. An illustration of a typical map of flow patterns can be seen in Figure 

2.2. 

 

Figure 2.2: Flow patterns for an air-water system at 25ºC in a tube with a diameter of 5 cm (reprinted from 

Taitel et al.22) 

 

Bubble flow develops inside vertical tubes at low gas flow rates. This main pattern can be split 

into bubbly and dispersed flows. The bubbly flow happens for low gas/liquid flow rates and is 

characterized by small ellipsoidal bubbles distributed in the continuous liquid phase. Increasing 
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the liquid flow rate, the bubbles will become smaller and spherical, leading to the dispersed bubble 

flow. 

When the increase of gas flow rate is promoted, the bubbles will eventually start to collide and 

coalesce into larger ones - slugs or Taylor bubbles. Nevertheless, it should be noted that the 

transition between bubble and slug flow regimes is gradual.  

A further increase on the gas superficial velocity will disrupt the structure of Taylor bubbles, 

which becomes less defined, leading to a chaotic and disorderly pattern designated by churn flow. 

Finally, the annular flow pattern occurs when the gas flow rate is high enough for the development 

of a continuous gas phase in the core of the tube, while the liquid is being pushed to the wall side 

(upward liquid film).  

 

Although each of the referred flow patterns have their own specific relevancy, the particularly 

interesting hydrodynamic characteristics of slug flow made it the focus of the present study. As 

already mentioned, the slug flow pattern occurs in several natural, physiological and geological 

phenomena as well as in industrial processes. So, it is not a surprise when it is verified that this 

pattern was and still is one of the most extensively studied23–27. Furthermore, its main feature is 

the Taylor bubbles (i.e., large bubbles filling most of the channel cross section) that, due to the 

buoyancy effect, normally move faster than the surrounding liquid, displacing and overpassing 

this continuous phase. Exceptionally, at micro-scales, the bubble does not suppress the liquid and, 

instead, bubble and liquid move with a similar average velocity - theses cases will be later 

described in section 2.2.2.  

Analyzing the hydrodynamics based on a referential stuck to the Taylor bubble (MFR), it is 

possible to identify three different regions in the liquid flow around the bubble: near the nose, 

liquid film and wake (see Figure 2.3). 
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Figure 2.3: Illustration of a Taylor bubble and the hydrodynamic regions normally present on the 

surrounding liquid flow. 

 

The nose region includes the liquid close to the round front of the bubble as well as the volume 

ahead of it. As the bubble moves faster than the liquid, the liquid starts to be pushed downwards 

from this region (in MFR). Following the nose, the liquid continues to flow downwards (in MFR) 

through the cross-sectional area between the bubble surface and the tube wall, on the liquid film 

region. If the Taylor bubble is long enough, the liquid velocity profile will tend to stabilize until 

it becomes fully developed. Just below the tail there is a liquid recirculation zone that follows the 

Taylor bubble bottom (visible in MFR) – also called wake region. This region is the result of the 

expansion of the fluid exiting the liquid film and can have different behaviors according to the 

flow regime: laminar, transition or turbulent. Below the wake, the liquid progressively restores 

its undisturbed velocity profile 24,28.   

 

The relationships between viscous, inertial, buoyancy and interfacial forces are essential to predict 

the hydrodynamic features in slug flow, with particular relevance given to the bubble shape and 

rise velocity. For systems with conventional dimensions and Newtonian fluids, Morton, Eötvös 

and Froude dimensionless numbers are the most used to represent the relations between these 

forces:  

 

 Morton number, M =
𝑔𝜇𝐿

4(𝜌𝐿−𝜌𝐺)

𝜌𝐿
2𝜎3 ;  

 Eötvös number, Eo =
𝑔(𝜌𝐿−𝜌𝐺)𝐷2

𝜎
; 

 Froude number, Fr =
𝑈∞

√𝑔𝐷(𝜌𝐿−𝜌𝐺)/𝜌𝐿

. 
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where 𝑈∞ represents the velocity of a bubble in a stagnant liquid. 

 

Based on these groups, other relevant dimensionless numbers can be derived like the Inverse 

Viscosity number, N𝑓 = (
Eo3

M
)

1/4

. 

 

A more detailed insight on the characteristics of slug flow pattern is provided in the following 

sections. 

 

 

2.2.1 Slug flow in macro-scale systems 

 

The Taylor bubble velocity is one of the most important features to characterize slug flow. The 

work of Dumitrescu26 was one of the first dedicated to this type of flow and to predict the bubble 

velocity. The author studied the rise of an isolated Taylor bubble through a stagnant liquid in 

vertical tubes and developed a pioneering expression to predict the bubble velocity based on the 

potential flow theory: 

 

𝑈∞ = 0.351√𝑔𝐷                                                                                                                  (2.1) 

 

Davies and Taylor29 also studied the Taylor bubble rise through stagnant liquids. The authors 

focused on the estimation of the rising bubble velocity as well, and extended the work to the study 

of the bubble shape in the nose region. 

White and Beardmore30 performed one of the works of greater prominence about slug flow. The 

authors experimentally studied systems with air Taylor bubbles flowing along different liquids in 

vertical tubes. This work emphasized the effect of the governing forces by testing different flow 

conditions and, so, the bubble rise velocity was described on a dimensionless basis with the 

Froude number as a function of Morton and Eötvös numbers. These important results were 

summarized in several graphical correlations that are still a reference nowadays.   

For highly viscous liquids, Brown31 presented a more general velocity correlation to predict the 

bubble velocity for viscous liquids: 

 

𝑈∞ = 0.496√𝑔𝑅√1 −
−1+√1+2𝑁𝑅

𝑁𝑅
                                                                                (2.2) 

where 𝑁 = √14.5
𝜌𝐿

2𝑔

𝜇𝐿
2

3
. 
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Latter, Wallis32 reported a new correlation  (2.3) for the Taylor bubble velocity that considers the 

effect of density (𝜌), surface tension (𝜎), tube diameter (D) and also the minimum Eötvös that 

ensures the rising of the bubble in stagnant liquid conditions. Below this value, in a vertical 

column filled with stagnant liquid, the bubble remains static, since the buoyancy effect is 

overbalanced by the remaining forces. This value is also frequently used to set the difference 

between macro and micro-scales. 

 

Fr =
𝑈∞

√𝑔𝐷
= 0.345(1 − 𝑒−0.01N𝑓/0.341)(1 − 𝑒(3.35−Eo)/𝑚)                                            (2.3) 

 

where 𝑚 {

25,      N𝑓 < 18

  69N𝑓
−0.35,     18 < N𝑓 < 250

10,        N𝑓 > 250

 

 

Nicklin and colleagues33 studied the flow of Taylor bubbles through stagnant and co-current 

vertical columns of water. The authors correlated the bubble rising velocity (𝑈𝑏) with the liquid 

superficial velocity: 

 

𝑈𝑏 = 𝑈∞ + 𝑐�̅�𝐿                                                                                                                    (2.4) 

 

where 𝑈∞ is the velocity of the bubble rising through stagnant liquid, �̅�𝐿 the average liquid 

velocity and c is a parameter that has a value of 1.2 or 2, depending if the liquid flow regime is 

turbulent or laminar, respectively. 

Besides the Taylor bubble velocity, it is also important to analyze the flow characteristics in the 

surrounding liquid regions. Several experimental studies were performed with the focus on the 

hydrodynamics of these regions26,29,31. In the last twenty years, studies using a photochromic dye 

activation (PDA) method34, and Particle Image Velocimetry (PIV) allowed to acquire more 

detailed information about this topic35.  

As the bubble movement displaces the liquid ahead of it, the liquid axial velocity decreases and 

the radial component appears. First, it is important to notice that in the tip of the bubble nose 

occurs a stagnation point, i.e., the liquid axial and radial velocity components are zero assuming 

a reference frame moving with the bubble (MFR). 

The extension of liquid ahead of the bubble influenced by its presence is also important, especially 

for scenarios involving interaction between consecutive bubbles. This extension or liquid 

stabilization length (Z´) increases with the liquid velocity35. In terms of nose shape 

characterization, the curvature radius is the main parameter to consider. The nose shape is 
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essentially influenced by the liquid viscosity and by the bubble velocity: higher bubble velocities 

lead to slender noses with a smaller radius35,36. 

After being displaced by the bubble nose, the fluid flows around the bubble forming a liquid film 

with a downward velocity (in MFR). This region is generally characterized by its thickness and 

velocity profile.  

If the bubble has a length large enough, the film reaches a fully developed state and its thickness 

(δ) will have a minimum value. This developed film is established when the gravitational forces 

on the liquid are balanced by the shear forces at the wall, i.e., it behaves like a free falling film. 

Brown31 proposed an expression to estimate the thickness of the stabilized liquid film formed 

around a Taylor bubble. For systems with a co-current liquid, the expression takes the following 

form based on the liquid kinematic viscosity (𝜐) as well as on the bubble velocity (𝑈𝑏) and 

average liquid velocity (�̅�𝐿):  

 

𝛿 = [
3𝜐

2𝑔(𝑅−𝛿)
𝑈𝑏(𝑅 − 𝛿)2 − �̅�𝐿𝑅2]

1/3

                                                                              (2.5) 

 

In a bubble that is sufficiently long to induce the fully development of the liquid film, the bubble 

shape and the liquid velocity for the developed film region become constant. According to the 

work of Nogueira and colleagues35, in co-current flows, very long bubbles (length around 3.6D 

against 2.2D for stagnant liquid) are required in order to reach a fully developed state on the film.  

The liquid flow structure below the bubble tail (wake region) has a decisive role in the interaction 

and coalescence between bubbles. Campos and Guedes de Carvalho28 provided the first 

systematic study about the hydrodynamics on this region. In this work, different kinds of wake 

flow patterns were identified below Taylor bubbles rising in stagnant liquids and their 

characterization was defined according to the following ranges of the dimensionless group Nf: 

  

– Nf < 500, laminar wake with a closed and axisymmetric structure rising attached to the 

bubble rear;  

– 500< Nf <1500, transitional wake still closed but without symmetry. Another 

characteristic of this type of wake is the vortex shedding which leads to an unsteady flow 

behind the bubble; 

– Nf >1500, opened wake without well-defined limits. Turbulent flow occurs inside this 

type of wake. 

 

Although the previous information about systems with isolated bubbles is fundamental, real 

application scenarios imply the presence of more than one bubble with complex interactions 

between them. Moissis and Griffith37 studied a continuous vertical slug flow where bubbles rise 
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through quiescent liquid. The authors concluded that the wake of a leading bubble can raise the 

velocity of a trailing bubble, eventually promoting the coalescence of both. A theoretical 

expression that correlates the ratio between both velocities - the leading (𝑈𝑏𝑙) and trailing bubble 

(𝑈𝑏𝑡) - with the distance separating them (𝐿𝑙𝑡) was also proposed: 

 

𝑈𝑏𝑡

𝑈𝑏𝑙
= 1 + exp (−1.06

𝐿𝑙𝑡

𝐷
)                                                                                                    (2.6) 

 

Pinto and Campos38 studied bubble-bubble interaction for vertical slug flows also in quiescent 

liquid conditions. Different liquid viscosities and tube diameters were considered. The authors 

gave particular attention to the minimum distance between bubbles above which no interactions 

among them occurred. This minimum distance is set by the leading bubble wake length plus the 

length necessary to the liquid restore its initial characteristics. As expected, this work showed that 

this dimensionless minimum length is dependent on the wake flow pattern. 

Another study about the interaction between a pair of bubbles was performed with flowing co-

current liquid in tubes of different diameters39. This study addressed laminar and turbulent flow 

regimes in the bulk and assumed the presence of turbulent wakes. For turbulent flow regime, the 

minimum distance between slugs that enables interactions is around 5D. For laminar conditions, 

there are two possible situations concerning the ratio between the average velocity in the 

developed film and the average liquid velocity: when this ratio is higher than 25, the minimum 

distance is about 10D; if the ratio is lower than 25 and the distance between bubbles is higher than 

the wake length, no coalescence occurs. Similar conclusions were also reached when considering 

a train of bubbles35.  

Several studies about trains of bubbles are also described in the works of Mayor and colleagues 

for different flow conditions (bulk liquid and wake region in laminar regime; bulk liquid in 

laminar regime and wake in turbulent regime and bulk liquid and wake in turbulent regime23,40–

43). These studies were supported on experimental – non-intrusive image analysis technique – and 

also in numerical techniques – a slug-flow tracking simulator was developed. For a deeper insight 

about slug flow in macro-scale, a larger compilation of bibliographic material can be found in the 

review article of Morgado et al.36. 

 

As it was already pointed out, a detailed study about the hydrodynamics on slug flow can be a 

highly demanding task. The use of numerical methods allows surpassing some of the experimental 

techniques limitations and also to easily perform systematic parametric studies. Therefore, the use 

of computational fluid dynamics (CFD) techniques has already been explored in several works. 

One of the first numerical studies published about slug flow was the work of Mao and Dukler44. 

The authors solved the flow of single slugs by a cut-cell finite difference method to get the shape 
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and rise velocity of the bubble. The velocity and shape of the bubble as well as the film thickness 

and wall shear stress acquired numerically are in agreement with the available experimental 

data45. Kawaji34 coupled experimental and numerical work in a system composed by a single 

Taylor bubble rising along a vertical tube filled with a stagnant liquid. The problem was 

numerically solved by the RIPPLE algorithm coupled with the Volume of Fluid (VOF) method 

to track the gas-liquid interface. The RIPPLE method is a numerical method that solves the 

Navier-Stokes equations through a finite difference approximation and introduces the Continuum 

Surface Force model to account for significant tension forces at free surfaces46. The flow field 

was satisfactorily solved on the liquid phase. The authors pointed to the necessity of improving 

the method used in order to increase its stability and include a turbulence model. 

Clark and Issa47 used an iterative scheme based in a finite volume method with a non-orthogonal 

boundary-fitted mesh. This method was used to determine the velocity and shape of the Taylor 

bubbles moving through stagnant and co-current fluids. The k-𝜖 model was applied to describe 

the turbulent flow. A bubble with a constant pressure inside was defined - a smooth bubble nose 

at the axis as well as periodic conditions were set to help solving the problem. This method is able 

to predict the bubble rise velocity for cases with a single bubble in stagnant and moving fluids.  

Taha and Cui27 presented a study for slug flow, using a commercial software – ANSYS Fluent. 

The liquid flow surrounding the bubble was solved for a wide range of 2D cases in vertical tubes 

characterized by different Eötvös, Morton and Froude numbers. A 3D simulation of a Taylor 

bubble in an inclined tube was also presented. This study includes a characterization of the liquid 

flow above, around and below the bubble. Special attention was given to the different types of 

wakes that may occur. The bubble shape and local wall shear stresses, as well as the bubble 

velocity, were numerically acquired with the later one being favorably compared to the 

experimental data available. 

Lu and Prosperetti48 simulated the Taylor bubbles rise through quiescent liquids and through co-

current and counter-current flowing liquids. The gas flow inside the bubble was not taken into 

account in the model applied. The Navier-Stokes equations were solved through a finite volume 

discretization method, while the interface tracking was based on a set of marker points linked by 

cubic splines. The numerical results are, once again, in good agreement with the literature while, 

among others parameters, they also provide some insight into the interaction distance and 

recirculating eddies. 

Araújo et al.24 performed a systematic and detailed study about the hydrodynamics involved on 

the rise of individual Taylor bubbles through stagnant Newtonian liquids. This study was based 

on the VOF methodology already implemented in the commercial package ANSYS Fluent. A 

large set of simulations was made to address a wide range of Eötvös and Morton numbers. 

Throughout this range, the results for the bubble rise velocity (in the form of Froude number) 

were successively compared with predictions made with a correlation proposed by Viana et al.49. 



 
 

25 
 

Different hydrodynamic regions surrounding the bubble were analyzed and the behavior of 

parameters like the liquid flow stabilization length ahead of the bubble nose, the frontal radius 

(for the nose), the film developing length and thickness, as well as the wake length and volume 

were predicted. The authors also built a map that indicates the concavity of the bubble tail and the 

presence or absence of a wake structure in function of Eo and M numbers. 

 

A shift to scenarios of slug flow in small tubes implies some fundamental and important 

differences from the same flow pattern occurring in macro-scale tubes. In small dimensions, 

interfacial forces become dominant while the gravitational force can be neglected. As already 

mentioned, the Eötvös number relates interfacial and gravitational forces, so this dimensionless 

group can be used to set some boundary between macro and micro-scales50–53. In the following 

section a brief review on the main slug flow characteristics in micro-scales is given. 

 

2.2.2 Slug flow in micro-scale systems 

 

When gas and liquid phases flow simultaneously inside of a micro-channel, the main flow patterns 

that may occur are different from the characteristic ones in conventional scales. However, slug 

flow is a common pattern in both scale ranges and, in micro-channels, it maintains the main 

feature of large bubbles occupying almost all of the entire tube cross-section. 

As previously mentioned, in micro-scales there is a shift on the balance of forces that rule 

hydrodynamics, that is, surface tension becomes the main governing force of the flow51–53. 

Therefore, it becomes necessary to perform some settings in the dimensional analysis for slug 

flow regarding micro-scales, and different dimensionless groups gain importance. The Capillary 

number (Ca) translates the relation between viscous and interfacial forces and can be based on 

the bubble velocity (𝑈𝑏): 

 

CaB =
𝜇𝐿𝑈𝑏

𝜎
                                                                                                                             (2.7) 

 

The relation between inertial and viscous forces is evaluated by the Reynolds number (Re): 

 

ReB =
𝜌𝐿𝐷𝑈𝑏

𝜇𝐿
                                                                                                                                       (2.8) 

 

The Weber number (We) relates the inertial and interfacial forces and is given by: 

 

WeB =
𝜌𝐿𝑈𝑏

2𝐷

𝜎
= ReBCaB                                                                                                      (2.9) 
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As aforementioned, the liquid flow patterns are distinct from the ones observed in macro-scales. 

Rocha54 performed a numerical study for the ranges of 0.01< CaB < 2 and 0.01 < ReB < 700. Three 

sub-categories of the slug flow pattern were identified in this study for systems with an individual 

Taylor bubble flowing through a liquid phase inside milli/micro-channels:  

 

- At high CaB numbers (≥0.8), the bubble moves faster than the liquid ahead and there are 

no recirculation zones in the liquid phase;  

- A decrease in CaB leads to the appearance of closed recirculation regions below the 

bubble tail – wake region. This wake moves upwards attached to the bubble in similarity 

to what is known for conventional scales; 

- At low CaB numbers (<0.3), there are semi-infinite recirculation zones ahead and below 

the bubble. The lower the CaB number is, the higher becomes the cross-sectional area 

occupied by these recirculation zones. The average velocity of the liquid enclosed in these 

zones is equal to the bubble velocity. As the bubble practically occupies all the tube cross-

section, and only a very thin liquid film separates the bubble from the tube walls, the 

liquid in this film is almost stagnant (Figure 2.4). 

 

 

Figure 2.4: Illustration of typical streamlines in the different slug flow sub-categories in milli/micro-

channels. 

 

The presence of the referred thin liquid film between the bubble and the wall is not detected in 

extreme conditions only (Capillary numbers leaning to values below 0.010). The thickness of the 

liquid film is mainly dependent on the interfacial and inertial forces and can be obtained by the 

expression developed by Han and Shikazono55 (valid for Reynolds numbers lower than 2000):  
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𝛿

𝐷
=

0.670CaB
2/3

1+3.13CaB
2/3

+0.504CaB
0.672ReB

0.589−0.352WeB
0.629

                                                            (2.10) 

 

When the inertial forces have to be accounted for, the Capillary number will no longer rule the 

film thickness, and this one becomes a constant fraction of the tube diameter54,55. 

Besides the liquid flow pattern and the film thickness, the bubble velocity is another important 

feature to characterize micro-scale two-phase systems.  

Liu and colleagues56 studied the velocity of an air bubble through water, ethanol and an oil mixture 

in tubes with diameters between 0.9-3 mm, and gas and liquid superficial velocities between 

0.008-1 m.s-1. It was concluded that the geometry and the hydraulic diameter have a low influence 

on the hydrodynamic features. For a Capillary number range between 0.0002 and 0.39, the authors 

presented a correlation where the bubble velocity depends on this dimensionless number based 

on the two-phase superficial velocity- Ut (i.e., the sum of gas and liquid superficial velocity): 

 

𝑈𝑏

𝑈𝑡
=

1

1−0.61CaT
0.33                                                                                                                    (2.11) 

 

where CaT corresponds to the Capillary number calculated using the sum of the gas and liquid 

superficial velocities. 

It is important to emphasize that a large amount of experimental work has already been done to 

characterize slug flow in micro-scales56–59. The combination of experimental and numerical 

methods also allowed a systematic study of the corresponding hydrodynamics and, in the present 

moment, it is essential to fill the gap of describing the mass transfer between phases with advanced 

numerical techniques. 

So, in the following sub-section, the different steps necessary to solve a problem like mass transfer 

between phases (solid-liquid and gas-liquid) based on Computational Fluid Dynamics techniques 

are discussed.                                                                                                           

 

2.3 Computational Fluid Dynamics (CFD) 

 

With the development of computer science and numerical methods, the complex equations that 

describe the fluids flow behavior can be solved by a new set of techniques - Computational Fluid 

Dynamics (CFD). These techniques transform the differential and other nonlinear equations 

representing the physical laws into algebraic equations that can be numerically solved by 

computers60.  
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CFD techniques can produce accurate computational data, which allows detailed studies about 

complex subjects like slug flow hydrodynamics. These techniques are also very useful to study 

mass and heat transfer phenomena as well as other interrelated problems61.  

CFD techniques present several advantages: they can be more time efficient, save money in 

reactants, equipment and general resources and are relatively easy to use. These techniques also 

allow faster, simpler and less laborious parametric studies when compared to experimental 

procedures. To gain a fundamental understanding of any phenomena, numerical and experimental 

works should be paired up. However, in some situations, the detection and quantification of finer 

details is experimentally infeasible, either due to the scale of the process, or the speed of the 

phenomenon61. CFD studies become especially useful when numerical simulations are the only 

viable alternative due to overpriced, dangerous or inexistent experimental measurements.  

Due to all the referred advantages, CFD has been gaining an increasing number of users from 

aerodynamics62 to environmental engineering63 and outspreads the educational and research 

purposes to industrial uses64,65.  

In terms of CFD software packages, there are several open-source and commercial options.  

OpenFOAM, FEniCS, Palabos, Elmer are open source alternatives while COMSOL, ANSYS 

Fluent (ANSYS Workbench), STAR-CCM+ are examples of the commercial software available.  

Among all the available options, ANSYS Fluent was the software chosen to solve the scenarios 

documented in this thesis. This software presents some disadvantages like the fact that it requires 

a paid license and introducing alterations on its solvers can be limited and difficult. Nevertheless, 

it was chosen since it is user-friendly, has a very robust interface reconstruction method and 

allows to integrate all the necessary steps to build and study the mass transfer problem while 

producing accurate results.  

 

Different software packages solve the conservative equations differently through distinct 

numerical discretization methods: finite differences, finite volumes, finite elements and spectral 

methods. ANSYS Fluent uses the finite volumes method. This method implies the division of the 

whole volume in a set of discrete control volumes where the variable occupies the centroid. The 

governing equations are usually approximated by the application of finite-differences to a finite-

volume cell in the space (Equation 2.12). 

 

𝜕

𝜕𝑡
(∫ 𝜌𝜙d𝑉

 

𝐶𝑉
) + ∫ 𝑛. (𝜌𝜙𝑢). d𝐴

 

𝐴
= ∫ 𝑛. (Γgrad𝜙). d𝐴

 

𝐴
+ ∫ 𝐵𝜙d𝑉

 

𝐶𝑉
                          (2.12) 

 

Since this method uses control volumes and not mesh interception points, it can solve any region 

of a given problem. However, for 3D problems, it is harder to develop higher-order methods 
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(when compared with finite-difference method)61,67 since it will require two levels of 

approximation: interpolation and integration. 

 

CFD techniques allow the complete description of the motion of fluids by solving the second law 

of motion (momentum equation), the mass conservation law (continuity equation) and the first 

law of thermodynamics (energy equation). In the chosen software, all of the three fundamental 

(momentum, continuum and energy) equations previously mentioned are already implemented. 

The momentum equation is stated through Newton`s second law66. 

 

∑ �⃗�𝑠𝑦𝑠 =
d

d𝑡
(𝑚�⃗⃗�) =

d

d𝑡
�⃗⃗�                                                                                                     (2.13) 

 

where the sum of all the forces acting in the system (�⃗�𝑠𝑦𝑠) corresponds to the derivative over time 

(𝑡) of the product of mass (𝑚) and velocity (�⃗⃗�) which is equivalent to the momentum (�⃗⃗�). 

 

In a non-accelerating referential, the momentum equation is applied by the ANSYS Fluent in the 

following form:  

 

𝜕

𝜕𝑡
(𝜌�⃗⃗�) + ∇. (𝜌 �⃗⃗��⃗⃗�) = −∇𝑝 + ∇. (𝜏̿) + 𝜌�⃗� + �⃗�                                                              (2.14) 

 

where 𝜌�⃗� stands for the gravitational forces, �⃗� for the external body forces, which includes 

specific source terms defined by the user, and 𝜏̿ for the stress tensor. 

 

To guarantee the mass conservation along the domain, the continuity equation must be solved: 

 

𝜕

𝜕𝑡
(𝜌) + ∇. (𝜌�⃗⃗�) = 𝑆𝑚                                                                                                         (2.15) 

 

where 𝑆𝑚 is the source term that accouns the mass transfered from the dispersed to the continuous 

phase. 

In the presence of a thermal gradient, exchanges of thermal energy are established, which can 

occur by conduction, convection or radiation. In ANSYS Fluent, different models are 

implemented which include one or several coupled heat transfer mechanisms.  

Whenever the heat transfer is included in the model, thermal boundary conditions, as well as 

thermal fluid properties, should be settled to provide the solver with the necessary information to 

solve the energy equation: 
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𝜕(𝜌𝐸)

𝜕𝑡
+ ∇. [�⃗⃗�(𝜌𝐸 + 𝑝)] = ∇. [𝑘𝑒𝑓𝑓∇𝑇 − ∑ ℎ𝑗𝑗𝑗⃗⃗⃗ +  (𝜏�̿�𝑓𝑓 .𝑗 �⃗�)] + 𝐵ℎ                            (2.16) 

                                          

                                               I                 II                 III 

where 𝑘𝑒𝑓𝑓 stands for the effective conductivity,  𝜏�̿�𝑓𝑓 for the stress-strain tensor, E for the 

energy, T for the temperature, ℎ𝑗  for enthalpy and  𝐽𝑖
⃗⃗⃗   for the diffusive flux of specie i.  

 

In Equation 2.16, the conduction term (term I), the convective transport term (term II) and the 

viscous dissipation term (term III) are accounted for, and Bh introduces all the volumetric heat 

sources as well as the heat generation from chemical reactions. 

 

The mass transfer is another phenomenon that can be solved by this software. The “species 

transport” model can predict the local mass fraction of i th specie (𝑦𝑖) by solving the mass 

conservation equation: 

 

𝜕

𝜕𝑡
(𝜌𝑦𝑖) + ∇. (𝜌�⃗⃗�𝑦𝑖) = −∇. 𝐽𝑖

⃗⃗⃗ + 𝑅𝑖 + 𝐵𝑖                                                                                (2.17) 

 

where 𝐽𝑖
⃗⃗⃗ represents the diffusive flux of species i, 𝑅𝑖 the net rate production of species i, and 𝐵𝑖 

the mass source defined by the user. 

 

For more complex situations, other equations are added to completely translate the problem. An 

example is a multiphase flow problem. For this type of problems, one of the most important issues 

is to set up a reliable method to track the interface between fluids. Different methods are available 

to solve/capture the interface: the Volume of Fluid, the Eulerian and the Mixture model. Among 

those, the Volume of Fluid (VOF) methodology is usually chosen/recommended to solve 

problems involving slug flow.   

The VOF method was firstly introduced by Hirt and Nichols72. It allows the tracking of the 

interface between immiscible fluids, and it is recommended when the interface is of interest. To 

implement the capturing of the interface, it is created a new variable: the cell volume fraction 

(𝛼𝑖). For each cell, this variable lies between 0 and 1: if the value is 1, it means that only fluid i 

is present, if the value is 0, there is no fluid i in the cell. A value between 0 and 1 means that in 

that cell more than one fluid exists, i.e., the volume of the cell contains a portion of an interface.   

The continuity equation for the dispersed phase (gas phase - 𝛼𝐺) is solved to track the cells that 

contain the interface: 
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𝜕

𝜕𝑡
(𝛼𝐺) + ∇𝛼𝐺 �⃗⃗� = 0                                                                                                   (2.18) 

 

The continuous phase volume fraction (the liquid phase - 𝛼𝐿) is obtained assuming that: 

 

𝛼𝐺 + 𝛼𝐿 = 1                                                                                                                         (2.19) 

 

The use of the VOF methodology to capture and construct the interface can be coupled with other 

features/models to solve complex phenomena involving turbulence and heat and mass transfer for 

different dimensions (2D and 3D) and sizes (macro and micro-scale)24,27,73–75. 

The continuous improvement of numerical techniques has increased the capacity to solve intricate 

problems68 and deal with more complex models. However, being such a powerful tool is not 

enough, i.e., its use without good guidance and a good background on the phenomena involved 

can lead to erroneous interpretations and conclusions. So, to successfully perform a numerical 

study, several steps have to be considered in order to guarantee that the phenomena is correctly 

predicted. The first step is to define the goal, how the results will be used and the precision needed. 

This allows the choice of the most appropriate method without compromising the integrity of the 

results. As already mentioned, to completely characterize a flowing fluid and its associated 

phenomena, complex equations have to be solved. To solve them, the geometry and the mesh 

where the equations will be solved have to be previously defined. Furthermore, the properties of 

the materials as well as adequate boundary conditions that characterize the problem must be 

defined as well. The equations must establish a model able to translate the real problem and it is 

also necessary to set the adequate methods to solve these equations. All steps that were just briefly 

mentioned will be discussed in more detail in the following paragraphs. 

 

First of all, it is necessary to design the geometry or the domain where the problem will be solved. 

The domain of the problem can be a simple tube or a complex system like a car. While defining 

the geometry, it is important to have some knowledge on the problem: the appropriate sizes and 

if it needs to be solved in 3D or can be reduced to a 2D problem. After establishing the domain, 

generating the mesh is the next important step. The mesh is a grid that splits the domain in small 

volumes. It is based on these small volumes/divisions that the equations are discretized and 

solved. The mesh should have enough refinement to allow the accurate description of the different 

phenomena, otherwise it will lead to inconsistent results69. There are two essential kinds of 

meshes: unstructured and structured mesh. The main difference between them is the types of 

elements that define each one. The structured mesh has cells with a regular form. The non-

structured mesh present elements with a triangular (for 2D) and tetrahedral form (for 3D).70 The 

density of the mesh defined should be the best compromise between accuracy and time to predict 
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the phenomena in study. To ensure an appropriate mesh density, it is a good practice to perform 

a test where successive refinements of the mesh are performed until simulation results of specific 

variables in study reach specified residual differences (mesh independency). At this point, it is 

assumed that the discretization error (error from the conversion of the continuous problem into a 

discrete one) is negligible.69  

After defining the best geometry and mesh, it is necessary to define proper and representative 

boundary conditions. The first step is to associate all the cells that share the same geometric 

nature. Then, it is necessary to define the type (inlet, outlet, wall, axis, among others), localization 

and adequate values or assumptions for these boundary conditions. The next step concerns setting 

the type of materials involved and provide their physical and chemical properties. All these steps 

are part of a preprocessing stage that is necessary to enable the numerical resolution of the 

problem. 

To start the numerical resolution, it is necessary to define the appropriate solver as well as the 

appropriate methods. 

Two types of solvers are available on the chosen software package: the pressured-based and 

density-based solvers. For incompressible flows, the recommended solver is pressure-based, i.e., 

it is a type of solver that uses the continuity and momentum equations to calculate the pressure. 

The solver used in these studies tackles the problem in an iterative manner where the equations 

are solved sequentially.  

For pressure-based solvers there is a strong dependency between velocity and pressure. Thus, the 

coupling of velocity-pressure introduces an important constraint: if the correct pressure values are 

established in the linear momentum equations, the resulting velocity field satisfies continuity. To 

couple velocity and pressure, several algorithms are available like SIMPLE, SIMPLEC or PISO. 

Among the available options, PISO71 (Pressure-Implicit with Splitting of Operators) was chosen 

since it is recommended for transient flows and allows a faster convergence.   

The surface fluxes of variables can be determined through different interpolation schemes. Some 

of the most common are the First-Order Upwind, Second-Order Upwind, Second-Order Central 

and Quadrate Upstream Interpolation Convective (QUICK). 

These different schemes have different advantages. The First-Order Upwind scheme is the 

simplest scheme. It can be used when the mesh and flow are aligned. It converges easily however 

its accuracy is limited. The Second-Order Upwind can be used when the mesh is not aligned with 

the cells and provides better accuracy. QUICK is the preferred method to solve quadrilateral and 

hexahedral meshes as it is very accurate in structured mesh aligned with the fluid flow. 

Depending on the phenomena in study, the simulations may run in stationary or transient state. 

For transient state, besides the spatial discretization, it is also necessary to establish a temporal 

discretization. The time step (∆𝑡) has to be small enough to allow the system to solve all time 

dependent variables and, at the same time, to maintain the stability of the numerical procedure. A 
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good way of controlling the time step is through the Courant number (Co) that depends on a 

specific velocity (𝑣) of the system and on a cell characteristic length (𝐿𝑐): 

 

∆𝑡 =
Co.𝐿𝑐

𝑣
                                                                                                                             (2.20) 

 

Furthermore, the interpolation gradient method as well as the under-relaxation factors are also 

important features since they can smooth and prevent oscillations on the solution values. 

Gradients are important to obtain the scalar values at the cell faces but also to compute secondary 

diffusion terms and velocity derivatives. Under-relaxation factors are incorporated into the 

discretized algebraic equations system and limit the variations of each variable between each 

iterative step. They can be helpful to enhance the stability of the numerical procedure and also 

contribute to the convergence of the iterative process.    

 

The last step before starting the simulation is the initialization of the system, i.e., set the initial 

values of all the necessary variables. This step may seem trivial, but it is quite important since it 

improves the stability of the solution and promotes a faster convergence. 

To assure a successful CFD solution, mesh independence and convergence of the discretized 

equations are essential aspects that have to be considered. Both of these aspects were already 

mentioned. Mesh independence assumes that the results are independent of the grid refinement. 

Convergence implies that all the equations in all cells should comply with a pre-established 

tolerance61 and it includes the monitoring of the residuals of the conservative equations. The 

residuals show the accumulated imbalances from the numerical calculations for each iteration. 

Besides the residuals monitoring, a tracking of the evolution of punctual or global values of 

specific variables allows to confirm if convergence was indeed reached.  

It is also important to notice that a converged solution is not necessarily the accurate solution of 

the problem. This accurate solution will be dependent of all previous steps namely the quality of 

the mesh used, models, boundary conditions and discretization schemes. 

After the simulation is concluded, there is one final step to execute – the numerical data post-

treatment. This step includes the representation and interpretation of the results. The data can be 

translated by vectors, contours and streamlines, among other options, depending on the ultimate 

goal and features to analyze.  

Being a complex phenomenon, CFD techniques have an important role in the study of mass 

transfer coupled with multiphase flow. Building a solid study-case requires time and also 

knowledge of the advantages and disadvantages of the different numerical techniques. As such, a 

description of numerical works related to mass transfer will be discussed in the following section. 
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2.4 Mass Transfer 

 

When a system is composed by more than one component and their concentrations are not 

uniform, a displacement of mass is expected to minimize the concentration gradients. Mass 

transfer can then be defined as the transport of a solute from a higher to a lower concentration 

region. This transport may occur by two different principles: random molecular motion or 

convection (natural in stagnant fluids and forced in moving fluids).66 Therefore, the mass transfer 

phenomenon is intrinsically related to the fluids flow. In turn, this means that the combined studies 

of hydrodynamics and mass transfer are essential to accurately predict mass concentration fields.  

If a system includes soluble matter attached to the wall and a soluble bubble flowing co-currently 

with a liquid, different steps have to be considered on the overall mass transfer mechanism, 

namely: mass transferred between gas bubble and liquid, as well as solute transfer from the 

soluble wall to the flowing liquid (Figure 1.3).  

In the present work, both of the mass transfer phenomenon mentioned in the previous paragraph 

were addressed and inspected. More specifically, mass transfer between a soluble wall and 

flowing liquid with and without the presence of a Taylor bubble and, also, mass transfer between 

a soluble Taylor bubble and the flowing liquid. A brief review on both topics is made in the 

following subsections. 

 

2.4.1 Wall-liquid mass transfer 

 

2.4.1.1 Macro-scale systems 

 

The first scenario under the scope consists on a tube (conventional dimensions) with a soluble 

wall region. When a fluid flows over a soluble surface, a concentration gradient in the fluid-wall 

interface will appear and a concentration boundary layer will develop. This boundary layer is 

influenced by the hydrodynamic boundary layer generated by the fluid flow over the surface. The 

thickness of both boundary layers, i.e. concentration (𝛿𝑐) and hydrodynamic (𝛿𝐻 ), can be related 

by the following equation 66:  

 

𝛿𝐻 

𝛿𝑐
= Sc1/3                                                                                                                 (2.21) 

 

where Sc =
𝜇

𝜌𝐷𝐿
 represents the Schmidt number, being 𝐷𝐿  the molecular diffusivity of the solute 

in the liquid. 
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According to the boundary layer theory, a thin mass boundary layer induces a lower resistance to 

mass transfer, which leads to a high mass transfer coefficient.  

An aspect that should be considered on this kind of systems is the length of the soluble region. 

Smaller lengths have predominantly a thinner boundary layer since this is still developing and, 

therefore, the mass transfer levels are higher. For longer soluble plates, the boundary layer tends 

to stabilize and the local mass transfer coefficients, from a given length on, tend to become 

constant. 

Furthermore, the presence of a Taylor bubble will change drastically the flow field and the 

corresponding hydrodynamic boundary layer. So, according to equation (2.21), it is expected that 

the bubble presence will also affect the mass transfer between the soluble wall and the flowing 

liquid. A perfect example of this is the experimental work performed by Bellara76 and Cui77, that 

pointed out the effect of bubble sparging on the cleaning of membranes. 

Ghosh and Cui78 studied the effect of the passage of Taylor bubbles on a separation process based 

on an ultrafiltration membrane. According to the different hydrodynamic characteristic regions 

around the bubble (film, wake and liquid slug), the mass flux on the membrane was analyzed and 

grouped. The mass transfer coefficients were predicted and correlated according to the work of 

Dittus and Boelter79.  

For the falling liquid film region around the bubble, the authors predicted the average mass 

transfer coefficient (�̅�𝑓) assuming turbulent regime: 

 

�̅�𝑓 = 0.023(�̅�𝑓𝑖𝑙𝑚
0.8𝐷𝐿

0.67𝑑𝑒𝑞𝑣
−0.2𝜈𝑙

−0.47)                                                                     (2.22) 

 

where �̅�𝑓𝑖𝑙𝑚 corresponds to the average velocity on the liquid film, 𝐷𝐿 to the solute diffusivity in 

the liquid,  𝑑𝑒𝑞𝑣 to the equivalent bubble diameter and 𝜈𝑙 to the kinematic liquid viscosity.  

Below the Taylor bubble, a turbulent zone was also considered (wake). The wake was assumed 

as a stagnant pool where a two-dimensional liquid jet enters. Based on this assumption, the 

average axial velocity at this zone (�̅�𝑎𝑥𝑖𝑎𝑙) was calculated and the average mass transfer 

coefficient (�̅�𝑤) was predicted: 

 

�̅�𝑤 = 0.023(�̅�𝑎𝑥𝑖𝑎𝑙
0.8𝐷𝐿

0.67𝐷−0.2𝜈𝑙
−0.47)                                                                      (2.23) 

 

The liquid slug includes the region below the wake where the liquid is flowing in the upward 

direction. The average coefficient for this region (�̅�𝑙𝑠) was defined according to the Reynolds 

number on the liquid slug (ReLS) and can be translated by the average Sherwood number Sh̅̅ ̅
𝑙𝑠:  

 



 
 

36 
 

Sh̅̅ ̅
𝑙𝑠 = 0.023 ReLS

0.8Sc0.33                                             for  ReLS >2000                        (2.24) 

 

 Sh̅̅ ̅
𝑙𝑠 = 1.62 ReLS

0.33Sc0.33 
𝐷

𝐿 

 0.33
                                   for  ReLS <2000                       (2.25) 

 

where L represents the length and Sh̅̅ ̅
𝑙𝑠 =

�̅�𝑙𝑠 D 

𝐷𝐿
.  

Ghosh and Cui78 assumed several approximations to predict the mass transfer coefficients. The 

authors used approximate models to predict the fluid flow on the three regions around the bubble 

based on simplified velocity models. Correlations 2.22 to 2.25 were set to predict the mass transfer 

coefficients neglecting the fact that the solution of the hydrodynamic and mass fields must be 

obtained simultaneously.  

 

The effect of the bubble passage on the permeate flux in tubular membranes was also studied by 

Taha and Cui73. This numerical work predicted the mass transfer coefficients between the wall 

(membrane) and the flowing liquid. The authors considered a Taylor bubble flowing co-currently 

with the liquid in a vertical tube. CFD techniques based on the VOF methodology to track the 

gas-liquid interface were used to acquire several features such as the bubble shape, velocity fields 

and wall shear stress distribution. A moving frame of reference (MFR) was assumed, where the 

bubble becomes stationary while the walls move with a velocity equal to the bubble. A relation 

between the average wall shear rate along a length L and the corresponding average mass transfer 

coefficient was established and validated with experimental data:  

 

�̅� = 1.62 [
𝑑�̅�𝐷𝐿

𝑑ℎ𝐿 
]

0.33

                                                                                                             (2.26) 

 

where 𝑑 corresponds to the tubular membrane diameter, 𝑑ℎ to the equivalent hydraulic diameter 

of the cell where the membrane is placed and �̅� to the average shear rate at the membrane surface.  

Although this mass transfer study was already supported on the knowledge about the flow field, 

once again, the mass and the hydrodynamic equations/features were solved and estimated 

separately.  

 

The wall-liquid mass transfer in slug flow scenarios was already the subject of a few studies. 

However, most of them did not solved the mass and hydrodynamic fields simultaneously. 

Moreover, the clear effect of the bubble presence in the solute transfer and distribution is still 

debatable. With this work, it is attempted to improve the knowledge on the referred effect by 

presenting a numerical study that couples mass transfer and hydrodynamics. Local and average 
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mass transfer coefficients along the wall were acquired for different regions around the bubble 

while the solute distribution was also studied.  

 

2.4.1.2 Micro-scale systems 

 

The thematic of mass transfer from a soluble wall region to the surrounding flowing liquid in gas-

liquid slug flow systems has also been studied at small dimensions. As previously mentioned, for 

macro and micro-scale systems, the forces that rule the hydrodynamic characteristics are different: 

for micro-scale, surface tension becomes the main governing force of the flow51–53. Besides, one 

of the advantages associated to tubes of small dimensions is the increase on mass transfer rates.   

 

For channels with a diameter between 2-3 mm, Hatziantoniou and Andersson80 developed a semi-

theoretical model to predict mass transfer coefficients due to the bubble passage. The authors 

assumed that the bubble and liquid were in plug flow and evaluated the influence of gas and liquid 

slug lengths and velocities. The following expression was derived from the numerical data and 

validated with experimental work: 

 

Sh = 3.51 (
ReSc

𝐿/𝐷
)

0.44

(
𝐿𝑙

𝐷
)

−0.09

                                                                                                    (2.27) 

 

where L stands for the tube length while Ll is the length of the liquid plug.  
 

 

van Baten and Krishna81 also studied numerically the wall-liquid mass transfer in capillaries with 

diameters between 1.5-3 mm. The study focused on the effects of several features in mass transfer 

rates, i.e. bubble velocity, unit cell length (Taylor bubble + liquid slug), gas holdup, tube diameter 

and liquid film thickness. The authors concluded that the mass transfer rate decreases when the 

bubble is inside the region enclosed by the soluble wall.  

The studies performed at micro-scales usually disregard the different liquid flow patterns, as it is 

usually assumed semi-infinite recirculation zones ahead and below the bubble. Within this thesis, 

it was planned to extend the work already described in the literature to include the effect of the 

different sub-categories in micro-scale slug flow described by Rocha et al.54. 
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2.4.2 Taylor bubble-liquid mass transfer 

 

2.4.2.1 Macro-scale systems 

 

The solute transfer between a bubble and the surrounding liquid is a quite complex phenomenon. 

In order to predict it, there are several documented models in the literature: two-film model82; 

penetration model83; surface renewal model84; film penetration model85  and eddy cell model86, 

among others. 

The present work considered the two-film model and the penetration model as the most suitable 

to justify and describe the gas-liquid mass transfer between a Taylor bubble and the flowing 

liquid. 

The two-film model was proposed by Lewis and Whitman82 and is based on the assumption of a 

stagnant layer at both sides of the gas-liquid interface. This interface is assumed to be in 

thermodynamic equilibrium and the corresponding mass transfer resistance is negligible. So, the 

mass transfer resistances are present only in the referred stagnant layers (or films) - Figure 2.5.  

 

 

Figure 2.5: Illustration of the two-film model in a gas-liquid system: A) mass transfer resistance in both 

liquid and gas phase; B) mass transfer resistance only in the liquid phase (the gas phase is a pure gas).  

 

Since the mass transport in a stagnant fluid is ruled by molecular diffusion, the 1st Fick law is 

applied to predict the mass flux (NA) in those regions: 

 

𝑁𝐴 = −𝑐𝐷
𝜕𝑥𝐴

𝜕𝑧
                                                                                                                               (2.28) 

where 𝑥𝐴 is the molar fraction of solute A.  

The overall mass transfer can be defined by the following equations: 

 

𝑁𝐴 = 𝐾𝐺(𝑝𝐴,𝐺 − 𝑝𝐴,𝐺
∗ )                                                                                                               (2.29) 
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𝑁𝐴 = 𝐾𝐿(𝐶𝐴,𝐿
∗ − 𝐶𝐴,𝐿)                                                                                                               (2.30) 

 

where 𝑝𝐴,𝐺  represents the actual partial pressure of solute A in the bulk of the gas phase and 𝑝𝐴,𝐺
∗  

the partial pressure of A in the gas that would be in thermodynamic equilibrium with a liquid 

where the actual solute concentration is  𝐶𝐴,𝐿 ; 𝐶𝐴,𝐿 is the actual concentration in the liquid bulk 

and 𝐶𝐴,𝐿
∗  the concentration in the liquid that would be in thermodynamic equilibrium with a gas 

where the actual partial pressure is  𝑝𝐴,𝐺 . 𝐾𝐺 and 𝐾𝐿 represent the overall mass transfer 

coefficients based on overall driving forces defined in partial pressure and liquid concentration 

units, respectively. The driving forces in equations (2.29) and (2.30) expresses how far the whole 

system is from a thermodynamic equilibrium state. Furthermore, since there are different ways to 

express mass quantities (mass fractions, concentrations, partial pressure) in both gas and liquid 

phases, there are also different possibilities to define the mass transfer coefficients, which mainly 

differ on the corresponding units applied. Considering the pressure units for the gas phase and the 

concentration for the liquid, the overall coefficients can be related to the individual coefficients 

𝑘𝐺  and 𝑘𝐿 by:  

 

1

𝐾𝐺
=

1

𝑘𝐺
+

𝑚

𝑘𝐿
                                                                                                                          (2.31) 

 

1

𝐾𝐿
=

1

𝑚𝑘𝐺
+

1

𝑘𝐿
                                                                                                                        (2.32) 

 

where m is a variable that relates the gas and liquid concentrations in equilibrium. 

Besides assuming a constant and steady-state mass transfer rate, while the contact between phases 

can imply a transient process (at least partially)87, the main limitation in terms of accuracy of this 

model is related to the real occurrence of stagnant layers. 

 

In the case of mobile interfaces, it is known that the Higbie83 penetration theory can be the most 

appropriate. This approach assumes that the liquid surrounding the interface is composed by 

several small units which are constantly renewed by the bulk liquid flow. It also considers an 

unsteady mass transfer from the gas to the unit liquid element, as long as this element is in direct 

contact with the gas phase. The liquid elements contact with the gas phase during the same period 

of time and, interfacial thermodynamic equilibrium conditions are also assumed.  

According to the model description, the mass flux, NA, at instant t is given by: 

 

𝑁𝐴 = √
𝐷𝐿

𝜋𝑡
(𝐶𝐴,𝑖 − 𝐶𝐴,∞)                                                                                                            (2.33) 
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The mass transfer coefficient 𝑘 at instant t can be defined as: 

 

𝑘 = √
𝐷𝐿

𝜋𝑡
                                                                                                                                     (2.34) 

 

where 𝐷𝐿 denotes the solute diffusion coefficient in the liquid phase, 𝐶𝐴,𝑖 stands for the solute 

concentration at the surface while  𝐶𝐴,∞ represents the concentration at the liquid bulk.  

 

If the contact time is tc, the average mass transfer coefficient during this time interval is then given 

by: 

 

𝑘𝑐 = 2√
𝐷𝐿

𝜋𝑡𝑐
                                                                                                                               (2.35) 

 

This theory has the contact time as the main feature and assumes that 𝑘𝑐 ∝ 𝐷𝐿
1/2

. 

 

Besides the fundamental knowledge expressed by the theoretical models, several experimental 

works have been developed to predict the mass transfer from a soluble bubble to a flowing 

Newtonian liquid.  

Particular emphasis should be given to the work of  Beek and Krammers88, where a study to 

predict the mass transfer from a free surface spherical bubble to a liquid phase is presented. This 

work is based on the penetration theory and considers that the bubble elements that are formed 

on the top are stretched along the path through the interface. Some features like the bubble shape, 

the liquid velocity at the interface and the bubble length must be known to obtain the mass transfer 

coefficients.  

van Heuven and Beek89 studied the rise of carbon dioxide bubbles in narrow tubes (diameter 

between 2.4-4.8 mm) filled with stagnant water. These authors adapted the theory of Higbie83 to 

describe the process and to predict the gas-liquid mass transfer coefficients. Although the gas 

phase consisted on a CO2-N2 mixture, its resistance was neglected and, so, the mass transfer 

resistance was assumed to be present only in the liquid phase. For long bubbles, the authors 

proposed that two types of flows influence the mass transfer: potential flow associated to the 

bubble nose region, and laminar flow in the liquid film flowing around the bubble. Combining 

both contributions, the average mass transfer coefficient was stated as: 
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�̅�𝐿𝐴 = 4(𝜋𝐷𝐿)
1

2 (
𝑔

𝐷
)

1

4
𝐷2 [I(𝑙/𝐷) + (𝑔/𝐷)−1/2

(
𝐷

2
−𝛿)

2

𝐷
(𝑢𝑚𝑎𝑥 + 𝑈𝑏)

𝐿𝑠−𝑙

𝐷
]

1/2

               (2.36)  

 

where 𝑘𝐿 is the liquid side mass transfer coefficient, 𝐴 the slug interfacial area, 𝐷𝐿 the solute 

diffusion coefficient, 𝐷 the tube diameter, 𝛿 the stabilized liquid film thickness, 𝑢𝑚𝑎𝑥  the 

interfacial liquid velocity in the stabilized film, 𝑈𝑠 the bubble rising velocity (relative to the wall), 

𝐿𝑠 the slug length, 𝑙 the distance from the nose to the axial position where the liquid film reaches 

a fully development state, and, I(𝑙/𝐷) is a function of the bubble shape that can be obtained from 

the work of Clift et al.90.  

 

Sena Esteves and Guedes de Carvalho91 experimentally studied the mass transfer from long 

Taylor bubbles flowing in tubes with diameters between 19 and 32 mm for distillated water and 

two glycerol solutions with different concentrations (viscosities between 0.9×10-3-0.14 Pa.s). 

Based on van Heuven and Beek89 equation, the authors developed a correlation to predict the 

average mass transfer coefficients (for bubbles  whose length allows the development of a laminar 

film): 

 

�̅�𝐿𝐴 = 2√
𝐷𝐿(𝑢𝑚𝑎𝑥+𝑈𝑏)

𝜋𝐿𝑠
[𝜋(𝐷 − 2𝛿)𝐿𝑠]                                                                                           (2.37) 

 

Filla92 studied CO2 transfer from Taylor bubbles rising through stationary water and arrived to the 

following expression: 

 

�̅�𝐿𝐴 = 4.59𝐷𝐷𝐿 (
𝑈𝑏𝐷

𝐷𝐿
)

0.5

(
𝐿𝑆

𝐷
)

0.8

                                                                                              (2.38)  

 

The experimental study was performed using a photographic method and keeping the bubble still 

through downward flowing water.  

 

Niranjan et al.93 also determined the mass transfer coefficient from a rising CO2 Taylor bubble 

through the measurement of the pressure variation in the bubble. Using a set of different liquids 

with different viscosities, the following relation was reached: 

 

�̅�𝐿𝐴 = 2.6𝐷𝐷𝐿 (
𝑈𝑏𝐷

𝐷𝐿
)

0.5

(
𝐿𝑠

𝐷
)

0.96

                                                                                             (2.39) 
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The works of Filla92 and Niranjan et al.93 confirmed the theoretically predicted proportionality 

between �̅�L and DL, which is originally associated to the penetration theory. Both correlations are 

valid for systems containing bubbles with a length inferior to 8D and flowing through a stagnant 

liquid.  

From the comparison of the results of the previously mentioned studies, it is important to note 

that the work of Niranjan93 point to an almost independency between mass transfer coefficients 

and bubble length (bubble length between 2D and 8D), which is in conflict with the penetration 

theory: increasing Ls should lead to a decrease in �̅�𝐿. 

 

In a wider phenomenological perspective, Kreutzer94 proposed, and experimentally validated, a 

model that takes in consideration the sequential steps involved in the mass transfer from the gas 

bubble into the wall, i.e., solute transfer from the bubble into the liquid film and from the liquid 

film into the wall. Nevertheless, to correctly apply this model, it is necessary to accurately know 

the thickness of the developed liquid film (hard to acquire experimentally), the liquid slug length 

and also the superficial gas and liquid velocities. 

As previously described, several correlations to predict the Taylor bubble-liquid mass transfer are 

available, however, the majority does not allow the quantification of the local mass transfer 

around the bubble, i.e., it is not allowed to assess the mass transfer behavior in the different 

regions of the liquid flow (nose, film and tail/wake regions). In the present thesis, the importance 

of the different regions was detailed, and the solute transferred quantified.  

 

2.4.2.2 Micro-scale systems 

 

In small channels, some relevant studies involving the solute transfer from a Taylor bubble to the 

surrounding liquid were also performed. Bercic and Pintar95 presented an experimental study on 

capillaries where global mass transfer coefficients were measured for the absorption of methane 

in water. These coefficients were acquired assuming that the liquid is in plug flow and that the 

solute is in constant equilibrium in both phases. van Baten and Krishna96 used CFD tools and a 

simplified void bubble geometry to study the gas-liquid mass transfer in capillaries. The 

numerical data was successfully compared with a simplified model developed by the authors that 

accounts for the mass transfer around the bubble. In the model, the authors separated the mass 

transfer in the nose and film regions: the mass transfer was modeled by the Higbie theory in both 

regions. The following correlation combining both contributions was presented: 

 

�̅�𝐿𝑎 = �̅�𝐿,𝑐𝑎𝑝𝑎𝑐𝑎𝑝 + �̅�𝐿,𝑓𝑖𝑙𝑚𝑎𝑓𝑖𝑙𝑚 =
2√2

𝜋
√

𝐷𝐿𝑈𝑏

𝐷

4

𝐿𝑢𝑐
+

2

√𝜋
√

𝐷𝐿𝑈𝑏

𝐺𝐿𝑢𝑐

4 𝐺

𝐷
                                     (2.40) 
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where a stands for the interfacial area per volume unit, Luc for the unit cell length and 휀𝐺 for the 

gas holdup.  

Vandu and colleagues97 experimentally validated the work of van Baten and Krishna96 using air 

bubbles flowing through water. Assuming short contact times and the film as the main contributor 

to the mass transfer rate, these authors developed a new expression:  

 

�̅�𝐿𝑎 = 4.5√
𝐷𝐿𝑈𝐺

𝐿𝑢𝑐

1

𝐷
                                                                                                        (2.41) 

 

where UG corresponds to the superficial gas velocity and Luc to the length of the unit cell (Taylor 

bubble + liquid slug). The authors estimated a parameter value of 4.5 in equation (2.41) for the 

system air-water. It was also shown the dependence between mass transfer and channel dimension 

for short contact times.  

 

The CO2 absorption in alkaline solutions with and without reaction in the liquid phase was studied 

by Shao and coworkers98. Based on CFD techniques, the authors solved both gas and liquid flow 

fields. This work demonstrates that mass transfer depends on the bubble velocity, bubble and 

liquid slug length as well as on the tube diameter.  

Through Direct Numerical Simulation (DNS), Hassanvand and Hashemabadi99 solved the mass 

transfer between a Taylor bubble and the flowing liquid imposing a tracer to all domain. At the 

interphase cells, an internal boundary condition was used to define the equilibrium concentration. 

Some artificial diffusion was detected and, so, the two-film mass transfer theory was used to 

modify the advection scheme and solve the tracer conservation equation. The authors studied the 

mass transfer for high and low Capillary numbers. 

Ganaphathy100 also studied the CO2 absorption in milli/micro-channels using a numerical method 

based only on theoretical approaches. This study considers an entire reactor, however, it also 

decouples the hydrodynamic and mass transfer mechanisms and the equations for each are solved 

separately. 

Jia and colleagues101 applied ANSYS Fluent to study the dissolution of CO2 bubbles in methanol 

and also in ethanol. The work of Bothe and Fleckenstein102 was used to define and set the 

interfacial mass transfer rate. Then, the bubble volume change was used to predict the mass 

transfer coefficients. According to the results, the mass transfer along the film is dominant when 

dissolution occurs but loses impact as the film thickness increases. The authors also concluded 

that the available correlations to predict mass transfer were not suitable for strong dissolution and 

significant volume change conditions.  
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Nomenclature 

𝑎 interfacial area per volume unit m2.m-3 

𝐴 interfacial area  m2 

𝐵𝑖 mass source defined by user kg.m-3s-1 

𝑐 concentration  kg.m-3 

𝑐∗ saturation concentration  kg.m-3 

𝐶𝐴,𝐼 concentration at the interface mol.m-3 

𝐶𝐴,𝐿 concentration in the liquid mol.m-3 

𝐶𝐴,𝐿 ∗ concentration in the liquid in 

equilibrium with a gas where 

the partial pressure is 𝑝𝐴,𝐺 

mol.m-3 

d membrane tube diameter m 

𝐷 tube diameter m 

𝑑𝑒𝑞𝑣 equivalent bubble diameter m 

𝑑ℎ equivalent hydraulic diameter m 

𝐷𝐿 coefficient of diffusion m2.s-1 

𝐸 Energy J 

�⃗� external body force N 

�⃗�𝑠𝑦𝑠 sum of all forces on the system N 

𝑔 gravitational acceleration m2.s-1 

ℎ𝑗 enthalpy  J.kg-1 

𝐼(𝑙/𝐷) function of the bubble shape  

𝐽𝑖 diffusive flux of specie i kg.m-2s-1 

�̅�𝑓 average mass transfer on the 

film 

m.s-1 

𝑘𝐿 mass transfer coefficient for the 

liquid phase  

m.s-1 

�̅�𝐿 average/global mass transfer 

coefficient for the liquid phase 

m.s-1 

𝑘𝐿𝐴 volumetric liquid side mass 

transfer coefficient  

m3s-1 

�̅�𝑙𝑠 average mass transfer on liquid 

plug 

m.s-1 
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�̅�𝑤 average mass transfer on the 

wake 

m.s-1 

𝑙 distance from the nose tip to 

the liquid film fully developed 

m 

𝐿 tube length m 

𝐿𝐶 characteristic length m 

𝐿𝑙 length of the liquid plug m 

𝐿𝑙 distance between leading and 

trailing bubble 

m 

𝐿𝑚 membrane length  m 

𝐿𝑚𝑖𝑛 stabilization length below the 

bubble  

m 

𝐿𝑠 slug length m 

𝐿𝑈𝐶 length of unit cell m 

𝐿𝑤 wake length m 

�⃗⃗� normal vector  

𝑁𝐴 mass transfer rate kg.s-1 

𝑝 static pressure Pa 

𝑝𝐴,𝐺 partial pressure of solute A in 

the gas phase 

Pa 

𝑝𝐴,𝐺
∗  partial pressure of A in the gas 

in equilibrium with a liquid 

where the solute concentration 

is 𝐶𝐴,𝐿  

Pa 

𝑟 radial coordinate m 

𝑅 Radius m 

𝑅𝑖 net rate production of specie i kg.m-3s-1 

𝑆ℎ heat source W.m-3 

𝑆𝑚 mass source kg.m-3s-1 

𝑡 Time s 

𝑇 temperature K 

𝑡𝑐 gas-liquid contact time s 

𝑢 velocity  m.s-1 

�⃗⃗� velocity vector m.s-1 

�̅� average velocity m.s-1 

𝑢 liquid velocity at the interface  m.s-1 
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GREEK LETTERS 

𝛼 volume fraction   

𝛼𝐺 volume fraction of gas phase  

𝛼𝐿 volume fraction of liquid 

phase 

 

�̅� average shear rate s-1 

𝛿 film thickness m 

𝛿𝑐 thickness of the concentration 

boundary layer 

m 

𝛿𝐻 film thickness of the 

hydrodinamic boundary layer 

m 

휀𝐺 gas hold-up  

𝜅𝑒𝑓𝑓 effective conductivity W/(m.K) 

𝜇 viscosity Pa.s 

𝜇𝐺  viscosity of the gas Pa.s 

𝜇𝐿 viscosity of the liquid Pa.s 

𝜌 density kg.m-3 

𝜌𝐺 density of the gas kg.m-3 

𝑈∞ bubble  rising velocity through 

stagnant liquid  

m.s-1 

�̅�𝑎𝑥𝑖𝑎𝑙 average axial velocity  m.s-1 

 𝑈𝑏 bubble rising velocity m.s-1 

 𝑈𝑏𝑙 rising  velocity  of the leading 

bubble 

m.s-1 

 𝑈𝑏𝑡  rising  velocity  of the trailing 

bubble 

m.s-1 

�̅�𝑓𝑖𝑙𝑚 average velocity of the film m.s-1 

𝑈𝐺  superficial velocity of gas 

phase 

m.s-1 

�̅�𝐿  liquid average velocity  m.s-1 

𝑢𝑡 sum of the two-phases 

superficial velocity 

m.s-1 

𝑦𝑖 local mass fraction of specie i --- 

𝑍′ stabilization length above the 

nose 

m 
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𝜌𝐿 density of the liquid kg.m-3 

𝜎 surface tension N.m-1 

𝜐 kinematic viscosity m2.s-1 

�̿� stress-strain tensor Pa 

𝜏𝑤 wall shear stress Pa 

 

DIMENSIONLESS GROUPS 

Ca Capillary number  

Ca𝐵 Capillary number considering 

the bubble velocity 

 

Ca𝑇 Capillary number considering 

the superficial velocity of gas 

and liquid 

 

Co Courant number  

Eo Eötvös number  

Fr Froude number  

M Morton number  

N𝑓 Inverse viscosity number  

Re Reynolds number  

Re𝐵 Reynolds number considering 

the bubble velocity 

 

Re𝐿𝑆 Reynolds number considering 

the liquid slug velocity 

 

Sc Schmidt number  

Sh Sherwood number  

We Webber number  
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Abstract  

Organic matter deposition on internal surfaces constitutes a drawback that frequently affects 

the efficiency of several industrial processes. To overcome this problem, sparging a train of 

bubbles could be useful since its presence strongly increases the wall shear stress. A detailed 

numerical study on the mass transfer between a finite soluble wall and the liquid around a 

rising Taylor bubble was performed by solving simultaneously velocity and concentration fields. 

The bubble passage throws solute backwards and is responsible by radial dispersion. There is 

also an increase in the transfer rate with enhancements between 10-20% (depending on the 

liquid average velocity and bubble length) compared to single phase flow. Mass transfer 

coefficients along the different hydrodynamic regions around the bubble - nose, liquid film and 

wake – were characterized and their values compared with those from literature. The results 

suggest a promising potential of bubble train flow to enhance organic matter removal from 

walls in biological systems. 

 

 

3.1 Introduction 

 

Mass transfer has a significant role in the majority of chemical and biological industrial processes. 

Important examples are the fuel cells for energy production1–3,  biofilm control4, biological 

processes like the blood oxygenation5, and wastewater treatment processes6–10, among several 

others. For many biological processes, there is a common need to clean the organic matter 

deposited along the walls of equipment. A typical example are the medical devices11, where 

channels with small dimensions are important components. These devices deal with biological 

material and, as a consequence, are in contact with a community of microorganisms that can 

adhere to their walls. Microorganisms in these communities have the ability to form biofilms from 

one or more bacteria and fungi species. Biofilms can grow and mature leading to clogged 

channels, which in turn causes several problems of equipment maintenance. Even more serious is 

the possibility of becoming the source of hospital infections. To control the biofilm formation, 

the wall shear stress and nutrient transport are important factors that have to be considered.11,12 

The cleaning of deposited organic matter is also very important in pressure driven membrane 

modules used to guarantee water purification. Fouling on the membranes drastically reduces the 

efficiency of the process and, to mitigate this problem, it is possible to perform a chemical 

cleaning. However, this option carries several disadvantages since it impairs membrane 

selectivity, shortens the membrane life, consumes additional energy and produces concentrated 

waste streams13. To avoid these issues, a viable alternative is the injection of gas to clean the 

walls. 
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According to Taitel et al., 14, when gas and liquid are rising together in a vertical tube, one of four 

major flow patterns occurs: bubbly, slug, churn or annular flow. The occurrence of these different 

patterns mainly depend on the properties of the fluids (viscosities, densities, surface tension), on 

the geometric parameters (diameter and orientation of the tube) and on the flow rate of the 

different phases. The use of gas-liquid slug flow in cleaning surfaces has proven itself to be quite 

efficient due to the high wall shear stresses promoted by the bubbles movement15. Therefore our 

focus will be placed on slug flow, due to its unique hydrodynamic features, which are also relevant 

in many other industrial and practical applications: hydrocarbons transport, heat and mass transfer 

in chemical reactors (i.e. airlifts), thermal and geothermal power plants  and  even in micro-flow 

field16–18. 

The most recognizable characteristic of slug flow is the presence of Taylor or slug bubbles, i.e., 

large bubbles that fill most of the cross section of the tube. Due to buoyancy, these bubbles move 

faster than the liquid phase, displacing it as they rise. This originates regions in the surrounding 

liquid with different flow characteristics (see Figure 3.1): 1- around the bubble nose, the liquid 

velocity field is disturbed up to a certain distance above of its tip (Z’); 2- an annular film flowing 

downwards between the wall and the gas-liquid interface is formed and, if the bubble is long 

enough, its thickness (𝛿) and velocity profile stabilize and a fully developed film is established; 

3- immediately below the bubble bottom normally there is a wake region. This wake can be 

laminar (closed and axisymmetric), transitional (closed without symmetry) or turbulent (open 

with liquid shedding) and is promoted by the expansion of the liquid film flowing alongside the 

Taylor bubble.  In a closed wake, there is no convective exchange between the wake and the liquid 

flowing around, while in an open wake, the liquid coming from the film arrives to the bubble rear 

and it plunges in a somewhat chaotic way into the liquid that is rising up in the wake.   

 Following the wake, the liquid restores its undisturbed velocity profile 19,20.  

 

Figure 3.1: Illustration of the flow regions and main hydrodynamic features involved in the rise of a Taylor 

bubble (adapted from Araújo et al., 2012)19. 
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The hydrodynamic features involved in the flow of a Taylor bubble have been analyzed through 

several numerical and experimental studies 17,19,21–23.  These features are a result of the interaction 

between viscous, inertial, interfacial and gravitational forces, which can be translated by three 

main dimensionless groups:  

- Morton number or property group,  M =
𝑔𝜇𝐿

4(𝜌𝐿−𝜌𝐺)

𝜌𝐿
2𝜎3 ;  

- Eötvös number, Eo =
𝑔(𝜌𝐿−𝜌𝐺)𝐷2

𝜎
;  

- Froude number, Fr =
𝑈∞

√𝑔𝐷(𝜌𝐿−𝜌𝐺)/𝜌𝐿

. 

Sherwood and Schmidt numbers are the most relevant dimensionless groups related to mass 

transfer phenomena. The Sherwood number (Sh =
𝑘.𝐿

𝐷𝑚
) represents the ratio between convective 

and the diffusive rates, while the Schmidt number (Sc =
𝜇

𝜌.𝐷𝑚
) represents the ratio between 

momentum diffusion (viscosity) and mass diffusion rates. 

Mass transfer is highly dependent on the hydrodynamic characteristics of the flow24, and since 

there are distinct flow regions surrounding a Taylor bubble, they will have different effects in the 

organic matter exchanges involved in a biological system. Specifically, it is necessary to study 

the solid-liquid mass transfer coefficients in these regions to learn how to efficiently control the 

growth and removal of organic matter from the tube wall.  

Some studies have already tried to establish the relation between hydrodynamic conditions and 

mass transfer coefficients from the wall to the surrounding liquid. In order to model the gas-

sparged ultrafiltration, Ghosh and Cui15 used the different hydrodynamic patterns around the 

bubble to differentiate three zones (film, wake and liquid slug). For each one, the authors 

established correlations (adapted from Dittus and Bolton25) between the mass transfer and the 

average liquid velocity obtained by approximated hydrodynamic models. A few years later, Taha 

and Cui 26 explored Computational Fluid Dynamics (CFD) techniques to predict the mass transfer 

coefficients between the wall (membrane) and the liquid in the presence of a Taylor bubble. Based 

on the VOF methodology, the velocity field around a bubble flowing with a co-current fluid was 

determined. Then, a correlation between the mean wall shear stress and the mean mass transfer 

coefficient was established and validated with experimental data. A clear shortcoming of both 

referred works is that mass balance and hydrodynamics were solved separately when they are 

quite intrinsic, and so, no local mass transfer coefficients can be calculated. 

 

The present work takes advantage of the knowledge already gathered by the research group about 

hydrodynamics of two-phase flow systems19,22,27,28 to quantify and study in detail wall-liquid mass 

transfer mechanisms in slug flow. To reach this main goal it is crucial solving simultaneously 

both mass and hydrodynamic field trough numerical methods. This will allow a better 
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understanding on how the bubble presence affects the mass transfer phenomena between a finite 

soluble plate and the bulk solution. This knowledge can be, in the future, transposed to enable an 

efficient cleaning of organic matter deposited along a tube wall.    

 

 

3.2 Materials and methods 

 

A CFD study to thoroughly understand the influence of Taylor bubbles rise in the mass transfer 

from a soluble wall to a flowing liquid is presented in this manuscript. This study was performed 

with the help of the commercial package ANSYS Fluent (version 15.0) and the simulations were 

divided into three successive stages: 1) rise of a single Taylor bubble through a liquid in a vertical 

tube (frame of reference attached to the bubble—moving frame reference—MFR); 2) mass 

transfer from a finite soluble wall to a flowing liquid (fixed frame of reference – FFR); 3) mass 

transfer from a finite soluble wall to a flowing liquid in the presence of a Taylor bubble (FFR). 

 

The entire set of simulations was performed in axisymmetric two-dimensional domains 

representing half of a cylindrical tube with a diameter (D) of 2.07 x 10-2 m. The length of the tube 

was defined according to the necessities of each system, i.e., smaller lengths for MFR (11D) and 

larger lengths for FFR (30.5D). The domain and boundary conditions types are represented in 

Figure 3.2. 
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Figure 3.2: Representation of the domain and boundary conditions types for the systems established in 

each stage of the study. 

 

Several solver options were common to the aforementioned stages of the study: the discretized 

velocity-pressure coupled equations were solved by Pressure-implicit with splitting of operators 

(PISO) scheme and for the pressure interpolations the PRESTO! method was used; for the 

momentum equation the “QUICK” method was employed; the discretized gradients of the scalars 

were computed through the “least squares cell based” method. The values of the residuals for 

momentum and continuity equations were monitored and set lower than 10-6, as a convergence 

criterion for each time step. All simulations were conducted by a pressure-based solver in transient 

state. 

 

The governing equations can be found in the available software literature 29 and further methods 

description is available in the work of Araujo et al.19 and of Taha and Cui 26 . 

The continuity (eq.3.1) and momentum (eq. 3.2) equations are expressed below and were solved 

for isothermal and incompressible systems30. 
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𝜕

𝜕𝑡
(𝜌) + ∇. (𝜌 �⃗�) = 0                                                                                                                    (3.1)        

 

𝜕

𝜕𝑡
(𝜌 �⃗�) + ∇. (𝜌 �⃗��⃗�) = −∇𝑝 + ∇. (𝜏̿) + 𝜌�⃗� + �⃗�                                                                           (3.2) 

 

where 𝑝 stands for the static pressure, 𝜌 for the density, 𝜌�⃗� for the gravitational forces, �⃗� for the 

external body forces, and �̿� is the stress-strain tensor. 

 

 

3.2.1 Hydrodynamic simulations 

 

A system with an individual Taylor bubble rising through a vertical column of co-current 

Newtonian fluid (Eo = 95 and a M= 5.30×10-5) was solved.  The simulation of this system allowed 

the identification of the hydrodynamic characteristics in slug flow while also making sure that the 

adopted parameters and solver options were appropriate. 

As already mentioned, the simulations were performed assuming a reference frame attached to 

the bubble (MFR - moving frame reference).  

A first estimate of the bubble rising velocity in the scenarios with stagnant liquid ( 𝑢𝑏,𝑠𝑡) was 

obtained from Wallis correlation31: 

 

Fr =
𝑢𝑏,𝑠𝑡

√𝑔𝐷
= 0.345 (1 − 𝑒

−0.01Nf

0.345 ) (1 − 𝑒
3.37−E0

𝑚 )                                                                          (3.3) 

 

where 𝑚 = 25 for Nf< 180;  𝑚 = 69. Nf
−0.35 for 18 < Nf< 250; and 𝑚 = 10 for  Nf> 250. 

According to Nicklin32, for co-current slug flow systems in laminar regime, the undisturbed 

bubble velocity can be estimated by: 

 

𝑢𝑏 = 𝑢𝑏,𝑠𝑡 + 2�̅�𝑙                                                                                                                            (3.4) 

 

where �̅�𝑙 is the mean liquid velocity. So, the relative velocity between the bubble and the liquid 

is: 

 

𝑢𝑟𝑒𝑙(𝑟) = 𝑢𝑏 − 𝑢𝑙(𝑟)                                                                                                                    (3.5) 

 

where 𝑢𝑙(𝑟) represents the parabolic profile in the liquid flowing in laminar regime. 
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At the top of the domain, in a MFR attached to the bubble, an inlet liquid boundary condition was 

imposed through a velocity profile equal to 𝑢𝑟𝑒𝑙(𝑟). 

If the imposed value of the bubble velocity is correct, these conditions allow the bubble to become 

motionless. The condition of no-slip was also applied at the wall and, at the tube axis, symmetry 

conditions were used (normal gradients equal to zero).  The outlet of the system (bottom of the 

domain) was defined as an outflow boundary condition.  

The simulation was initiated with zero velocity on the fluid inside the domain. The bubble was 

placed on the middle of the domain and its initial shape was approximated by a quarter of a circle 

(bubble front) linked to a rectangle (bubble body) with a width equal to the circle radius 

(axisymmetric domain). 

 

In the two-phase systems addressed, the gas-liquid interface was tracked with the VOF (Volume 

of a Fluid) method coupled with the geometric reconstruction scheme (eq.3.6)33 for the gas 

volume fraction (𝛼𝐺). 

 

𝜕

𝜕𝑡
(𝛼𝐺) + �⃗�. ∇𝛼𝐺 = 0                                                                                                              (3.6) 

 

The liquid volume fraction was solved through equation 3.7. 

 

𝛼𝐿 + 𝛼𝐺 = 1                                                                                                                              (3.7) 

 

This methodology has already been applied with success to numerical studies of the motion of 

Taylor bubbles in flowing liquids 16,19,26. The continuum surface model34 was chosen to solve the 

effect of the surface tension in the gas-liquid interface.  

The implicit body force treatment was also used to avoid convergence problems and guarantee 

robust solutions. The equations were solved with an explicit time-marching scheme assuming a 

maximum Courant number of 0.2519,26. The time step applied was variable and ruled by the 

Courant number. The Courant number (Co =
∆𝑡

∆𝑥/𝑣
) defines the time step (∆𝑡 ) accordingly to the 

cells size (∆𝑥) and the velocity magnitude (𝑣). This hydrodynamic simulation was performed in 

a mesh with 52x1144 elements already validated in literature19. 
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3.2.2 Mass transfer simulations 

 

To solve the mass transfer phenomena, numerical studies were performed through the “species 

transport” model already implemented in ANSYS Fluent 15.0. The solver predicts the local mass 

fraction of each species ( 𝑌𝑖) by solving mass conservation equations for each i th (equation 3.8). 

 

𝜕

𝜕𝑡
(𝜌𝑌𝑖) + ∇. (𝜌�⃗�𝑌𝑖) = −∇. 𝐽𝑖

⃗⃗⃗ + 𝑅𝑖 + 𝐵𝑖                                                                            (3.8) 

 

where 𝐽𝑖
⃗⃗⃗  stands for the diffusive flux of species i, 𝑅𝑖 is the net rate production of species i, and 𝐵𝑖 

the mass source defined by the user.  

 

 

3.2.2.1 Single-phase flow with mass transfer  

 

Simulations were performed in order to evaluate the mass transfer occurring between a finite 

soluble wall and a single-phase flowing liquid. The results of this preliminary set of simulations 

will also be used as the initial condition for the solute concentration field in the corresponding 

simulations of biphasic systems with mass transfer. The soluble material chosen was the benzoic 

acid which is highly soluble in aqueous solutions and data on its physical properties is abundant 

35. 
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Table 3.1: Compilation of the conditions applied in the simulations for mass transfer from the soluble wall 

to the monophasic bulk fluid. 

System u (m/s) L/D 

Basal 

concentration 

(c/c*)x100 

A 5.0x10-2 0.25 0 

B 5.0x10-2 0.50 0 

C  5.0x10-2 1.00 0 

D 5.0x10-2 2.00 0 

E 5.0x10-2 6.00 0 

F 5.0x10-2 10.0 0 

G 5.0x10-2 30.5 0 

H 1.0x10-1 0.25 0 

I 1.0x10-1 0.50 0 

J 1.0x10-1 1.00 0 

K 1.0x10-1 2.00 0 

L 1.0x10-1 6.00 0 

M 1.0x10-1 10.0 0 

N 1.0x10-1 30.5 0 

O 2.0x10-1 0.50 0 

P 1.0x10-1 0.50 20% 

Q 1.0x10-1 0.50 40% 

 

In this type of simulations, the frame of reference was fixed, and so, the wall was now stationary. 

This change in the referential is made to ensure that the mass transfer equation is correctly solved 

since it is dependent on the velocity magnitude. The liquid inlet was moved to the bottom of the 

domain with a parabolic velocity profile characteristic of Newtonian fluid flow in laminar regime. 

 

At this stage, the effects of different parameters were analyzed, namely: the liquid velocity (u), 

the soluble plate length (L/D) and the initial concentration of benzoic acid in the fluid - Table 3.1. 

The wall of the tube was divided into three slices: a lower and upper portion of the wall is 

insoluble and, between them, a section of soluble wall was considered (see Figure 3.2). In the 

insoluble walls, a zero diffusive flux was set, while at the soluble wall, the value of solubility of 

benzoic acid was fixed as a constant.  A no-slip condition was applied to all walls.   
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The system was initialized with zero velocity field and the respective basal concentration on the 

fluid (see Table 3.1). 

 The species transport equations were solved defining the liquid (ρ=1272 kg/m3 µ=0.045kg/(m.s)) 

as the primary phase and benzoic acid as the secondary with a molecular diffusion coefficient 

(Dm) of 1.0x10-9 m2/s and a solubility (c*) of 3.44 kg/m3.  The simulations were stopped after the 

molar fraction field of solute reached a stationary state throughout the entire domain.  

 

 

3.2.2.2 Gas-liquid slug flow with mass transfer  

 

To predict the bubble influence on the mass transfer between the soluble wall and the liquid, the 

flow and the species transport models were solved simultaneously.  

 Based on the results obtained for wall-liquid mass transfer in single phase, an increase of the 

liquid velocity near the soluble wall should provide a higher mass transfer rate but a lower contact 

time. On the other hand, the longer the soluble plate is, the smaller should be the average mass 

transfer coefficient since the mass boundary layer inlet length effect (where the local mass transfer 

coefficients are high) becomes diluted.  Having these considerations in mind, a system with a 

soluble wall with a length L of 2.00D (in a total tube length of 30.5D) and an average liquid 

velocity of u= 5x10-2 m/s was chosen as the reference case for the study of mass transfer between 

the wall and the liquid in the presence of a rising Taylor bubble.   

The simulations covered systems with different values of average liquid velocity (ranging from 

2.5x10-4 and 5.0x10-2 m/s) and bubble sizes (2.2D and 3.8D) in order to evaluate the effects of 

these parameters on the mass transfer phenomena. These systems are also characterized by Eo = 

95 and M = 5.30 x10-5. 

In these simulations, once again the bubble shape was initialized with a quarter of a circle linked 

to a rectangle with a width equal to the circle radius (axisymmetric domain). The initial bubble 

shape was placed near the inlet (bottom of the computation domain) and it was allowed to 

naturally move upwards through the tube while adjusting its shape accordingly to the parameters 

that define this system. The domain has the sufficient tube length so that when the bubble reaches 

the soluble plate, it has already assumed its definitive shape and the hydrodynamic features of its 

surroundings are stabilized. 

The bubble flow was introduced and simulated after both, concentration and velocity fields, 

reached a stationary state for single phase flow inside the domain. As previously mentioned, the 

simulations from the mass transfer on monophasic systems were used as the starting point for this 

new set of simulations. 
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3.3 Method validation 

 

3.3.1 Preliminary Results 

 

The first and second stages of the work concern preliminary studies to validate the numerical 

methodology applied. Furthermore, regarding the mass transfer studies, there was a necessity for 

mesh refinement near the tube wall due to the higher concentration gradient that will be allocated 

near the soluble wall. So, mesh density tests were performed to guarantee mesh independent 

results. 

 

3.3.2 Hydrodynamic simulations 

 

3.3.2.1 Main hydrodynamic parameters 

 

The gas-liquid flow was simulated for a M=5.30 x10-5 and Eo= 95 with liquid flowing in co-

current with an average velocity u=5x10-2 m/s. The bubble influence zone (Z’) was determined to 

be comprised between 0.46D ahead of the nose and 2.1D (Lmin) below the rear. The volume 

between the bubble rear and the streamline that encloses the wake (wake volume-Vw) and the 

distance, measured in the axis, from the bubble bottom to the enclosing streamline (wake length- 

Lw) are 0.28D3 and 0.98D, respectively. These values are slightly superior, but in the same order 

of magnitude (deviations less than 22%), to those given by the correlations developed for the 

bubble motion trough stationary liquid by Araújo and coworkers19. 

The developed film thickness is about 0.085D with a deviation of 3% from the equation of 

Brown36: 

 

𝛿 = [
3𝑣

2𝑔(𝑅−𝛿)
(𝑢𝑏(𝑅 − 𝛿)2 − 𝑢𝑙𝑅2)]

1/3

                                                                             (3.9) 

 

 

3.3.2.2. Wall shear stress 

 

The wall shear stress (τw) is a determinant variable for the improvement of the solute removal 

from the walls. Due to this, a first set of experiments, without the bubble presence, were 

performed to evaluate the wall shear stress promoted by the liquid flow.  

From the comparison between the values of  𝜏𝑤/𝜌𝐿𝑔𝐷 without/with the bubble presence (Figure 

3.3), it can be inferred a huge increase of the wall shear stress imposed by the bubble flow.  
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The typical evolution of the wall shear stress on a Taylor bubble surroundings can be seen in 

Figure 3.3: it starts increasing around the bubble nose and has its maximum value in the film 

region. After the bubble rear, the wall shear stress decreases until it recovers the levels for single 

phase flow. 

 

 

Figure 3.3: a- Numerical dimensionless wall shear stress for different liquid velocities in the presence of 

a bubble with 2.2D of length; b- Numerical dimensionless wall shear stress in the presence of bubbles of 

different length (u=5.0x10-2 m/s).  zn is the bubble nose position. 

 

   

3.3.3 Mesh density test  

 

The use of an appropriate mesh density is essential to ensure a good accuracy of the numerical 

results. The structured grid applied in the first stage of the work (uniform density of 52x1144 

elements19) was used as reference to solve the flow and mass conservative equations. Starting 

from this grid, three different meshes were created with extra refinements close to the wall in 

order to correctly predict the mass transfer rate of the soluble species. The number of nodes of 

these meshes can be found in Table 3.2.  Each mesh was divided into three regions: one near the 

wall with a higher concentration of elements (a cell density four times higher than the bulk and 

with a width approximatelly equal to the developed film thickness), a bulk/central region with 

lower density of cells containing the majority of the tube, and an intermediate zone to ensure a 

smooth transition between the two referred regions. The aspect ratio for the divisions was always 

around one. An illustration of an axial slice of the meshes is presented in Figure 3.4. 

 

Figure 3.4: Representation of grid_2 in an axial slice. 
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Table 3.2: Number of nodes for the different meshes considered in the mesh tests. 

 nodes r nodes z 

 

grid_1 

 

 

69 

1895 Bulk 

2x1895 Middle 

4x1895 Near wall 

 

grid_2 

 

137 

3789 Bulk 

2x3789 Middle 

4x3789 Near wall 

 

grid_3 

 

273 

7577 Bulk 

2x7577 Middle 

4x7577 Near wall 

 

 

In Figure 3.5, normalized radial concentration profiles on the soluble zone (for the axial position 

z=0.15D after the onset of soluble wall) and values of local mass transfer coefficients were 

compared for the different meshes using a system with an u=1.0x10-1 m/s and a soluble plate with 

a length of 0.25D. 

The local mass transfer coefficients (k) depend on the diffusivity, solubility, bulk concentration 

and concentration gradient near the wall (equation 3.10). To estimate this gradient, the slopes for 

the concentration profiles in the region closer to the wall were determined (using at least 4 nodes). 

The results of k are presented in Figure 3.5b. 
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Figure 3.5: a-Dimensionless concentration radial profiles for different meshes in the soluble region; b-

Local mass transfer coefficients along the soluble wall for different meshes (z0 is the soluble plate onset). 

The system concerned on this figure has a soluble plate of 0.25D and a u=1.0x10-1 m/s. 

 

The local mass transfer coefficients obtained with grid_1 show significant deviations to the ones 

obtained with refined meshes, proving the inadequacy of this grid. Between grids 2 and 3 only 

slight differences between the values of k are registered (below 4%). According to these results, 

grid_2 was chosen to solve the conservative equations since it allows a reduction of the simulation 

time, granting at the same time accurate solutions. 

 

 

3.3.4 Mass transfer studies validation 

 

The validation of the methods applied in the mass transfer simulations was performed in different 

stages: through mass transfer coefficients data taken from the literature and also through the 

analysis of the effects of different variables (velocity and soluble wall length). As already 

mentioned, for the mass transfer in single phase flow systems, different liquid velocities and 

soluble wall lengths were used, always ensuring that the flow regime was laminar. 

In Figure 3.6a, the local mass transfer coefficients obtained for single phase systems with different 

liquid velocities and soluble wall lengths are represented. To help understanding the behavior of 

this parameter, the mass boundary layer concept should be taken in consideration. 

Similarly to the velocity field, there is also a concentration boundary layer characterized by the 

concentration variation along the normal direction to the surface. The smaller lengths of the 

soluble plate concern the boundary layer development where the mass transfer is higher. As the 

length of the soluble section increases, the local mass transfer coefficients should tend to decrease. 

The value of this coefficient will become constant if enough length is considered allowing the 

stabilization of the boundary layer. 
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Regarding the results plotted in Figure 3.6a, the values for the local mass transfer coefficients are 

grouped according to the average liquid velocities. The alteration of the local hydrodynamic 

conditions will alter the mass transfer rates: higher velocities will enhance the mass transfer rate.  

 

 

Figure 3.6: a-Local mass transfer coefficients for systems with different velocities and lengths of the 

soluble wall; b-Average mass transfer coefficients acquired numerically (squares) and through equations 

3.11  and 3.12(lines). 

 

An average mass transfer coefficient (�̅�) was defined by integration of the local coefficients along 

the soluble wall (eq. 3.11). 

 

�̅� =
1

𝐿
∫ 𝑘 d𝑧

𝑧𝑧

𝑧0
                                                                                                                                       (3.11)       

     

Looking at the data in Figure 3.6b, it can be settled that the increase of the soluble wall length 

leads to a higher influence of the zone where the mass boundary is thicker and, by that reason, the 

average mass transfer coefficients decrease. As the liquid velocity increases, the mass boundary 

layer thickness decreases leading to a decrease of the mass transfer resistance and an increase of 

the mass transfer coefficients and rates. These results are in agreement with the theoretical 

description mentioned above.  

 

The average coefficients presented in Figure 3.6b were also compared with correlations from the 

literature37:  

 

𝑆ℎ = 1.077𝑅𝑒1/3𝑆𝑐1/3 (
𝐷

𝐿
)

1/3

                                                                                         (3.12) 

 

where, by definition of Sherwood number (Sh) is: 
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�̅� =
𝑆ℎ .𝐷𝑚

𝐷
                                                                                                                              (3.13)                                              

 

The values of �̅� estimated from equations 3.12 and 3.13 are also plotted in Figure 3.6b together 

with the numerical data. For soluble wall lengths higher than 2D, the deviations between data 

from equation 3.12 and numerical values are less than 6%.  

 

 

3.4 Results and discussion 

 

 

3.4.1 Analysis of the solute concentration profiles 

 

3.4.1.1 Bubble flow effects  

 

The analysis of the effects of a rising Taylor bubble in the wall-liquid mass transfer started with 

a system characterized by a soluble wall length of 2D, a u of 5.0x10-2 m/s and a bubble with 2.2D.  

As the developed bubble approaches the soluble section, the effects of the liquid flow patterns 

around the bubble on the mass transfer start to be effective. Radial normalized concentration 

profiles, at the middle of the soluble wall (zi =1D) and for different moments, are represented in 

Figure 3.7. The nomenclature used for the iso-surfaces is accordingly to the position of the bubble 

nose relatively to the lower extremity of the soluble wall: negative values indicate that the bubble 

nose is yet below the inception of the soluble wall, and positive values are above z0. Sketches of 

the bubble position are represented in the left side of each plot to enable an easier interpretation. 

The concentration profile developed previously to the bubble arrival (single phase flow) was also 

added to the graphs of Figure 3.7. 
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Figure 3.7: Normalized radial profiles taken at the middle of the soluble wall (zi) for a bubble with a length 

of 2.2D in a system with u=5.0x10-2 m/s: a-during bubble passage and b-after bubble passage. The dotted 

line represents the concentration profile in single phase flow. In the zoom, the relative position between the 

bubble and the middle plane is sketched (the darker line represents the soluble wall and the red line the 

middle plane of the soluble wall). 

 

When the bubble nose is enclosed by the soluble wall (N 1.32D - Figure 3.7a), there is a slight 

increase of the concentration gradient near the wall (a slight increase of the slope of the straight 

line). This increase indicates that the bubble presence potentiates the mass transfer from the 

soluble wall once it reaches this region. 

The bubble tail reaches the middle plane between N 2.92D and N 3.32D. After the tail departure 

from the soluble region (N>4D), there is a sharp decrease of the radial concentration profiles 

slopes (Figure 3.7b). As the profile slope decreases, the mass transfer rate decreases as well. 

  

To help understanding this “jump”, in Figure 3.8, axial normalized concentration profiles in a 

radial position near the wall (ri =0.499D) are plotted for different positions of the bubble nose. 

Earlier to the bubble arrival at the soluble wall, there was no mass flowing downwards, i.e., all 

the solute was transported by the liquid in the upward direction. As the bubble enters the soluble 

region (Figure 3.8a), some solute appears in the liquid below the inception of this region 

[(𝑧0 − 𝑧)/𝐷 < 0]. Meanwhile, in the region enclosed by the soluble wall, it is possible to observe 

a slight increase in the solute concentration until the upper limit of this region 

[(𝑧0 − 𝑧)/𝐷 = 2.0]. Ahead, solute is still present due to the liquid dragging in the upward 

direction but the concentration decreases. As far above the bubble is from the soluble region (see 

Figure 3.8b), the trend depicted is reinforced: the solute concentration levels decrease above the 

soluble wall and increases in the region below (the contrast with the profile obtained in the 

absence of bubble is elucidative). After the bubble leaves the soluble area (N>4.31D) the mass 

profiles maintain the same behavior. 

In conclusion, due to the bubble movement, the solute starts to be dragged to the zone below the 

soluble section, i.e., the bubble delays the upward transport of the solute transferred from the wall.  
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Figure 3.8: Axial normalized concentration profiles obtained at the radial position ri =0.499 D (in red in 

the figure) for a bubble with a length of 2.2 D and with u=5.0x10-2 m/s: a-during bubble passage and b-

after bubble passage. The soluble plate is delimited by the vertical lines. The relative position between the 

bubble and the soluble wall is also sketched (the darker line represents the soluble wall). 

 

Figure 3.9 shows axial normalized concentration profiles at different radial positions for instants 

before and after the bubble passage.  Before the bubble passage, the solute is concentrated in a 

narrow region close to the wall. After the bubble passage (bubble at N 6.90D from the inception 

of the soluble wall), the presence of solute is predicted in inner regions of the tube.  

 

Figure 3.9: Axial normalized concentration profiles before (a) and after (b, bubble at N 6.90D) the passage 

of the bubble in the soluble wall region for different radial positions; (c) axial normalized concentration 

profiles at ri = 0.4 D for different positions of the bubble during its rise. The lines named “out” represent 

moments when the bubble nose is outside the domain considered. The soluble wall is delimited by the 

vertical dotted lines. The bubble had a length of 2.2D and the liquid velocity was 5.0x10-2 m/s. 
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The dimensionless axial concentration profiles taken at a ri of 0.4D for different moments of the 

bubble rise are also presented in Figure 3.9c. The presence of solute in this iso-surface of the 

column increases until the bubble is about 8D ahead of soluble wall onset.  

The results of two moments after the bubble nose leaves the domain (out-1 and out-2) are also 

presented in Figure 3.9c. These concentration profiles are below the ones for previous instants. 

This decrease can be due to the end of the wake region effect. According to Pinto et al. (1998)38, 

the laminar flow in the co-current liquid below the bubble is fully restored at a distance from the 

bubble rear of approximately 10𝐷. For the later moments addressed in Figure 3.9c, the bubble is 

at a distance near 10D from the soluble wall. Further details on the mass transfer related to the 

wake will be presented in the section “Wake”. 

 

The previous discussion (Figures 3.7 to 3.9c) clearly shows that the bubble passage increases the 

mass transferred from the wall to the flowing liquid promoting, at the same time, the solute 

transport into the center of the column (radial direction) and into the backflow direction (from the 

top into the base of the tube). 

 

3.4.1.2 Liquid velocity effects  

 

The c/c* axial profiles at ri  of 0.499D for different average liquid velocities conditions, and for 

an instant where the tail is at 4D above the soluble plate end, are plotted at Figure 3.10. This plot 

shows that the backwards transport of solute is more effective for low liquid velocities. 

 

 

Figure 3.10: Axial normalized concentration profiles at the radial position ri =0.499 D for a bubble with a 

length of 2.2D and different liquid velocities. The soluble plate is delimited by the vertical lines. 

file:///C:/Users/Janica/Downloads/Review%20on%20vertical%20gas-liquid%20slug%20flow_complete%20(1).docx%23_ENREF_56
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Before the bubble passage, and according to the axial concentration profiles in different radial 

positions, the radial solute penetration into the center of the column is much more effective in 

liquids flowing at low velocities (comparison between Figures 3.9 and 3.11). In spite of this, for 

the lower velocity, a sharp decrease of the solute concentration after the solute plate is observed 

(Figure 3.11a).  

After the passage of the bubble, at the region delimitated by the soluble wall end, the concentration 

in the wall mass boundary layer (r=0.48D) suffers an accentuated decrease (quantity of solute 

present near the limit [(𝑧0 − 𝑧)/𝐷 = 2.0] decreases). It is like a cleaning effect promoted by the 

bubble passage (Figure 3.11b). This cleaning effect decreases for increasing liquid velocities. 

 

Figure 3.11:Axial normalized concentration profiles before (a) and after the passage of the bubble-tail at 

4D from soluble plate (b) in the soluble wall region for different radial positions.  The soluble wall is 

delimited by the vertical dotted lines. Bubble with a length of 2.2D flowing in a system with u=2.5x10-4 

m/s, next to each graph there is the representation of the iso-surface r=0.48D but for two velocities 

(u=2.5x10-4 m/s and u=5.0x10-2 m/s). 
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3.4.1.3 Bubble length effects  

 

To analyze the bubble length effect on the mass dragged, two axial normalized concentration 

profiles after the passage of isolated bubbles with two different lengths are compared in Figure 

3.12a. The radial location considered is just near the wall (r=0.499D) and the bubbles tail is at 

3.8D.  

 

 

Figure 3.12: a-Normalized axial concentration profiles taken at r=0.499 D for bubbles with different 

lengths (2.2D and 3.8D) in a system with u=5.0x10-2 m/s. The tail of the bubbles is at 3.8D. b-Axial 

normalized concentration profiles taken at different radial positions for bubbles with different lengths and 

the tail at 3.8D: b1-2.2D bubble length; b2-3.8D bubble length. The vertical dotted lines delimited the 

soluble wall. The c/c* scales used in part a and b are different (a-linear, b- logarithmic). 

 

According to Figure 3.12a, the major difference between both profiles is the higher amount of 

solute dragged backwards by the longer bubble.  

Analyzing the axial profiles taken at different radial positions (Figure 3.12b), the length of the 

bubble does not have a strong effect in the radial displacement of solute into the center of the 

column in the region enclosed by the soluble wall.  

 

3.4.2 Analysis of the mass transfer coefficient 

 

The average wall-liquid mass transfer coefficients estimated with eq.3.11, during the bubble rise 

along the soluble section of the wall, are represented in Figure 3.13 for the higher liquid velocity 
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condition (u=5.0x10-2m/s). The corresponding mass transfer coefficients obtained for the system 

in single phase flow with the same u are also plotted (t<0). 

Once the bubble reaches the soluble wall (t = 0), there is a sudden increase of the mass transfer 

coefficient, reaching a maximum which is about 6% higher than the value obtained for single 

phase flow. Afterwards, as the bubble rise, the mass transfer coefficient decreases abruptly. After 

about 500s, the mass transfer coefficient stabilizes again in the single phase flow value, i.e., the 

one before the bubble passage (Figure 3.13).  

 

Figure 3.13: Evolution of the average mass transfer coefficient with time, as the bubble rises along a 2D 

soluble wall for a 2.2D bubble in a system with u=5.0x10-2 m/s. Time 0 represents the instant the bubble 

reaches the soluble wall. The dotted line identifies the mass transfer coefficient for the same system without 

bubble flow. On the zoom inside the graph, representation of mass transfer coefficient for a larger period 

of time is also present. On the right, local mass transfer coefficient at different moments, as the bubble rises 

along the soluble wall, are plotted for the same system. 

 

The reason of the decrease just mentioned is the low mass transfer coefficients near the inception 

of the soluble section after the bubble passage (see local mass transfer coefficients in the right 

side of Figure 3.13).  A zoom of the concentration fields for different instants (Figure 3.14) shows 

the mass boundary layer developed before the soluble wall inception which is responsible for this 

decrease. This layer was formed by the liquid flowing downwards during the bubble passage. 

Since the velocity at the wall is zero, the velocity field close to it will have small values, and so, 

it will be necessary a long period of time for the upward liquid flow to clean this layer after the 

bubble passage.   
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Figure 3.14: Concentration fields obtained at the beginning of the soluble wall for different instants – 

before (0 s), during (2.8 s) and after (3.4, 100, 200, 300 s) the bubble flows through the soluble section. The 

bubble length is 2.2D and u=5.0x10-2 m/s.   

 

The behavior of the mass boundary layer for the lower velocity is similar to the one seen with 

u=5.0x10-2 m/s on the onset of the soluble plate. However, on the upper limit of the soluble 

section, the behavior for u of 2.5x10-4 m/s overrules the one occurring on the onset of the soluble 

section. In Figure 3.15, the dimensionless concentration contours at the end of the soluble section 

are represented for different instants. The relative bubble-soluble wall position is also presented.  

 

Figure 3.15:Concentration fields at the end of the soluble wall for different moments in a system with a u 

of 2.5x10-4 m/s and a bubble with a length of 2.2 D. 

 

It can be seen in Figure 3.15 that initially there is a layer with a significant thickness that gets 

cleaned with the bubble passage. At the same time, a new boundary layer starts to form in the 

opposite direction of the initial one. The behavior of the onset is overruled by the effect of the end 
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of the soluble plate for the lower liquid velocity. The phenomena can also be corroborated by the 

mass transfer coefficients presented in Figure 3.16. 

 

Similarly to Figure 3.13, the average mass transfer coefficients were plotted for the lower liquid 

velocity condition (u =2.5x10-4 m/s) in Figure 3.16.  

 

 

Figure 3.16: Average mass transfer coefficient at different moments, as the bubble rises along the soluble 

wall, for a 2.2D bubble in a system with u=2.5x10-4 m/s. Time 0 represents the instant the bubble reaches 

the soluble wall. The dotted line represents the mass transfer coefficient for the same system but without 

bubble flow. 

 

For the lower liquid velocity, after a sudden increase, the average mass transfer coefficient 

maintains close to the maximum value. According to the local coefficients in the right side of 

Figure 3.16, this behavior has to be related with the cleaning effect on the mass boundary layer 

promoted by the bubble passage at the top end of the soluble wall. Despite at the inception of the 

soluble wall the local coefficients are lower due to the reason explained for u =5.0x10-2 m/s, for 

very low liquid velocities, the cleaning effect at the top overlaps this bottom effect. The result is 

a high average mass transfer coefficient after the bubble passage through the region enclosed by 

the soluble wall. 

 

To resume the liquid flow rate effect, Figure 3.17 shows the normalized average mass transfer 

coefficients (normalized by the mass transfer coefficient without bubble flow) for four liquid flow 

rates (u=5.0 x10-2 m/s; u=2.5 x10-2  m/s; u=1.25x10-2  m/s;  u=2.5 x10-4 m/s). The soluble plate 
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edges effects after the bubble passage are evident. It is possible to observe that the bubble passage 

potentiates an increase on the mass transfer coefficients. The relative effect of the bubble passage 

is indirectly proportional to the liquid velocity: the lower is u, the higher will be the relative 

increase of the mass transfer coefficient.  

On the smaller plot in Figure 3.17, average mass transfer coefficients for the different velocities 

are plotted against time. The higher velocities lead to higher values of mass transfer coefficients. 

These values increase when the bubble enters the soluble plate and decrease when the bubble 

leaves the soluble area. As the bubble gets further away from the soluble plate, values of  average 

mass transfer coefficients tend to decrease (with the exception of the lower velocity) for lower 

values than the ones without bubble-represent by  the solid lines on the small plot of Figure 3.17. 

The fact that the lower velocity seems to maintain the same values was already explained by the 

cleaning effect that occurs on the top of the soluble wall. 

 

 

Figure 3.17: Normalized average mass transfer coefficients against time. The bubble has a length of 2.2D 

and rises along the tube with different co-current liquid velocities. Time 0 represents the instant when the 

bubble reaches the soluble plate. On the right side, the raw average coefficients are plotted against time for 

the same systems. The mass transfer coefficient is represented for the same systems but without the bubble 

presence (lines).   

 

 

3.4.3 Mass transferred due to the bubble passage 

 

The mass of solute quantified in the three tube regions – pre-soluble zone (length of 15D below 

the soluble plate), soluble zone and post soluble zone (length of 2D upwards the soluble plate) – 
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at two different moments – before and after (bubble tail at the position 4D) the bubble passage – 

is available in Table 3.3 for several simulated systems. These values were numerically calculated 

by the following integral: 

 


V

final zrrcm dd2π                                                                                                             (3.14) 

 

In order to evaluate the increment of mass transferred due to the bubble passage, the values of Δm 

were estimated by equation 3.15 and are also presented in Table 3.3.  

 

 

∆𝑚 =
(𝑚𝑓𝑖𝑛𝑎𝑙−𝑚𝑖𝑛𝑖𝑡𝑖𝑎𝑙)

𝑚𝑖𝑛𝑖𝑡𝑖𝑎𝑙

× 100                                                                                                 (3.15) 

 

According to the data of Table 3.3, before the bubble passage there is no mass on the pre soluble 

area and the mass quantities on the soluble and post soluble zone are similar. With the bubble 

passage, a significant mass quantity appears on the pre soluble area. On the other hand, the mass 

on the post soluble area decreases – this decrease is higher for lower velocities. On the soluble 

area there is an increase on the mass quantity between 20 to 30%. With this data, once more, the 

effect of the liquid backflow promoted by the bubble rise is corroborated.  

The total increase in percentage of mass transferred after the bubble passage (bubble at 4D), is 

presented on the last column of Table 3.3. A lower velocity and a longer bubble length will 

potentiate a more significant removal of mass from a soluble wall to the bulk fluid. 

 

Table 3.3: Mass of solute before (initial) and after bubble passage (final) in different tube zones, for 

different simulated systems. The last column presents the total increase of mass on the system due to the 

bubble passage. 

 Pre – Soluble Zone  Soluble Zone  Post- Soluble Zone Total 

(%)   minitial 

(g) 

mfinal (g) 

x104 

Δm 

(%) 

minitial (g) 

x103 

mfinal (g) 

x103 

Δm 

(%) 

minitial (g) 

x103 

mfinal (g) 

x103 

Δm 

(%) 

2.2D 

u = 2.5x10-4m/s 

--- 57.1 --- 12.0 14.9 24.2 12.1 7.67 -36.9 17.1 

2.2D 

u = 1.25x10-2m/s 

--- 5.89 --- 3.27 4.09 25.3 3.26 2.74 -16.1 13.6 

2.2D 

u = 2.5x10-2m/s 

--- 3.30 --- 2.59 3.22 24.3 2.59 2.24 -13.5 11.8 

2.2D 

u = 5.0x10-2 m/s 

--- 1.74 --- 2.05 2.51 22.2 2.05 1.87 -9.1 11.1 

3.8D 

u = 5.0x10-2 m/s 

--- 5.09 --- 2.05 2.67 29.9 2.05 1.78 -13.2 20.7 
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3.4.4 Mass transfer in the different regions of the bubble  

 

In order to better understand and detail the effect of the bubble rise on the solute transfer, it is 

important to evaluate the contributions of the different hydrodynamic regions on the Taylor 

bubble surroundings. This evaluation was based on the average mass transfer coefficients.  

 

3.4.4.1 Bubble nose  

 

Several radial normalized concentration profiles were extracted at the time the nose is at the level 

of the upper soluble wall edge (Figure 3.18).  A sketch of the nose position relatively to the wall, 

as well as the iso-surfaces chosen (a. to d.), is represented on the right side of the first plot.  

Figure 3.18: Radial normalized concentration profiles when the bubble 2.2D reaches the end of the soluble 

wall on a system with u=5.0x10-2 m/s. The dotted lines represent the profiles for the same positions in the 

absence of bubble. 
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According to the slope of the linear mass profile near the wall, the liquid flowing around the 

bubble nose enhances the mass transfer rate. This enhancement increases along the downward 

axial direction (a to d).  

To get the right picture, this analysis must be complemented with the inspection of the liquid flow 

patterns. In single phase flow, all the liquid moves in the upward direction and, when it reaches 

the upper edge of the soluble wall, the mass boundary layer is almost developed. When a Taylor 

bubble is present and its nose starts to leave the soluble section, the liquid near the wall is flowing 

downwards. The mass boundary layer is in its initial stage of development and, by consequence, 

the mass transfer coefficients are higher. However, this liquid displaced downwards was, before 

the bubble presence, flowing upwards and so it already transports some solute. This solute has 

influence in the mass boundary layer development, decreasing in some way the local mass transfer 

coefficients. 

 

3.4.4.2 Liquid film  

 

A set of different radial normalized concentration profiles were extracted, for a given instant when 

the bubble film is directly on the soluble plate, along the liquid film and compared with the 

corresponding profiles for single phase flow (Figure 3.19). In this figure (lower graph), for the 

same instant, radial velocity profiles along the liquid film are also represented. The velocity 

profiles are overlapped showing that in the axial positions considered the film is fully developed.  

According to the concentration profiles, the mass transfer coefficients along the stabilized liquid 

film are almost constant. The mass transfer boundary layer is virtually stabilized since the 

dispersion between the slope values is less than 6% to the average value. In opposition, the 

concentration profiles obtained without bubble flowing show an increase, in the downward 

direction, of the mass transfer coefficients, which is associated to the development of the mass 

boundary layer in the liquid flowing upwards.  
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Figure 3.19: Radial normalized concentration profiles along the developed film of a bubble with a length 

of 3.8D and a u=5.0x10-2 m/s.  Radial normalized velocity profiles for the same iso-surfaces are also plotted 

(lower graph). A sketch of the bubble position relatively to the wall, as well as the iso-surfaces chosen, is 

represented on the right side of the figure.    

 

3.4.4.3 Wake  

 

The flow in the bubble wake of the simulated systems is in laminar regime and so, attached to the 

bubble tail, there is a closed liquid recirculation zone moving upwards. To visualize this flow 

region, streamlines in the liquid below the bubble tail (MFR), for the u=5.0x10-2 m/s and a system 

with a bubble with a length of 2.2D flowing over a soluble plate with 2D, are represented in Figure 

3.20. The liquid exiting the film and expanding near the bubble tail flows around this recirculation 

region, without any fluid exchange. Below this recirculation region, the reestablishment of the 

laminar velocity profile starts and eventually is reached.  
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Figure 3.20: a-Streamlines in the wake region for a bubble with a Nf= 357; b-Normalized solute 

concentration inside the closed wake before (b1) and after (b2) its passage along the soluble plate. The 

bubble and wake position are also sketched. This representation was made for a system with a 2.2D bubble 

and u=5.0x10-2 m/s. 

 

While there is no fluid exchange between the wake and the liquid flowing around of it, during the 

bubble rise, the solute should diffuse through the closed wake boarder and accumulates inside it. 

The concentration contours inside this region before and after the bubble passage along the 

soluble wall are shown in Figure 3.20. Although very attenuated, it is noticeable the presence of 

solute when the bubble is above the soluble wall. This portion of solute travels upwards at the 

bubble velocity and will be deposited at the top of the column after the bubble eruption.  

A set of radial normalized concentration profiles concerning iso-surfaces intersecting the wake, 

and when this flow region is leaving the soluble region, are plotted in Figure 3.21. 
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Figure 3. 21: Radial normalized concentration profiles near the wall for three axial positions on the wake 

region for a bubble with a 2.2D length and u=5.0x10-2 m/s. On the left, it is sketched the wake positon 

relatively to the soluble wall. The dotted lines represent the concentration profiles before the bubble 

passage. 

 

In Figure 3.21, the mass transfer rates regarding the concentration profiles with and without 

bubble decrease as the iso-surfaces get further away from the bubble rear (from 1.24 to 0.94). 

This will lead to a decrease on the mass transfer rate as liquid film expands around the wake.   

 

 

3.4.4.4 Average mass transfer coefficients  

 

In order to finalize the analysis performed in the previous sub-sections, it is important to define a 

parameter that quantifies the influence on the wall-liquid mass transfer by each flow region of the 

bubble surroundings. So, an average transfer mass coefficient was determined for each of these 
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regions: nk  - around the nose region; fk  - film region; and wk  - wake region. These parameters 

were obtained by averaging the local mass transfer coefficients in space and time, i.e., for different 

axial positions (relatively to the bubble tip) and different instants when each flow region was 

rising through the soluble section.  

 

Table 3.4 resumes the numerical data of nk , fk  and wk  for a set of simulated systems, as well 

as the average mass transfer coefficients obtained in the bubble absence ( mpk ).  

Focusing on the results for the monophasic systems ( mpk ) as reference, it is possible to conclude 

that the nose region is responsible for only a slight increase on the mass transfer coefficients. The 

film region is where mass transfer seems to suffer the larger increment and, although higher 

velocities lead to higher mass transfer coefficients, these increments decrease with increasing 

liquid velocities. In this flow region, for the same liquid velocity, the fk  determined for a bubble 

with a longer film is higher when compared with a system with a shorter film. This may result 

from the fact that, for a u of 5.0x10-2 m/s, the liquid film is not fully developed for a 2.2D bubble 

length.  

 

Table 3.4: Average mass transfer coefficients for the different zones around the bubble and the deviation 

to the mass transfer coefficient without bubble. 

  Nose Film Wake 

 
mpk  x106 nk  x106 

Dev 

(%) 
fk  x106 

Dev 

(%) 
wk  x106 

Dev 

(%) 

2.2D 

u=2.5x10-4 m/s 
0.73 0.789 8.9 1.27 32.6 1.47 102.2 

2.2D 

u=1.25x10-2 

m/s 

2.80 2.86 2.1 3.13 11.8 2.96 5.7 

2.2D 

u=2.5x10-2 m/s  
3.48 3.57 2.6 3.68 5.8 3.45 -0.7 

2.2D 

u=5.0x10-2  m/s 
4.30 4.43 2.8 4.56 5.9 4.18 -2.8 

3.8D 

u=5.0x10-2  m/s  
4.30 4.41 2.4 4.70 9.2 4.13 -4.1 

 

As the liquid velocity increases, the values of the mass transfer coefficients on the wake reveal a 

tendency to be lower than the ones regarding the nose and film regions. Furthermore, for the 
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systems with higher velocity conditions (u > 1.25x10-2 m/s), the values of wk  are below the ones 

obtained without bubble. 

 

It is also relevant to compare the numerical data presented in Table 3.4 with information 

previously reported about wall-liquid mass transfer in slug flow systems. However, to the author’s 

knowledge, there is a lack of this specific kind of information. An exception is a work from Ghosh 

and Cui15, where it is claimed that the average mass transfer coefficient in the developed liquid 

film ( fk ) can be well predicted by:  

 

fk = 0.023(𝑢𝑓
0.8𝐷𝑚0.67𝑑𝑒𝑞𝑣

−0.2𝑣𝑙
−0.47)                                                                              (3.16) 

 

where 𝑢𝑓 represents the average liquid velocity in the film,  𝐷𝑚 the diffusion coefficient, 𝑣𝑙
  the 

liquid kinematic viscosity and deqv the equivalent diameter (defined in equation 3.17). 

 

𝑑𝑒𝑞𝑣 =
4(𝜋𝑅2−𝜋(𝑅−𝛿)2)

(2𝜋𝑅+2𝜋(𝑅−𝛿))
                                                                                                          (3.17) 

 

In the same work15, an expression for the mass transfer coefficient in the wake region of a Taylor 

bubble is also presented: 

 

�̅�𝑤 = 0.023(𝑢𝑎𝑥𝑖𝑎𝑙
0.8 𝐷𝑚0.67𝐷−0.2𝑣𝑙

−0.47)                                                                          (3.18) 

 

where uaxial is the average axial velocity in the wake region and D is the tube diameter. 

 

However, it is very important to notice that the correlations defined by equations 3.16 and 3.18 

were developed for systems in turbulent conditions.  

The numerical results of fk  and wk  for the systems addressed in Table 3.4, together with the 

corresponding estimations made with equations 3.16 and 3.18, are presented in Table 3.5. The 

deviations between the numerical and correlation data were also added to the table.  

 

Regarding the liquid film region, for the lower velocity condition, there is a considerable deviation 

between the values of fk  obtained by simulation and equation 3.16. However, as u increases, this 

deviation suffers a significant reduction. 
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Table 3.5: Average mass transfer coefficients for the film and wake region acquired through equation 3.16 

and 3.18 (corr) and by CFD simulation. 

 sim

fk x106 
corr

fk x106 Dev (%) sim

wk x106 
corr

wk  x107 
Dev (%) 

2.2D 

u=2.5x10-4 m/s 

1.27 3.92 208.7 1.47 0.625 95.8 

2.2D 

u=1.25x10-2 m/s 

3.13 3.97 26.9 2.96 1.24 95.8 

2.2D 

u=2.5x10-2 m/s  

3.68 4.00 8.7 3.45 2.23 93.5 

2.2D 

u=5.0x10-2  m/s 

4.56 4.05 11.1 4.18 3.72 91.1 

3.8D 

u=5.0x10-2  m/s  

4.70 4.25 9.6 4.13 3.73 91.0 

 

  

For the wake region, the disparity between 
sim

wk  and 
corr

wk  maintains quite high for all liquid 

velocity conditions. It should be emphasized that the simulated systems are under laminar regime 

and equations 3.16 and 3.18 concern turbulent conditions. Thereby, the magnitude of the 

deviations is perfectly justified by this fact.         

Although the values obtained by simulations and available correlations are different, generally, 

the same tendency of the average mass transfer coefficients to decrease when moving from the 

film to the wake is observed. 

 

3.5 Conclusions 

 

For slug flow systems, there are several numerical works39,40 in the literature where momentum 

and heat transfer equations are solved simultaneously. In contrast, momentum and mass equations 

have been solved separately15,26, while they are quite intrinsic. In the present work, the wall-liquid 

mass transfer in slug flow systems was successfully predicted with the help of Computational 

Fluid Dynamics (CFD) techniques based on the Volume of Fluid (VOF) methodology. 

Due to the intrinsic hydrodynamic characteristics of the flow around a Taylor bubble, its presence 

is responsible for a great increase on the shear stress at the tube walls, as well as for a significant 

change of the velocity field inside the boundary layer attached to the wall. These features can be 

useful to control biofilm formation, since it can be delayed or prevented through wall shear stress 

values 41. 

The bubble rise potentiates the mass removal from the soluble wall leading to higher mass transfer 

rates and promoting the radial and backwards mass transport. The passage of a single Taylor 
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bubble is responsible for an increase of around 10 to 20% of solute, depending on the liquid 

average velocity and bubble size. For example, assuming the injection of one bubble per second 

with a height of 0.025m in a column with 0.022 m of diameter and 1 m long, just 0.1 W of power 

pumping will be enough to increase mass transfer.  

The global effect of the bubble presence was quantified trough average mass transfer coefficients 

for different liquid velocities (ranging from 2.5x10-4 to 5.0x10-2 m/s) and bubble sizes (2.2D and 

3.8D). Higher liquid velocities will lead to higher mass transfer coefficients, however, the lower 

the liquid velocities, the more effective will be the backward mass transport and the cleaning of 

the regions near the tube wall (higher increments of the mass transfer coefficients when compared 

to those obtained in the absence of bubble flow).  

Average mass transfer coefficients were also defined to assess the impact of the different flow 

regions around the bubble: bubble nose and stabilized liquid film promote an increase of the 

coefficients when compared to a similar single phase scenario; in the wake the increase or 

decrease of the coefficient values depends strongly on the average liquid velocity. The 

coefficients obtained (under laminar conditions) are compared with values from the correlations 

developed for turbulent conditions15, due to the absence of a more appropriate source. In the 

stabilized liquid film and for the higher average liquid velocities, the deviations are about 10%, 

increasing abruptly for low average velocities. In the wake the deviation is independent of the 

average liquid velocity been around 100%.  

The results gathered in this work can be used as a stepping stone to evaluate the effect of slug 

flow on a biofilm, but not forgetting that the biofilm structure depends of several factors like the 

species involved, the stage of development, the hydrodynamic growth conditions or even the 

concentration load. 
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Nomenclature* 

(In the document published this nomenclature description does not exist) 

   

𝐵𝑖 mass source defined by user kg.m-3s-1 

𝑐 concentration  kg.m-3 

𝑐∗ saturation concentration  kg.m-3 

𝑐𝑏𝑢𝑙𝑘 concentration in the bulk kg.m-3 

𝐷 tube diameter m 

𝑑𝑒𝑞𝑣 equivalent diameter m 

𝐷𝑚 coefficient of diffusion m2.s-1 

�⃗� external body force N 

𝑔 gravitational acceleration m2.s-1 

𝐽𝑖 diffusive flux of specie i kg.m-2.s-1 

𝑘 mass transfer coefficient  m.s-1 

�̅� average mass transfer 

coefficient  

m.s-1 

�̅�𝑓 average mass transfer 

coefficient in the film region 

m.s-1 

�̅�𝑛 average mass transfer 

coefficient in the nose region 

m.s-1 

�̅�𝑚𝑝 average mass transfer 

coefficient for monophasic 

system 

m.s-1 

�̅�𝑡 average mass transfer 

coefficient in the tail region 

m.s-1 

𝐿 soluble wall length m 

𝐿𝑚𝑖𝑛 bubble influence zone below 

the tail 

m 

𝐿𝑡𝑢𝑏𝑒 tube length  m 

𝐿𝑤 wake length m 

m Mass g 

minitial mass before the bubble passage g 

mfinal mass after the bubble passage g 

𝑝 static pressure Pa 

𝑟 radial coordinate m 

𝑅 radius  m 
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GREEK LETTERS 

 

∆𝑚 mass increment --- 

∆𝑡 time step s 

∆𝑥 cell size m 

α volume fraction --- 

휀 gas hold-up --- 

𝛿 film thickness m 

μ viscosity Pa.s 

ρ density kg.m-3 

𝜎 surface tension N.m-1 

�̿� stress-strain tensor Pa 

𝑅𝑖 net rate production of specie i kg.m-3.s-1 

𝑢 velocity  m.s-1 

�⃗⃗� velocity vector m.s-1 

𝑢𝑎𝑥𝑖𝑎𝑙 average axial velocity in the 

wake region 

m.s-1 

𝑢𝑏 bubble rising velocity m.s-1 

𝑢𝑏,𝑠𝑎𝑡 bubble rising velocity in a 

stagnant fluid 

m.s-1 

�̅�𝑙 average liquid velocity m.s-1 

�̅�𝑟𝑒𝑙 relative velocity between the 

liquid and bubble velocity 

m.s-1 

𝑣 velocity magnitude  m.s-1 

�⃗� velocity vector m.s-1 

𝑉𝑤 wake volume m3 

𝑦𝑖 local mass fraction of specie i --- 

𝑧 axial coordinate m 

𝑧′ axial coordinate correspond to 

the stabilization length above 

bubble 

m 

𝑧𝑖 axial coordinate at the middle 

of the soluble plate 

m 

𝑧𝑛 axial coordinate at the nose tip m 

𝑧𝑜 axial coordinate at the soluble 

wall tip 

m 
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𝜏𝑤 wall shear stress Pa 

𝜐 kinematic viscosity m2.s-1 

 

 

DIMENSIONLESS GROUPS 

 

Co Courant number  

Eo Eötvös number  

Fr Courant number  

M Morton number  

Nf Invverse viscosity number  

Re Reynolds number  

Sc Schmidt number  

Sh Sherwood number  
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Abstract  

 

Gas-liquid mass transfer is a phenomenon with a wide practical relevance and, besides many 

other possible advantages, its fundamentals can be used to enhance or regulate chemical and 

biological processes. In this work, the specific case of the mass transfer of oxygen from a Taylor 

bubble to the surrounding flowing liquid was studied using CFD techniques. This study was 

performed for a range of flow conditions (different Reynolds numbers) and a liquid with a 

viscosity (and constant Morton number) typical of bio-fluids. The flow field, gas-liquid interface 

and concentration field were determined simultaneously by coupling the VOF methodology with 

the species mass balance equation and setting a constant solute concentration at the bubble 

surface. The mass transfer behavior on the different hydrodynamic regions (nose, film and tail) 

was inspected and quantified based on local coefficients. It was possible to verify that these values 

increase along the nose and reach a maximum at the fully developed film region, where it tends 

to stabilize regardless of the bubble length (for bubble lengths between 2D and 9D). An opposite 

tendency was found along the bubble tail, where a decrease was verified on the local mass 

transfer coefficient values. Average mass transfer coefficients based on the simulation data were 

also determined. The comparison of these results with theoretical predictions allowed to infer 

that the film theory is the most adequate to describe the gas-liquid mass transfer between a Taylor 

bubble and the surrounding liquid. 

 

 

4.1. Introduction 

 

In several industrial equipment, the presence of either micro and macroorganisms in excess leads 

to a problem known as biofouling1. Although in more specific cases (such as seawater-cooled 

equipment) macroorganisms may create operational difficulties, the main concern in most of the 

equipment is the presence of bacteria and biofilm formation over the dispositive walls. 

It is known that in thermal equipment, the adhesion of any type of fouling, and consequently of 

biofilms, creates an additional thermal resistance which reduces the thermal efficiency. In 

addition, biofilms can also raise problems of public health2. One example, is the presence of 

biofilms on dairy manufacturing plants. Once the biofilm is established, it can act as a source of 

contamination to products and/or other surfaces. The growth of biofilms on pasteurizers 

contaminates the milk and reduces its quality and of other derivative products3.  

While the presence of biofilms in thermal equipments is undesirable, the same cannot be 

generalized for other equipment. Biofilm reactors are used to obtain several products4 like organic 

acids5, ethanol6 and antibiotics7, among others. Besides, the water industry also relies on the 

presence of microorganisms to help control the quality of water8,9. Depending on the type of 



 
 

102 
 

microorganisms and on the operational conditions, the biofilm presence allows the removal of 

several nutrients and organic matter and are also capable of entrapping pathogens from the 

wastewater. Reactors with biofilm need less space, have a reduced hydraulic retention time and 

also present some resilience to changes in the environment10. For waters with a high content of 

organic matter and nutrients (like the ones from swine manure), the conventional methods of 

treating this type of contamination demand a high oxygenation, which becomes expensive11. 

Oxygen is fundamental to control biofilm growth and maturation: in aerobic systems, the oxygen 

concentration is the limiting factor for biofilm growth, while in anaerobic systems, the presence 

of oxygen can severely compromise the survivability of the existing species. In aerobic systems, 

the lack of oxygen seems to shut down fiber production which is essential to the microorganism 

wall adhesion 12 and, for E.coli, its absence seems to be sufficient to prevent biofilm development 

13. In contrast, Pseudomonas aeruginosa forms more robust biofilms in anaerobic systems with a 

higher thickness and a higher number of living organisms14. 

The best way to control biofilm growth is by preventing the definitive adhesion of cells to the 

tube/container wall. The fact that the movement of Taylor bubbles drastically changes the 

hydrodynamic conditions on its surroundings, namely the wall shear stress, can be very useful for 

this purpose. In contrast to this preventing/cleaning action, when it is necessary to provide gaseous 

reactants/inhibitors to maintain biofilms, Taylor bubbles are an excellent transport medium. 

Compared to single-phase flow, the use of gas-liquid slug (Taylor bubbles) flow has proven itself 

capable of enhancing the surface cleaning process 15–19 due to several interrelated effects acting 

on three different phenomena: 

 

1. Increased wall shear stresses promoted by slug flow16 (hydrodynamics effects); 

2. Higher mass transfer coefficients from the wall to the liquid flowing around the 

bubble19 (mass transfer effects); 

3. Availability of soluble gas to be transferred from the bubble to the liquid and, 

after, reaction with the soluble component to consume accumulated matter in the walls 

(mass transfer and reactive effects). 

 

In this work, oxygen mass transfer from a Taylor bubble to the surrounding flowing liquid in a 

conventional scale vertical tube was studied using computational fluid dynamics (CFD) 

techniques. The main objective is to predict the gas-liquid mass transfer coefficients from the gas 

to the liquid phase. In future works, this knowledge can be used to estimate the oxygen flux that 

reaches biofilms attached to the tube wall. These results will reveal the conditions where biofilm 

development will be enhanced or inhibited. The quantity of solute available in the liquid can be 

controlled by the number of bubbles per unit time. The bubble composition will also have a crucial 



 
 

103 
 

role to control gas-liquid mass transfer on these systems, i.e. the amount of dissolved oxygen is 

crucial for aerobic system, while its presence can be harmful to anaerobic biofilms.  

 

Regarding the paper contents, firstly, there is a brief description of several important concepts in 

order to justify the chosen conditions as well as to help the interpretation of the attained results. 

In the second part, the methodology used is described and it is followed by the report and 

discussion of results. Finally, some overall conclusions are presented. 

 

4.2 State of the art 

 

4.2.1 Slug flow regime 

 

In vertically oriented systems where gas and liquid are rising together, slug flow is one of the four 

major flow patterns alongside bubbly, churn and annular flows20. The main characteristic of slug 

flow is the presence of long and wide gas bubbles, occupying almost all the cross-section of the 

tube, also known as Taylor bubbles. These bubbles are generally followed by liquid slugs that can 

have entrapped small bubbles, especially for large tubes with liquid flowing at high Reynolds 

numbers.  

To predict and analyze the hydrodynamics surrounding a Taylor bubble flowing through a 

stagnant liquid, the properties of the fluids (viscosity (𝜇), density (𝜌), and surface tension (𝜎)) 

and the geometric parameters (diameter (D) and orientation of the tube) must be taken into 

consideration. The best way to do it is by defining typical dimensionless numbers 21–25 that account 

for the main forces involved: 

 

- Morton number, M =
𝑔𝜇𝐿

4(𝜌𝐿−𝜌𝐺)

𝜌𝐿
2𝜎3

;  

- Eötvös number, Eo =
𝑔(𝜌𝐿−𝜌𝐺)𝐷2

𝜎
;  

- Froude number, Fr =
𝑈∞

√𝑔𝐷(𝜌𝐿−𝜌𝐺)/𝜌𝐿

. 

 

where 𝑈∞ is the Taylor bubble velocity in a stagnant liquid. 

 

When the liquid starts to flow co-currently, the bubbles velocity changes. Nicklin and colleagues26 

studied Taylor bubbles flowing in co-current with water and concluded that the bubbles velocity 

is well described by: 

 

𝑈B = 𝑈∞ + 𝑐�̅�𝐿                                                                                                                      (4.1) 
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where 𝑈∞ is the velocity of the bubble rising through stagnant liquid, �̅�𝐿 the average liquid 

velocity and c a parameter that has a value of 1.2 or 2, depending if the liquid flow regime is 

turbulent or laminar, respectively. 

 

It is then necessary to add another dimensionless group that counts the inertial effect of the liquid 

flow: 

 

      -    Reynolds number, ReB =
𝜌𝐿𝑈B𝐷

𝜇
. 

 

In columns with vertical orientation, and according to Equation 4.1, Taylor bubbles rise faster, 

due to the buoyancy effect, displacing and overpassing the liquid.  

 

The mass transfer is closely linked to the flow conditions. Around the bubble, different 

hydrodynamic regions develop: 

 

 The bubble round front is known as the bubble nose. Dumitrescu27 was one of the firsts 

to study experimentally, through photographs, and theoretically, applying the potential 

flow theory, the shape of the nose of a Taylor bubble rising through stagnant water 

contained in a vertical tube. Nicklin et al.,26 assessing two-phase slug flow in vertical 

columns of stagnant and co-current flow of liquid, suggested that the oblate spheroidal 

front of a Taylor bubble is only dependent of the flow conditions ahead of it, namely the 

liquid velocity field and viscosity. Close to the bubble nose, the liquid acquires radial 

velocity and starts moving downwards around the bubble (referential fixed to the bubble), 

promoting the formation of a liquid film between the bubble surface and the wall; 

 The liquid displaced continues to flow downward (reference frame attached to the bubble 

– MFR) through the annular space between the bubble and the tube wall. As the liquid 

flows further, the film boundary layer, initially adjacent to the tube wall, grows in order 

to occupy the entire annular space between the bubble and the wall. When this boundary 

layer reaches the surface of the bubble, a film of stabilized thickness and velocity profile 

is reached. Since the pressure adjacent to the film is constant - a consequence of the 

constant pressure at the interior of the gas bubble - the gravitational forces acting on the 

liquid film are balanced by both the shear stress at the wall and at the gas-liquid interface 

and the liquid is in a free falling flow. The larger the Morton number, the thicker is this 

developed film. The definition of a value for the transition from laminar to turbulent 

regime in a developed film around a Taylor bubble is not consensual in the literature, 
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since it can be potentiated by other factors, such as oscillations in the bottom of the 

bubble. The most referenced value is given by Fulford28: 

 

400 < Ref =
𝜌𝐿�̅�f𝛿𝐻

 

𝜇
< 800 

 

where Ref is the Reynolds number in the film, 𝛿𝐻 the film thickness and �̅�f the average 

liquid velocity in the film. 

 

 At the bubble tail, the liquid expands around or into a liquid wake. One of three kinds of 

wakes can be observed depending on the liquid flow regime in this region29. The first, for 

laminar regime, is a closed axisymmetric toroidal wake where the liquid flows upwards 

attached to the bubble tail. The second, for transitional regime, is a closed non-

axisymmetric wake. Along the bubble path, there are periodic detachments of 

recirculation vortices, giving origin to a kind of von Kármán vortex sheet. Finally, there 

is an opened wake where irregular turbulent eddies appear and remain active at several 

diameters below the bubble tail – turbulent regime. This latter type of wake does not have 

a clear boundary. Further below the wake, the liquid recovers its undisturbed conditions, 

i.e., it flows with a profile similar to the stabilized liquid ahead the bubble nose. 

Based on the work of Campos and Guedes de Carvalho29, Pinto et al.30 suggested the 

following limits for the flow patterns in the wake of a Taylor bubble rising co-currently 

with the liquid phase: 

 

 Laminar wake -  

ReV =
𝜌𝐿�̅�𝐿

MFR𝐷 

𝜇
< 175 

Transitional wake -  

175 < ReV =
𝜌𝐿�̅�𝐿

MFR𝐷 

𝜇
< 525 

Turbulent wake -  

ReV =
𝜌𝐿�̅�𝐿

MFR𝐷 

𝜇
> 525 

 

where ReV represents the Reynolds number with the average liquid velocity, �̅�𝐿
MFR, expressed in 

a reference frame moving with the bubble. 
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4.2.2 Mass transfer from a bubble into the surrounding liquid 

 

4.2.2.1 Theoretical models and experimental works 

 

The mass transfer mechanism of a soluble component from a Taylor bubble to the liquid is 

sluggish when compared with the liquid convective transport around the Taylor bubble interface. 

This time-scale lag increases as the fluid viscosity and diffusivity of the component in the liquid 

decrease. From this fact, many of the studies of mass transfer around Taylor bubbles were towards 

creating models based on the theory of the penetration of Higbie. 

 

Higbie31 proposed the penetration model in order to predict the mass transfer during gas 

absorption. This model assumes that the liquid surrounding the interface is composed by several 

small units which are constantly renewed by the bulk liquid flow.  The model assumes unsteady 

mass transfer from the gas to a liquid element, as long as this element is in contact with the gas. 

All the liquid elements are in contact with the gas during the same period of time and, at the 

interface, there are thermodynamic equilibrium conditions.  

According to the model, the mass transfer rate, NA, at instant t is given by: 

 

𝑁𝐴 = 𝐴√
𝐷𝐿

𝜋𝑡
(𝐶𝐴,𝑖 − 𝐶𝐴,∞)                                                                                                      (4.2) 

 

and the mass transfer coefficient 𝑘 at instant t by: 

 

𝑘𝐿 = √
𝐷𝐿

𝜋𝑡
                                                                                                                                (4.3) 

 

where 𝐷𝐿 denotes the solute diffusion coefficient in the liquid phase, 𝐶𝐴,𝑖 stands for the solute 

concentration at the interface, A is the interfacial area, while  𝐶𝐴,∞  represents the concentration 

at the liquid bulk.  

If the contact time is tc, the average mass transfer coefficient during this time interval is then given 

by: 

 

�̅�𝐿 = 2√
𝐷𝐿

𝜋𝑡𝑐
                                                                                                                          (4.4) 

 

This theory has the contact time as the principal contributing factor and assumes that  �̅�𝐿 ∝ 𝐷𝐿
1/2, 

as in every laminar diffusion process. 
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Mass transfer is highly dependent on the hydrodynamic characteristics of the flow32. Therefore, 

the distinct flow regions surrounding a Taylor bubble, described above, will have different effects 

on the solute transfer rate from a moving bubble to the flowing liquid. Some experimental studies 

have already tried to establish mass transfer correlations taking into account the penetration theory 

and the specificities of these hydrodynamic regions.    

 

van Heuven and Beek33 measured the liquid-side mass transfer coefficient for Taylor bubbles of 

carbon dioxide rising in narrow tubes (diameter between 2.4-4.8 mm)   filled with water. These 

authors adapted the theory of Higbie31 to describe adequately the absorption process. It was 

assumed that, for a long bubble rising in a quiescent liquid, the mass transfer is set not only by 

the potential flow in the bubble nose region but also by the developed laminar liquid film flowing 

around the Taylor bubble. Accordingly, the mass transfer coefficient was expressed by the 

following equation: 

 

�̅�𝐿𝐴 = 4(𝜋𝐷𝐿)1/2(𝑔/𝐷)1/4𝐷2 [I(𝑙/𝐷) + (𝑔/𝐷)−1/2
(

𝐷

2
−𝛿𝐻)

2

𝐷
(𝑢 + 𝑈𝐵)

𝐿𝑆−𝑙

𝐷
]

1/2

         (4.5)  

 

where �̅�𝐿 is the average liquid side mass transfer coefficient, 𝐴 the Taylor bubble interfacial area, 

𝐷𝐿 the solute diffusion coefficient, 𝑔 the gravitational acceleration, 𝐷 the tube diameter, 𝛿ℎ the 

stabilized liquid film thickness, 𝑢 the liquid velocity at the interface in the stabilized film, 𝑈𝐵 the 

rising bubble velocity, 𝐿𝑆 the Taylor bubble length, 𝑙 the distance between the nose tip and the 

axial location where the liquid film reaches fully development, and, finally, I(𝑙/𝐷) represents a 

function that can be solved through the bubble shape consulting the work of Clift et al. (1978)34.  

 

Filla35 and Niranjan et al.36 measured the mass transfer coefficient from a rising CO2 Taylor 

bubble to stagnant water. Niranjan and colleagues36 used also others liquids such as glycerol-

water solutions and aqueous carboxymethyl cellulose (CMC) solutions to investigate the effect 

of the fluid properties on the mass transfer. Both authors correlated their data and obtained similar 

expressions: 

  

�̅�𝐿𝐴 = 4.59𝐷𝐷𝐿 (
𝑈𝐵𝐷

𝐷𝐿
)

0.5

(
𝐿𝑆

𝐷
)

0.8

              Filla correlation                                            (4.6)  

�̅�𝐿𝐴 = 2.6𝐷𝐷𝐿 (
𝑈𝐵𝐷

𝐷𝐿
)

0.5

(
𝐿𝑆

𝐷
)

0.96

              Niranjan correlation                                      (4.7) 
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These equations have a limit range of applicability, since they only give satisfactory approaches 

for LS/D < 8 and for Taylor bubbles flowing along stationary liquids. Besides, Filla correlation 

should only be used when the liquid is water.  

The experiments of Filla35 and Niranjan et al.36 seem to confirm the theoretically predicted 

proportionality between �̅�𝐿 and DL
0.5. However, they also point to an almost independency 

between �̅�𝐿 and the bubble length, LS, in the range 2D< LS< 8D. This conclusion is surprising on 

the light of the penetration theory. Indeed, according to  this theory, in long Taylor bubbles, the 

contact time of an element of fluid flowing around it increases and by consequence a decrease in 

�̅�𝐿 would be expected (Equation 4.3). This will be a point to clarify in the present work. 

 

Sena Esteves and Guedes de Carvalho37 presented an experimental study based on a simplified 

method to obtain the volumetric mass transfer coefficients for long bubbles flowing through 

different liquids in tubes with a diameter between 19-32 mm. The authors also compared their 

results with data from van Heuven and Beek33, Filla35 and Niranjan et al.36. The data obtained 

compared well with the theoretical predictions of van Heuven and Beek33. A simple asymptotic 

expression, based on van Heuven and Beek equation, for the evaluation of average mass transfer 

coefficients in long Taylor bubbles (i.e. Taylor bubbles with a fully developed film along a large 

portion of the total length) was also established by the authors:  

 

�̅�𝐿𝐴 = 2√
𝐷𝐿(𝑢+𝑈𝐵)

𝜋𝐿𝑆
[𝜋(𝐷 − 2𝛿𝐻)𝐿𝑆]                                                                            (4.8) 

 

where 𝑢 is the liquid velocity at the bubble interface.  

 

Kreutzer et al.38 proposed, and experimentally validated, a model that takes in consideration the 

sequential steps involved on the mass transfer from the gas bubble to the wall, i.e., solute transfer 

from the bubble into the liquid film and from the liquid film into the wall. However, to apply their 

model, it is necessary to know the thickness of the developed liquid film, the liquid slug length 

and also the superficial gas and liquid velocities. 

 

Other experimental studies about mass transfer in Taylor bubbles were performed with different 

aims.  

Hosoda and colleagues39,40 experimentally studied the dissolution of CO2 Taylor bubbles in 

vertical pipes. In the first study, the bubble was rising in a stagnant liquid39 and, in the following40, 

the bubble was steady in a downward flow of water or glycerol-water solutions. In both, it was 

used an image processing method.    
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In the literature, there are also several articles on this topic in small tubes (milli and micro-

channels). But in these cases, the surface tension has a preponderant role overlapping the gravity 

effect.                                                  

Although there are several correlations to predict mass transfer, the majority does not allow the 

quantification of the local mass transfer coefficients around the bubble (nose, film and tail/wake 

regions) and most of them are valid only for stagnant liquid conditions. Furthermore, the 

applicability of the penetration theory is another subject that remains open and will be carefully 

evaluated in this work. 

 

4.2.2.2 Numerical studies 

 

There are two main approaches to numerically solve a mass transfer problem in a two phase flow 

scenario. In the first approach, averaged governing equations for the mass transfer are used in 

parallel with empirical correlations for computing the gas–liquid interphase mass transfer 

coefficients. The solution is therefore limited by imposed assumptions. The second approach 

implies a coupled solution of the two phase flow and the species conservation equation. The 

species conservation equations are solved in each element of the simulation domain, while the 

interface is determined by proper interface defining methods. This approach requires, most of the 

times, adequately fine grids and sufficiently small time steps, and thus, the computational time is 

very high, in particular for highly viscous fluids (high values of Morton and Schmidt numbers). 

 

To reduce the overall grid resolution required, there are, in the literature, alternatives to the 

integral resolution of the conservative equations. For example, Aboulhasanzadeh41,42 used a 

boundary-layer approximation next to the bubble and a relatively coarse grid for the rest of the 

flow.  

 

There are different methods developed to numerically define the interface in a gas-liquid flow: 

Level-Set based method43, Front-Tracking method44 and Volume of Fluid method (VOF) 

method45. VOF method is one of the most used to identify gas-liquid interface for Taylor bubble 

flows. However, it presents some problems on solving the mass transfer at the interface. At the 

cell scale, the interface presents some “diffusion” for the value of the phase volumetric fraction 

(α) which makes the concentration field calculation more difficult, particularly, when the 

concentration gradients are high. 

 

In addition to this numerical diffusion, there is also the complexity introduced by the solute 

interfacial discontinuity governed by the thermodynamic equilibrium in the solute distribution 

between phases (Henry’s law). There are several works published in the literature on numerical 
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procedures to solve this problem whether in spherical bubbles, most of them in deformable 

frontiers, or in Taylor bubbles. Alke et al.46 proposed two alternatives: the equilibrium at the 

interfacial cells method and the concentration gradient method. Regarding the former, on cells 

that enclose the interface, the component that is being transferred is in equilibrium between mixed 

phases and a conservative redistribution of the molar species is imposed. In contrast, the 

concentration gradient method is based on the concentration gradients on the liquid phase adjacent 

to the interface. Hayashi and Tomiyama47 solved the discontinuity by using a temporal variable 

transformation of the concentration of the species and a harmonic mean of the diffusion 

coefficient. This method was later used by Hayashi et al.48 to study mass transfer from CO2 Taylor 

bubbles to glycerol-water mixtures and to evaluate the effect of surface oscillations on the mass 

transfer.  

 

 

4.2.2.3 Work developed accordingly the state of the art  

 

According to the state of art, which include experimental and numerical works, there are still 

aspects not clarified with respect to the mass transfer of a solute from a Taylor bubble to the 

flowing fluid. As our ultimate goal is the application to biological systems, usually viscous, we 

intend to quantify mass transfer under laminar conditions, and so, for high values of Morton and 

Schmidt (Sc) numbers. The strategy chosen was to select specific conditions in terms of the 

dimensionless groups, solve the integral species conservation equations in an appropriate mesh 

(at the expense of long computational times), physically analyze the results and, based on this 

analysis, go to the establishment of averaged governing equations. This option will also allow the 

sustainability analysis of the experimental models established on the basis of the penetration 

theory. 

 

To implement this strategy, some options have been taken and are briefly described below: 

 The simulations were done with the commercial package ANSYS Fluent; 

 The hydrodynamic simulations took advantage of the knowledge already gathered by the 

research group about hydrodynamics of two-phase flow systems 22,24,49,50; 

 The hydrodynamic simulations used the VOF method to delimit the interface; 

 The transfer of an oxygen bubble to a flowing liquid (water-glycerol mixture) was 

studied. Since the bubble is a pure component, there is no internal resistance to mass 

transfer, and therefore the interface discontinuity is avoided; 

 The volume variation of the bubble during the simulation time is a negligible fraction of 

the total volume. 
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In the following sections, the method will be presented in detail. 

 

4.3 Material and methods 

 

Mass transfer from a pure oxygen Taylor bubble to the surrounding liquid was numerically 

studied by performing simulations with different liquid velocities –Table 1.  

 

Table 4.1: Average liquid velocity, bubble velocity, bubble length and ReB used to study mass transfer 

phenomena.  

 �̅�𝐿(m.s-1) 𝑈𝐵(m.s-1) 𝐿𝑆/𝐷 ReB 

 CASE 0 0.000 0.38 2.0 83 

CASE 1 0.025 0.49 2.0 108 

CASE 2 0.050 0.59 

2.1 

3.5 

5.5 

8.9 

133 

CASE 3 0.075 0.69 2.1 158 

CASE 4 0.100 0.78 
2.1 

4.1 
185 

CASE 5 0.125 0.86 2.1 208 

 

The system chosen is characterized by the following dimensionless numbers: 

 

                                    M =5.30x10-5, Eo=95 and Sc=1.84 x104. 

 

The viscosity used was 0.045 Pa.s corresponding to a glycerin aqueous solution 82% v/v, while 

the diffusion coefficient of oxygen in this solution is 1.97x10-9 m2.s-1.  

 

In order to minimize the computational time, but maintaining numerical accuracy, the simulations 

were divided into two successive steps, both performed in a FRF (fixed reference frame):  

 

 Hydrodynamics step: rise of a single Taylor bubble through a co-current liquid in a 

vertical tube until the bubble acquires its final shape; 

 Hydrodynamics plus mass transfer step: inclusion of the oxygen transfer from the Taylor 

bubble to the flowing liquid after the bubble reaches its definitive shape and the flow field 

surrounding the bubble gets stabilized. 
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The simulations were performed in an axisymmetric two-dimensional domain representing half 

of a cylindrical tube with a diameter (D) of 2.07 x 10-2 m. The length of the tube was 15D to 

guarantee enough distance for the bubble displacement during the two consecutive simulation 

steps. Two different grids were used to acquire the hydrodynamic features as well as to study the 

mass transfer (validation mesh tests presented in section 4.4.1). The meshes were created using 

Meshing software (component of the ANSYS Workbench) where the domain was uniformly split 

into quadrilateral control volumes imposing an aspect ratio of 1. The outlet boundary condition 

was defined as a pressure-outlet, where at the exit of the system the static pressure had a defined 

value. A no-slip condition was applied to the wall. At the inlet, a parabolic velocity profile was 

imposed assuming fully developed laminar flow in the liquid and considering the average liquid 

velocity. 

The continuity (Equation 4.9) and momentum equations (Equation 4.10) applied are implemented 

on ANSYS Fluent 16.0: 

 

∇. (𝜌�⃗⃗�) = 0                                                                                                                   (4.9) 

    

𝜌
𝜕

𝜕𝑡
(�⃗⃗�) + 𝜌∇. (�⃗⃗��⃗⃗�) = −∇𝑝 + ∇. (𝜏̿) + 𝜌�⃗� + �⃗�                                                               (4.10) 

                                                                       

where 𝜌 represents the density,  𝑝 is the static pressure, �̿� the stress-strain tensor, 𝜌�⃗� the 

gravitational forces and �⃗� the external body forces. 

 

To determine the location of the gas-liquid interface, the VOF (Volume of a Fluid) method 

coupled with a geometric reconstruction scheme 51 was used – Equation 4.11. The geometric 

reconstruction scheme solves the interface through a piecewise-linear approach (PLIC) for the 

gas volume fraction (𝛼𝐺). 

 

𝜕

𝜕𝑡
(𝛼𝐺) + �⃗⃗�. ∇𝛼𝐺 = 0                                                                                                 (4.11) 

 

Equations 4.9 and 4.10 are shared by both gas and liquid phases, while the properties (i.e. viscosity 

and density) are weighted with the α-value.  

 

The continuum surface model 52 was chosen to solve the effect of the surface tension in the gas-

liquid interface. The source term in the momentum equation incorporates this surface effect. 
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As described in previous works19,24: the PISO (“Pressure-implicit with splitting of operators”) 

scheme was used to couple the velocity-pressure equations; for the momentum equation, the 

“QUICK” method was employed as interpolation scheme; for the pressure interpolations, the 

PRESTO! scheme was chosen. The gradients of the scalars were computed through the Green-

Gauss method. The operational implicit body force treatment was used to prevent convergence 

problems and guarantee robust solutions. All these methods can be consulted in detail in 53. 

The simulations time step was variable and controlled by a maximum Courant number of 0.25. 

As the convergence criterion for each time step, the values of the residuals for momentum and 

continuity equations were monitored and set lower than 10-6. 

 

4.3.1 Hydrodynamic simulations 

 

To obtain the stabilized velocity fields and the final bubble shapes, a first set of simulations was 

performed on a mesh with 52x1560 elements. This mesh density was previously validated to solve 

the hydrodynamic flow of single Taylor bubbles19,24. All simulations were initialized with a 

quarter of a circle (the bubble nose), linked to a rectangle with a width equal to the radius of the 

circle (the bubble body). The bubble was initially placed near the tube inlet (bottom of the 

computational domain) and it was allowed to move upwards through the tube with a stationary 

wall (FRF). The simulations ran until the bubble reached a stabilized form. 

 

4.3.2 Mass transfer studies simulations 

 

Mass transport was solved through the “species transport” model implemented in ANSYS Fluent 

16.0. The local mass fraction of i th specie ( 𝑦𝑖) was determined by solving the mass conservation 

equation: 

 

𝜕

𝜕𝑡
(𝜌𝑦𝑖) + ∇. (𝜌�⃗⃗�𝑦𝑖) = −∇. 𝐽𝑖

⃗⃗⃗                                                                                              (4.12) 

 

where 𝐽𝑖
⃗⃗⃗ represents the diffusive flux of species i. 

 

Setting a concentration at the interface can be a challenging task when using ANSYS Fluent. To 

solve this, a boundary condition was implemented by creating a new mass transfer term that was 

introduced by a user-defined function subroutine (UDF) as a source. This source, 𝑁𝐴, was defined 

as: 

 

𝑁𝐴 = −∇c𝐷𝐿𝐴                                                                                                                      (4.13) 
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where 𝐴 stands for the interfacial area (it can be calculated for each cell by multiplying the cell 

volume by the magnitude of the void fraction gradient, Özkan et al.54) and ∇𝐶 is defined as: 

 

∇𝑐 =
𝑐∗−𝑐𝑑𝑖𝑠

∆𝑋
                                                                                                                         (4.14) 

 

where 𝑐𝑑𝑖𝑠 is the concentration on the cell center next to the interface. A solubility of 8.0x10-3 

kg.m-3 (c*) was considered and imposed at the gas-liquid interface.  

 

While all the other variables are easy to impose or get directly from the software, setting the 

distance between the interface and the cell center (Pc),  Δx, is the main issue, particularly in 

regions with curvature. Özkan et al.54 described a method to solve this problem. In this method, 

Δx is calculated through the liquid void fraction and through the interface normal vectors coming 

from the VOF-PLIC scheme. Next, a brief description of this method is provided.  

The first step to obtain Δx is to set the interface. The normal vectors and αr (which dictates the 

phase volume) are retrieved from ANSYS Fluent. A simultaneous code first assumes a point (Pi) 

along the normal vector direction to belong to the interface. The code uses this point to set a 

calculated interface. The correspondent phase volume (αi) is then calculated and compared with 

the value acquired from ANSYS Fluent. If these values are congruous, the program stops and Δx 

is computed. If not, the position of the point is changed, along the normal vector, and a new point 

is considered (Pn). Once again the correspondent phase is calculated (αn). This process repeats 

itself until αn is equal to αr - Figure 4.1.  
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Figure 4.1: a) Schematic representation of the interface determination; b) Schematic representation of the 

interface cells and of Δx calculation based on the work of Özkan et al.54 . 

 

The flow field to perform mass transfer simulations was obtained through an interpolation of the 

pressure and velocity components to a denser grid (100x3000 cells). When the simulation starts, 

the bubble shape was already stabilized and oxygen only existed inside the bubble.  

As already mentioned, simulations were performed for a set of different liquid velocities. The 

average velocity of the parabolic profiles imposed at the inlet varied between 0 and 0.125 m.s-1. 

This corresponds to a ReB between 83-208. 

 

In all simulated systems, the bubble rise was stopped once the oxygen distribution stabilized in 

the close surroundings of the bubble. Local mass transfer coefficients were determined along the 

bubble interface for over 30 positions which included the nose, film and tail-wake regions. Then, 

a global mass transfer was calculated by averaging the local coefficients along the bubble surface. 

  

  

4.4 Results and discussion  

 

In the current section, the main results of this work are presented and discussed. First, the mesh 

independence tests are briefly described. Then, in the following sub-section, the mass distribution 

around the bubble, as well as the gas-liquid mass transfer coefficients, are discussed and compared 
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with correlations available in the literature. Finally, the conclusions of this study are extrapolated 

to become wide-ranging. 

 

4.4.1. Mesh tests 

 

In order to guarantee an accurate prediction of the mass transfer data, mesh tests were performed 

for the system with an average velocity of �̅�𝐿=0.025 m/s. Different uniform meshes with a cell 

aspect ratio of 1 were tested: 52×1560; 80×2400; 100×3000 and 120×3600 cells. The option for 

the lower density (52×1560) comes from literature24, which states that this mesh is capable of 

correctly predicting the hydrodynamics in the conditions under study (M =5.30×10-5 and Eo= 

95). 

 

Figure 4.2: Radial dimensionless concentration profiles at two different axial locations: in the film region 

(A) and below the bubble (B) (each one represented by the red line on the figure scheme of each plot), 

acquired with different mesh densities. In part C of the figure, is shown the concentration distribution inside 

the mass boundary layer along the liquid film together with the corresponding mesh cells (mesh with 

100x3000 cells). The concentration (𝜹𝒄) and the hydrodynamic (𝜹𝒉) boundary-layer thicknesses are 

represented for the system where �̅�𝑳=0.025 m.s-1 (𝐌=5.3×10-5, 𝐒𝐜= 1.84x104 and 𝐑𝐞𝐁=108). 

 

In Figure 4.2, radial dimensionless concentration profiles at the bubble level (A) and below the 

bubble wake (B) are presented for the tested meshes. At the bubble level, the concentration profile 
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is much more sensitive to the mesh density and only the two denser meshes have almost 

overlapped results. Below the bubble wake, the differences between the concentration profiles 

obtained with the different meshes are negligible.  

It is possible to conclude that the mesh with 100×3000 cells, which leads to a total of 300000 

elements in the domain, is dense enough to accurately simulate the mass transfer phenomena on 

the kind of systems addressed in this study. 

 

As previously mentioned, the fact that the liquid viscosity is high implies that the mass boundary 

layer is very thin. The mesh has to guarantee a sufficient number of cells inside this layer to assure 

an accurate concentration field. As can be seen in Figure 4.2C, in the mesh chosen there are about 

8 cells along the radial direction within the mass boundary layer developed in the liquid film 

region. So, this mesh density is enough to have a proper and accurate definition of the 

concentrations inside the referred layer. 

 

After defining an adequate mesh density, the influence of liquid velocity on the oxygen mass 

transfer was inspected and a compilation of results is presented in the following sub-sections. 

 

4.4.2. Mass distribution around the bubble 

 

 

4.4.2.1 Solute distribution 

 

In Figure 4.3, sequential concentration fields are represented for the system with �̅�𝐿=0.025m.s-1 

to evidence the corresponding temporal evolution (starting from the initial moments when the 

mass transfer is activated). An image with the streamlines around the bubble was also added to 

Figure 4.3. 

At the bubble nose, the mass diffuses outwards up to a small distance from the bubble surface and 

quickly reaches a pseudo-stationary state i.e. the concentration field in the close surroundings of 

the bubble becomes time independent. Moving downwards along the bubble, in the film region, 

the pseudo-stationary concentration state is also reached after a few tenths of a second (physical 

time). The zone that demands more time to stabilize is the bubble tail-wake. In the liquid toroidal 

vortex, there is a slow accumulation of solute by diffusion, retarding the complete definition of 

the stabilized concentration field around the bubble.  

While the amount of solute in the nose and film regions is restricted to the close neighborhood of 

the bubble interface the liquid wake with its rising movement following the bubble tail, stores 

part of the solute dispersed  
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The streamlines around the bubble allow to better understand the way mass is distributed around 

it, particularly inside the vortex where the combined ascendant and rotational movements (visible 

in a MFR- Moving Frame Reference) allow the upward transportation of solute.  

The closed laminar wake (MFR) that flows together with the bubble begins to be fed with solute 

coming both from the film and after from the bubble tail. This process is slow and, as can be seen 

in Figure 4.3, it takes about 1.5 seconds until the wake is saturated (for the conditions referred to 

in the legend). When a pseudo-stationary state is reached, there should be no accumulation of 

mass inside the wake, i.e., the mass that is coming from the bubble tail should be the same that is 

transferred from the wake region to the flowing liquid in its surroundings. Because of this 

extended zone of higher concentration, as will be addressed below, the mass transfer coefficients 

in the tail are low. 

 

 

Figure 4.3: Representation of the concentration contours in the nose, film and tail regions for different 

moments until reaching a pseudo stationary-state. The results were obtained for a system with 

�̅�𝑳=0.025m.s-1 and a bubble length of 2.01D. An image with the streamlines around the bubble is also 

shown (M=5.3x10-5, Sc= 1.84x104 and ReB=108). 
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In Figure 4.4A, the axial dimensionless concentration profiles in the liquid flowing around the 

bubble are presented for three different radial positions. Starting from the bubble nose region, the 

oxygen concentration in the liquid phase increases in the downward direction, reaches its 

maximum value on the film and decreases near the tip of the bubble tail. As the radial positions 

approach the wall and get further away from the gas-liquid interface, the solute concentration in 

the liquid sharply decreases.  

 

 

Figure 4.4: A) Dimensionless oxygen concentration in the liquid along the axial direction for three radial 

positions (z0 corresponds to the axial coordinate of the bubble nose tip). B) Dimensionless concentration of 

oxygen along streamlines around the bubble. The coordinate s along the streamlines starts at the P.I. plan 

(see representation in the right side). These numerical results correspond to a physical time of 1.5 s with 

�̅�𝑳=0.025 m.s-1 and a bubble with 2.01D (M=5.3x10-5, Sc= 1.84x104 and ReB=108). 
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Following the concentration of a particle as it moves around the bubble, i.e. along a streamline, 

can also be insightful. Starting from an initial position (P.I.), the concentration along four 

streamlines (s) is represented on Figure 4.4B. The profiles were taken when the concentration 

around nose and film regions no longer changed over time (Δt=1.5s). The streamline marked as 

1 goes along the interface, and so, the concentration saturation value is reached quickly. There is 

a slight reduction on the concentration values as this streamline stops following the bubble 

interface and enters the wake region. The concentration along streamline 2 closely follows the 

previous one and presents a similar behavior. The streamline 4 is the one farther away from the 

interface and it is also the one where the concentration has the lowest values. In this streamline 

closer to the wall, contrary to those near to the interface, there is a solute concentration increase 

as it arrives to the wake region, which is due to the solute diffusion from the regions of higher 

concentration on the liquid vortexes (identified in Figure 4.3) and also from the liquid closer to 

the interface. 

 

Regarding the nose region, dimensionless concentration plots in the normal direction to the bubble 

surface are shown in Figure 4.5.  

 

 

Figure 4.5: Dimensionless concentration of oxygen along h (distance from the bubble surface along the 

normal direction) for different positions around the bubble nose. A grey region limited by the line that 

corresponds to 1% of the saturation concentration (dashed line) and the interface (full line) is represented. 

This simulation has run for 0.5 s with �̅�𝑳=0.025 m.s-1 and a bubble with 2.01D (M=5.3x10-5, Sc= 1.84x104 

and ReB=108). 

 

In the auxiliary image, a grey region limited by the line that corresponds to 1% of the saturation 

concentration (dashed line) and the interface (full line) is also represented. According to the 
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profiles, this 1% mass boundary layer is thicker in front of the nose, decreasing for downward 

axial coordinates. This decrease is accompanied by an increase of the slope of the concentration 

profiles. 

 

In Figure 4.6, dimensionless radial concentration profiles are represented along the liquid film 

region. These profiles tend to be almost overlapped near the interface. Moving downwards 

through the film (z direction), a slight concentration increase occurs in inner positions of the mass 

boundary layer. This can be observed by comparing the augmented profiles in graphs for regions 

A and B of Figure 4.6. Looking at the same Figure and based on the augmented profiles for region 

C, at the end of the mass boundary layer, it is verified an imperceptible increase of its thickness. 

It should be noted that, in Figure 4.6, the boundary layer of mass occupies about 30% of the 

thickness of the liquid film between the bubble and the wall. 

 

 

Figure 4.6: Dimensionless concentration of oxygen in the developed film region. The abscissas axis 

represents h (distance along the normal to the bubble surface), for different positions on the bubble film, 

normalized by the film thickness (𝜹𝒉). The corresponding axial positions as well as the line that represents 

1% of the saturation concentration are schematically illustrated at the right side of the figure. This 

simulation has run for 0.3 s with �̅�𝑳=0.050 m.s-1 and a bubble with 5.5D (M=5.3x10-5, Sc=1.84x104 and 

ReB=133). A zoom for three different regions along the concentration profiles is represented in the lower 

part of the figure.  
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4.4.2.2 Mass transfer coefficients 

 

The values of the mass transfer coefficients along the bubble surface were determined by the raw 

numerical data. Two types of coefficients were considered: local (kL) and average/global (�̅�𝐿) 

coefficients. The local coefficients were calculated using Equation 4.15, along the normal 

directions at several locations throughout the bubble surface. 

 

 

𝑘𝐿 = −
𝐷𝐿

𝑐∗−𝑐𝑏𝑢𝑙𝑘

d𝑐

dℎ
]

ℎ=0
                                                                                               (4.15) 

 

The average/global coefficients were obtained by integrating the local coefficients along the 

bubble surface. A distinction between average and global coefficients was defined: the average 

coefficients concern specific zones around the bubble, while the global mass transfer coefficients 

were calculated by integrating all the local values along the entire bubble surface. 

From these average/global coefficients it was possible to estimate values for the average 

Sherwood number (Sh̅̅ ̅ =
�̅�𝐿.𝐿𝑆

𝐷𝐿
). 

 

For a qualitative visualization, the local mass transfer coefficients obtained for a system with 

�̅�𝐿 =0.05 m.s-1 are represented in Figure 4.7 along a bubble of length 3.5D. Each local coefficient 

is represented by a sphere: larger spheres represent higher mass transfer coefficients and vice-

versa. It is possible to identify the tail as the region where the local coefficients present the lowest 

values. In opposition, the film region presents the highest mass transfer coefficients. 

 

 

Figure 4.7: Local mass transfer coefficients along the bubble surface. Larger spheres indicate higher mass 

transfer coefficients. This simulation has run for 0.2 s with �̅�𝑳=0.050 m.s-1 and a bubble with a length of 

3.5D (M=5.3x10-5, Sc= 1.84x104 and ReB=133).  
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4.4.2.2.1 Bubble length effect on mass transfer coefficients 

 

As referred in the introduction, Niranjan et al.36 concluded on a quasi-independence between �̅� 

and Taylor bubble length, LS, in the range 2D< LS< 8D, which is a surprise considering the 

penetration theory. This conclusion was tested by simulating the mass transfer from bubbles with 

different lengths. In Figure 4.8, local mass transfer coefficients data for increasing longer bubbles 

rising through flowing liquids with �̅�𝐿=0.05 m.s-1 (A) and �̅�𝐿=0.10 m.s-1 (B) are shown. 

 

 

Figure 4.8: Local mass transfer coefficients along the film region obtained for different velocities and 

bubbles with different lengths. For �̅�𝑳=0.05 m.s-1 (A), the bubbles have a length of 2.1D (1), 3.5D (2), 5.5D 

(3) and 8.9D (4). For �̅�𝑳=0.10 m.s-1 (B), the shorter bubble has a length of 2.1D (1) while the longer has a 

length of 4.1D (2) (M=5.3x10-5, Sc= 1.84x104 ). 

 

From Figure 4.8 it is possible to conclude that, for (z − 𝑧0)/𝐷~ > 2, the local mass transfer 

coefficients values tend to be constant.  

Taking in consideration the thickness of the developed film, the length necessary to get the total 

development of the film was determined. For that, it was considered the axial distances from the 

nose (normalized by the column diameter) until the film reaches 95% of the developed film 

thickness. For all the cases studied, the film stabilization length was between 1.63D and 1.76D.  

From Figure 4.8 and the film stabilization length, it can be claimed that around the value where 

the thickness of the film stabilizes, the local values of the mass transfer coefficient tend to be 

identical. 

 

The values presented by Niranjan et al.36 are average values. However, the weight/relevance of 

the interfacial area of the film on the total interfacial area of the bubbles with 𝐿𝑆 > 2𝐷 is 
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irrefutable. Therefore, it can be concluded that, concerning the effect of bubble length, 𝐿𝑆 < 8𝐷, 

the trend observed in Figure 4.8 is in agreement with the data of Niranjan et al.36. 

 

To avoid the higher computational demands, from this point on, all the simulations addressed 

refer to bubbles with a length around 2.1D. It should be noted that, even with this reduced bubble 

length, each simulation takes 2 months to reach 1.5 s using 1 node with 12 cores of a computer 

cluster (Avalanche – FEUP). This cluster is provided with 29 different machines, each one with 

an Intel® Xeon® Processor that varies between 2.00 and 2.50 GHz and access (in average) to 64 

GB of RAM. 

 

 

4.4.2.2.2 Average mass transfer coefficients along the different regions of the bubble 

 

The local coefficients were studied in detail for the three different zones: bubble nose, developed 

film and bubble tail. As aforementioned, the average mass transfer coefficients were calculated 

from the integration of the local values. The local values were represented for the coordinate along 

the bubble surface (s) standardized by the bubble perimeter measured in the plan used to acquire 

the coefficients (st). 

In Figure 4.9, local and global coefficients are represented for different liquid velocities. For all 

velocities, the values of the coefficients increase along the bubble nose. As the hydrodynamic 

film becomes developed, the local mass transfer values tend to stabilize and, as expected from 

Figure 4.7, this is the region where their values are higher. Regarding the tail region, the mass 

transfer coefficients are lower on the transition between the film and the tail. At the bubble bottom, 

these values increase until a radial position around the middle of the bubble radius, closer to the 

position above the eye of the recirculation vortex. After a decrease, there is another increase up 

to the tube center. 
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Figure 4.9: Local mass transfer coefficients along the bubble surface for different velocities. The dotted 

lines represent the global mass transfer coefficients. Next to each plot, a schematic representation of some 

positions is presented to help the interpretation of the plots (M=5.3x10-5, Sc= 1.84x104). 

  

The slight perturbations/oscillations on the coefficient values, especially in the film region, are 

due to small numerical random axial velocity disturbances on the gas-liquid interface.  

The coefficients behavior is similar for the different velocities: the highest values are reached in 

the film zone while the tail had the lowest. It is also possible to infer the liquid velocity effect on 

the mass transfer coefficients: the lowest global and local coefficients are associated with the 

lowest liquid velocity.  

 

Figure 4.10 shows the influence of the bubble Reynolds number (based on the bubble velocity) 

on the average Sherwood number for the different bubble regions. 
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Figure 4. 10: Average Sherwood number for different bubble regions in function of the bubble Reynolds 

number (for M=5.3x10-5, Sc= 1.84x104). The dashed lines represent the fitted equations for each zone.  

 

According to the data in Figure 4.10, in the three regions, the average mass transfer coefficients 

increase with the velocity of the liquid. For each region, this data can be fitted by exponential 

equations defining a dependence of the Sherwood number on the bubble Reynolds number (for 

M=5.3x10-5, Sc= 1.84x104): 

 

 

Sh̅̅ ̅
𝑛𝑜𝑠𝑒 = 0.26ReB

1.00                                                                                                            (4.16) 

 

Sh̅̅ ̅
𝑓𝑖𝑙𝑚 = 4.14ReB

0.56                                                                                                            (4.17) 

 

Sh̅̅ ̅
𝑡𝑎𝑖𝑙 = 0.022ReB

1.26                                                                                                           (4.18) 

 

Sh̅̅ ̅
𝑔𝑙𝑜𝑏𝑎𝑙 = 2.04ReB

0.66                                                                                                         (4.19) 

 

4.4.2.2.3 Mass transfer coefficients – Comparison with literature 

 

A direct comparison between the numerical values of the mass transfer coefficients with 

predictions given by the Equations 4.4, 4.5, 4.6, 4.7 and 4.8 is not a straightforward task. In the 
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correlations supported by the penetration theory, the coefficients are associated to the superficial 

bubble area (�̅�𝐿A) and are not discriminated by hydrodynamic regions (nose, film, and tail).  

Besides, these equations were developed for cases where a bubble rises along a quiescent liquid. 

For comparison purposes, the average Sherwood numbers acquired from equations 4.6, 4.7 and 

4.8 and the value numerically obtained for stagnant liquid conditions are 1930, 1220, 1400 and 

38.6, respectively. The theoretical and numerical values show a large difference (around two 

orders of magnitude), indicating that these correlations are not appropriate to describe the problem 

in study, at least for the dimensionless numbers considered.    

The difference is very significant and, just to have an idea of its implication in terms of 

concentration behaviour near the interface, the concentration gradient at the interface that would 

lead to the referred magnitudes of �̅�𝐿 is plotted in Figure 4.11 (red dashed line) and compared 

with the profile numericaly acquired (black solid line). As can be seen, the penetration theory is 

related to very low levels of radial diffusion: the slope of the concentration profile that justify a 

�̅�𝐿 value in the order of 10-4 m.s-1 (and Sherwood around 1400) implies a mass boundary layer 

with a thickness of about 0.3% of the total thickness of the liquid film, contrary to the 30% 

obtained by numerical simulation.  A linear profile along the boundary layer, described by the 

film theory (where 𝑘 =
𝐷𝐿

𝛿ℎ
, ) 55 is also represented by a black dashed line. 

 

 

 

Figure 4. 11: Dimensionless concentration of oxygen in the developed film region acquired by simulation 

(Numerical). The dotted lines represent the profiles that would produce the mass transfer coefficients values 

estimated by the penetration (red line) and by the film (black line) theories. The abscissas axis represents h 

(distance along the normal to the bubble surface) normalized by the film thickness (M=5.3x10-5, Sc= 

1.84x104). 
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A possible justification for the high mass transfer rates obtained by researchers who have applied 

penetration theory may be in the experimental procedure adopted. They used a constant volume 

technique to determine the mass transfer coefficients: the volume of a bubble rising in a closed 

column filled with liquid will remain constant irrespective of the extent of gas dissolution, as long 

as the system is incompressible. Therefore, it was measured the rate of pressure change in the 

rising bubble to determine the rate of gas transfer to the liquid. However, there are always small 

bubbles, some visible others microscopic, which are blown out from the body of the bubble by 

the flow itself. These small bubbles, which do not come from the dissolution process, are taken 

as such in the experimental technique used. Its importance will be greater, as the rate of dissolution 

gets lower.  

Just to have an idea, the mass transferred during the rise of a Taylor bubble through a column of 

stagnant liquid with 1.0 m length was calculated taking our numerical results and those given by 

Niranjan36 (eq.4.7) for a M=5.3x10-5 and a Sc=1.84x104. The difference between the dissolved 

mass estimated for these two alternatives is 1.65x10-9 g, which corresponds, under normal 

pressure and temperature conditions, to a volume of gas of 6.85x10-8 m3. This value is equivalent 

to the volume of 16 spherical bubbles of 2 mm.  

 

 

4.4.2.2.4 Mass transfer coefficients – A simple theory for predictions 

 

As the largest contribution to the overall mass transfer coefficient comes from the film region, a 

simple theory was developed that may help in future studies, namely for systems characterized 

by other Morton numbers. 

Performing a volumetric balance in MFR between two cross sections of the column – 1) one in 

the undisturbed liquid above the bubble and 2) another in the developed liquid film region – it 

gives the following expression: 

 

𝜋𝐷𝛿𝐻�̅�𝑓 = (𝑈∞ + (𝑐 − 1)�̅�𝐿)𝜋
𝐷

4

2
                                                                                      (4.20) 

 

and solving in order to �̅�𝑓 knowing that for laminar flow c = 2: 

 

�̅�𝑓 =
(𝑈∞+�̅�𝐿)𝐷

4𝛿𝐻
                                                                                                            (4.21)                                                                                                                 

 

where �̅�𝑓 is the average velocity in the developed film and 𝛿𝐻 the liquid film thickness. Using 

this value of velocity, the Re𝑓
  was solved. 
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Supposing valid a correlation of the form: 

 

𝑆ℎ̅̅ ̅
𝑓𝑖𝑙𝑚 = 𝑎Re𝑓

𝑏                                                                                                                           (4.22) 

 

and fitting to the numerical data obtained, it results: 

 

𝑆ℎ̅̅ ̅
𝑓𝑖𝑙𝑚 = 4.05 Re𝑓

0.83                                                                                                                (4.23) 

 

This simplified model can be very useful to provide quick estimations of gas-liquid mass transfer 

coefficients in slug flow systems. Nevertheless, its applicability should be validated in the future 

by performing similar simulations for different Morton numbers (maintaining Schmidt number). 

It is also important to keep in mind the large computational effort necessary to perform each 

simulation, i.e., around 2 months using a computer cluster with a high processing capacity. 

 

4.5 Conclusions 

 

This manuscript presents a detailed numerical study focused on the mass transfer phenomenon 

from Taylor bubbles of pure oxygen to co-current liquid initially absent of solute. The 

simultaneous solution of the flow field, bubble shape and mass transfer in a domain with 

stationary walls was carried out successfully. Several simulations were performed for a range of 

Reynolds numbers (i.e., varying the inlet liquid velocities) and fixed liquid properties (i.e., 

constant Morton number) with a particular interest placed on analyzing the influence of the 

different hydrodynamic flow regions on the bubble surroundings (nose, film and tail region).  

The determination of local mass transfer coefficients for the different flow regions surrounding a 

Taylor bubble allows the identification of the liquid film as the largest contributor in terms of 

mass transfer flux. Another important aspect about the film region is the relation between the 

local mass transfer coefficients and the Taylor bubble length. For bubbles with a fully developed 

liquid film and with a length between 2-9D, these coefficients become constant and independent 

of the bubble length. While also contributing to the overall solute transfer to the liquid phase, the 

bubble tail region shows the lowest mass transfer coefficients. In terms of a global perspective of 

the occurring mechanism, it can be roughly concluded that the solute diffuses from the bubble 

nose and film surface, while the wake below the tail accumulates part of the solute transferred 

instead of letting it freely disperse in the liquid.  

Furthermore, it was shown that if the goal is to enhance mass transfer between a Taylor bubble 

and liquid, an increase on the Reynolds number is able to promote an increase in the mass transfer 

flux in all the referred hydrodynamic regions. 
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Regarding the validation of mass transfer coefficient data from soluble bubbles to a flowing 

liquid, the Higbie penetration theory is normally used as the fundamental model for comparison 

(correlations of Filla35, Niranjan et al.36 and Sena Esteves and Guedes de Carvalho37). The 

numerical coefficients acquired during this work present a significant deviation (of two orders of 

magnitude) to the ones estimated from the aforementioned model. The difference between these 

values can be justified by the experimental procedure, that usually does not account for small 

bubbles that are continuously released during the bubble movement. On the other hand, the film 

theory seems to be more adequate to estimate the concentration gradients adjacent to the gas-

liquid interface. 

Globally, the results produced by this work shows the viability of using Taylor bubble to feed 

solute into a confined liquid system. This feature is particularly interesting in scenarios that 

demand a supply of reactant species to promote or enhance surface reactions. As aforementioned, 

the control of biofilm formation in tube walls is a perfect example of this kind of scenarios. The 

use of a wider range of liquid properties to include different Morton numbers, as well as the 

coupling of reactive mechanisms at the wall surface, will be important features to address in future 

works to extend/complement the findings presented in this manuscript.  
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Nomenclature 

𝐴 interfacial area  m2 

𝐵𝑖 mass source defined by user kg.m-3s-1 

𝑐 concentration  kg.m-3 

𝑐∗ saturation concentration  kg.m-3 

𝐶𝐴,𝐼 concentration at the interface mol.m-3 

𝐶𝑏𝑢𝑙𝑘 concentration in the bulk mol.m-3 

𝑐𝑑𝑖𝑠 concentration on the cell center kg.m-3 
 

𝐷 tube diameter m 
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𝐷𝐿 coefficient of diffusion m2.s-1 

�⃗� external body force N.m-3 

𝑔 gravitational acceleration m2.s-1 

ℎ distance along the normal to the 

gas interface 

m 

𝐼(𝑙/𝐷) function of the bubble shape  

𝐽𝑖 diffusive flux of specie i kg.m-2s-1 

𝑘𝐿 mass transfer coefficient for the 

liquid phase  

m.s-1 

�̅�𝐿 average/global mass transfer 

coefficient for the liquid phase 

ms-1 

𝑘𝐿𝐴 volumetric liquid side mass 

transfer coefficient  

m3s-1 

𝑙 distance from the nose tip to 

the liquid film fully developed 

m 

𝐿𝑠 Taylor bubble length m 

�⃗⃗� normal vector  

𝑁𝐴 mass transfer rate kg.s-1 

𝑝 static pressure Pa 

𝑃𝑐 cell center position m 

𝑃𝑖 initial position m 

𝑃𝑛 computed position m 

𝑟 radial coordinate m 

𝑅𝑖 net rate production of specie i kg.m-3s-1 

𝑠 coordinate along the bubble 

surface 

m 

𝑠𝑡 bubble perimeter m 

𝑡 Time s 

𝑡𝑐 gas-liquid contact time s 

𝑢 velocity at the bubble interface m.s-1 

�⃗⃗� velocity vector m.s-1 

�̅�𝐿 average liquid velocity  m.s-1 

�̅�𝐿
𝑀𝐹𝑅 average liquid velocity 

expressed in a moving  frame 

reference  

m.s-1 

�̅�𝐹 average film velocity  m.s-1 
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GREEK LETTERS 

α volume fraction --- 

𝛿𝑐 thickness of the 

concentration boundary 

layer 

m 

𝛿ℎ film thickness m 

μ viscosity Pa.s 

ρ density kg.m-3 

𝜎 surface tension N.m-1 

�̿� stress-strain tensor Pa 

   

 

DIMENSIONLESS GROUPS 

Eo Eötvös number  

Fr Froude number  

M Morton number  

Re Reynolds number  

Sh Sherwood number  

Sc Schmidt number  
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Chapter 5 - Mass transfer from a soluble wall to the flowing liquid around a bubble in 
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Abstract 

 

The mechanism of wall-liquid mass transfer of a solute in micro-scale systems has a huge 

relevance in many practical scenarios with particular interest for medical devices. A possible 

enhancement on this kind of phenomenon through the application of slug flow regime was studied 

with CFD techniques. Different flow conditions were considered to enable the inspection on the 

distinct hydrodynamics that may occur on the Taylor bubble surroundings in micro-scale. The 

VOF methodology was used to track the gas-liquid interface and the mass and hydrodynamic 

fields were simultaneously solved. 

The effects of the bubble passage on the mass transfer from a finite soluble wall to the flowing 

fluid were analyzed for each flow condition, and the corresponding mass transfer coefficients 

were quantified. 

Overall, this numerical work indicates that the flow due to the presence of one Taylor bubble 

leads to a moderate increase of the wall-liquid mass transfer coefficients. This increase can be 

enhanced if, instead of one, a continuous flow of bubbles is considered. The abrupt variation on 

the wall shear stress induced by the bubble movement is important to promote this increase. 

 

 

 

5.1 Introduction 

 

The interest in processes regarding small devices (characteristic dimensions below 1 mm) has 

emerged in the last decades1,2. These small scale processes offer many advantages, being among 

them the enhancement of heat and mass transfer rates when compared with their macro-scale 

counterparts1,3–6, in part due to an increase of the surface area per volume unit. In chemical 

reactive processes, small devices also allow for a reduction on the amount of reactants needed 

and an easier scale-up2. These advantages and benefits drove to a fast dissemination of their use1.  

Despite the notable advances that have been achieved, manufacturing limitations and the lack of 

straightforward approaches for creating integrated and flexible systems still offer some obstacles 

for the use of small devices. Another problem is the susceptibility of this kind of equipment to 

clogging. Perfect examples are medical micro-devices such as catheters. Due to their unavoidable 

contact with microorganisms, these can easily adhere to the devices walls and form biofilms 

which may cause flow blockage7–9. In order to control biofilm formation, the wall shear stresses 

and the nutrient transport are important factors that should be considered.  

According to previous studies performed in macro-scale systems10,11, the addition of a gas Taylor 

bubble to a flowing liquid is able to enhance the mass transfer rates on the wall and, by 

consequence, can help in controlling the biofilm development. The main purpose of this paper is 
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to investigate the same kind of influence inside a micro-channel. In the future, this knowledge 

will be essential to define more efficient strategies for biofilm growth control.  

 
The phase distribution occurring on milli/micro-scale gas-liquid flow has been extensively 

studied.12–16 As a reference work, Triplett et al.13 focused on air-water flow inside 1.45 mm 

circular channels and described five main flow patterns: bubbly, slug, churn, slug-annular and 

annular. 

From these flow patterns, there is a special interest in slug flow. At the milli/micro-scale, this 

pattern persists under a wide range of operating conditions (flow rates as well as different 

fluids)13,16 and is characterized by the presence of large bubbles occupying almost all the cross 

section of the tube (Taylor bubbles). These bubbles are followed by liquid slugs while a liquid 

film can appear between the bubbles and the channel wall. 

The hydrodynamic characteristics involved in Taylor bubbles flow have been analyzed in several 

numerical and experimental studies, not only in macro-scale systems17–21, but also in milli and 

micro-scales22–24,14. The behavior of the main hydrodynamic features results from the balance 

between viscous, inertial, interfacial and gravitational forces. This balance gets quite different 

when the scale range is changed: while at conventional dimensions the gravitational forces have 

a major role in defining the flow characteristics, at milli/micro-scales the gravitational forces tend 

to be negligible and the interfacial forces become prominent. A good criterion to set a boundary 

between both types of scales is the Eötvös number (Eo) that, by definition, quantifies the ratio 

between gravitational and interfacial forces. The work of Bretherton25 shows that, for a bubble 

flowing in water, the gravitational forces are not able to promote the bubble movement at Eötvös 

inferior to 3.37. So, this value can be used to set the limit between conventional and small 

channels. An Eötvös number between 0.88 and (2π)2 is also described in the literature as the value 

below which the dimension of the channels can be considered small.2,26 The Eo is expressed by: 

 

Eo =
𝑔(𝜌𝐿−𝜌𝐺)𝐷2

𝜎
                                                                                                                       (5.1) 

 
where 𝑔 is the gravitational acceleration, 𝜌𝐿  the density of the liquid, 𝜌𝐺 the density of the gas, 𝐷 

the diameter of the tube and 𝜎 the surface tension. 

 
The other main dimensionless numbers that are relevant to describe the two-phase co-current flow 

in small channels are the Reynolds and Capillary numbers. Reynolds number (ReB) sets the 

relation between inertial and viscous forces, here defined in function of the bubble velocity (𝑢𝑏): 

 

ReB =
𝜌𝐿𝑢𝑏𝐷

𝜇𝐿
                                                                                                                            (5.2) 
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The Capillary number (CaB) quantifies the balance between viscous and interfacial forces:  

 

CaB = 𝜇𝐿
𝑢𝑏

𝜎
                                                                                                                                (5.3) 

 

which is once again based on the bubble velocity. 

 
Mass transfer is highly dependent on the hydrodynamic characteristics of the flow27.  

To analyze mass transfer phenomena, Schmidt and Sherwood numbers are usually considered.  

The Schmidt number translates the ratio between the momentum diffusivity and the mass 

diffusivity: 

 

Sc =
𝜇

𝜌𝐷𝑚
                                                                                                                                    (5.4) 

 

where 𝐷𝑚 is the diffusivity coefficient. 

 

The Sherwood number represents the ratio between the mass transferred by convection and 

diffusion and is defined as: 

 

Sh =
𝑘 𝐷

𝐷𝑚
                                                                                                                                    (5.5) 

 

where 𝑘 is the mass transfer coefficient.  

 

The presence and movement of Taylor bubbles affects the liquid flow on the surroundings and 

creates regions with distinct characteristics, which is expected to promote different behaviors of 

the solute exchange with the wall.  

 

Rocha et. al23 studied the shape, velocity and liquid film flow around Taylor bubbles for a range 

of conditions defined by 0.01< CaB < 2 and 0.01 < ReB< 700. Based on this numerical work, three 

distinct flow patterns were chosen as representative of continuous gas-liquid Taylor flow in 

milli/micro-channels (Figure 5.1): 

 

- For high Capillary numbers, the bubble moves faster than the liquid ahead of it. The 

bubble nose is slender, the tail is concave and it is noticeable the existence of a liquid film 

between the bubble and the wall. In a reference frame moving with the bubble (MFR), 

there are no recirculation zones in the liquid – Case A. 
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- For intermediate values of the Capillary number, the bubble still moves faster than the 

majority of the liquid ahead of it. However, a closed recirculation wake appears below 

the bubble tail. In a MFR, this wake accompanies the bubble as it moves upwards – Case 

B. 

- Semi-infinite recirculation regions (in MFR) ahead and behind the bubble appear for low 

values of the Capillary number. As CaB decreases, the cross-sectional area occupied by 

these recirculation zones gets higher (always increasing from the tube center to the wall). 

The average velocity of the liquid enclosed in these regions is equal to the bubble 

velocity, i.e., gas and liquid phases flow like a piston. The bubble tail and nose have a 

round shape and it occupies practically all the tube cross-section with a very thin liquid 

film flowing around. This film can be seen as practically stagnant - Case C. 

 

 

 

Figure 5.1: Flow patterns for milli/micro-channels based on the work of Rocha et. al23. The wall shear 

stress axial evolution obtained in the present work is also represented for each flow condition. 

 
Hatziantoniou and Andersson28 presented a study where experimental and numerical techniques 

are used to describe the mass transfer from a soluble wall into a gas-liquid slug flow in milli-

channels (diameters between 2 and 3 mm). The authors developed a theoretical and empirical 

model to extract a correlation for the mass transfer coefficients supported by data produced with 

different gas and liquid slug lengths, gas and liquid velocities and tube diameters: 

 

Sh = 3.51 (
ReSc

𝐿/𝐷
)

0.44

(
𝐿𝑙

𝐷
)

−0.09

                                                                                      (5.6) 

 

 
where D stands for tube diameter, L is the length with soluble wall and Ll is the liquid slug length.  

The model they developed assumes that no liquid flows around the bubble, and so, gas and liquid 

are moving in plug flow.  
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Bercic and Pintar29 studied the dissolution of benzoic acid in capillaries, assuming also a stagnant 

liquid film between the flowing bubble and the tube wall. The authors were able to provide 

experimental data which was correlated using the average gas-liquid slug unit velocity 𝑢𝑢𝑠: 

 

𝑘𝑠𝑎 = 0.069𝑢𝑢𝑠
0.63/((1 − 휀𝐺)𝐿𝑢𝑠 − 0.105𝐿𝑢𝑠휀𝐺)

0.44
                                                          (5.7) 

 
where 𝐿𝑢𝑠 stands for the length of one gas-liquid slug unit, and 휀𝐺 for the gas hold-up. 

 
van Baten and Krishna30 studied the mass transfer from a solid wall to a gas-liquid system flowing 

in circular capillaries using CFD methods. The effects of several hydrodynamic parameters (such 

as bubble velocity, unit cell length, gas holdup, tube diameter and liquid film thickness) were 

isolated. The authors characterized the global mass transfer from the wall to the flowing liquid. 

Afterwards, the soluble wall was separated in two regions: one enclosing the bubble and the other 

the liquid slug. For each zone, specific Sherwood numbers were calculated.  According to the 

results, for systems with long bubbles (with film lengths higher than 5D), the values obtained for 

the Sherwood number in the wall region enclosing the bubble are lower than those for the wall in 

contact with the liquid slug (assuming that both regions occupy a similar area).  

It should be noted that the vast majority of the referred studies, if not all, considered the presence 

of a stagnant and very thin liquid film between the wall and the bubble. This assumption is a good 

approximation for the particular Case C described above. 

 
The present work takes advantage of the knowledge about hydrodynamics of two-phase flow in 

milli/micro-systems, already gathered for a wide range of conditions23, to study in detail the wall-

liquid mass transfer mechanism in slug flow regime. To accurately describe this mechanism, both 

mass and hydrodynamic fields were solved simultaneously through numerical CFD methods.  

This kind of methodologies were already used to study the mass transfer between a soluble wall 

and a gas-liquid system flowing in a tube with conventional dimensions11.  At the macro-scale, 

the bubble passage is responsible for an increase on the mass transfer rate. Since the 

hydrodynamic features differ when the dimension magnitude is considerably reduced, the interest 

is now placed on evaluating the bubble effect on the mass transfer rates for tubes with smaller 

diameters. In the future, this knowledge can be transposed to enable an efficient cleaning of 

organic matter deposited along the wall of capillary tubes.    
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5.2 Materials and Methods 

 

The commercial CFD package ANSYS Fluent 16.2 was used to perform a set of simulations 

concerning the flow of a single Taylor bubble through a co-current liquid with simultaneous mass 

transfer. The effects of the bubble passage on the behavior of mass transfer from a finite soluble 

wall to the flowing fluid were numerically inspected, and the corresponding mass transfer 

coefficients were also quantified. 

 

The simulations were performed in a 2D domain by assuming symmetrical conditions along the 

tube axis. This domain represents half of a cylindrical tube with a diameter of 100 μm and a length 

equal to 20 diameters. The domain and boundary conditions are illustrated in Figure 5.2. The wall 

of the tube was divided into three main parts: insoluble wall-1, soluble wall-2 and insoluble wall-

3. A non-slip condition was applied on these three parts and, regarding the solute transport, the 

solubility concentration was set at wall-2 and a zero diffusive flux was assumed for walls-1 and 

3.   

A parabolic velocity profile characteristic of fully developed laminar flow was defined at the 

capillary inlet. Also at the inlet, a solute concentration of 0 was imposed. The pressure-outlet 

condition was set at the tube exit, where a static pressure value is defined. The simulations were 

performed in transient state to capture the temporal evolution of the solute concentration field.  

 

 

Figure 5.2: Schematic representation of the domain and boundary conditions. 

 

Regarding the modelling of the system, the continuity (Equation 5.8) and momentum equations 

(Equation 5.9), already implemented in ANSYS Fluent 16.2, were solved assuming isothermal, 

incompressible and laminar flow conditions.  

 

𝜕

𝜕𝑡
(𝜌) + ∇. (𝜌�⃗⃗�) = 0                                                                                                                  (5.8) 

 

𝜕

𝜕𝑡
(𝜌�⃗⃗�) + ∇. (𝜌�⃗⃗��⃗⃗�) = −∇𝑝 + ∇. (𝜏̿) + 𝜌�⃗� + 𝐹𝜎⃗⃗⃗⃗⃗                                                                           (5.9) 
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where 𝜌 represents the density, 𝑝 the static pressure, �̿� the stress-strain tensor, 𝜌�⃗� the gravitational 

forces and 𝐹𝜎
⃗⃗ ⃗⃗  the interfacial tension force term.  

  

 

The gas-liquid interface tracking was based on the Volume of Fluid (VOF) method. This method 

was applied together with the geometric reconstruction scheme that assumes a piecewise-linear 

approach to describe the interface between phases: 

 
𝜕

𝜕𝑡
(𝛼𝐺) + �⃗⃗�. ∇𝛼𝐺 = 0                                                                                                            (5.10) 

 

where 𝛼𝐺 is the gas volume fraction. 
 
The continuum surface model31 was chosen to translate the effect of the surface tension on the 

gas-liquid interface: 

 

�⃗�𝜎 = 𝜎𝜔
𝜌∇𝛼𝐺

0.5(𝜌𝐺+𝜌𝐿)
                                                                                                                 (5.11) 

 

 where 𝜔 = −∇.
∇𝛼𝐺

|∇⃗⃗⃗𝛼𝐺|
 . 

 
Finally, the description of the mass transfer phenomenon involved in this study was based on the 

“species transport” model implemented in the software. The local mass fraction of each species 

( 𝑦𝑖) was predicted by solving the corresponding mass conservation equation applied to the liquid 

phase: 

 
𝜕

𝜕𝑡
(𝜌𝑦𝑖) + ∇. (𝜌�⃗⃗�𝑦𝑖) = −∇. 𝐽𝑖

⃗⃗⃗                                                                                              (5.12) 

 

where 𝐽𝑖
⃗⃗⃗ represents the diffusive flux of species i.  

 

The numerical schemes applied to solve the aforementioned set of governing equations followed 

the choices already taken in previous works11,32: 1) PISO (“Pressure-implicit with splitting of 

operators”) scheme for the solution of the discretized velocity-pressure coupled momentum 

equations; 2) PRESTO! method was used for the pressure interpolations; 3) QUICK scheme was 

applied to discretize the momentum equation; and 4) the discretized gradients of the scalars were 

computed through the “Green-Gauss Node Based” method.  
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Furthermore, as recommended in the literature24, the conservative mass equations were solved by 

an explicit time-marching scheme with a maximum Courant number of 0.25. The time step 

applied was variable and determined by the Courant number. The convergence criterion assumed 

in each time step was based on the values of the residuals for momentum and continuity equations 

that were monitored and controlled to be kept below 10-6.  

 

5.2.1 Mass transfer simulations in the absence of the Taylor bubble  

 

The first step of this work consisted on performing a set of simulations to characterize the mass 

transfer occurring between a finite soluble wall and a flowing liquid phase. For this purpose, three 

different liquid viscosities were considered (7.5x10-3, 3.7x10-2, and 4.6x10-2 kg.m-1.s-1) 

corresponding to Reynolds based on the liquid average velocity between 0.1 and 66. The liquid 

density was the same (1.0 x103 kg.m-3), which lead to Sc values of 7.5x103, 3.7x104 and 4.6x104. 

Benzoic acid was selected as the solid material since it is highly soluble in aqueous solutions and 

its physical properties are widely described.33  

Initially, wall-2 region was the only source of benzoic acid (called from now on as soluble wall) 

and the flowing liquid was free of solute. The length L of this soluble wall was 2D in a total tube 

length of 20D. The species transport equations were solved defining the liquid as solvent and 

benzoic acid as the solute with a molecular diffusion coefficient (Dm) of 1.0x10-9 m2. s-1. In all the 

cases concerning single phase flow, the simulations were stopped when the benzoic acid 

distribution reached a stationary value throughout the entire domain.  

 

 

5.2.2 Mass transfer simulations in the presence of the Taylor bubble  

 

A second set of simulations was performed to study the role of the Taylor bubble flow in the mass 

transfer between the soluble wall and the flowing liquid. A bubble was added to each monophasic 

system (described in section 5.2.1) when the concentration and velocity fields reached a stationary 

state inside the domain. The Reynolds number based on the bubble velocity varied between 0.1 

and 100 (corresponding to the same values of the Reynolds number based on the average liquid 

velocity considered in section 5.2.1) and the Capillary number ranged between 0.03-2. 

The initial shape of the bubble was set as a quarter of a circle (the bubble nose) linked to a 

rectangle with a width equal to the radius of the circle (the bubble body). The bubble was 

initialized near the tube inlet in order to have the maximum available length of the domain to flow 

through. When the Taylor bubble reached the soluble wall region (wall-2), its shape was already 

definitive and the flow was stabilized.  
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5.3 Results and discussion 

 

5.3.1 Mesh sensitivity tests 

 
Based on the work previously done in similar domains, Rocha et al.23 performed mesh density 

tests concerning solely the fluid flow. The authors used meshes ranging from 35 000 to 140 000 

elements to guarantee that, in the radial direction, the film region comprised at least 5 cells. As 

such, it was necessary to perform some preliminary mesh independence tests to define an adequate 

grid density that ensures an accurate numerical description of the mass transfer phenomenon.  

In order to reduce the computational effort, but still evaluate the density required for the mass 

transfer feature, the referred mesh tests were made with simpler scenarios of liquid phase-flow, 

i.e., in the absence of Taylor bubbles. For the range of densities tested, all the meshes were 

uniform and the information about the number of nodes in the axial (z) and radial (r) direction is 

given in Table 5.1.  

 

Table 5.1: Number of nodes used in the meshes considered for the density test. 

 Nodes in r Nodes in z 

MA 50 2000 

MB 90 3600 

MC 150 6000 

MD 200 8000 

ME 220 8800 

 

In Figure 5.3, radial concentration profiles obtained in three regions of the soluble wall are 

compared for different meshes. The profiles obtained with meshes MD and ME are practically 

coincident in those regions and, based on this observation, MD was the mesh density chosen to 

be used throughout this study.  
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Figure 5.3: Radial dimensionless concentration profiles for three positions along the soluble wall obtained 

for the different meshes considered in the density test.  

 

 

5.3.2 Validation of the mass transfer for monophasic systems 

 
As the liquid flows through the soluble wall, a mass boundary layer tends to develop and, 

assuming constant hydrodynamic conditions, will eventually reach a stationary state.  

With this concept in mind, local mass transfer coefficients (𝑘) can be determined along the soluble 

wall from the corresponding simulation results:  

 

𝑘 =
𝐷𝑚

𝑐∗−𝑐𝑏𝑢𝑙𝑘

d𝑐

d𝑟
]

𝑟=𝑅
                                                                                                                 (5.13) 

 
where 𝐷𝑚 stands for the diffusion coefficient, 𝑐∗ is the solubility concentration and 𝑐𝑏𝑢𝑙𝑘, the 

bulk concentration. 

  

The estimation of the average mass transfer coefficients (�̅�) can be made from the integration 

along the soluble wall of the referred local coefficient values:  
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�̅� =
1

𝐿
∫ 𝑘

𝑧𝑧

𝑧0
d𝑧                                                                                                                        (5.14) 

 

 where L is the length of the soluble wall. 

  
In order to assess the accuracy of the mass transfer numerical data produced for monophasic 

systems, the values determined for the mass transfer coefficients were compared with those 

predicted with available theoretical information. For that purpose, Equation 5.15 was found in the 

literature34 and allows to predict mass transfer coefficients in systems with monophasic flow 

inside macro-tubes. 

 

Sh = 1.077Re1/3Sc1/3 (
𝐷

𝐿
)

1/3

                                                                                              (5.15) 

 

It is important to notice that, this correlation was developed assuming short contact times and 

laminar monophasic flows, so, it can also be used to roughly estimate the wall-liquid Sherwood 

number in micro-scales.  

The data for monophasic systems can also be compared to the expression reported by Shah and 

London35, and used by van Baten and Krishna30, assuming that 휀𝐺 for monophasic systems is 0. 

 

Sh = 1.62
𝐿𝑡𝑢𝑏𝑒(1− 𝐺)𝐷𝑚

𝐷2𝑢𝑏

−1/3

                                                                                                     (5.16) 

 

The Sherwood values determined from the data of the single-phase flow simulations and the ones 

estimated by Equations 5.15 and 5.16 are shown in Table 5.2. Although the Reynolds number 

varied by two orders of magnitude, the agreement between the numerical and correlations 

predictions of Sh is kept within a satisfactory margin.  

 

Table 5. 2: Sherwood numbers determined from the simulations of monophasic systems and corresponding 

values estimated by Equations 5.15 and 5.16.  

 CaB ReB Sc Sh sim Sh 15 Sh 16 

Case A 2 10 37420 54.7 59.2 42.4 

Case B 0.8 100 7483 61.7 77.5 54.8 

Case C 0.03 0.1 45800 19.0 16.7 9.9 
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5.3.3 Taylor bubble influence on wall-liquid mass transfer 

 
In order to make a comprehensive mass transfer study, as already mentioned, the work developed 

by Rocha and coworkers23 was used as reference to set the different hydrodynamic behaviors 

involved on Taylor bubble flow in milli/micro-channels: 

- Case A - The bubble moves faster than the surrounding liquid and, in a moving frame 

reference (MFR), no recirculation regions are observed; 

- Case B - The bubble moves faster than the surrounding liquid and, at the bubble rear (in a 

MFR), it is possible to observe a closed liquid wake flowing attached to the bubble; 

- Case C - Liquid in recirculation (MFR) ahead and behind the bubble with an average velocity 

equal to the bubble velocity.  

 

 

5.3.3.1 Case A 

 
Regarding the simulation of a system characterized by the first type of the aforementioned flow 

behaviors, the bubble Reynolds number was set to 10 (ReB =10) while the Capillary number was 

2 (CaB =2.0). According to Figure 5.4, in a MFR, it was confirmed the absence of regions with 

liquid in recirculation. The bubble nose is lean and the tail presents a concave shape. A liquid film 

with a thickness of 0.16D (± 0.2%) was detected between the bubble and the wall. It was estimated 

that the presence of the bubble affected the liquid flow above its nose only within a small length 

(Z’/D=0.3). Below the bubble, the liquid velocity profile is fully restored also after a short distance 

(Lmin/D= 0.6). 

  

 

 

Figure 5.4: Streamlines on the bubble surroundings (in a MFR) for ReB =10 and CaB =2.0.  

 

 

5.3.3.1.1 Velocity profiles and wall shear stress 

 
The variation of the wall shear stress along the soluble wall in a sequence of instants during the 

bubble passage is represented in Figure 5.5.1. The radial profiles of the axial velocity component 

near the soluble wall are also represented for three different locations (A, B and C) along the 

bubble (Figure 5.5.2). 
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Figure 5. 5: 1) Wall shear stress along the soluble wall for different instants during the bubble passage; 2) 

Radial profiles of the axial velocity component for three locations (A, B, C) along the Taylor bubble. A set 

of streamlines near the wall are represented on the left side of the bubble. 

 
According to Figure 5.5.2, as we move downwards along the bubble, the liquid flow velocity 

decreases strongly. In fact, in the developed film region (location C) the liquid lays almost 

stagnant. This decrease in velocity is accompanied by a decrease in the wall shear stress (Figure 

5.5.1). This highly pronounced velocity reduction has an adverse effect on the process of wall-

liquid mass transfer, as the reduced shear stresses do not favor the cleaning of the wall channels. 

 

 

5.3.3.1.2 Axial and radial mass dispersion 

 

As already shown, the bubble affects the velocity field in its surroundings, and so, it is expected 

that its presence will also influence the mass dispersion inside the tube. In order to better 

understand the bubble passage influence on the mass dispersed along the tube, different regions 

were defined according to the soluble wall position and to the direction of the co-current flowing 

liquid: a pre-soluble, a soluble and a post-soluble region. 

In Figure 5.6, axial concentration profiles taken in a radial position near the wall (ri=0.98D) are 

presented. Each profile concerns a different moment according to the bubble position within the 

domain, e.g., N 3.6D means that the bubble nose is 3.6D ahead the inception of the soluble wall. 

The soluble wall is located between 0< (zw-z)/D <2. 

According to these results, the bubble passage is responsible for a slight increase in the solute 

concentration in the liquid enclosed between the bubble and the soluble wall (0< (zw-z)/D<2). 

Ahead of this section of the wall, in the post-soluble region, there is a small cleaning effect, i.e., 
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the concentration decreases when compared with a liquid-phase flow. In the pre-soluble region 

there is also a slight alteration in the concentration field (Figure 5.6A), i.e., there is some solute 

dragged into this region especially when the bubble is in the zone delimited by the soluble wall. 

 

 

 

Figure 5.6: Axial normalized concentration profiles for a radial position near the wall (line in red in the 

sketch at the right side of the plot (ri=0.98D)). A schematic representation of the bubble position for each 

profile is also presented (top right). Plot A is a zoom in the pre-soluble wall region to better visualize the 

results (bottom right). 

 

Figure 5.7 shows radial concentration profiles at the middle of the soluble wall for different 

moments of the bubble passage. Until the position of the bubble nose is above 1.5D from the 

beginning of the soluble wall, the slope of the referred concentration profiles remains constant. 

As the bubble moves further away from the soluble region, the concentration values increase 

slightly in radial positions more distant from the wall.  
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Figure 5.7: Radial normalized concentration profiles at the middle of the soluble wall for different instants 

of the bubble passage. A schematic representation to visualize the different bubble positions is also given 

– zw sets the beginning of the soluble wall and zi is the middle position under consideration in this figure. 

 
The main conclusion taken from Figures 5.6 and 5.7 is that the bubble passage is responsible for 

a slight increase on the axial and radial solute dispersion. The axial dispersion occurs in the 

backward direction and it is more evident in the post-soluble and soluble regions. Regarding the 

radial dispersion, this feature is more visible after the bubble passage and is responsible for an 

increase of concentration in inwards regions. 

 

 

5.3.3.1.3 Mass transfer coefficients 

 
At this point, and based on the simulation data obtained for Case A, the average mass transfer 

coefficients on the soluble wall were estimated. In the left plot of Figure 5.8, the values of this 

parameter are represented as a function of the bubble position during its passage through the 

soluble wall. 
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Figure 5. 8: Average mass transfer coefficients along the soluble wall during the bubble passage (left side). 

The coordinate (zw-z0)/D represents the distance of the bubble nose from the starting point of the soluble 

wall.  Local mass transfer coefficients as a function of the distance to the beginning of the soluble plate, 

(zw-z)/D, (right side). The average coefficients for these specific moments are marked by red boxes placed 

along the curve of the left side plot. 

 

The bubble presence increases the average mass transfer coefficient until a maximum value is 

reached approximately when its nose is about to leave the soluble area. After that, the mass 

transfer coefficient decreases and falls to values lower than that observed in the bubble absence. 

The coefficients decrease starts after the bubble passage near the inception of the soluble section 

(third bubble position marked on the local mass-transfer coefficients in the right side of 

Figure 5.8) and maintains as the bubble leaves the soluble wall (see fourth bubble position).  

The concentration fields in the vicinity of the top of the soluble wall are represented in Figure 5.9 

for three different instants of the bubble passage though the soluble region. This representation 

tries to be a visual aid to understand the effect of the bubble passage on the solute distribution, 

for three moments where the local mass transfer coefficients show significant differences. In order 

to facilitate the interpretation of this scheme, the values of the liquid thickness where the solute 

concentration is higher than 10% of c* are also presented in Figure 5.9. 
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Figure 5.9: Dimensionless concentration contours at the end of the soluble wall obtained for Case A (ReB 

=10 and CaB=1). Results are shown for three instants of the bubble passage. The thickness value of the 

boundary layer that corresponds to 10% of the solubility is also presented (𝜹𝟏𝟎%).  

 
From the results of Figure 5.9, it was detected a slight thinning behavior of the mass boundary 

layer caused by the liquid flow that comes from the post-soluble zone. This behavior is 

responsible for the increase of the average mass transfer coefficient that was observed in Figure 

5.8 (second moment). A similar study performed in conventional scale tubes11, reported a more 

pronounced presence of this kind of cleaning effect on the mass boundary layer.  

 
Focusing now in the inception zone of the soluble wall, the concentration contours for different 

instants after the bubble passage are represented in Figure 5.10. It is possible to see that the bubble 

passage induces a backward mass dispersion near the inception of the soluble wall. In agreement 

with the conclusions taken for macro-scales11, this dispersion is responsible for the decrease of 

the average mass transfer coefficient as it was observed in Figure 5.8 (third and fourth moments). 

  

 

Figure 5.10: Dimensionless concentration contours at the inception of the soluble wall obtained for Case 

A (ReB =10 and CaB=1). Results are shown for three instants: before, during and after the bubble passage. 

 

5.3.3.2 Case B 

 
In order to analyze the second flow behavior previously mentioned (Case B), the bubble Reynolds 

number was set to 100 (ReB =100) and the Capillary number to 0.8 (CaB =0.8). Based on the 

corresponding simulation results, the bubble has a slender shape and, at the bubble rear, there is 

liquid in closed recirculation (MFR) flowing upwards attached to the bubble (Figure 5.11). A 

liquid film between the bubble and the wall with a thickness of 0.13D (±5 %) is also present. 
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Behind the bubble, the undisturbed velocity profile in the liquid is restored after a much longer 

distance when compared with Case A.  

 

 

Figure 5.11: Streamlines around the bubble in a MFR for a ReB =100 and CaB =0.8. 

 

 

5.3.3.2.1 Velocity profiles and wall shear stress 

 

Similarly to Figure 5.5, the wall shear stress for different instants and the radial profiles of the 

axial velocity component (close to the wall and for four different axial positions – A, B, C and D) 

are represented in Figure 5.12.  

 

 

Figure 5.12: 1) Wall shear stress along the soluble wall for different instants during the bubble passage; 2) 

Radial profiles of the axial velocity component for four locations (A, B, C, D) along the Taylor bubble. The 

streamlines near wall are represented on the left side of the bubble. 

 
The flow pattern around the bubble is similar to what was obtained in Case A. The liquid velocity 

decreases strongly along the developing liquid film region and, when it reaches a fully developed 

state (region D), it becomes almost stagnant. A very important effect of this velocity decrease is 
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the lowering of the wall shear stress values (left side of Figure 5.12). The only exception occurs 

in the wall enclosing the bubble nose, where there seems to be a slight increase in the wall shear 

stress due to higher values of the axial liquid velocity (region A). This kind of behavior becomes 

more evident in Case C.  

 

 

5.3.3.2.2 Axial and Radial Dispersion 

 
Some of the results obtained for the axial dimensionless concentration profiles in a radial position 

(ri=0.98D) near the soluble wall are plotted in Figure 5.13. This kind of data allows inspection 

for a possible axial dispersion effects caused by the bubble movement. 

 

 

 

Figure 5.13: Axial dimensionless concentration profiles for a radial position near the wall (red line in the 

sketch at the right side of the plot (ri=0.98D)). A schematic representation of the bubble position for each 

profile is also presented. Plot A is a zoom performed on the pre-soluble region of the wall. 

 

As seen in Case A, the axial concentration profiles in Figure 5.13 show that the bubble movement 

induces a backward mass dispersion. The bubble passage reduces the quantity of mass ahead the 

soluble wall and promotes a slight increase of mass in the region enclosed by the soluble wall. 

Once again, there is a small quantity of solute dragged into the pre-soluble region (Figure 5.13A).  
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To visualize possible radial dispersion effects, a set of radial concentration profiles taken on the 

middle of the soluble wall are plotted for different instants of the bubble passage. Until the closed 

wake that flows behind the bubble completely enters the soluble wall region, there is no detectable 

change on the radial concentration profiles (left side of Figure 5.14). During the passage of this 

wake through the soluble wall, it becomes visible a slight radial dispersion (line N 4.5D), for an 

inner region. 

 

 

 

Figure 5.14: Radial dimensionless concentration profiles on the middle of the soluble wall taken at different 

instants of the bubble passage. The schematic representation of the bubble position is also presented – the 

soluble plate beginning (zw) and the considered position (zi) are marked. 

 
The concentration contours and the streamlines (in MFR) near the wall obtained when the closed 

wake travels through the soluble wall are shown in Figure 5.15. As it can be seen, the boundary 

layer is so thin that the rotational flow inside the wake is not able to interfere in the solute 

distribution near wall.  

 

 

 

Figure 5.15: Concentration contours during the passage of the closed wake in the region enclosed by the 

soluble wall (ReB=100 and CaB=0.8). 
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5.3.3.2.3 Mass transfer coefficients 

 
Similarly to what was done for Case A, the mass transfer coefficients at different axial locations 

within the soluble wall and different instants of the bubble passage were numerically predicted. 

From these values, average coefficients were estimated and are represented in Figure 5.16 (left 

side). These coefficients corroborate the conclusions taken with the concentration profiles plots 

and are in line with those from Case A: the average mass transfer coefficient increases until a 

maximum value is reached (approximately when the nose is exiting the soluble region); after that, 

the mass transfer coefficient decreases and falls to values below the one observed in the bubble 

absence. This decrease starts when the bubble passes the inception of the soluble region and 

extends throughout its path along the soluble wall (see local mass-transfer coefficients in the right 

side of Figure 5.16).  

 

Figure 5.16: Average mass transfer coefficients along the soluble wall (left side). The coordinate (zw-z0)/D 

represents the distance of the bubble nose to the starting of the soluble wall.  Local mass transfer coefficients 

as a function of the distance to the beginning of the soluble plate, (zw-z)/D, (right side). The average 

coefficients for these specific moments are marked by red boxes placed along the curve of the left side plot. 
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5.3.3.3 Case C 

 

 

Figure 5. 17: Streamlines around the bubble in a MFR for ReB =0.1 and CaB =0.03. 

 

Finally, focusing on the aforementioned Case C, a simulation was performed for a bubble 

Reynolds number of 0.1 (ReB =0.1) and a Capillary number of 0.03 (CaB =0.03). The bubble had 

a length of 2.9D and moved at a velocity of 0.046 m.s-1. Its shape was characterized by a round 

nose and tail, and a very narrow liquid film separating its lateral surface from the wall. This liquid 

film had a thickness of about 0.05D (±5%). There were also identified semi-infinite recirculation 

zones (MFR) above and below the bubble which are evident from the streamlines representation 

made in Figure 5.17.  

 

5.3.3.3.1 Velocity profiles and wall shear stress 

 

The behavior of the wall shear stress along the soluble region was assessed at four different 

instants of the bubble passage. The corresponding results are presented in Figure 5.18, together 

with the radial profiles (in the vicinity of the wall) of the axial velocity component at three 

different positions (right side).  

 

 

Figure 5.18: 1) Wall shear stress along the soluble wall for different instants during the bubble passage; 2) 

Radial profiles of the axial velocity component for three locations (A, B, C) along the Taylor bubble.  
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According to the right side of Figure 5.18, the magnitude of the liquid velocity in single phase 

flow is very low. In the presence of the Taylor bubble, the velocity in the liquid film is even lower 

and it becomes stagnant when it reaches a fully developed state. This stagnancy on the liquid film 

corresponds to a wall shear stress around zero, but this hydrodynamic feature increases 

considerably around the nose and the tail of the bubble. According to the results on the left side 

of Figure 5.18, it reaches values three times higher than those characteristic of a liquid single-

phase flow. This enhancement of the wall shear stress values can have a highly positive effect on 

the cleaning of wall channels. 

 

 

 

5.3.3.3.2 Axial and radial dispersion 

 
In order to detect the mass dispersion caused by the bubble flow, the dimensionless concentration 

fields in the vicinity of the soluble wall are represented in Figure 5.19 for a sequence of instants. 

To make this detection possible, it was necessary that the mass boundary layer established before 

the bubble passage had enough thickness to reach into the liquid in recirculation (see streamlines 

in plot 1 of Figure 5.19). This can be particularly visible at the end of the soluble wall. When the 

bubble nose reaches this liquid region, there is a clear radial dispersion that can be observed in 

plots 4-5. In the bubble tail, a radial dispersion behavior is also present, which is caused by the 

expansion of the liquid coming from the film. The concavity of the tail of the bubble favors this 

dispersion (plots 6-8). 

 

 

Figure 5. 19: Dimensionless concentration contours for different instants during the bubble passage in the 

soluble wall region.  
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For a more detailed analysis of the mass dispersion, the axial (Figure 5.20) and radial (Figure 

5.21) dimensionless concentration profiles are plotted for different moments of the bubble 

passage past the soluble wall.  

 

 

 

Figure 5.20: Axial dimensionless concentration profiles for a radial position near the wall (red line in the 

sketch of the right side of the plot (ri=0.98D)). A schematic representation of bubble position for each 

profile is also presented. Plot A is a zoom performed on the pre-soluble region of the wall. 

 

According to the results on Figure 5.20, during the moments (N 2.6D; N 3.0D) the bubble is 

enclosed by the soluble wall, the concentration values along the boundary layer are lower than 

those obtained when the bubble is absent. When the bubble leaves the soluble region (N 5.3D), 

the solute concentration suffers an increase and becomes definitively higher in comparison with 

a single-phase flow scenario. Special attention should be given to lines N 3.0D and N 4.0D due 

to the presence of some oscillations. These oscillations are justified by the solute dispersion near 

the bubble nose and tail as explained on the discussion of Figure 5.19. The same behavior happens 

in the post-soluble zone.  

It is important to notice that, in this scenario (Case C), it is possible to detect the presence of 

solute in the pre-soluble wall zone, even prior to the bubble entering the soluble region. This mass 

appears due to a backwards diffusion phenomenon that becomes evident due to the low levels of 

liquid velocity reported in Figure 5.18. The concentration near the soluble wall inception increases 
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on a first moment when the bubble occupies all the soluble wall and it decreases as the bubble 

exits the soluble zone. 

 

 

Figure 5. 21: Radial dimensionless concentration profiles on the middle of the soluble wall for a sequence 

of moments during the bubble passage. The schematic representation of the bubble position is also 

presented – the soluble plate beginning (zw) and the considered position (zi) are marked. 

 
Regarding radial dispersion, during the bubble passage the radial concentration profiles show a 

magnitude decrease (left side of Figure 5.21). After the bubble passage through the soluble region, 

there is a momentarily increase followed by a decrease (right side of Figure 5.21). As it was 

previously mentioned about Figure 5.19, the effect of solute dispersion near the bubble tail is 

responsible for this behavior.  

 

 

5.3.3.3.3 Mass transfer coefficients 

 
As with the other two scenarios, the average and local mass transfer coefficients obtained for Case 

C are represented in Figure 5.22. 
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Figure 5. 22: Average mass transfer coefficients along the soluble wall. The coordinate (zw-z0)/D represents 

the distance of the bubble nose to the starting of the soluble wall. Local mass transfer coefficients as a 

function of the distance to the beginning of the soluble plate, (zw-z)/D, (right side). The average coefficients 

for these specific moments are marked by red boxes placed along the curve of the left side plot. 

 

The average mass transfer coefficient reaches its maximum value when the bubble nose is more 

or less at the middle of the region enclosed by the soluble wall. As it can be seen on the right side 

of Figure 5.22, the bubble nose presence increases the local coefficients which justify the increase 

in the global mass transfer coefficient for this instant. As the bubble moves through the soluble 

wall, the coefficients start to decrease. However, a slight jump on these values is predicted when 

the bubble tail passes the soluble plate. This occurs because the tail region promotes a slight 

increase in the local mass transfer coefficients probably due to the sudden increase of the liquid 

velocity.  

  



 
 

167 
 

5.3.4 Mass transfer coefficients 

 

5.3.4.1 Nose, film and tail effects  

 

To evaluate the effect of the bubble passage, the average mass transfer coefficients of each 

hydrodynamic region surrounding the bubble – nose, film and wake (Table 5.3) - were analyzed. 

The calculation of these average coefficients was based on the local mass transfer coefficients at 

different axial positions and different instants. The mass transfer coefficients for liquid 

monophasic flow were also numerically acquired and their values are used as reference under the 

designation of �̅�𝑚𝑝.  

 
Table 5.3: Numerical average mass-transfer coefficients at the nose, film and tail regions. The 

corresponding deviations from the mass transfer coefficients for single phase flow (�̅�𝒎𝒑) are also presented. 

 
�̅�𝒎𝒑𝐱𝟏𝟎𝟒 

Nose Film Tail 

�̅�𝑛x104 Dev(%) �̅�𝑓x104 Dev(%) �̅�𝑡x104 Dev(%) 

Case A 5.47 5.51 0.82 5.64 3.07 5.40 -1.15 

Case B 6.17 6.18 0.24 6.2 0.79 6.05 -1.86 

Case C 1.95 2.01 3.25 1.95 -0.02 1.62 -16.87 

 

Comparing with the results for single phase flow and regarding Case A, at the nose and film there 

is a small increase of the mass transfer coefficients values. In the tail (lower region of the bubble 

where the bubble shape starts to get round), the coefficient shows a slight decrease when 

compared with monophasic flow. The referred increase in the coefficient values (nose and film) 

is explained by the change on the velocity field near the wall due to the presence of the bubble 

and by the renewal of the mass boundary layer due to the liquid movement.  

Despite the presence of a closed wake flowing attached to the bottom of the bubble, the behavior 

of the average mass transfer coefficients in Case B is very similar to Case A. Once more, there is 

a small increase on the mass coefficients in the different bubble hydrodynamic regions when 

compared to the monophasic values. The tail appears as an exception that, as in Case A, shows a 

decrease on the mass transfer coefficient value when compared with the single-phase flow. 

In Case C, the coefficient values reveal a clear difference compared with those for cases A and 

B: the mass transfer coefficient in the film is slightly lower than that obtained for single phase 

flow. This is an indication that, for this kind of flow behavior, the film does not enhance the mass 

transfer phenomenon. The stagnant liquid in the film during the bubble passage is responsible for 

this decrease. Furthermore, the decrease of the coefficient in the tail region is much more 

pronounced than in the other two scenarios. 
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5.3.4.2 Comparison with data from literature 
 

For comparison purposes, in Table 5.4, the numerical Sherwood numbers computed from the 

average mass transfer coefficients are presented together with estimations made with correlations 

available in literature28,29. 

 
Table 5.4: Sherwood numbers from correlations and from numerical data associated to the bubble passage. 

 Sh (eq. 5.6) Sh (eq.5.7) Sh numerical 

Case A 227 346 ~55 

Case B 326 125 ~62 

Case C 43 11 ~19 

 

Regarding cases A and B, the numerical values show large deviations from the values calculated 

using the correlations. For Case C, the Sh numerical predictions are of the same order of 

magnitude of those given by the correlations in the literature28,29. The fact that all these 

correlations are based on the stagnant film assumption justifies the better agreement with Case C. 

 

 

5.3.5 Bubble passage effect 

 

As already mentioned, the tube was divided in three regions of similar area: a pre-soluble, a 

soluble and a post-soluble. In order to properly define the bubble passage effect on the mass 

transferred from the wall, this feature was quantified in the referred three regions for two different 

moments: before (𝑚𝑖𝑛𝑖𝑡𝑖𝑎𝑙) and after (𝑚𝑓𝑖𝑛𝑎𝑙) the bubble passage through the soluble wall. 

Afterwards, the mass variation (∆𝑚) was estimated and is presented in Table 5.5.  

 

∆𝑚/𝑚 =
(𝑚𝑓𝑖𝑛𝑎𝑙−𝑚𝑖𝑛𝑖𝑡𝑖𝑎𝑙)

𝑚𝑖𝑛𝑖𝑡𝑖𝑎𝑙
x100                                                                                            (5.17) 

 

For each region the mass was solved by the integral: 

 

𝑚 = ∫ ∫ 𝑐2𝜋𝑟d𝑟d𝑧
𝑉

                                                                                                              (5.18) 

 

In the pre-soluble region, no solute should be present before the bubble arrival, which is true for 

cases A and B. However, in Case C, some solute is already present even before the bubble reaches 

the soluble wall. As previously explained, this particular feature is due to the diffusion effect that 
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overcomes the convection when the liquid velocity is very low. For all three scenarios under 

consideration, the bubble passage increases the solute mass in the pre-soluble region. Case A is 

the one with the highest mass percentage increase and, inversely, Case C has the lowest one. For 

the soluble region, the highest increase of mass regards Case C, probably due the recirculation 

areas that end up throwing the solute on the soluble wall region. In the post soluble zone, all cases 

show a decrease of mass. 

In terms of overall balance, Case C leads to a reduction of mass on the system, while Case A is 

the one that presents the highest increase.  

 

Table 5.5: Variation of mass transferred in different zones, for cases A, B and C. 

 

 

 

5.4 Conclusions 

 

The growing attention over processes occurring in milli/micro-scales when compared with 

conventional sizes have been urged the necessity for more fundamental research to deeply 

understand the phenomena on these small dimensions. Among these phenomena, the 

enhancement of the mass transfer is one of the most important, which would be crucial to help 

control biofilm formation on micro-devices. 

In this work, the influence of slug flow pattern on wall-liquid mass transfer in micro-tubes was 

successfully studied using CFD techniques based on the VOF interface tracking method.  

It was confirmed that the wall shear stress is highly affected by the presence of the Taylor bubble 

and this has a direct impact on the mass transfer rates. In order to perceive the effect of the 

different hydrodynamic characteristics surrounding a Taylor bubble in a micro-tube, the mass 

transfer was studied numerically for three specific scenarios: in Case A, the liquid presents no 

recirculation zones; in Case B a closed wake follows the bubble; while in Case C there are liquid 

recirculation zones above and below the bubble.  

 

Pre-soluble zone Soluble zone Post-soluble zone Total 

(%) Δm/m (%) Δm/m (%) Δm/m (%) 

Case A 10.3 4.84 -1.19 1.84 

Case B 3.64 3.21 -1.67 0,76 

Case C 2.66 6.51 -16.8 -5.19 
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The first relevant conclusion is that bubble presence is responsible for an increase in radial and 

axial dispersions which is more visible in Case C, where the liquid has recirculation zones ahead 

and below of the bubble. 

Two types of mass transfer coefficients were considered in order to evaluate the effect of the 

bubble on the wall-liquid mass transfer: a global coefficient that evaluates the overall impact of 

the bubble and average coefficients that assess the effect on the different flow regions (nose, film 

and tail). 

The presence of a single bubble leads to an increase of the global wall-liquid mass transfer 

coefficients for the cases under consideration. In the presence of more Taylor bubbles, this effect 

can be enhanced. Regarding the average coefficients in each flow region, for cases A and B, both 

nose and film regions promote an increase in these coefficients when compared with the values 

acquired for liquid monophasic systems, whereas the tail leads to an opposite behavior. In Case 

C is verified an exception, i.e., only on the nose region was observed an enhancement of the mass 

transfer coefficients. The film region does not enhance the mass transfer phenomenon and that is 

probably due to the axial extent of stagnancy in the liquid.  

 

Concerning the quantification of the mass transferred, the passage of a Taylor bubble promotes 

an increase of solute in the liquid for cases A and B. On the other hand, in Case C, the bubble 

passage leads to a reduction of the solute available in the liquid phase. 

Based on the numerical data produced, the main conclusion to extract from the present work is 

that the passage of a single Taylor bubble has a moderate positive effect on the wall-liquid mass 

transfer rate and solute distribution inside micro-tubes. This fact is a good indicator of the 

potential high impact that a train of bubbles may have in the referred phenomenon, and should be 

seen as the starting point to investigate more complex systems (with 2 or 3 consecutive bubbles). 

Furthermore, a more systematic study involving a wider range of cases should be considered in 

the future, in order to get a deeper understanding of the effect of different liquid velocities and 

bubble lengths on mass transfer.  
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Nomenclature 

   

𝐵𝑖  mass source defined by user kg.m-3s-1 

𝑐 concentration  kg.m-3 

𝑐∗ saturation concentration  kg.m-3 

𝑐𝑏𝑢𝑙𝑘 concentration in the bulk kg.m-3 

𝐷 tube diameter m 

𝐷𝑚 coefficient of diffusion m2.s-1 

�⃗�𝜎 interfacial tension force term N.m-3 

𝑔 gravitational acceleration m2.s-1 

𝐽𝑖 diffusive flux of specie i kg.m-2s-1 

𝑘 mass transfer coefficient  m.s-1 

�̅� average mass transfer 

coefficient  

m.s-1 

�̅�𝑓 average mass transfer 

coefficient in the film region 

m.s-1 

�̅�𝑛 average mass transfer 

coefficient in the nose region 

m.s-1 

�̅�𝑚𝑝 average mass transfer 

coefficient for monophasic 

system 

m.s-1 

�̅�𝑡 average mass transfer 

coefficient in the tail region 

m.s-1 

𝐿 soluble plate length m 

𝐿𝑙 liquid slug length m 

𝐿𝑡𝑢𝑏𝑒 tube length  m 

𝐿𝑈𝑆 length of a gas-liquid unit m 

m Mass kg 

𝑝 static pressure Pa 
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GREEK LETTERS 

 

α volume fraction --- 

휀 gas hold-up --- 

𝛿 film thickness m 

μ viscosity Pa.s 

ρ density kg.m-3 

𝜎 surface tension N.m-1 

�̿� stress-strain tensor Pa 

𝜏𝑤 wall shear stress Pa 

 

DIMENSIONLESS GROUPS 

 

Ca Capillary number  

Eo Eötvös number  

Re Reynolds number  

Sc Schmidt number  

𝑟 radial coordinate m 

𝑅𝑖 net rate production of specie i kg.m-3s-1 

𝑢 velocity  m.s-1 

�⃗⃗� velocity vector m.s-1 

�̅� average velocity m.s-1 

𝑢𝑎𝑥𝑖𝑎𝑙  axial component of the velocity m.s-1 

𝑢𝑏 bubble rising velocity m.s-1 

𝑢𝑈𝑆 average velocity of a gas-liquid 

unit  

m.s-1 

𝑦𝑖  local mass fraction of specie i --- 

𝑧 axial coordinate m 

𝑧∗ axial coordinate corresponds to 

the stabilization length above 

bubble 

m 

𝑧′ axial coordinate corresponds to 

the stabilization length below 

bubble 

m 

𝑧𝑜 axial coordinate at the nose tip m 

𝑧𝑤 axial coordinate at the soluble 

wall tip 

m 



 
 

173 
 

Sh Sherwood number  
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Chapter 6 - Mass transfer from a soluble bubble to the liquid flowing around in a micro-

scale system   

Chapter 6 

Mass transfer from a soluble bubble 

to the liquid flowing around in a 

micro-scale system 

Silva MCF, Miranda, JM, Campos JBLM, Araújo JDP. Mass transfer from a Taylor bubble to the surrounding flowing 

liquid at the micro-scale – A Numerical Approach. Submitted to Microfluidics and Nanofluidics. 
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Abstract 

 

Gas-liquid slug flow is characterized by complex and intermittent hydrodynamic features that 

offer an efficient alternative to promote biofilm control. In the present work, the mechanism of 

transferring a gaseous solute into a co-current liquid in a micro-scale slug flow system was 

inspected in detail. Specifically, the gas-liquid mass transfer from an individual Taylor bubble 

filled with oxygen was numerically studied using CFD techniques. To accurately describe the 

referred phenomenon, the hydrodynamic and concentration fields were simultaneously solved. 

Furthermore, the interface capturing based on the VOF methodology was also coupled to this 

solution approach. 

Three sub-categories within slug flow pattern were identified based on the flow behavior in the 

liquid phase: no liquid in recirculation (case A); closed wake below the bubble tail (case B); and 

recirculation ahead and below bubble (case C). This work presents the novelty of addressing and 

analyzing the impact of all of these types of behaviors in gas-liquid mass transfer. Regarding the 

solute distribution, in case A the solute is dispersed only backwards, it accumulates in the closed 

wake structure in case B, and it reaches the wall within the film region in case C. Local and 

average mass transfer coefficients were also estimated for the different cases. 

The influence of the two most relevant dimensionless groups (Reynolds and Capillary numbers) 

was also briefly analyzed. The numerical results of the global mass transfer coefficients were 

compared with predictions based on correlations available from the literature, confirming that 

the penetration theory can be a good option to estimate mass transfer in systems comprised in 

Case C.   

 

 

6.1 Introduction 

 

The use of small devices has been widely implemented due to the several performance benefits 

that can be obtained in different kinds of processes. These benefits normally arise through an 

impact on heat and mass transfer mechanisms as well as a more flexible control of reactivity 

and/or selectivity when chemical reactions take place. Besides, it allows for fast analytic methods 

with high resolution and sensitivity1. The particular case of gas-liquid flow in micro and milli 

channels plays an important role in several processes, like miniaturized heat exchangers2,3, 

biotechnology small scale reactors4,5 and thin film deposition technology6, among others7.  

A highly relevant application of milli/micro-channels regards medical devices. Medical devices, 

like catheters, are essential to provide health care treatments. However, they are also responsible 

for a great number of infections, attributable to the development of biofilms inside and around 

them8,9. Biofilms are agglomerations of microorganisms embedded in a matrix of extracellular 
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polymeric substances (EPS). This structure provides the microorganisms with a higher resistance 

against chemical and mechanical removal processes, helping to increase their overall antibiotic 

resistance. 

Based on the aforementioned, cleaning catheters/micro-channels is a crucial operation. There are 

several options to prevent or control the biofilm. Detergents, antibiotics or mechanical cleaning 

methods are some examples of the available options10. Another viable alternative is the supply of 

a gas component that can affect the biofilm structure and control it. Besides, the introduction of a 

new solute may affect the microorganisms survival rate. 

One way of introducing a new solute in the system can be by imposing a gas-liquid slug flow. 

Slug flow is a gas-liquid flow pattern characterized by the presence of large gas bubbles followed 

by liquid slugs. Besides the introduction of a new solute, the slug flow unique hydrodynamics can 

have an impact on both wall shear stress and nutrients transport, which are important parameters 

to prevent biofilm formation and promote its removal. 

The study of gas-liquid mass transfer may have other important health-related applications. An 

example of this is the study of embolisms. Gas embolism results from the presence of gas bubbles 

within the vascular structures and may have a strong impact on the health of patients (blocking 

vessels, interference with gas exchange in the pulmonary arteries, cardiac arrhythmias, among 

others)11,12. These gas bubbles tend to have a tubular form similar to the bubbles described by the 

slug flow13. A way to promote its removal is by stimulating its reabsorption12,14, where the 

knowledge of the factors that promote the gas-liquid mass  transfer may be useful.  

Micro-bubbles are already used for both diagnostics and therapy. Micro-bubbles are usually used 

as contrast agents for ultrasound15 since they are able to improve the sensitivity of conventional 

ultrasound imaging. Another technique relies on combining the micro-bubbles with targeting 

ligands that allow a specific bind to specific molecules16. They can also be used to carry and 

deliver drugs and genes16,17. The optimization of all these techniques in these different domains 

can also benefit from the study of the gas-liquid mass transfer addressed in this work.  

 

In the present manuscript, a numerical study about the phenomenon of mass transfer from pure 

oxygen Taylor bubbles to the surrounding liquid is presented. The use of this solute is not 

exclusive meaning that the principal conclusions of this study can be extrapolated to other 

situations taking into consideration the different dimensionless numbers. This study addresses 

micro-scale systems and applied Computational Fluid Dynamics (CFD) techniques to solve 

simultaneously the hydrodynamic and concentration fields. The effects of the different 

hydrodynamic regions that surround the bubble were also analyzed and discussed. In abstract, the 

final goal is to predict the rate of a solute transferred and the effect of different dimensionless 

numbers on this phenomenon. 
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6.2 State of the art 

 

6.2.1 Slug flow regime in micro-scales 

 

The gas-liquid distribution in two-phase flows inside small tubes was analyzed by several 

authors18–21. The corresponding dynamics differ significantly from those in macro-scales, i.e., the 

interfacial forces acquire a dominant role in micro-scales, in counterpart to the gravitational forces 

which are determinant in macro-scales. So, a possible approach to define the transition between 

both scales can be based on the ratio between gravitational and interfacial forces, which is 

represented by the dimensionless Eötvös number (Eo): 

 

Eo =
𝑔(𝜌𝐿−𝜌𝐺)𝐷2

𝜎
                                                                                                                     (6.1) 

 

where 𝑔 is the gravitational acceleration, 𝜌𝐿  the density of the liquid, 𝜌𝐺 the density of the gas, 

𝐷 the diameter of the tube and 𝜎 the surface tension. 

Regarding the referred transition, Suo and Griffith22 pointed out to a limit between scales with the 

value of (2π)2, while Bretherton23 indicates an Eo of 3.37.  

Another important dimensionless group used in the characterization of micro-scale systems is the 

Capillary number. This number depends on the ratio between viscous forces and surface tension: 

 

CaB = 𝜇𝐿
𝑈𝑏

𝜎
                                                                                                                            (6.2) 

 

where 𝑈𝑏 represents the bubble velocity.  

 

Although the flow is mainly laminar24 in small scales, the Reynolds number still is a relevant 

dimensionless group to characterize the flow: 

 

ReB =
𝜌𝐿𝑈𝑏𝐷

𝜇𝐿
                                                                                                                          (6.3) 

 

Among the several flow patterns that can occur in micro-scales, one of the most important is slug 

flow. This pattern is essentially characterized by the presence of large and well-defined bubbles 

(Taylor bubbles) occupying almost all the cross section of the tube. The bubbles are separated by 

liquid slugs where the flow depends on the Capillary number. The hydrodynamic characteristics 

involved in micro-scale slug flow have been described and analyzed in several numerical and 

experimental studies.25–28 Considering the work of Rocha26, three sub-categories were identified 
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in micro-scale slug flow (Figure 6.1). Their main hydrodynamic characteristics based on a moving 

frame reference (MFR) are described below: 

 Case A - The bubble moves faster than the liquid and there are no recirculation regions 

above or below the bubble;  

 Case B - The bubble moves faster than the liquid and a closed wake appears attached to 

the bubble tail and moving with it; 

 Case C – The bubble and the liquid move at the same average velocity, appearing 

recirculation regions ahead and behind the bubble.  

 

 

Figure 6.1: Different flow characteristics for slug flow regime in milli/micro-channels based on the work 

of Rocha et. al26.  

 

In the majority of the scenarios just described, the liquid flows around the Taylor bubbles 

separating them from the tube wall. The thickness of this liquid film decreases from the front to 

the bottom of the bubble until the interfacial and viscous forces reach an equilibrium. Aussilous 

and Quere29 studied the film thickness for liquids of low viscosity flowing around long Taylor 

bubbles. The authors presented an expression in which the film thickness and the Capillary 

number are correlated: 

 

𝛿ℎ

𝑅
=

1.34CaB
2/3

(1+2.5x1.34CaB
2/3

)
                                                                                                               (6.4) 
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Film thickness data obtained with Equation 6.4 and from numerical simulations  performed (and 

corroborated by the numerical work presented by Rocha and colleagues26) are plotted in Figure 

6.2 for several Capillary numbers. From this Figure, it is visible that, as the Capillary number 

increases, a higher film thickness is expectable. Higher film thickness values are associated to 

scenarios similar to the previously described as Case A. In contrast, low film thicknesses are in 

closer association with Case C. So, in order to perform a meaningful analysis on gas-liquid mass 

transfer in micro-scale slug flow, it is very important to address conditions that include the three 

hydrodynamic types previously described as case A, B and C (see the dots in Figure 6.2).  

 

 

Figure 6.2: Variation of the film thickness with the Capillary number accordingly to equation (4) – solid 

line. The film thicknesses of the chosen study-cases, numerically solved in the present work, are represented 

by the dots. Illustrations of the hydrodynamics representative of the different flow cases are also illustrated.   

 

Han and Shikazono30 extended the study on film thickness, pointing to the fact that the liquid slug 

length has a weak effect on it, providing the bubble is long enough to allow a fully development 

of the film region. In other words, for short Taylor bubbles, the film thickness is undeveloped and 

thicker. These authors also proposed a new correlation to predict the film thickness for Re<2000: 

 

𝛿ℎ

𝐷
=

0.67CaB
2/3

1+3.13CaB
2/3

+0.504CaB
0.672ReB

0.589−0.352WeB
0.629

                                                                   (6.5) 
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where WeB = ReBCaB. 

 

Furthermore, according to the equation, the inertial effects tend to be negligible when the 

Capillary number is small. However, with the increase of the Capillary number, the film thickness 

increases and becomes an independent fraction of the tube diameter31 (the normalized thickness 

tends to 0.35 in Figure 6.2).  

 

The film velocity is also an important feature in micro-scale slug flow since it can be used to 

indirectly predict the film thickness. Suo and Griffith22 and Warnier et al.31 assumed that the film 

region is stagnant. Another approach was made by Thulasidas32 that considered a fully developed 

velocity profile in the liquid along the film. 

The average axial velocity in the developed film for the different cases studied by Rocha et al.26 

was numerically determined. The results are presented in Figure 6.3. 

   

 

 Figure 6.3: Average axial velocity in the developed film for the representative cases studied by Rocha et 

al.26  

  

In line with the previous observations, some conclusions can be taken from Figure 6.3: 

 For low values of the Capillary number and independently of the Reynolds number, the 

average velocity in the film is very low and can be considered stagnant (Case C); 

 For high values of the Capillary number and low values of Reynolds number, the average 

velocity in the film is also very low (Case A); 

 For intermediate values of the Capillary number and high values of the Reynolds number, 

the average velocity in the film is higher than in the above cases (Case B). 
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6.2.2 Mass transfer from a micro-bubble into the surrounding liquid 

 

Mass transfer from a micro-bubble into the surrounding flowing liquid can be affected by the 

bubble length, bubble velocity, gas and liquid flow rate, slug and unit cell (bubble+liquid slug) 

lengths and tube size.21,33–35 Several experimental and numerical studies have been reported about 

the effects of these parameters. 

 

Irandoust36 presented one of the first studies where the oxygen absorption rate in water, ethanol 

and ethylene glycol was experimentally measured for micro-bubbles. Besides the liquid phase, 

the flow rates, bubble and liquid slug lengths, and tube diameters were also varied within this 

study. These conditions allowed to address the mass transfer phenomena when recirculation 

(MFR) within the liquid slug occurs (Case C). 

Additionally to the experimental work, the authors also presented a semi-theoretical model based 

on the penetration theory and the correlation developed by Clift37. The authors assumed that the 

bubble had two round caps (nose and tail) and, to predict the mass transfer on these regions, the 

correlations developed by Clift were used: 

 

(Sh−1)

Sc1 3⁄ = [1 + (1/ReSc)]1/3Re0.41                           for 1 ≤ Re ≤ 400                               (6.6) 

 

Sh = 1 + 0.724Re0.48Sc1/3                               for 100 ≤ Re ≤ 2000                              (6.7) 

 

The contributions of caps and film to mass transfer are accounted through an average volumetric 

mass transfer coefficient (𝑘𝐿
̅̅ ̅𝑎) in s-1: 

 

𝑘𝐿
̅̅ ̅𝑎 = 4 [𝛿ℎ(𝐷 − 𝛿ℎ)�̅�𝑓 

𝑦𝑚 + 𝐷𝐿Sh 𝐷𝑏] /[𝐷2(𝐿𝑙 + 𝐿𝑠)]                                                 (6.8) 

 

where 𝛿ℎ   corresponds to the film thickness, 𝐷 to the tube diameter, �̅�𝑓 to the average velocity in 

the film, 𝑦𝑚 to a variable defined in the original work involving the solute concentration in the 

liquid film in contact with the cylindrical part of the bubble, 𝐷𝐿 to the diffusion coefficient, 𝐷𝑏 to 

the bubble diameter, 𝐿𝑙 to the liquid slug length and, finally, 𝐿𝑠 corresponds to the bubble length. 

The first term of equation (6.8) corresponds to the mass transfer in the film and the second term 

to the nose and tail.  

The authors also concluded that the liquid velocity does not have a significant effect on the mass 

transferred, in counterpart to the diffusion coefficient and to the interfacial area. It was also stated 

that the nose, tail and film regions have meaningful contributions to the overall mass transferred. 

 



 
 

186 
 

Bercic and Pintar38 experimentally studied the absorption of methane in water and proposed an 

empirical correlation to quantify the mass transfer coefficient assuming plug flow in the liquid 

phase (Case C): 

 

𝑘𝐿
̅̅ ̅𝑎 = 0.111

(𝑈𝐺+𝑈𝐿)1.19

((1− 𝐺)𝐿𝑈𝐶)
0.57                                                                                               (6.9) 

 

where 𝑈𝐺  represents the superficial gas velocity, 𝑈𝐿 the liquid superficial velocity, 휀𝐺 the gas 

hold-up and 𝐿𝑈𝐶 the unit cell length.  

This study considered that the film would reach saturation in a short period of time and, so, its 

contribution to the mass transfer measured could be neglected, leaving the bubble nose and tail 

as the main contributors. The cell velocity and the liquid slug length are pointed as the major 

parameters affecting mass transfer. 

 

A theoretical study validated by CFD simulations about gas-liquid mass transfer in capillaries 

was performed by van Baten and Krishna39. The Taylor bubble was treated as a void region with 

a simplified geometry and the flow was modeled only in the liquid phase. In the liquid slug, it 

was considered plug flow (Case C). The contributions of the caps (nose and tail) and film regions 

to the overall mass transfer were considered separately. The mass transfer in the caps and film 

was modeled by the penetration theory considering only cases where the film is not saturated 

(short contact times): 

 

𝑘𝐿
̅̅ ̅𝑎 = �̅�𝐿,cap𝑎cap + �̅�𝐿,film𝑎film =

2√2

𝜋
√

𝐷𝐿𝑈𝑏

𝐷

4

𝐿𝑈𝐶
+

2

√𝜋
√

𝐷𝐿𝑈𝑏

𝐺𝐿𝑈𝐶

4 𝐺

𝐷
                                     (6.10) 

 

The authors showed that both the tube diameter and the liquid diffusivity have a significant effect 

on mass transfer. Furthermore, it was also demonstrated that other features, such as cell length, 

bubble length, film length and bubble velocity, cannot be neglected in order to correctly predict 

the mass transfer. 

This work was experimentally validated by Vandu and colleagues40 studying oxygen absorption 

in water. Based on the work of van Baten and Krishna39, the authors developed a simplified 

correlation for short contact times assuming the film contribution as dominant:  

 

�̅�𝐿𝑎 = 𝑐1√
𝐷𝐿𝑈𝐺

𝐿𝑈𝐶

1

𝐷
                                                                                                                 (6.11) 
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The authors also pointed out to the fact that, contrary to the correlation provided by Bercic and 

Pintar38, the mass transfer will also be a function of the channel dimensions. 

 

Sobieszuk41 used a photographic method and a pseudo first-order Danckwerts reaction model to 

study the interfacial area and the overall mass transfer coefficients. Systems of circular micro-

channels with CO2/N2 bubbles were used to study the CO2 absorption into KHCO3/K2CO3 buffer 

solutions with NaOCl as catalyst. These authors concluded that the contribution of both film and 

caps (nose and tail) are important to the overall mass transferred. The conditions addressed were 

chosen in such a way that the liquid film was neither saturated nor exhausted. However, no 

reference was made to the liquid flow patterns in the vicinity of the bubble. 

Since the experimental mass transfer coefficients obtained for film and caps were similar, the 

authors proposed a unified correlation: 

 

Sh = 0.1Re0.12Sc0.05                                                                                                           (6.12) 

 

valid for 225 < Re < 471 and 584 < Sc < 784.  

 

Ganapathy42 experimentally studied the CO2 absorption (from a CO2-N2 mixture) by aqueous 

diethanolamine (DEA) in micro-channels with different diameters for different flow regimes 

including slug flow. The author focused on the effects of the tube diameter and fluids velocity on 

mass transfer, as well as on different DEA concentration on the liquid phase and different CO2 

concentration on the gas phase solute. The following empirical correlation was proposed to 

predict the mass transfer:  

 

Sh = 1.689 × 10−4ReG
0.223Re 

0.829Sc 
1.766                                                                        (6.13) 

 

where ReG is the Reynolds number for the gas-phase. 

When compared with conventional systems, small channels show a significant increase of the 

volumetric mass transfer coefficient occurring due to a higher interfacial area (higher interfacial 

area results from the increased area per unit of volume for these channels). For slug flow, the 

authors also noted that the mass transfer decreased with the increase of the gas velocity. This was 

explained by a higher magnitude of the recirculating velocity within the gas and a lower 

magnitude of the liquid recirculating velocity (Case C). This lower recirculation velocity led to a 

lower efficiency in renewing the liquid adjacent to the bubble.  
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Shao and colleagues7 used CFD techniques to study mass transfer from a gas (micro-bubble) to 

the flowing liquid in tubes with diameters below 1 mm (Ca < 10-3). This study was carried out 

considering systems with and without chemical reaction. A unit cell constituted by a micro-bubble 

(the bubble was approximated by two round caps and a cylindrical body) and a liquid slug region 

was considered. Navier-Stokes and convective-diffusive mass conservation equations applied to 

gas and liquid phases were solved. The interfacial concentration of CO2 (mixture CO2-N2) was 

continuously updated during the simulation based on the results obtained for the solute 

concentration in both phases. 

The authors studied the effects of several parameters on the mass transfer and concluded that 

increasing the bubble velocity and the liquid slug length increases the amount of gas transferred. 

Inversely, the increase of the bubble and unit cell lengths lead to a decrease on the absorption 

fraction of solute. In turn, the reaction in the liquid phase enhances the mass transfer from the gas 

to the liquid. The tube diameter also influences the mass transfer and the magnitude of this effect 

depends if reaction occurs or not in the tube. 

 

Although several numerical and experimental studies are already available, the effective 

contribution from the different regions of the bubble to the overall mass transfer is still up for 

discussion. Besides, the studies performed do not take in consideration the effect of the different 

hydrodynamics types (cases A, B and C) that may occur under slug flow regime. The numerical 

approach followed in this work accurately estimates gas-liquid mass transfer in micro-scale slug 

flow. Both hydrodynamic and mass fields were solved simultaneously using CFD techniques. The 

methodology applied to predict the referred mass transfer phenomenon was already used in 

similar macro-scale systems. Scenarios characterized by different Capillary and Reynolds 

numbers were chosen in order to address and evaluate the effect of the referred hydrodynamic 

behaviors (cases A, B, and C) on the gas-liquid mass transfer from a Taylor bubble.  

 

 

6.3. Material and methods 

 

A pure oxygen Taylor bubble transferring this solute to the surrounding liquid inside a micro-

channel is the scenario addressed in the present work. This mass transfer process was numerically 

studied for different liquid viscosities and different liquid average velocities (characterized by 

0.03<CaB<2 and 0.1<ReB<100). The commercial package ANSYS Fluent (16.0) was the software 

chosen to perform the numerical simulations. 

  

The main task of this work was to solve simultaneously the flow and concentration fields. This is 

the most accurate approach but has the drawback of leading to time-consuming simulations when 
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coupled with gas-liquid interface capturing. In order to minimize the computational time and 

effort, the simulations were solved in two successive steps based on a fixed reference frame 

(FRF):  

 In a coarser mesh: the hydrodynamics of a single Taylor bubble flowing through a 

Newtonian liquid is simulated until the bubble acquires its final shape (mesh with 

100x4000 elements already validated in previous hydrodynamic studies26); 

 In a refined mesh: the mass transfer of oxygen from the Taylor bubble to the flowing 

liquid is activated. Once again, the simulation runs until the concentration field on the 

close surroundings of the bubble gets stabilized (refined mesh with 200x8000 cells; mesh 

test data are presented in section 6.4.1). 

 

All simulations were performed in the same domain: a 2D axisymmetric cylindrical tube with a 

diameter (D) of 1.0 x 10-4 m and a length equal to 20D. This length was set to guarantee that the 

bubble had enough length to enable the development of the flow and concentration fields. A fully-

developed laminar velocity profile was imposed at the inlet boundary condition while the tube 

outlet was defined as a “pressure-outlet”, where a specific value of static pressure was set. 

A schematic representation of the domain and corresponding boundary conditions is presented in 

Figure 6.4.  

 

Figure 6.4: Illustration of the domain and boundary conditions used for the system in study. 

 

The momentum (Equation 6.14) and continuity equations (Equation 6.15) are already 

implemented on ANSYS Fluent 16.0 and are shared by both phases: 

 

𝜕

𝜕𝑡
(𝜌) + ∇. (𝜌�⃗⃗�) = 0                                                                                                             (6.14) 

    

𝜕

𝜕𝑡
(𝜌�⃗⃗�) + ∇. (𝜌�⃗⃗��⃗⃗�) = −∇𝑝 + ∇. (𝜏̿) + 𝜌�⃗� + �⃗�                                                                 (6.15) 

                                                                       

where 𝜌 represents the density,  𝑝 is the static pressure, �̿� the stress-strain tensor, 𝜌�⃗� the 

gravitational forces and �⃗� the external body forces. 
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The gas-liquid interface capturing was based on the VOF (Volume of a Fluid) method coupled 

with a geometric reconstruction scheme43. This geometric reconstruction scheme uses a 

piecewise-linear approach (PLIC) for the gas volume fraction (𝛼𝐺) to define the interface. 

 

𝜕

𝜕𝑡
(𝛼𝐺) + 𝑢∇𝛼𝐺 = 0                                                                                                      (6.16) 

 

Still at the interface, the surface tension effects were described by the continuum surface model44. 

These effects are then included in the momentum equation through the source term.  

The PISO (“Pressure-implicit with splitting of operators”) algorithm was used to couple velocity 

and pressure equations; the pressure interpolation method applied was the pressure staggering 

option (PRESTO!); and the QUICK scheme was used to solve momentum equation. The Green-

Gauss node method was used to discretized the gradients.  A corrective term called by the software 

“implicit body force” treatment was employed. This accounts for the partial equilibrium between 

pressure gradient and body forces and it was used to prevent convergence problems and guarantee 

robust solutions. A detailed description of the referred methods can be found in the ANSYS 

guide45. 

Finally, since an unsteady-state model is being solved, it is necessary to set the time step. It was 

considered a variable time step controlled by imposing a Courant number of 0.25. For the 

momentum and continuity equations residuals, the convergence criterion in each time step, was 

monitored and kept under 10-6.  

 

 

6.3.1 Hydrodynamic simulations 

 

A first set of simulations was performed to solve only the flow field in a gas-liquid slug flow 

system based on a FRF. As already mentioned, the mesh used had 100x4000 elements. 

The initial bubble shape was approximated by a quarter of a circle linked to a rectangle and placed 

near the inlet of the domain. The bubble moved along the tube and the simulation was stopped 

when the bubble shape and the surrounding velocity field reached a stabilized state.  

 

6.3.2 Mass transfer studies simulations 

 

The velocity fields acquired in the previous stage were interpolated to a refined mesh (200x8000 

elements) and the mass transport was solved using the “species transport” model. This model was 

complemented with a user defined function subroutine (UDF) to set the concentration at the 

interface.  
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The “species transport” model predicts the local mass fraction of i th specie ( 𝑦𝑖) by solving the 

mass conservation equation: 

 

𝜕

𝜕𝑡
(𝜌𝑦𝑖) + ∇. (𝜌�⃗⃗�𝑦𝑖) = −∇. 𝐽𝑖

⃗⃗⃗ + 𝑅𝑖 + 𝐵𝑖                                                                          (6.17) 

 

where 𝐽𝑖
⃗⃗⃗ represents the diffusive flux of species i, 𝑅𝑖 the net rate production of species i, and 𝐵𝑖 

the mass source defined by the user.  

 

To set the oxygen solubility concentration at the interface, a UDF was implemented creating a 

new mass transfer term as a source. This source 𝑁𝐴 was defined as: 

 

𝑁𝐴 = −∇c𝐷𝐿𝐴                                                                                                                         (6.18) 

 

where A represents the interfacial area. The ∇𝑐 is defined as the ratio concerning the difference 

between the solubility concentration (𝑐∗) and the concentration in the cell center next to the 

interface (𝑐𝑑𝑖𝑠) and the distance between the interface and the referred cell center (∆𝑋): 

 

∇𝑐 =
𝑐∗−𝑐𝑑𝑖𝑠

∆𝑋
                                                                                                                           (6.19) 

 

The oxygen solubility in water at 250C is approximately 8.0x10-3 kg.m-3 and was used as 𝑐∗. This 

is a boundary condition that can be straightforwardly imposed at the gas-liquid interface. 

However, the identification of the interface inside each node and the numerical computation of 

Δx is a complex task. To perform it, the method described by Özkan et al.46 was implemented 

using the liquid void fraction and the interface normal vectors acquired from the VOF-PLIC 

scheme.  

 

To identify the interface inside each node, the normal vectors and the phase volume (αr) are 

retrieved from the simulation data. Then, an external code defines a point (Pi) along the normal 

vector to the interface. This point is used to set a fictitious interface and to compute the 

correspondent liquid phase volume (αi). This fictitious value is compared with the real one (from 

ANSYS Fluent) and if they are similar, the code stops, the interface is identified and Δx is 

calculated. If the values are different, another point is chosen along the normal vector (Pn) and an 

iterative process is developed - Figure 6.5.  
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Figure 6.5: a) Schematic representation of the interface determination; b) Schematic representation of the 

interface cells and the Δx calculation based on the work of Özkan and coworkers46. 

 

In the second set of simulations, the initialization was made with the bubble shape already 

stabilized and filled with oxygen, and the liquid phase absent of solute. The oxygen diffusion 

coefficient in the liquid (DL) is set to 1.97x10-9 m2.s-1. Systems with a CaB between 0.03-2.0 and 

ReB between 0.01-100 were addressed in these simulations. 

Once the oxygen concentration field remains constant in the closest surroundings of the bubble, 

the solute distribution was analyzed and local mass transfer coefficients were determined along 

the bubble surface. Global mass transfer coefficients were also calculated by averaging the local 

coefficients.   

 

 

6.4. Results and discussion  

 

6.4.1. Mesh tests 

 

A suitable mesh density is essential to reduce numerical errors but, on the other hand, it should 

also allow obtaining simulation results in a reasonable amount of time. To comply with this 

compromise, mesh independence tests were performed guaranteeing accurate predictions of the 

mass transferred between the soluble Taylor bubble and the flowing liquid. The mesh densities 

chosen were based on previous similar works26 and are described in Table 6.1 - nodes in the axial 

(z) and radial (r) directions. All the meshes have an aspect ratio (
∆𝑧

∆𝑟
) equal to 1 and are uniform 

throughout the domain. 
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Table 6.1: Number of nodes used in the mesh independence tests.  

 Nodes in r Nodes in z 

M1 50 2000 

M2 100 4000 

M3 150 6000 

M4 200 8000 

M5 220 8800 

 

 

Simulations to test the mesh density were performed for a case similar to A1 (ReB=10 and CaB=2). 

This case was chosen since it was expected to be characterized by a very thin concentration layer. 

To verify the mesh independency, radial concentration profiles were taken in the film region, 

since an adequate description of this region is highly dependent on the mesh density. Furthermore, 

axial velocity profiles for a radial position at the middle of the film thickness was also considered. 

These radial and axial profiles are presented in Figure 6.6.  

 

 

Figure 6.6: Radial concentration profiles for an axial position in the developed film region (left graph) and 

axial velocity profiles for a radial position at the middle of the liquid film (right graph). The profiles concern 

results obtained with different mesh densities for Case A1 (ReB=10 and CaB=2).  

 

Based on the results presented in Figure 6.6, it is possible to conclude that, in the developed film 

region, the simulation with the mesh M4 produced concentration profiles comparable to the ones 

obtained with the mesh M5. So, M4 is refined enough to reach a level of precision similar to the 

denser M5 and within a smaller computational time. From this point forward, mesh M4 was 

chosen to perform the set of simulations regarding hydrodynamics coupled with gas-liquid mass 

transfer. 
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To guarantee an accurate concentration field, the mesh must also have sufficient cells inside the 

mass boundary layer. For cases with a thinner concentration boundary layer (ReB=10 and CaB=2) a 

minimum of 7 cells is present. 

Besides, in order to ensure the correct prediction of the bubble shape, an appropriate number of 

cells should also exist between the bubble interface and wall. Figure 6.7 shows the concentration 

contours between the interface and the tube wall (ReB=10 and CaB=0.03) for a case with a small 

hydrodynamic film. The mesh grid chosen to solve the gas-liquid mass transfer simulations is also 

represented. This mesh has about 12 cells within the mass boundary layer developed in the liquid 

film region and presents 20 cells between the interface and the tube wall. This number of cells 

should be sufficient to adequately describe the referred layer and yield accurate results. 

 

 

Figure 6.7: Concentration distribution inside the mass boundary layer along liquid film for ReB=10 and 

CaB=0.03. The symbol δc corresponds to the mass boundary layer thickness and δh to the hydrodynamic 

film thickness.  

 

6.4.2. Mass transferred between a soluble Taylor bubble and the surrounding liquid 

 

6.4.2.1 Analysis of solute distribution  

 

As previously mentioned, three types of hydrodynamic behaviors were considered in this study: 

Case A) the Taylor bubble flows at a higher velocity than the liquid phase with no recirculation 

present (MFR); Case B) the Taylor bubble is again flowing faster than the liquid but a closed 

wake (MFR) is formed behind of its tail; Case C) both phases flow at the same velocity, with the 

liquid in recirculation above and below the bubble (MFR). 

In order to exemplify the effect of each of these hydrodynamic behaviors, three representative 

examples with the respective concentration contours are compared in Figure 6.8. 
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Figure 6.8: Concentration contours and streamlines for three distinct hydrodynamic behaviors expected for 

slug flow in micro-channels. 

 

Case A1 regards a system with a higher Capillary number (2.0), B1 has an intermediate Ca (0.8) 

and C1 has the lower value (0.03). In cases A1 and B1, the Taylor bubble is slender, and the film 

region is thicker when compared with C1. The film thickness values acquired numerically were 

compared with those given by Han and Shikazono30 expression (equation 6.5) and are in good 

agreement with deviations below 6%.  

The extremities of the bubble (nose and tail) have a similar shape in Case C1, while the bubble 

tail has a convex shape in Case A1. Case B1 is the only scenario that presents a wake region 

below the bubble tail where the solute tends to accumulate. 

Three different hydrodynamic regions can be found around a Taylor bubble: nose, film and tail. 

The bubble surroundings were divided in these different regions according to the liquid film 

thickness. The film region starts when the bubble thickness is 95% of its stabilized value reached 

on the fully developed film. The nose is above this region and the tail is below. 

 

Figures 6.9 and 6.10 show the concentration contours and the streamlines (MFR) around two 

zones of the bubble surface, namely on the nose and tail regions.  

These contours were taken for an instant where the concentration no longer changes significantly 

with time in a region very close to the interface. 
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Figure 6.9: Stationary concentration contours and streamlines (MFR) around the nose region for cases A1, 

B1 and C1. 

 

The concentration contours around the bubble nose can be seen in Figure 6.9. In Case A1, the 

solute distributes in a thin layer surrounding the bubble surface. On the other hand, in C1, the 

presence of a recirculation (MFR) above the nose potentiates the accumulation of solute in a 

region near the center of the tube (tip of the nose) following the direction of the streamlines. In 

Case B1 a small solute accumulation also occurs due to the liquid flow around the bubble.  

 

 

Figure 6.10: Concentration contours and streamlines (MFR) around the tail for cases A1, B1 and C1.  

 

In Figure 6.10, the concentration contours around the bubble tail are represented. In Case B1, the 

closed wake region leads to the accumulation of solute inside of it. However, this is a very time-

consuming process since it is solely dependent on a diffusion mechanism. Due to this, the 

concentration field presented in Figure 6.10 was obtained for an instant where this process was 

still evolving. Eventually, the concentration in the wake would reach a stationary state, with all 

the region having a homogeneous value for the solute concentration. However, in practical 
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applications, this state would only be achieved in very long channels. Furthermore, it is not 

necessary to wait for the development of a homogeneous concentration inside the wake in order 

to produce accurate numerical results for the mass transfer coefficients. The reason is that these 

coefficients depend on the concentration profiles in the close surroundings of the gas-liquid 

interface, a region where the mass boundary layer reaches its final state in an earlier stage of the 

process.       

Below the bubble tail, a concentration plume appears. The length and form of this plume are the 

main difference between cases A1 and C1. In Case C1, the liquid in recirculation below the tail 

confines the solute to a thinner region closer to the wall, while in Case A1, the plume extends to 

the inner regions of the tube. The effect of the velocity field below the bubble can be confirmed 

in Figure 6.11, i.e., dimensionless axial velocity profiles in an axial position close to the bubble 

tail were taken for both cases. For Case A1, the liquid that comes from the film region has a 

behavior similar to a jet in expansion. This will promote the transport of solute to radial positions 

farther from the wall. For Case C1, the liquid in the tube center flows as a plug and the liquid 

coming from the film flows near the tube wall. It is important to note that, although the 

concentration remains unchanged on the close surroundings of the bubble, for the remainder of 

its movement through the tube, the permanent exchange of solute causes the plumes to extend in 

the axial direction.  

 

Figure 6.11: Dimensionless axial velocity profiles below the bubble bottom (0.05D below the tip of the 

tail) for cases A1 and C1. The average liquid velocity (�̅�𝑳) was used as the reference value.  

 

 

In Figure 6.12, for the three cases in study, concentration profiles are represented over the distance 

along several streamlines (starting from a point with the same coordinate ahead of the bubble nose 

tip-(s)).  
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Figure 6.12: Concentration profiles for cases A1, B1 and C1 along the streamlines (s). Next to each plot, 

the location of the streamlines is also shown.  

 

For Case A1, the solute does not reach the streamlines near the wall (1). As the distance from the 

tube wall increases, the solute concentration also increases, attaining the solubility value along 

the streamline closest to the bubble surface (3).  

The behavior just described for case A1 is very similar in B1. Streamline 4 flows near the bubble 

surface and the concentration reaches a value close to the solute solubility. This streamline 

maintains the same value as it leaves the bubble surface and goes along the wake boundary. Once 

again, no solute is detected on the region near the wall. 

In Case C1, the bubble occupies almost the whole tube, and so, solute is present along all 

streamlines. In streamline 3 (closer to the bubble interface), the concentration along the film 

region tends to the solubility value.  

 

 

6.4.2.2 Axial and radial solute distribution 

 

The hydrodynamic characteristics of slug flow are known to enhance radial and axial mass 

dispersion. To analyze this effect, several axial and radial concentration profiles were extracted 

from the numerical results. The axial profiles regarding different radial positions within the film 
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are presented in Figure 6.13 (being δh the film thickness, 0δh corresponds to the bubble surface 

and 1δh to the tube wall).  

  

 

Figure 6.13: Axial concentration profiles for three positions between the interface and the tube wall for 

cases A1, B1 and C1. The positions are referenced to the film thickness (δh) where 0δh corresponds to the 

bubble surface and 1δh to the tube wall. 

 

From Figure 6.13, for cases A1 and B1, it is possible to detect an absence of solute already at 

0.38δh. In contrast, in Case C1, the quantity of solute is still significant at 0.89δh. This seems to 

indicate that the radial dispersion is more effective in Case C1. This is probably due to the 

presence of the stagnant film where the radial dispersion gets more significant. 

Another aspect worth mentioning is the presence of a slight peak of concentration in Case C1. 

This happens when the axial profile intercepts and passes through the region where the solute 

accumulates below the bubble.  

 

In Figure 6.14, radial concentration profiles obtained at different axial positions in the liquid 

ahead and below the bubble are represented for the three cases in study. 
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Figure 6.14: Radial concentration profiles for different axial positions in the liquid ahead and below the 

bubble. The black lines represent the numerical results for Case A1, blue lines to case B1 and gray lines to 

Case C1. 

 

The profiles associated to the axial position 0.05D above the nose show that, around the center of 

the tube, the solute concentration is two orders of magnitude higher for cases C1 and B1. Besides, 

at a position 0.10D above the nose, practically no solute is detected for Case A1, while both B1 

and C1 still show a significant quantity of solute.  

Below the bubble (at 0.1D or 0.5D), in Case A1, the presence of solute is more concentrated in a 

region closer to the axis while, for Case C1, higher concentrations are found closer to the wall. 

Furthermore, the maximum concentration values appear in radial positions correspondent to the 

concentration plume previously described. 

Case B1 presents a concentration of solute in an intermediate zone between the ones associated 

with cases A1 and C1 (right graph in Figure 6.14). It should be emphasized that these plots, for 

Case B1, are for an instant where the wake is not yet in a stationary state. If the simulation 

progressed to a stationary wake, these plots spreading into regions closer to the channel axis 

would be expected.  

 

In summary, it become obvious that the three cases addressed have different behaviors in terms 

of axial and radial dispersion. Case C1 seems to be characterized by a more effective enhancement 

of radial dispersion. In Case B1, the main feature is the accumulation of solute inside the wake 

which will be transported attached to the bubble. For case A1, the solute will only be sent 

backwards since no significate solute dispersion above the nose is registered.  

 

6.4.2.3 Nose, film and tail effects 

 

As aforementioned, the hydrodynamic characteristics on the bubble surroundings differ, and so, 

any analysis is normally made by splitting it into different regions: nose, film and tail.  
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In Figure 6.15, the solute distribution around the bubble nose is inspected for the three cases under 

study. Several points along the bubble nose interface were considered and, for each point, the 

normal to the surface were drawn and the corresponding concentration profiles were extracted. 

 

 

Figure 6.15: Concentration profiles along the normal to the interface in the nose region: Cases A1 (upper 

left), B1 (upper right) and C1 (lower). A schematic representation of the different positions is presented. 

For each representation, a grey region limited by the line that represents 1% of the saturation concentration 

(dashed line) and the interface (full line) is added. 

 

For the three cases, the slopes of the concentration profiles increase along the interface (positions 

a to e, a+ to e+ and a* to e*).  

Due to the solute accumulation above the nose in Cases C1 and B1, the first two positions have 

small and distinct slopes. The remaining positions tend to overlap and present values similar to 

the ones displayed for Case A1.  

 

The same procedure of drawing several normal along the bubble interface was repeated for the 

developed film region. The concentration profiles acquired for the three cases are represented in 

Figure 6.16. 
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Figure 6.16: Concentration profiles along the normal to the interface in the film region: Case A1 (upper 

left), B1 (upper right) and C1 (lower). A schematic representation of the different positions is presented. 

For each representation, a grey region limited by the line that represents 1% of the saturation concentration 

(dashed line) and the interface (full line) is added. 

 

The concentration profiles along the film tend to present a similar behavior for all cases. 

Nevertheless, it should be noticed that Case B1 presents the profiles with higher slopes. For Case 

C1, the film tends to get fully developed in a region around position 4. However, at position 5-6 

the change in the bubble shape and velocity fields, associated to the tail transition, impacts the 

concentration profiles in the vicinity of the interface. Besides, in Case C1 is especially visible that 

the solute will also display appreciable radial diffusion since the convective transport (stagnant 

film) is very low. Due to these reasons, even though the concentration profiles overlap in a region 

near the interface, they will tend to differ in regions closer to the wall.  

 

Finally, the same procedure for the interface normal was also done for the bubble tail region. The 

concentration profiles produced for the three cases are shown in Figure 6.17.  
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Figure 6.17: Concentration profiles along the normal to the interface in the tail region: Case A1 (upper 

left), B1 (upper right) and C1 (lower). A schematic representation of the different positions is presented. 

For each representation, a grey region limited by the line that represents 1% of the saturation concentration 

(dashed line) and the interface (full line) is added. 

 

From the profiles presented for Case A1, it can be seen that the slope decreases from T1 to T5 

where the “peak” of the plume is located. Afterwards, the concentration slopes increase again for 

T6.  

For Case B1, the T1+ presents the lowest slope. This position is the one that cuts through the zone 

of higher concentration on the wake for a non-stationary state. As for the other positions, the 

slopes tend to overlap for regions closer to the interface.  

The concentration profiles for Case C1 are represented in the lower part of Figure 6.17. The profile 

T2* corresponds to a position that cuts the concentration plume where the solute accumulates, 

and so, it presents the lowest slope. Positions T3-T7 present a thinner concentration layer and 

higher slopes due to the presence of the liquid in recirculation (MFR) below the bubble which 

delimitates this layer. 

 

 

6.4.2.3 Mass transfer coefficients 

 

Local mass transfer coefficients along the bubble surface were estimated from the numerical data 

obtained for the cases under study. These coefficients were calculated considering the normal to 
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the bubble interface in the corresponding positions. In Figure 6.18, the results for these 

coefficients are qualitatively represented for all cases, i.e., larger spheres correspond to higher 

mass transfer coefficients. On its turn, a quantitative representation of the local mass transfer 

coefficients is displayed in Figure 6.19.  

 

 

Figure 6.18: Qualitative representation of the local mass transfer coefficients obtained for cases A1, B1 

and C1. Larger spheres correspond to higher mass transfer coefficients; a reference sphere is added to each 

representation. 

  

The qualitative representation of the mass transfer coefficients was necessary since, at this point, 

visualizing tendencies in the different flow regions is more interesting over direct comparison of 

the absolute values of the coefficients. 
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Figure 6.19: Numerical results of the local mass transfer coefficients along the bubble surface: Case A1 

(upper left), B1 (upper right) and C1 (lower). Next to each graph, a schematic representation of several 

positions along the bubble surface is added to better identify the corresponding coefficients.  

 

For Case A1, the mass transfer coefficients increase along the nose and film region reaching the 

lowest values at the tail. Since there is no appreciable solute accumulation above and below the 

bubble, the difference between the mass transfer coefficient in the tube center (𝑠 𝑠𝑡⁄ = 0) and at 

the end of the bubble nose is lower. This case also presents a long film where the coefficients 

have slight variations. Within the tail region, there is a location over the concentration plume 

where the mass transfer coefficient presents the lowest value.  

Case B1 presents low mass transfer coefficients in the onset of the nose region, due to solute 

accumulation around the nose tip. On the film, the coefficients are higher and constant. However, 

as the bubble film starts the transition to the tail region, the coefficients tend to decrease. Once 

again, the tail region presents the lowest values.  

For Case C1, the mass transfer coefficients at the nose and at the transition film-tail are very low 

compared to the values acquired along other regions. These low values are associated with solute 

accumulation mainly due to the characteristics, already described, of the different flow behaviors. 

It should also be noted that the higher mass transfer coefficient occurs in the film region.  
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6.4.2.3.1 Average mass transfer coefficients in the different regions of the bubble 

 

The local mass transfer coefficients were averaged considering the different regions around the 

bubble – nose, film and tail regions (Table 6.2).  

 

Table 6.2: Average mass transfer coefficients for the whole bubble (�̅�total ), nose (�̅�𝑛 ), film (�̅�𝑓 ) and tail 

(�̅�𝑡 ) regions. 

 �̅�𝐭𝐨𝐭𝐚𝐥 𝐱𝟏𝟎𝟑 �̅�𝒏 𝐱𝟏𝟎𝟑 
�̅�𝒏 

�̅�𝐭𝐨𝐭𝐚𝐥 

 �̅�𝒇 𝐱𝟏𝟎𝟑 
�̅�𝒇 

�̅�𝐭𝐨𝐭𝐚𝐥 

 �̅�𝒕 𝐱𝟏𝟎𝟑 
�̅�𝒕 

�̅�𝐭𝐨𝐭𝐚𝐥 

 

Case A1 1.28 1.12 0.88 1.54 1.20 0.59 0.46 

Case B1 2.48 2.49 1.00 3.07 1.24 0.74 0.30 

Case C1 1.60 1.64 1.03 1.95 1.22 0.92 0.57 

 

For all cases, the film region is where the average mass transfer coefficients are higher. The local 

mass transfer coefficients along the film are not subject to great variations originated by local 

points of saturation. So, the values remain in the same order of magnitude leading to higher 

average coefficients.  

In the nose region, the mass transfer coefficient for A1 is lower than the global mass transfer 

coefficient. On the other hand, Cases B1 and C1 present values closer to the global mass transfer 

(�̅�𝑛 �̅�𝑡𝑜𝑡𝑎𝑙⁄  of 1.00 and 1.03). For the specific conditions described for case B1, the nose region 

is more extensive due to the bubble shape, and so, it includes higher mass transfer coefficients 

which increases its average value.  

For all cases, the tail is the region with the lowest average mass transfer coefficients, and it is 

responsible for the decrease on the global mass transfer coefficients. In Case C1, the ratio between 

tail and global mass transfer coefficients is higher than in Cases A1 and B1. Once again, this value 

can be justified by the effect induced by the liquid recirculation region (MFR). 

Like it was pointed out before, since the dimensionless numbers (ReB and CaB) characterizing 

each case are different (see Figure 6.1), and lead to different flow behaviors in the liquid slug, a 

direct comparison of results should be carefully considered.  

 

6.4.2.3.2 Effect of the Reynolds number 

 

In order to try to assess the effect of the different dimensionless numbers in the mass transfer 

phenomena, a set of simulations were performed by changing the liquid velocity and/or liquid 

viscosity. Table 6.3 compiles all the systems simulated and discussed in this sub-section. 
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Table 6.3: Identification of the simulated systems regarding the main dimensionless numbers. 

Identification ReB CaB Type 

A0 10 2.0 
Case A 

A1 1 2.0 

B1 100 0.8 Case B 

CA 100 0.03 

Case C 
C0 10 0.03 

C1 1 0.03 

C2 0.01 0.03 

 

 

From the work of Rocha and colleagues26, it was shown that the Capillary number has a profound 

effect on the flow in the liquid slugs. Having this in consideration, and to isolate the impact of 

changing the flow behavior, the effect of the Reynolds number was analyzed by fixing Capillary 

numbers for Cases A and C.  

Systems associated to Case A share a Capillary number of about 2.0, while their Reynolds number 

was changed from 10 to 1. The concentration fields and the streamlines for these systems are 

represented in Figure 6.20.  

 

 

Figure 6.20: Concentration fields around a bubble with a CaB of 2.0 (Case A). The streamlines are also 

represented on the liquid phase. 

 

In terms of solute distribution, a lower Reynolds number potentiates a thicker concentration layer 

around the bubble and leads to a thicker plume that spreads closer to the bubble tail.  
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The systems with a CaB of about 0.03 and ReB between 100-0.01 (Case C behavior) are 

represented in Figure 6.21. All of these systems present liquid in recirculation above and below 

the bubble (in MFR). 

 

 

 

Figure 6.21: Concentration fields around a bubble with a CaB of 0.03 (Case C). The streamlines are also 

represented on the liquid phase. 

 

From the results shown in Figure 6.21, it is possible to observe that higher Reynolds numbers will 

allow the solute to “escape” in the axial direction to longer distances from the bubble surface. As 

the Reynold number decreases, the solute will be able to penetrate a wider zone (in the radial 

direction) which may lead to the total saturation of the film region for low Reynolds and Capillary 

numbers. 

 

The global mass transfer coefficients values were also obtained for all simulated systems and are 

compiled in Table 6.4.  
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Table 6.4: Average global mass transfer coefficients for systems with different Reynolds numbers. 

ReB 100 10 1 0.01 

�̅�𝑨 × 𝟏𝟎𝟑 

(CaB=2) 
--- 2.41 1.28 --- 

�̅�𝑩 × 𝟏𝟎𝟑 

(CaB=0.8) 
2.48 --- --- --- 

�̅�𝑪 × 𝟏𝟎𝟑 

(CaB=0.03) 
1.78 1.60 1.37 0.60 

 

 

For each Capillary number, increasing the Reynolds number lead to higher mass transfer 

coefficients.  

In Case A, with no recirculation regions (in MFR), the velocity will have a stronger impact on 

mass transfer rates: increasing ReB from 1 to 10 is enough to duplicate the value of the mass 

transfer coefficient.  For Case C, the increase on ReB is responsible for a more modest variation 

of the mass transfer coefficients. This can be explained by the fact that the film region (in C) will 

tend to be stagnant, so the increase of the bubble velocity and the decrease of the concentration 

boundary layer thickness will be more evident on the nose and tail which lead to a subtler effect 

on the average global mass transfer coefficients.  

 

6.4.2.3.3 Mass transfer coefficients – comparison with literature 

 

As it was already discussed in section 6.2, several numerical and experimental studies have been 

performed for mass transfer between a soluble Taylor bubble and the surrounding liquid. To 

validate numerical results of the present work, the mass transfer coefficients were compared with 

data from the literature: equation 6.9 (Bercic and Pintar), 6.10 (van Baten and Krishna) and 6.11 

(Vandu). Since the simulated systems considered an isolated Taylor bubble, the liquid slug length 

also had to be defined by some criterion: for all cases it was assumed a length which allows the 

total recuperation of the velocity field. 
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Table 6.5: Global mass transfer coefficients estimated by the correlations available in literature and by 

numerical simulations. 

 �̅�𝑳 x103 

(eq. 6.9) 

�̅�𝑳 x103 

 (eq. 6.10) 

�̅�𝑳 x103 

 (eq. 6.11) 

�̅�𝑳 x103 

 (numerical) 

A1 

ReB=1 

CaB=2.0 

0.74 6.33 9.30 1.28 

B1 

ReB=100 

CaB=0.8 

9.34 11.14 17.38 2.48 

C1 

ReB=10 

CaB=0.03 

0.92 3.52 4.38 1.60 

 

 

The correlations were all developed for systems where the liquid slug was in recirculation in a 

MFR (Case C). So, as expected, the coefficients estimated with the referred correlations diverge 

significantly from the numerical ones for Cases A1 and B1.  For Case C1, the theoretical values 

approach the numerical predictions. This shows that for cases with a behavior similar do Case C, 

the penetration model is able to describe the mass transfer from a Taylor bubble in small channels  

 

 

6.5. Conclusion 

 

A detailed numerical study about mass transfer in a micro-scale slug flow system was successfully 

performed in the present work. More specifically, the system addressed considered the oxygen 

transferred from a pure isolated Taylor bubble to the surrounding liquid flowing co-currently 

inside a micro-channel. In order to accurately describe the gas-liquid mass transfer, CFD 

techniques were used and adapted to simultaneously solve the hydrodynamic and concentration 

fields together with the interface capturing and reconstruction based on the VOF methodology.  

A very distinctive feature of this numerical work is the individual analysis and quantification of 

the mass transfer in different hydrodynamic regions that surrounds a Taylor bubble (nose, film, 

tail). Furthermore, to the authors’ knowledge, this work provides one of the first studies that fully 

recognize the existence of three different flow behaviors within slug flow in small channels and 

describe the corresponding effects on gas-liquid mass transfer.  

According to recent literature26, and confirmed by the present work, three sub-categories can be 

identified in slug flow due the presence or absence of recirculations (in MFR): no liquid in 

recirculation is present (Case A); a closed wake following the bubble tail (Case B); and finally 

the liquid is in recirculation ahead and below the bubble (Case C). The occurrence of each of 

these behaviors can be framed by two characteristic dimensionless groups – Reynolds and 
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Capillary numbers. So, the effect of these two groups in gas-liquid mass transfer was addressed 

(within the ranges of 1<ReB<100 and 0.3<CaB<2) by assuming different liquid viscosities and 

average velocities with the purpose of covering the three behaviors just mentioned. 

It was verified that the presence of different liquid flow behaviors around the bubble promotes 

significant changes on the solute distribution. For Case A, there is no tendency to have relevant 

quantities of solute in positions ahead of the bubble nose. In Case B, the presence of a closed 

laminar wake is responsible for a slow accumulation of solute within this structure. The flow 

behavior in Case C is the best option when it is important to guarantee that the solute reaches the 

channel walls, due to the almost stagnant liquid film region. Below the bubble tail, the 

development of a plume of solute was identified. The dependency of the shape and length of these 

plumes on the associated liquid flow field was also addressed. 

Local mass transfer coefficients were successfully estimated and the relevance of the different 

hydrodynamic regions in global coefficient values was also quantified. It was concluded that all 

the regions around the bubble have a meaningful contribution to the overall mass of solute that is 

transferred to the liquid. Nevertheless, it was shown that the film region presents the higher mass 

transfer coefficients, while the tail region is characterized by the lower ones.  

Additionally, an analysis of the solute distribution and global mass transfer coefficients for 

systems that share similar dimensionless groups was also performed. From this analysis, it was 

possible to confirm that increasing the ReB promotes higher mass transfer rates with a more 

significant impact in scenarios with Case A behavior.  

Finally, values numerically obtained for the global mass transfer coefficients were compared to 

the ones estimated by correlations/equations available in literature. The comparison showed that 

the numerical data is reasonably close to the predictions made by the correlations (within the same 

order of magnitude) regarding the system C1. It should be noted that most of these correlations 

were developed for systems with a behavior similar to Case C. These conclusions support the idea 

that the penetration model can be a good option to describe mass transfer from a Taylor bubble 

in small channels, if the liquid flow has a behavior typical of the Case C type.  
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Nomenclature 

a interfacial area per unit cell 

volume 

m2/m3 

𝐴 interfacial area  m2 

𝐵𝑖 mass source defined by user kg.m-3s-1 

𝑐 concentration  kg.m-3 

𝑐∗ saturation concentration  kg.m-3 

𝑐𝑑𝑖𝑠 concentration on the cell center kg.m-3 
 

𝐷 tube diameter m 

𝐷𝑏 bubble diameter m 

𝐷𝐿 coefficient of diffusion m2.s-1 

�⃗� external body force N 

𝑔 gravitational acceleration m2.s-1 

ℎ distance along the normal to the 

gas interface 

m 

𝐽𝑖 diffusive flux of specie i kg.m-2s-1 

𝑘𝐿 mass transfer coefficient for the 

liquid phase  

m.s-1 

�̅�𝐿 average/global mass transfer 

coefficient for the liquid phase 

ms-1 

𝑘𝐿𝑎 volumetric liquid side mass 

transfer coefficient  

s-1 

𝑙 distance from the nose tip to 

the liquid film fully developed 

m 

𝐿𝑙 liquid slug length m 

𝐿𝑠 slug length m 

𝐿𝑈𝐶 unit cell length m 

�⃗⃗� normal vector  

𝑁𝐴 mass transfer rate kg.s-1 

𝑝 static pressure Pa 

𝑃𝑐 cell center position m 

𝑃𝑖 initial position m 

𝑃𝑛 computed position m 

𝑟 radial coordinate m 

𝑅𝑖 net rate production of specie i kg.m-3s-1 



 
 

213 
 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

GREEK LETTERS 

α volume fraction --- 

𝛿ℎ film thickness m 

𝛿𝑐 thickness of the concentration 

boundary layer 

m 

휀𝐺 gas hold-up --- 

𝜇 viscosity Pa.s 

𝜌 density kg.m-3 

𝜎 surface tension N.m-1 

�̿� stress-strain tensor Pa 

 

DIMENSIONLESS GROUPS 

 Ca Capillary number  

𝑠 coordinate along the bubble 

surface 

m 

𝑠𝑡 bubble perimeter m 

𝑡 time s 

𝑡𝑐 gas-liquid contact time s 

𝑢 velocity at the bubble interface m.s-1 

�⃗⃗� velocity vector m.s-1 

�̅� average velocity m.s-1 

𝑢 liquid velocity at the interface  m.s-1 

𝑈∞ bubble  rising velocity through 

stagnant liquid  

m.s-1 

 𝑈𝑏 bubble rising velocity m.s-1 

𝑈𝐺  superficial gas velocity m.s-1 

�̅�𝑓 average velocity at the film m.s-1 

𝑈𝐿 superficial liquid velocity m.s-1 

�̅�𝐿 average liquid velocity m.s-1 

𝑦𝑖 local mass fraction of specie i --- 

𝑧 axial coordinate m 

𝑧𝑜 axial coordinate at the nose tip m 

𝑧𝑡 axial coordinate at the tail tip m 
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 CaB Capillary number number 

considering the bubble 

velocity 

 

Eo Eötvös number  

Re Reynolds number  

ReB Reynolds number considering 

the bubble velocity 

 

Sh Sherwood number  

Sc Schmidt number  

WeB Webber number considering 

the bubble velocity 
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7.1 Overall conclusions 

 

The present thesis consists in a detailed CFD work that successfully described mass transfer 

phenomena in gas-liquid slug flow systems. More specifically, these systems comprise individual 

Taylor bubbles flowing through co-current liquid phases confined in both conventional and 

micro-scale channels. In macro-scales, the effect of the Reynolds number (always in laminar 

regime) imposing different inlet liquid velocities was investigated for a Morton number 5.30 x10-

5. The systems in micro-scale were in the ranges of 0.03<CaB<2 and 0.1<ReB<100. These 

dimensionless numbers were chosen in order to study the three different sub-patterns described 

in literature1 for micro-scale slug flow: inexistence of recirculation zones in the liquid (Case A); 

presence of a closed wake following the Taylor bubble (Case B); recirculation zones ahead and 

below the bubble (Case C).  

The CFD software used was the commercial package ANSYS Fluent. This is a user-friendly 

software with most of the necessary models and numerical methods already implemented. 

However, to be able to properly describe the mass transfer between a Taylor bubble and the 

surrounding liquid, adaptions of the existing models were made with the help of user-defined 

functions (UDF), namely to impose a constant concentration at the bubble surface. This task was 

not straightforward and required intensive work until reaching a stable procedure. Another 

demanding task was the definition of adequate post-processing methods, i.e, several alternatives 

were explored to estimate the local mass transfer coefficients from the raw simulation data. The 

set of results produced from the defined post-processing methods allowed to perform a systematic 

analysis about mass transfer with the primary goal of assessing the potential of using Taylor 

bubbles for cleaning/controlling biofilms.  

In order to address the mass transfer mechanisms involved in the referred systems, the study was 

split in two main parts: a) mass transfer from a soluble wall into the surrounding liquid and b) 

solute transfer from a pure Taylor bubble into a co-current flowing liquid.  

Regarding the mass transfer rates in the wall-liquid mechanism, the influence induced by the 

Taylor bubble passage is more significant in macro-scale scenarios. Furthermore, the role of each 

hydrodynamic region surrounding the Taylor bubble in the overall mass transfer was also 

analyzed and compared: the liquid film is the region able to promote the higher dissolution rates; 

the wake mainly contributes with solute accumulation within the recirculation regions which is 

then transported throughout the tube. An increase on the Reynolds number is able to promote 

higher mass transfer rates, however, it was verified that a more effective backward mass transport 

and cleaning of the regions near the tube wall is achieved with lower velocities. Accordingly to 

the conditions of the system, the bubble can introduce an improvement between 10-20% in the 

mass transfer coefficients when compared with monophasic systems.  
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In micro-scale systems, it was concluded that the effect of the bubble presence in wall-liquid mass 

transfer is less significant. As already mentioned, the work of Rocha and colleagues1 reports three 

distinct flow behaviors (Cases A, B and C) in the liquid phase within the gas-liquid slug flow 

pattern classification. The range of occurrence of each of these behaviors can be defined through 

Reynolds and Capillary numbers. The detail of the simulation results gathered for the three cases 

allowed to verify that the higher wall-liquid mass transfer rates can be obtained with the one that 

is characterized by recirculation zones above and below the Taylor bubble (Case C).  

The main qualitative finding extracted from the gas-liquid mass transfer simulations is that, 

although solute is transferred from the entire bubble interface, this phenomenon is highly 

dependent on the nature of the hydrodynamic region (nose, film or wake) that is surrounding the 

surface. For macro-scale scenarios, the liquid film is the region where the mass is transferred at 

higher rates. Furthermore, the corresponding coefficients become constant as long as the film 

reaches a fully developed state. In contrast, the wake presents itself as the region with the lower 

contribution to mass transfer. Below the bubble, the closed wake will tend to saturate if enough 

contact time is given. However, this process is very slow since it mainly depends on a diffusion 

mechanism and a steady-state concentration in the wake is hardly reached in real systems. It is 

also important to note that the numerical results obtained for the global mass transfer coefficients 

show a significant deviation from values predicted by correlations available in literature. This fact 

could be explained by the uncertainties associated to the experimental work behind those 

correlations and/or the inappropriate use of the Higbie theory for describing mass transfer on these 

specific gas-liquid systems. For the systems and conditions studied, the film theory seems to be 

more appropriate to predict the concentration gradients near the gas-liquid interface. 

Nevertheless, it is true that these fundamental/theoretical findings still need to be further explored 

by extending this study into wider ranges of the characteristic dimensionless groups. 

The simulations of gas-liquid mass transfer in micro-scale systems confirmed that this 

phenomenon is affected by the type of liquid flow behavior (sub-patterns of slug flow) being 

considered. In the three behaviors already mentioned, not all are able to promote effective 

conditions for the solute to easily reach the wall. However, in the scenarios of Case C, the bubble 

is thicker, and the liquid film is very thin and almost stagnant, which allows the solute to diffuse 

in the direction of the wall instead of being dragged to the bubble tail region. While in Case C the 

radial dispersion is potentiated, the systems corresponding to the other two cases are characterized 

by accumulation of solute in the wake (Case B) or solute dispersion to regions behind the bubble 

(Case A). The numerical results of mass transfer coefficients obtained for Case C (the one mainly 

addressed in the literature) were validated by the available correlations, confirming that the 

penetration theory can provide good estimates on these particular systems.  

Moreover, it was concluded that the passage of a Taylor bubble can also help in the control of 

biofilms formation by changing significantly the velocity fields and, consequently, the 
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corresponding wall shear stress behavior. This specific hydrodynamic feature is known to have a 

high impact on the structure and composition of a biofilm, and so, drastic variations on the wall 

shear stress are able to affect the species in the surface of a channel/tube. Within a timeframe 

where the microorganisms are yet to develop a structured layer and are only attached to the 

surface, the detachment phenomenon can be considered similar to the dissolution of a soluble 

wall. This notion ensures the meaningfulness of the conclusions taken for the wall-liquid mass 

transfer mechanism regarding their application to biofilm control. Besides its impact through the 

wall shear stress, Taylor bubble flow is also responsible for radial and axial mass dispersion and 

solute accumulation in the liquid wake (especially in macro-scale slug flow systems). This implies 

that the bubble is also able to disperse cells, and this may help to control/prevent the formation of 

a biofilm on specific locations. Finally, it was shown that Taylor bubbles could be used to supply 

a new solute into the system to act as a reactant/inhibitor agent. This work shows that the entire 

bubble surface is able to promote solute diffusion, however the scale and conditions that rule the 

hydrodynamics of each system have a strong impact on the quantity of solute that reaches the 

wall.  

 

7.2 Future Work and Relevancy 

 

The subjects addressed in this thesis, i.e., mass transfer phenomena coupled with gas-liquid slug 

flow, are characterized by a very complex phenomenological nature that is hard to accurately 

describe and predict. After a thorough analysis of the current state of the art, it was identified the 

necessity of applying computational tools with a high level of detail in terms of grid/domain 

definition, numerical methodologies and post-processing treatments. However, such detail 

implies time-consuming processes and a compromise had to be assumed in order to produce 

relevant results within a reasonable timeframe. So, a CFD approach based on small domains 

composed by a representative unit of flow (single Taylor bubble + liquid slug) was taken and a 

limited number of simulations was performed. This compromise leaves much more to explore 

within the same kind of domains based on a pure gas and Newtonian liquid phases. In a simple 

and straight path of continuation of this work, widening the ranges of characteristic dimensionless 

groups to address a larger number of flow conditions as well as different solutes in the gas phase 

should be considered in further studies. Regarding the dimensionless groups, special priority 

should be given to Morton and Schmidt numbers. Furthermore, a reactive step could be added to 

the present sequence of phenomena modeled by the CFD tools applied. For example, considering 

the reaction between some compound transferred from a Taylor bubble with solute in the wall (or 

dissolved in the liquid phase) would mimic a scenario of chemical inhibition/control in a biofilm. 
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Based on the same principles of the present study (systems with individual Taylor bubbles) and 

the suggestions made above, two other relevant and complementary steps can be pointed out: 

a) Expansion of the studies to systems with non-Newtonian liquid phases. This would have 

vital importance to applications such as gas embolisms. 

b) Use of data characteristic of real biofilms instead of the single solute approximations 

made in this work. This implies a deeper inspection in terms of biological know-how or 

even the necessity of complementing with experimental work. 

The usual slug flow systems are composed by sequences of Taylor bubbles (trains of bubbles) 

that interact with each other and alter their typical isolated behavior. In order to get even closer 

to these real scenarios, it will be important to extend the described numerical studies to systems 

with two or more bubbles. The simultaneous occurrence of bubble-bubble interaction and two 

types of mass transfer mechanisms (wall-liquid and gas-liquid) is expected to promote very 

interesting results in terms of the system dynamics and potentiation of mass transfer. 

Nevertheless, the referred extension would increase even more the phenomenological complexity, 

and so, it must be very well planned if the intention is to maintain a good level of detail on the 

computational description.  

A final suggestion would be to take advantage of the accuracy of the mass transfer data produced 

in small domains (with CFD tools) by using it as an input to simpler simulators that describe gas-

liquid systems in very long channels. Currently, these type of 1D simulators are mainly used for 

high-depth oil wells and are absent of any information or modelling about mass transfer 

phenomena. Adapting these simulators and providing them with some capability of predicting 

mass transfer coupled with multiphase flows in very large domains can also be an added-value.    
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