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Preface
This work results from the compilation of the different papers that have been published while it was
carried out. The work is organized in five chapters, as described below.
Chapter one starts with the introduction of the membrane reactor concept and describes generically
its main features and potentialities to be considered as an alternative to the currently used industrial
processes. In the following, it is provided a more or less extensive overview concerning the use of catalytic
polymeric membrane reactors. The membrane reactors with polymeric non-catalytic membranes, the
membrane assisted catalysis, was not considered in this overview (just one example is given due to its
specificity, references [198, 199], at the end of section 1.3.6). Generally, this membrane assisted
catalysis is related with processes like pervaporation, ultrafiltration, nanofiltration, reversed osmosis and
dialysis, which are out of the scope of this work − the use of catalytic membranes in gas phase reactions.
Some of the more interesting studies on the membrane reactors subject with inorganic membranes are
provided, in order to illustrate its potential applications. The selection was made having into account
relevant points as pioneer nature, process innovation, environmentally relevance, potential industrial
application, etc. Finally, it is introduced the modelling membrane reactors issue, using catalytic polymeric
membranes. The shortage of studies covering the simulation of these specific reactors (studies on
modelling catalytic membrane reactors with inorganic membranes are considerably abundant) calls for
the need of more research in this area. Indeed, it was this lack of research that provided the opportunity
for the present work. In fact, this work had its genesis in 1995, from a discussion between Doctor Detlev
Fritsch (GKSS-Geesthacht, Germany) and Doctor Adélio Mendes (FEUP-DEQ), at the time a post-doc fellow
at GKSS. Dr. Fritsch had recently succeeded to produce a PDMS membrane with occluded nanoclusters of
palladium [J. Membr. Sci. 99 (1995) 29]. However, he could not figure out the exact potentialities of his
new material and would like to have someone modelling a polymeric catalytic reactor for comparing its
performance with conventional reactors.
Chapter two is dedicated to the discussion about the performance of catalytic polymeric membrane
reactors to conduct equilibrium-limited gas phase reactions. The first two papers consider perfectly mixed
flow pattern in both retentate and permeate sides, while the following three papers consider plug flow
pattern in both retentate and permeate sides (crossflow pattern in the permeate side is also analysed).
Generic reactions are discussed in all the studies, considering all possible cases for the net change of the
total moles number resulting from the stoichiometry. Concerning the first two papers that discuss the
mixed flow pattern, it should be said that all figures were remade with more accurate results, obtained
with numerical tools (presented in chapter three) that were developed after the papers have been
published. However, the differences are just of qualitative nature; the main conclusions still remain.
The membranes considered in chapter two are generic dense membranes. However, only polymeric

membranes are suitable to occlude metallic nanoclusters. Moreover, the sorption-diffusion mechanism
with Henry’s sorption isotherm considered for the gas transport through the membranes occurs mostly in
polymeric membranes. These are the reasons why this work concerns about dense polymeric catalytic
membranes, despite the works discussed in the chapter two consider generic membranes.
Chapter three is devoted to numerical methods and schemes that could be used to solve efficiently
and accurately the mathematical models developed in the present work. The first paper of this chapter
discusses the application of a recently developed adaptive wavelet-based collocation numerical method
to solve the model equations describing catalytic membrane reactors. The second paper discusses the
applicability of a specifically developed numerical scheme to the resolution of the model equations
presented in this work, based on a transformation of the spatial coordinates.
Chapter four provides a discussion about the use of a catalytic membrane reactor with dense
polymeric catalytic membrane to improve the selectivity to an intermediate product. It was selected a
consecutive-parallel gas phase reaction with great industrial importance, more specifically the selective
hydrogenation of the “contaminants” propyne and propadiene in a propene industrial stream.
Finally, chapter five ends this work with the main conclusions. Additionally, some suggestions for a
possible future work are provided.
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Sumário
O presente trabalho estuda fundamentalmente o desempenho de reactores de membrana
polimérica catalítica densa na condução de reacções de equilíbrio ou do tipo consecutivas/paralelas em
fase gasosa.
Relativamente às reacções de equilíbrio, estudou-se a possibilidade de aumentar a conversão obtida
nestes reactores para além do valor máximo atingido em reactores convencionais (conversão de
equilíbrio). Um dos modelos propostos considera um reactor com membrana plana, uma reacção
⎯⎯
→ cC + dD , escoamento perfeitamente agitado em
genérica descrita pela equação química aA + bB ←⎯
⎯

ambas as correntes (retido e permeado) e regime isotérmico. Outras hipóteses simplificativas foram
consideradas, nomeadamente ausência de polarização de concentração, transporte difusivo através da
membrana descrito pela lei de Fick, isotérmica de sorção linear, coeficientes de sorção e de difusão
constantes, mecanismo de reacção elementar e isotérmica de adsorção linear para o equilíbrio
polímero/catalisador, com um coeficiente de partição unitário. O desempenho do reactor (em termos da
conversão obtida) foi analisado para diferentes conjuntos de valores de sorção e de difusividade dos
componentes da reacção, em função dos parâmetros módulo de Thiele e tempo de contacto, para três
diferentes relações estequiométricas: ∆n > 0 , ∆n = 0 e ∆n < 0 , em que ∆n = ( c + d ) − ( a + b ) .
Um segundo modelo foi desenvolvido para descrever um reactor tubular com fibras ocas,
considerando escoamento pistão tanto no retido como no permeado e uma reacção genérica descrita
⎯⎯
→ bB , em que A e B podem representar mais que um reagente/produto de
pela equação química aA ←⎯
⎯

reacção. Este modelo considerou pressões constantes ao longo da fibra, quer no retido, quer no
permeado. Para além de uma análise similar à efectuada para os modelos anteriores, foi ainda estudada
neste caso a influência da variação da razão entre a pressão do permeado e a do retido, a influência da
razão entre a espessura da membrana e o seu raio interno, a influência da localização da alimentação
(pelo interior ou pelo exterior da fibra) e a influência dos modos de operação em co-corrente, contracorrente e fluxo cruzado. Os resultados obtidos com estes estudos mostraram o seguinte:
•

A conversão obtida nestes reactores para uma reacção reversível pode ser significativamente
superior ao valor máximo atingido em reactores convencionais se a sorção média dos produtos de
reacção for inferior à dos reagentes e/ou se a difusividade média dos referidos produtos for superior
à dos reagentes.

•

O desempenho de um reactor de membrana polimérica catalítica densa depende diferentemente da
sorção e da difusividade dos componentes da reacção. Deste modo, o seu estudo não se pode
basear apenas nas permeabilidades dos mesmos componentes.
Quanto às reacções do tipo consecutivas/paralelas, foi analisada a hidrogenação sucessiva do

xiv

propino a propeno e deste a propano, descrita por uma equação química do tipo A + B → C e B + C → D .
Considerou-se um reactor perfeitamente agitado e regime não isotérmico e não adiabático. As restantes
hipóteses simplificativas já consideradas nos modelos anteriores foram também aqui consideradas. O
desempenho do reactor foi analisado em termos da concentração do propino no permeado, da conversão
do propino e do hidrogénio e da selectividade e produtividade relativas ao propeno, em função do módulo
de Thiele, tempo de contacto e número de Stanton, para valores fixos dos outros parâmetros,
nomeadamente número de Peclet térmico difusional, número de Arrenhius e razão entre as velocidades
das reacções. Para efeitos comparativos, considerou-se que este reactor com uma membrana não
selectiva, em termos de difusividade e de sorção, e operando na condição de permeação total era
idêntico a um reactor catalítico convencional com escoamento perfeitamente agitado. Fazendo variar os
coeficientes de sorção e/ou difusão do hidrogénio, analisou-se para que valores dos parâmetros referidos
é que o reactor de membrana tem um desempenho superior ao de um reactor catalítico convencional,
em termos das variáveis em estudo. Os resultados obtidos mostraram que tal superioridade pode ser
obtida quando a sorção e a difusividade do hidrogénio forem superiores às dos hidrocarbonetos, em
certas regiões do espaço paramétrico “módulo de Thiele”.
A solução para alguns dos modelos anteriores foi obtida utilizando um esquema numérico específico
baseado na colocação ortogonal e numa transformação da variável independente (coordenada espacial).
A aplicação deste esquema numérico na obtenção da solução para diferentes modelos descrevendo
reactores de membrana catalítica mostrou a sua eficácia, ao fornecer a respectiva solução com um erro
consideravelmente baixo e num tempo reduzido. Um outro método numérico recentemente desenvolvido,
baseado em “wavelets” interpoladoras, foi também utilizado para obter a solução de alguns destes
modelos. Apesar das elevadas exactidão e eficiência computacional demonstradas por este método
numérico (wavelets), ele necessitou de muito mais tempo para obter a mesma solução que o método
baseado na transformação da variável independente, devido ao seu carácter generalista.

xv

Abstract
It is studied in this work the simulation of dense polymeric catalytic membrane reactors for
conducting equilibrium-limited or consecutive-parallel gas phase reactions.
Concerning the equilibrium-limited reactions, it was studied the conversion enhancement over the
maximum value attained in conventional reactors (equilibrium value). One of the proposed models
considers

a

flat

membrane

reactor

and

a

generic

reaction

described

by

the

equation

⎯⎯
→ cC + dD . Three different stoichiometric relations were considered: ∆n > 0 , ∆n = 0 and
aA + bB ←⎯
⎯
∆n < 0 , where ∆n = ( c + d ) − ( a + b ) . For each of these cases, it was studied the influence that different

sorption and diffusion coefficients has in the reactor performance, in terms of the achieved conversion,
along the Thiele modulus and the dimensionless contact time parameters. The model development
assumed perfectly mixed flow pattern in both retentate and permeate chambers and isothermal
operation. Other assumptions includ negligible external transport limitations in the interface membrane
surface/gas phase, Fickian transport through the membrane thickness, linear sorption equilibrium
isotherm between the gas phase and the membrane surface, constant diffusion and sorption coefficients,
elementary reaction mechanism and linear adsorption equilibrium isotherm between the polymeric phase
and the catalyst surface, with unitary partition coefficient.
Another model was developed to describe a tubular membrane reactor with plug flow pattern and
constant pressure along the hollow fibre for both retentate and permeate sides, considering now a
⎯⎯
→ bB , where A and B can embrace more than one reactant/product.
generic reaction of the type aA ←⎯
⎯

Beyond a similar exploratory study as for the previous model, it was also analyzed the influence of the
relative permeate pressure (permeate pressure/feed pressure ratio) change, the influence of the ratio
between the membrane thickness and its internal radius, the influence of the feed location (tube side or
shell side) and the influence of the operation modes cocurrent, countercurrent and crossflow. The
obtained results show that:
•

The conversion of a reversible reaction can be significantly enhanced when the average sorption of
the reaction products is lower than the reactants one and/or the average diffusivity of the reaction
products is higher than the reactants one.

•

The performance of a dense polymeric catalytic membrane reactor depends in a different way on
both sorption and diffusion coefficients of reactants and products and then a study of such a system
cannot be based only on their permeabilities.
A consecutive-parallel reaction system given by the reaction scheme A + B → C and B + C → D ,

which represents the hydrogenation of the propyne to the intermediate propene, followed by the deeper
hydrogenation to propane, was also analysed in a completely back-mixed polymeric catalytic membrane
reactor. Contrarily to the previous models, it was assumed in this case non-isothermal and non-adiabatic
conditions. The same main assumptions considered in the previous models were also assumed here. The
concentration of the propyne in the permeate stream, as well as the conversion of the main reactants
propyne and hydrogen and the selectivity and overall yield to the intermediate product propene were

xvi

analysed in the Thiele modulus, dimensionless contact time and Stanton number parametric space, for
fixed values of some other parameters, namely the diffusional heat Peclet number, Arrhenius number and
ratio of the reaction rates. For the sake of comparison, a conventional catalytic perfectly mixed reactor
was considered to be equivalent to the catalytic membrane reactor with a non-selective membrane in
terms of sorption and diffusivity selectivities and operating at the total permeation condition. Then, the
sorption and/or diffusion coefficients of the main reactant hydrogen were changed and the results in
terms of the parametric space, where the polymeric catalytic membrane reactor could perform better
than the conventional catalytic perfectly mixed reactor, were analyzed. It was observed that, for the
parameter values considered, sorption and/or diffusion coefficients of hydrogen greater than the ones of
the hydrocarbons are beneficial to decrease the concentration of the reactant propyne in the permeate
stream, as well as to increase the conversion of the main reactant propyne and increase the selectivity
and the overall yield to the intermediate product propene. This happens for certain regions of the Thiele
modulus parametric space.
The solution for some of the developed models was obtained using a specific numerical scheme
based on orthogonal collocation together with the transformation of the independent variable (spatial
coordinates). The application of this numerical approach to solve different catalytic membrane reactor
models proved its effectiveness in obtaining such a solution with good accuracy and low demand of
computation time. Some of these models were also solved by a recently developed numerical adaptive
method using an algorithm based on interpolating wavelets. Despite its high accuracy and computational
efficiency, the wavelet based method demands much more time than the numerical scheme based on
the independent variable transformation, due to its generality character.
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Sommaire
Le présent travail repose essentiellement sur l’étude de la performance des réacteurs de membrane
polymère catalytique dense dans la conduite des réactions d'équilibre ou de type consécutives/parallèles
dans la phase gazeuse.
Relativement aux réactions d'équilibre, on a étudié la possibilité d'augmenter la conversion obtenue
avec ces réacteurs au-delà de la valeur maximum obtenue dans un réacteur catalytique conventionnel
(valeur de l’équilibre). Un des modèles a considéré un réacteur de membrane plane, une réaction
⎯⎯
→ cC + dD , l’écoulement parfaitement agité dans
générique décrite par l'équation chimique aA + bB ←⎯
⎯

les deux courant (rétentat et perméat) et le régime isotherme. D’autres hypothèses simplificatrices ont
été considérées, notamment l’inexistence de film de polarisation, le transport par diffusion au travers la
membrane décrite par la loi de Fick, l’isotherme de sorption linéaire, les coefficients de sorption et de
diffusion constants, le mécanisme de réaction élémentaire et le coefficient de partition unitaire entre la
superficie du catalyseur et la phase polymère. La performance du réacteur (quant à la conversion
obtenue) a été analysée aux travers de différents ensembles de valeurs coefficients de sorption et de
diffusion des composants de la réaction, en fonction des paramètres module de Thiele et temps de
contact, sur trois relations stoechiométriques: ∆n > 0 , ∆n = 0 et ∆n < 0 , et dans lesquelles
∆n = ( c + d ) − ( a + b ) .

Un second modèles a été aussi développé pour décrire un réacteur tubulaire avec des fibres creuses,
en prenant en considération l’écoulement piston aussi bien dans le rétentat comme dans le perméat et
⎯⎯
→ bB , dans laquelle A et B peuvent
une réaction générique décrite par équation chimique aA ←⎯
⎯

représenter plus qu'un réactif/produit de réaction. Ce modèle a considéré des pressions constantes au
long des fibres, aussi bien dans le rétentat comme dans le perméat. Outre l’analyse effectuée pour les
modèles antérieurs, ont été analysées dans ce cas: l’influence de la variation du rapport entre la pression
du perméat et de celle du rétentat, l'influence du rapport entre l'épaisseur de la membrane et de son
rayon interne, l'influence de la localisation de l'alimentation (par l'intérieur ou par l'extérieur de la fibre) et
enfin l'influence des modes opératoires en co-courant, contre-courant et flux croisé. Des résultats obtenus
à la suite de ces études ont montré ce qui suit:
•

La conversion obtenue dans ces réacteurs, pour une réaction réversible, peut être significativement
supérieur à la valeur de l'équilibre thermodynamique si la sorption moyenne des produits de réaction
est inférieure à celle des réactifs et/ou si le diffusivité moyenne des produits en référence est
supérieur à celui des réactifs.

•

La performance d'un réacteur de membrane polymérique catalytique dense dépend différemment
de la sorption et de la diffusivité des composantes de la réaction. Donc, l'étude du réacteur ne peut
pas seulement se baser sur les perméabilités de ces mêmes composants.
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Quant aux réactions de type consécutives/parallèles, on a analysé l’hydrogénation successive du
propyne au propène et de celui-ci au propane, décrite par une équation chimique du type A + B → C et
B + C → D . On a considéré un réacteur parfaitement agité et un régime non isotherme et non

adiabatique. Les hypothèses simplificatrices considérées dans les modèles précédents ont été également
estimées dans ce cas. La performance du réacteur a été analysée par rapport à la concentration du
propyne dans le perméat, à la conversion du propyne et de l'hydrogène et de la sélectivité et productivité
concernant propene, ceci en fonction du module de Thiele, du temps de contact et du nombre de Stanton,
pour des valeurs fixes des autres paramètres, comme ceux du nombre de Peclet thermique diffusionel, du
nombre d'Arrenhius et du rapport entre les vitesses des réactions. Dans un but de comparaisons, on a
considéré que ce réacteur avec une membrane non sélective (c’est à dire, dans lequel tous les
composantes possèdent les mêmes sorption et diffusivité) et en opérant dans la condition de perméation
totale, était identique à un réacteur catalytique conventionnel parfaitement agité. En faisant varier les
coefficients de sorption et de diffusion de l’hydrogène, on a analysé pour quelles valeurs des paramètres
référés le réacteur de membrane présentait une meilleure performance que celle du réacteur
conventionnel. Les résultats obtenu on montré que la performance de ce réacteur, par rapport aux
variables étudiées, peut être supérieure à celle d'un réacteur conventionnel quand la sorption et/ou la
diffusivité de l’hydrogène soient supérieurs à ce des hydrocarbures.
La solution à certains des modèles antérieurs a été obtenue en utilisant un schemá numérique
spécifique, basé sur la collocation orthogonal et en une transformation de la variable indépendante
(coordonnée spatiale). L'application de ce schemá numérique pour l'obtention de la solution pour
différents modèles qui décrivent les réacteurs à membrane catalytique a démontré son efficacité, en
fournissant la respective solution avec une petite erreur et dans un laps de temps réduit. Une outre
méthode numérique récemment développée, basée sur “wavelets“ interpolateurs, a été également
utilisée dans la solution de certains de ces modèles. Malgré les grandes efficacités et exactitudes
démontrées par cette méthode numérique, celle-ci a un besoin de temps substantiellement supérieur
pour l’obtention de la même solution que la méthode basée sur la transformation de la variable
indépendant, grâce à son caractère généraliste.
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According to the IUPAC’s definition [1], a membrane reactor is a “device for simultaneously carrying
out a reaction and a membrane-based separation in the same physical enclosure”. Such a concept of
membrane reactor is the natural result of the evolution of the process design from the simpler design
concept where a membrane separator followed a reactor. Nevertheless, there are a number of cases in
the open literature referred to as catalytic membrane reactors for which this definition would not hold,
because the membrane used, in fact, does not perform a selective separation. So, a more all-embracing
definition for a membrane reactor should be considered. To some extent, a membrane reactor is a device
where a combination of a membrane and a chemical reactor must integrally couple them in such a
fashion that a synergia is created between the two systems.
The first reference to what it can be called a membrane reactor dates back to 1866, by Graham [2].
This author used a palladium membrane to separate hydrogen from gaseous mixtures and for its catalytic
activation. The so activated hydrogen was then used for the transformation of chlorine-water into
hydrochloric acid, as well as for other liquid phase reactions at room temperature. Some years later
(1898), at Moscow University, Zelinskii combined the generation of hydrogen (reaction between
hydrochloric acid and zinc) with a hydrogenation using a sponge of palladium covering the granules of
zinc, creating thus the first composite membrane catalyst [3]. In 1915, Snelling patented in the USA the
removal of hydrogen through platinum or palladium tubes from a reactor with a granular catalyst for
dehydrogenation reactions, namely the production of acetaldehyde from ethyl alcohol [4]. Twenty years
later, in the URSS, Dobichin and Frost discovered that there is an increase in the catalytic activity of the
hydrogen evolved from a palladium film, in comparison with gaseous hydrogen. Hydrogenation by
hydrogen electrochemically produced on the opposite surfaces of palladium and other metallic
membranes was investigated at the same time by Kobosev and Monblanova at Moscow University and
more extensively in 1949 by Ubbelodhe, in the UK [3].
The discussion on the membrane reactor concept began in the 1960’s, with several works focusing
almost exclusively on dehydrogenation reactions. Gryaznov [3], for example, reported a membrane
reactor where a simultaneous dehydrogenation of cyclohexane to benzene in one side of a palladium
membrane and a hydrogenation of o-xylene to benzene in the other side of the membrane were carried
out. Pfefferle [5] described a membrane reactor to carry out the dehydrogenation of ethane to ethylene in
one side of a palladium-silver membrane and the oxidation of the evolved hydrogen with oxygen in the
other side of the membrane. Rosset [6] patented a similar concept to the one of Pfefferle, in which a
silver membrane (permeable only to oxygen) was used to supply oxygen to a dehydrogenation reaction
medium, in order to oxidize the hydrogen formed. The shift of the chemical equilibrium in
dehydrogenation reactions by removal of the hydrogen formed through permeable palladium-based
membranes was also reported by Setzer [7] and Smirnov [8]. Wood [9] studied the dehydrogenation of
cyclohexane using a membrane reactor to remove preferentially hydrogen. Michaels [10] called the
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attention of the engineers of process to the fact that semi-permeable membranes had become available
as a practical and economical technique to separate molecules in high-capacity continuous processes. He
predicted that “membrane technology would become a significant addition to the chemical process
industry kit of process tools”.
Membrane reactors research continued in the 1970’s, though mainly in the biotechnological area. As
a matter of fact, this is a subject in which membrane reactors are attracting great interest and where
some polymer membrane-based reactors have been blessed with some commercial success [11-13].
There, membrane processes are coupled with industrially important biological reactions. These include
the broad class of fermentation-type processes, widely used in the biotechnology industry for the
production of amino acids, antibiotics, and other fine chemicals. Membrane reactors are also of interest
in these processes for the continuous elimination of metabolites, which is necessary to maintain a high
productivity. Membranes are further increasingly utilized as hosts for the immobilization of bacteria,
enzymes, or animal cells in the production of many high value-added chemicals. Similar reactive
separation processes are also finding application in the biological treatment of contaminated air and
water streams. A recent review on catalytic membrane reactors by Sanchez Marcano and Tsotsis [13]
devotes a full chapter to this subject.
In the meantime, the research on membrane reactors oriented for the non-biological processes soon
showed to have an abundance of petrochemical relevant systems and inorganic membranes where the
membrane reactor could perform an important function. However, most of the real progress in this area
has definitively “taken off” on the middle 80’s [14], being nowadays published yearly more than 100
scientific papers on catalytic membrane reactors [15]. From the authorship of these papers, as well as
from the recent ICCMRs (International Conference on Catalytic Membrane Reactors) it is clear that the
membrane reactor research community is not only growing in number, but also widening its territorial
borders. A considerable number of scientists and engineers in several different disciplines, including
materials science, chemistry and chemical engineering, have been paying more and more attention to
this subject. This growing attention is related with the ongoing significant industrial interest in such
processes.

1.1- Potentialities of the Membrane Reactors.
When coupled with chemical reactors, membranes hold promise for various advantages that can be
split into three main groups, according to the scale at which they work, and described in the following:
1.

Process level – The integration of a separation function into the reactor, which otherwise would
require its own apparatus, allows to decrease the number of process units. This is particularly
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attractive if it eliminates interstage temperature and/or pressure changes required in the
conventional process scheme. However, to achieve a synergic coupling of the two functions, it is
required that the reaction conditions are compatible with the ones for the membrane separation. The
benefit would be a process plant more compact (though eventually more complex), reducing thus the
investment and increasing the economical viability of the process. An improved efficiency would
additionally result in savings on energy and raw materials.
2.

Reactor level – The ability of a membrane to transport material can be explored in a reactor in
various ways to improve the efficiency of the combined process compared to the sequential units.
One approach is to quickly remove products from the reaction zone that have a negative influence on
the kinetics. In a broader sense, this applies to all reactions in which certain products compete with
the reactants for active sites on the catalyst; included is an inhibition by reversible adsorption,
irreversible poisoning and side reactions of the products (the reverse reaction would be a special
case hereof). By keeping the concentration of such products at low levels, even at high conversions, a
high reaction rate could be maintained and an increased conversion and/or selectivity for an
intermediate product could be achieved; eventually, the reaction could be driven to completion.
Alternatively, the same conversion as in a conventional reactor is obtained, but at a lower
temperature. This drop in temperature has the extra advantage of decreasing the extent of
deleterious side reactions, such as coking, for example. Catalyst activity can then be maintained for
a longer period before regeneration becomes necessary. Additionally, the downstream processing of
the products can be substantially facilitated when they are removed from the reaction mixture by
means of a membrane.
Another feature that one might want to utilise is the possibility to implement advanced dosing
concepts such as distributed feeding of one reactant along the reactor. This does not necessarily
require a selective membrane, provided the transmembrane flux could be properly controlled by
differential pressure and the reactant is pure. Otherwise, the membrane must be permselective to
purify the reactant from a mixture before feeding it. One of the immediate benefits that come up
with this strategy is the establishment of a more uniform concentration of the dosed species along
the reactor, resulting in a higher selectivity and/or yield and/or in an improved safety of the process.
If suitable membranes are available, or a design in sections would be feasible, one could also go for
a specific shape of the concentration profile along the reactor, if this would pay back in terms of
improved reactor performance due to kinetic reasons. One more effect observed when applying a
distributed feed along the reactor is the change of the residence time distribution, which can
improve the selectivity and/or the yield to intermediate products in multiple reactions.
Finally, a membrane can be used to set the reaction zone. For reactions relying on a catalyst, an
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active material might be incorporated into the membrane. This can be done uniformly throughout all
the membrane thickness or only in a certain region, as, for example, in a surface layer. Eventually,
the membrane could be catalytic itself. With such a membrane, two reactant streams (gaseous
and/or liquids) could then be passed along the different sides of the membrane and would mix in the
catalytic zone, transported by diffusion. One would mainly think of porous membranes and a solid
active material impregnated in the pore walls for this kind of configuration, but other types would
also be conceivable: for example, the porous structure of the membrane can be filled with a liquid
holding a dissolved homogeneous catalyst; in another situation, a dense polymeric catalytic
membrane can be used to promote the reaction between reactants from immiscible phases (organic
and aqueous, for example), or to enhance the selectivity/yield by taking advantage of its sorption
capacity towards the reaction species. For polymeric membranes, this is even a very important
feature to have into account, as it will be seen later. In any case, it is possible to favour the contact
between the catalyst and the reactant that limits the performance in conventional reactors (e.g. gas
in gas–liquid–solid processes, hydrophobic reactant with hydrophilic catalyst, etc.). In other
situations, a premixed reactant stream (gaseous, liquid or gaseous-liquid) is pushed through the
catalytic membrane (porous or dense) by applying a pressure gradient. The enhanced convective
and/or diffusive flow across the membrane results in a very efficient contact between the reactants
and the active phase. In this case, the dimensionless contact time of reactants and products with the
active phase is primarily controlled by operating parameters (pressure drop across the membrane).
This can lead to a better control of catalytic activity and/or selectivity or to an improved separation
capacity. This last situation may occur, for example, in the separation of olefins and acetylenics from
an industrial stream. If these “contaminants” are converted into other products through a reaction in
the permeate side (selective hydrogenation, for example), the driving force for their removal
increases and the corresponding driving force for the olefin may decrease. Hence, this arrangement
can be viewed as a short dimensionless contact time catalytic microreactor (or even nanoreactor).
3.

Catalyst level – For special cases, it would be possible that the membrane, due to its chemical
nature, supplies one of the reactants in a special form that is more active or selective for the
reaction to be catalysed than in its molecular form. An example is the ceramic oxide ion conducting
membranes, which can supply the reactant oxygen to a reaction medium in the form of oxide ions,
much more reactive than the molecular oxygen from the reactant gas phase. Other examples include
silver and palladium-based membranes (Pd or its alloys), which selectively permeate atomic oxygen
and hydrogen, respectively. Polymeric proton exchange membranes, known from low temperature
fuel cells, represent another class of membranes that could be used for such purposes.
These potential benefits are not mutually exclusive. In fact, there are several examples in the
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reported literature of membrane reactors where more than one of such unique features is explored
simultaneously. Some examples of the different functions performed by a membrane in a membrane
reactor will be presented along this introduction.

1.2- Classification of the Membrane Reactors.
There are numerous ways of combining a catalyst and a membrane. Moreover, depending on the
membrane function, the catalyst can be placed in very different locations. All this makes a global analysis
almost impossible.
Marcano and Tsotsis [13, 16] and Sanchez and Tsotsis [16], for example, proposed a classification of
the membrane reactors according to the way how the catalyst and the membrane are combined, defining
six basic configuration types as indicated in Table 1.

Table 1: List of the membrane reactor configurations according to Sanchez and Tsotsis [16].

Acronym

Description

PBMR

Packed-bed membrane reactor

FBMR

Fluidized-bed membrane reactor

CMR

Catalytic membrane reactor

FBCMR

Fluidized-bed catalytic membrane reactor

PBCMR

Packed-bed catalytic membrane reactor

CNMR

Catalytic nonpermselective membrane reactor

The most commonly utilized membrane reactor type has been the PBMR (essentially using inorganic
membranes), in which a permselective membrane provides only the separation function. The reaction
function is provided by a packed-bed of catalyst particles placed in the interior or exterior of the
membrane volumes. Sometimes, the packed-bed is fluidized, giving rise to the FBMR. In the CMR
configuration, the membrane provides simultaneously the separation and reaction functions. To
accomplish this, one could use either an intrinsically catalytic membrane (e. g., zeolite or metallic
membrane) or a membrane that has been made catalytically active. To make it, a catalyst can be
introduced by impregnation, by occlusion or by ion exchange, and could be further activated or not.
Sometimes, the membrane used in the PBMR configuration is also, itself, catalytically active, often
unintentionally (as is the case of some metallic membranes), but, on occasion, purposely, in order to
provide an additional catalytic function. In this case, the membrane reactor is classified as a PBCMR (or
FBCMR). In the CNMR configuration, the membrane provides only a well-defined reactive interface, not
showing any permselectivity.

8

Chapter 1: Introduction

Another generic classification for the catalytic membrane reactors can be based on the membrane
function [17, 18]. In this case, three main groups can be defined according to the membrane reactor type:
1.

In a greater number of cases, at least those studied at the beginning of the membrane catalysis (for
non-biological systems), the most important function of the membrane was to remove selectively a
product from the reactor resulting of an equilibrium-restricted reaction, in order to gain yield
relatively to the conventional reactors. Thus, this type of membrane reactor was defined as an
extractor.

2.

In other applications, the function of the membrane is to dose a reactant that can originate
successive reactions. As the targeted species is often the product of primary addition, the regulation
of the reactant concentration at a low level along the reactor, through a controlled permeation
across the membrane, may improve the selectivity. Thus, it was proposed to call this type of
membrane reactor a distributor.

3.

The third type of membrane reactor takes advantage of the unique geometry of a membrane, i.e., a
permeable wall (permselective or not) separating two media, accessible from both sides. If the
membrane is also a support for a catalyst (or it is intrinsically active), it is therefore possible to feed it
from both sides with reactants or to force a reactive mixture through the active wall. It was therefore
proposed to call this type of membrane reactor a contactor. The first mode being named an
interfacial contactor, the second one a flow-through contactor.
The two modes of classification just described are quite complementary. Thus, a more complete

definition for a membrane reactor could be done having into account both definitions. In this way,
definitions like PBMR-extractor, PBMR-distributor, etc., will come up.
The membranes utilized in the membrane reactors are very distinct, either with regard to its nature
or to its form. Relatively to the nature, membranes can be inert or catalytically active, dense or porous
and can be made from polymers, metals, carbon, glass or ceramics. They can be uniform in composition
or composite, with homogeneous or asymmetric porous structure. Metallic membranes can be supported
on porous glass, sintered metal, granular carbon or ceramics (alumina or silica). In what concerns its
form, different membrane shapes can be found: flat discs, tubes (dead-end or not), tubules, hollow fibres
or monolithic multi-channel elements for ceramic membranes, but also foils, spirals or helix for metallic
membranes [16, 17]. It should be further referred that, in terms of flow pattern, the membrane reactor
can be of the type back-mixed or plug flow. For this last option, it can operate in countercurrent, cocurrent
or crossflow modes.
There are examples of unique membrane reactors reported in the literature that can defy general
classification, as, for example, membrane reactors with multiple feed ports, multi-membrane reactors,
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membrane reactors with multiple catalyst packed-beds, electrochemical reactors, etc. Some of such
reactors will be referred further along the text.
In spite of this classification for the membrane reactors, however, it is very common to see in the
literature the concept of catalytic membrane reactor as a generic definition applied to any of the referred
reactor configurations. Sometimes, slightly different classifications are reported [15, 19].

1.3- Polymeric Membrane Reactors.
In addition to the above-mentioned general advantages of combining reaction and membranes, the
use of polymeric catalytic membranes in membrane reactors can lead to some new important
possibilities, as will be evidenced in the following sections. When a heterogeneous catalyst (metal
nanoclusters, zeolites or activated carbons, for example) is incorporated into a polymer matrix, the
selective sorption of reagents and products can be adjusted with a well-chosen polymeric environment,
which may result in a potential beneficial effect on the catalyst performance. In the case of an embedded
homogeneous catalyst, that is, a catalytically active transition metal complex, its incorporation constitutes
a new and very versatile way to heterogenise it at the same time. The co-incorporation of additives in the
very neighbourhood of the catalytic species, rendering them also heterogeneous at the same time, may
further increase the performance of such a catalyst and substantially facilitate the downstream
processing. For liquid phase reactions, these composite systems are able to form a physical barrier
between two immiscible phases or stay at the respective interphase, making the solvents redundant.
Dilution of the reagents by the solvent and competition between the solvent and the reagents for sorption
on the catalytically active spots can thus be avoided. Additionally, its further separation is not necessary
anymore. Given the extremely high prices of many complexes, especially the chiral ones, this elimination
of the need of a solvent can be very useful, rendering possible to regenerate the catalyst in the
membrane. For membrane-assisted processes, a much wider choice of polymeric membranes is available
to select the most appropriate one, as compared with metallic or ceramic membranes. Moreover, the
technology to manufacture polymeric membranes is generally better developed than the one for inorganic
and metallic membranes. In fact, polymeric membranes have found a wide range of industrial
applications in gas separation. In some cases, such processes have become a standard [20].
Because polymeric membranes are less resistant to high temperature, aggressive solvents and
oxidative conditions than their inorganic or metallic counterparts, polymeric membrane reactors may only
be used in processes conducted at mild conditions, namely fine chemical synthesis and catalytic water
treatment, where many reactions take place under mild chemical conditions and at moderate
temperatures. But these limitations are relative: Nafion® and polydimethylsiloxane (PDMS), e.g., the two
most widely used catalytic polymeric membranes [21, 22], proved already to remain stable even under
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rather harsh conditions, showing an excellent thermal, mechanical and chemical resistance [22].
Moreover, the recent development of thermally resistant polymeric membranes [23, 24] provides promise
for the more widespread use of such materials in membrane reactors applications. On the other hand,
polymeric membranes show some important advantages over the inorganic counterparts in their
potential use as catalytic devices: their thickness can be controlled easily, a large scale preparation is no
problem, they are easier to be prepared crack-free [25] and they show versatile diffusivities and sorption
capacities [26]. The operation of polymeric membrane reactors at relatively low temperatures is also
associated with less stringent demands for the other materials needed in the module construction,
especially in the sealing, and thus leaves a wider choice to select the most optimal materials.
A polymeric catalytic membrane may actively take part in the reaction by different ways. Firstly, the
influence on the sorption capacity of reagents and products must be considered, because the
concentration of the reaction species near to the active sites depends directly on the sorption capacity.
This sorption capacity depends strongly on the degree of polymer cross-linking. In first instance, this
degree is determined by the polymer composition, but the presence of a solid phase catalyst in the
polymer may cause additional physical or even chemical cross-linking [27]. Secondly, the diffusivity of
reagents and products is a very important parameter to have also into account, because it is influenced
by the sorption: a high sorption of a component means a strong swelling of the polymer and thus an
increased mobility of the sorbate.
In general, almost only elastomeric polymers are utilized to incorporate homogeneous or
heterogeneous catalysts. In fact, as the chains of glassy polymers are much less flexible, the
incorporation of fillers disturbs its packing and lead to the occurrence of stresses, which may result in
cracks. PDMS has been the most utilized polymer, because it is cheap, easy to prepare and its flexible
siloxane chains provide a fast mass transfer through the membrane, which is important to allow that
neither the supply of reagents nor the removal of the products should become reaction rate limiting.
In the following, some examples of reactions that have been studied in membrane reactors will be
described. The different works will be grouped according to the type of reaction, namely: oxidations,
dehydrogenations, hydrogenations, hydrations, photocatalytic and other reactions. Such a presentation
will focus essentially on the catalytic polymeric membrane reactors. Nevertheless, whenever it becomes
relevant, the same type of application in the more widespread inorganic membrane reactors will be
commented on shortly or simply referred, in order to illustrate their potential application fields.

1.3.1- Dehydrogenation Reactions.
Dehydrogenations are by far one of the most studied reactions since the earlier membrane reactor
applications in the non-biocatalysis area, because of the existence of the remarkable palladium-based
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membranes (Pd and Pd alloys) showing almost an infinite hydrogen selectivity [4-9]. On the other hand,
some dehydrogenations (namely of alkanes and ethylbenzene, for example) have a great industrial
importance, as the respective products represent basic petrochemical building blocks with increasing
demand, e.g. for the manufacture of plastics, synthetic rubbers, etc. In its turn, dehydrogenation of
cyclohexane to benzene has potential significance for hydrogen storage and renewable energy
applications [14], because cyclohexane has been considered as a chemical source of hydrogen (chemical
hydride) [28]. Additionally, the system of coupled reversible reactions benzene hydrogenation/
cyclohexane dehydrogenation has been considered a high temperature chemical heat pump [29]. Also
dehydrogenation of methylcyclohexane to toluene was investigated in the same context, that is, usage of
hydrogen as secondary energy carrier [30, 31]. The concept is as follows: toluene, acting as a hydrogen
carrier, is hydrogenated to methylcyclohexane with hydrogen produced from hydroelectric power to store
the energy in an organic liquid. Upon demand, methylcyclohexane is catalytically dehydrogenated and the
released hydrogen can be used for stationary or mobile electricity generation.
The synergia achieved with the membrane reactors when conducting such reactions is clear, as the
continuous removal of the hydrogen results in an increase of the yield and/or selectivity. This
improvement brings some advantages, namely in lowering the reaction temperature. These reactions are
endothermic and equilibrium-limited, and should be, therefore, performed at relatively high temperatures
to proceed at reasonable rates and to shift the conversion to levels of practical significance. Another
feature they have in common is the thermal cracking at the reaction temperatures used, which lowers the
selectivity due to the production of undesired by-products and results in catalyst deactivation, due to
carbon deposits formation on catalyst surface (requiring thus frequent reactivation). The use of a
membrane reactor has, thus, the promise to lower the reaction temperature and, therefore, to restrict the
aforementioned difficulties. The emphasis put in the studies of these reactions in recent years has been
on improving the properties of the membranes. The aim of these efforts is to prepare a membrane with
good mechanical strength, high selectivity and improved hydrogen permeability.
Due to the usually high temperatures necessary for these reactions, polymeric membrane reactors
have been hardly ever used. Among the several tens of references on this subject, only Rezac et. al. [32]
and Frisch et. al. [33] reported studies on dehydrogenation reactions conducted in polymeric membrane
reactors. Rezac et. al. [32] described a membrane-assisted dehydrogenation of n-butane, consisting of
two plug flow reactors in series with an interstage hydrogen-removal polyimide-ceramic composite
membrane. This ensemble is quite different from other reported works, where the membrane and the
reactor are enclosed in the same package. However, this membrane assisted-system utilizes existing plug
flow reactors and heat exchange equipment. Due to the difference between the maximum allowed
temperature to operating the membrane (≈300 °C) and the effective minimum operating temperature of
the catalyst (≈480 °C), some degree of cooling of the reactor product stream that is fed to the membrane
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is required. However, this aspect was not taken into account in the study of the membrane
assistedsystem performance. Operating the membrane at various temperatures in the range of 25 °C to
180 °C, the authors found that the maximum conversion enhancement over the thermodynamic
equilibrium value was about 11% at the maximum operating temperature, with less than 1.5% of
hydrocarbon losses in the permeate side and keeping the selectivity to the n-butenes at the same level as
in the non-membrane system. At temperatures below the critical temperature of n-butane, 152 °C, the
membrane ability to selectively separate hydrogen from the hydrocarbon mixture is markedly impaired
due to plasticization of the polymer matrix by the hydrocarbon vapours; additionally, the
hydrogen/hydrocarbon selectivity falls below 20 and, consequently, the gain in conversion decreases.
Increasing the operating temperature of the separation unit above 180 °C, the membrane mixed-gas
selectivity increases to values above 75 and the membrane-assisted reaction system achieves the desired
increase in conversion with minimal hydrocarbon losses and at lower temperatures. As a result, the
production of undesired by-products is reduced and the stability of the catalyst is increased, allowing
longer cycles between regenerations.
In his turn, Frisch et. al. [33] studied the dehydrogenation of cyclohexane to benzene using catalytic
dense polymeric membranes. These membranes were prepared by blending polyethylacrylate with a 13X
zeolite, which contained a dehydrogenation catalyst (Ti or Ni). The reactor consisted of a single cell
apparatus with two chambers separated by the membrane and operating in flow-through mode.
Cyclohexane is fed to one of the reactor chambers and vaporized, while the permeated products are
removed by vacuum from the other chamber. The authors also prepared catalytic polymeric membranes
by free radical polymerization of the monomer in the presence of the zeolite, making thus pseudo-interpenetrating network (PIPN) membranes. All the catalytic membranes showed to be actives for the
cyclohexane dehydrogenation reaction at low temperatures (323-360 K), though the conversion has been
higher with the blend ones. According to the authors, this result is presumably due to polymer chains
which penetrate the zeolite channels in the PIPN membranes, blocking partially the possible catalyst sites
inside the zeolites. On the other hand, the blend membranes developed cracks considerably earlier than
the PIPN membranes. By utilizing optimized concentrations of catalyst in the zeolite crystals and of zeolite
in the polymeric matrix, it may be possible to increase the conversion for this reaction.
Because the aforementioned reasons, dehydrogenation reactions in membrane reactors have been
studied almost exclusively with metallic and ceramic membranes. As relevant examples of such
reactions, it can be referred the dehydrogenations of ethane to ethene [34, 35], propane to propene [36-39], n-butane to n-butene [40-42], isobutane to isobutene [43-46], cyclohexane to benzene [29, 47-51],
ethylbenzene to styrene [52-55], methylcyclohexane to toluene [30, 31], ethanol to acetaldehyde [56-59],
2-butanol to 2-butanone [60], isopropanol to acetone [61] and cyclohexanol to cyclohexanone [62]. A type
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of membranes that have attracted recently the attention are made of microporous silica deposited on
underlying mesoporous alumina or silica substrates [37, 37, 43], in opposition to the palladium [47, 57]
or palladium alloy [30, 31, 36, 41] foil membranes pioneer in the earlier studies. Other membrane types
that have been considered in dehydrogenation reactions include composite palladium [44, 53-55, 62] or
palladium alloys [29, 35, 37, 45, 46, 59, 60], amorphous Ni-B alloy [58], perovskite [39], porous alumina
[34, 40, 48, 52, 56], porous Vycor® glass [29, 50, 61, 62], zeolites [44, 51] and carbon [42, 49].
The reactor configuration more largely used for these reactions has been the PBMR [30, 31, 35-38,
40-46, 49, 51, 55, 57-62], but other configurations, namely FBMR [53], CMR [34, 37, 52, 56], PBCMR
[37] and electrochemical reactor [39] have been considered. Additionally, some special reactor
configurations have been proposed. For example, a “hybrid membrane reactor”, that is, a packed-bed
conventional reactor segment followed by a packed-bed membrane reactor segment was utilized [51,
48]. A “bifunctional palladium membrane reactor” [47] was considered in order to improve the conversion
of the dehydrogenation reaction. With this reactor concept, a coupled reaction on the permeate side is
carried out, taking advantage of the catalytic properties of the palladium-based membranes. Such a
coupled reaction can be an oxidation between the permeated hydrogen and air [35, 47, 37], for example,
or can be a hydrogenation of an alkene [41]. Moreover, the heat released with the oxidation reactions is
sufficiently high for stimulate the endothermic dehydrogenation without extra heating. A double PBMR
has also been reported [54, 50], consisting in one packed-bed catalytic section in the feed side to carry
out the dehydrogenation reaction and another packed-bed catalytic section in the sweep side where a
hydrogenation [54] or a further dehydrogenation of the permeated reactant [50] takes place.

1.3.2- Hydrogenation Reactions.
Hydrogenation reactions conducted in membrane reactors have also been studied for long time [63-65]. In the early times, palladium membranes were utilized, because they have an almost infinite
permselectivity towards hydrogen and the high reactivity of this gas when it leaves the membrane.
However, polymeric membrane reactors have also been considerably used for conducting such reactions
in the most varied situations, namely gas, liquid and gas/liquid phases.
Partial hydrogenation of multiple-unsaturated hydrocarbons is an important process in the
petrochemical industry, used for both purification of alkene feed streams and production of commodity
chemicals from alkynes, dienes and aromatics. In choosing a catalyst for an industrial partial
hydrogenation process, the selectivity is more important than the activity. Thus, processes are often run at
low temperatures and low hydrogen partial pressures. Therefore, partial hydrogenation is a promising
application for catalytic polymeric membranes, because high operating temperatures are not desirable
and the mass transfer limitations imposed by the polymer matrix may actually be advantageous. In the
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following, some examples of these reactions that have been carried out using catalytic polymeric
membrane reactors are described.
Gao and co-workers, for example, prepared several metal-containing polymeric materials by
incorporating transition metal chlorides (Pd, Co, Cu, Ni) into modified or unmodified poly(phenylene oxide)
and polysulfone [66]. The catalytic activities and selectivities of these materials were investigated, under
mild conditions (40 °C), for the hydrogenation of cyclopentadiene in a liquid/gas phase batch reactor
using ethanol as solvent and for the hydrogenation of cyclopentadiene and isoprene in a gas phase batch
reactor. In these studies, the membrane acted only as a support of the catalyst. The authors found that
most of these catalytic polymeric materials were considerably active for the studied hydrogenation
reactions, though with different extensions. Such differences indicated that the polymer matrix and its
functional groups strongly affected the activity and selectivity of the Pd-containing polymers in these
hydrogenations. However, both the activity and selectivity of the catalysts in the hydrogenation of
cyclopentadiene in the gas phase were lower than those in liquid phase. The reason for the higher activity
in liquid phase could be ascribed to the much higher concentration of cyclopentadiene. For the higher
selectivity, the very low solubility of hydrogen in ethanol could be pointed out as a reason, which,
associated with the higher concentration of cyclopentadiene, inhibited the further hydrogenation of the
monoene. Furthermore, the selectivity in gas phase was strongly influenced by the hydrogen partial
pressure. In fact, the selectivity showed to be dependent on the effective concentrations of hydrogen,
diene and monoene at the reaction site.
The same group [67] has also studied the selective hydrogenation in gas phase and mild conditions
(40 °C) of cyclopentadiene, isoprene and butadiene in catalytic membrane reactors made of a polymer-anchored palladium catalyst (polyvinylpyrrolidone, PVP-Pd) deposited on the inside wall of hollow fibres
of cellulose acetate (CA), polysulfone (PSF) and polyacrylonitrile (PAN). Additionally, ethyl-cellulose (EC)
and melamine-formaldehyde (AR) anchored palladium catalyst impregnated on the inner wall of cellulose
acetate hollow fibres were also prepared. The experiments were carried out in a hollow fibre membrane
reactor operating as a contactor in two different modes: 1) the hydrogen was fed on the shell side of the
hollow fibre, permeating through the membrane until reaching the catalyst in the inner wall, while
cyclopentadiene was fed to the bore of the hollow fibre; 2) hydrogen and cyclopentadiene were premixed
and fed to the bore of the hollow fibre. In all cases, the fed streams contained nitrogen as a diluent. The
authors found that all the membrane reactors were active for the selective hydrogenations, though with a
strongly dependent efficiency on both the hollow fibre support and the polymer anchored palladium
complex. The selective hydrogenation of cyclopentadiene, isoprene and butadiene was efficiently
performed in the catalytic hollow fibre reactors PVP-Pd/CA and PVP-Pd/PAN. They found also that the
segregated feed of reactants was better than the premixed feed. As in the previous study [66], the
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selectivity showed to be strongly dependent on the hydrogen concentration at the reaction site. Slowly
metering hydrogen along the reactor length improves the selectivity by keeping the hydrogen partial
pressure low throughout the reactor. Thus, the concentration and the feed flow rate of the hydrogen in the
feed stream are very important parameters to have into account.
Yu et. al. [68], in his turn, studied the hydrogenation of 1-octene in a liquid/gas phase batch reactor
at mild conditions (40 °C and atmospheric pressure), using as catalyst palladium supported in a high
temperature withstanding polymer, the phenophtalein polyethersulfone. This Pd-containing polymeric
material exhibited a large activity for this reaction, as well as the membranes made from this material
showed a relatively high permeability. Based on their results, the authors affirmed that “... this material
may be promising to build a catalytic polymeric reactor for gas phase hydrogenation and dehydrogenation
at relatively high temperatures”.
Liu and co-workers [69] have prepared also catalytic membranes of PVP-Pd/CA alike the ones
referred above [67]. Using them in a membrane reactor, the authors studied the selective hydrogenation
of propadiene and propyne in propene, in gas phase, atmospheric pressure and 40 °C. A content of
propadiene and propyne reduced from 1.2% and 1.3% to less than 10 and 5 ppm, respectively, and a high
selectivity in the conversion of such components to propene (97.8%) showed that this membrane reactor
was very effective to conduct these reactions, provided the appropriated hollow fibres and operation
conditions had been chosen. It should be emphasized that a purified propene stream, as a monomer for
the production of polypropylene, should contain less than 10 and 5 ppm of propadiene and propyne,
respectively. The authors found also that a segregated feed of reactants, as described above [67], was
more efficient than a premixed reactants feed. In this last case, the same contents in propyne and
propadiene could be reached, but at the cost of a lower selectivity. The same group [70] studied also the
selective hydrogenation of butadiene to 1-butene, using membrane reactors with different kinds of
catalytic polymeric membranes. These were prepared by supporting a polymer-anchored monometallic
palladium catalyst (PVP-Pd, EC-Pd and AR-Pd, as referred above [67]) on the inner wall of CA or PSF
hollow fibres. The authors found that all the membrane reactors were active for the selective
hydrogenations, though with a strongly dependent efficiency on both the hollow fibre support and the
polymer anchored monometallic palladium complex. The most efficient selective hydrogenation of
butadiene was performed in the PVP-Pd/CA catalytic hollow fibre reactor, where a content of butadiene
less than 10 ppm and a maximum 1-butene loss of about 2% could be achieved, providing the reaction
parameters were well adjusted. The authors found also that a segregated feed of reactants, as described
above [67], was more efficient than a premixed reactants feed. In this last case, less than 10 ppm
content in butadiene could also be reached, but at the cost of a higher 1-butene loss. In order to reduce
the loss of 1-butene, two membrane reactors with catalytic membranes prepared by supporting a
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polymer-anchored bimetallic palladium-cobalt catalyst (PVP-Pd-Co) on the inner wall of CA hollow fibres
were designed [70]. The differences between the reactors were concerned to the different methods how
the catalyst was reduced. A remarkable synergic effect of these bimetallic catalysts was observed.
Butadiene content was reduced to less than 10 ppm and simultaneously the loss of 1-butene could be
completely eliminated. The activity of the catalytic hollow fibres kept stable during the selective
hydrogenations [69], which indicated that the polymer-anchored catalysts were firmly retained in the
microporous structures of the fibres.
The selective hydrogenation of cyclopentadiene to cyclopentene has also been reported by the same
authors using catalytic hollow fibre membrane reactors under mild conditions of 40 °C and 0.1 MPa [71].
Hydrogen was fed on the shell side of the hollow fibre, permeating through the membrane until the
catalyst in the inner wall, while cyclopentadiene was fed to the bore of the hollow fibre. Mono (Pd) and
bimetallic (Pd-Co) catalysts anchored in a polymer (PVP, EC and AR) were impregnated on the inner wall
of the CA hollow fibres. Additionally, two different reducing solutions were considered (NaBH4 and
NH2NH2). The authors found that all the monometallic palladium catalytic membrane reactors were active
for the selective hydrogenations, though with a strongly dependent efficiency on both the polymer
anchored palladium complex and the reducing agent. The highest cyclopentadiene conversion and
cyclopentene selectivity were attained in the catalytic hollow fibre reactor PVP-Pd/CA/NaBH4. The authors
found also that the conversion and the selectivity depended strongly on the hydrogen concentration at the
reaction site. So, the concentration and the feed flow rate of the hydrogen in the feed stream are very
important parameters to have into account. In order to further improve the conversion of cyclopentadiene
and the selectivity to cyclopentene, the cyclopentadiene dehydrogenation was carried out in the bimetallic
polymeric hollow fibre reactors. The obtained results showed that there was a remarkable synergic effect
for the reactor PVP-Pd-Co/CA/NaBH4. The conversion of cyclopentadiene and the selectivity to
cyclopentene increased from 92.7% and 93.4% to 97.5% and 98.4%, respectively. For the other reactors,
the improvements were more modest or, as in the case of the bimetallic catalysts reduced with NH2NH2,
there was not any improvement. The activity of the catalytic hollow fibres kept stable during the selective
hydrogenations [71]. This indicated that the polymer-anchored catalysts were firmly retained in the
microporous structure of the fibres.
Ciebien et. al. [72, 73] prepared catalytic polymeric films by synthesizing palladium nanoclusters
within diblock copolymers, with a palladium content of 14 wt. %. These materials showed to be active
catalysts for the hydrogenation of ethylene and propylene [72] and 1,3-butadiene [73], even though the
clusters were completely surrounded by a bulk polymer matrix. The experiments were conducted in gas
phase batch reactors, either at room temperature or at 120 °C. The authors found that the
hydrogenations were a complex function of the sorption and diffusion coefficients of the reactants in the
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polymeric matrix, sorption of reactants on the palladium clusters surface, molecular size of reactants, size
of clusters, temperature, etc. The catalysts exhibited good selectivity for butenes (1-, cis-2- and trans-2-butene) over n-butane, mainly at high temperature and low partial pressure of hydrogen [73]. The
polymer was able to stabilize the clusters against gross aggregation, but could no prevent some
systematic increase in cluster size [72, 73].
Theis et al. [74] also studied the catalytic activity of a polydimethylsiloxane membrane loaded with
palladium nanoclusters (0-15 wt. % metal content), selecting the hydrogenation of propene to propane as
a reaction test. The experiments were conducted in a CMR operating in flow-through mode, with
atmospheric pressure in the retentate side and variable permeate pressure (7.5 to 500 mbar). The
obtained results documented the efficiency of the catalytic membranes. The conversion could reach
100%, providing a correct catalytic membrane, feed flow rate and permeate pressure were chosen. This
type of membrane offers the possibility to combine the catalytic activity with the capacity to selectively
remove components from the reaction medium. The authors studied also the same reaction in palladium
modified porous polymeric ultrafiltration catalytic membranes made of polyamideimide [75]. The
membrane surface was impregnated with an inorganic titanium dioxide layer (up to 40 wt. %), further
activated by finely dispersed nanosized palladium clusters. In this way, the palladium catalyst was
decoupled from the polymeric surface. The experiments were conducted in a CMR operating in flow-through mode, at 30 °C, with atmospheric pressure in the retentate side and 100 mbar in the permeate
side. For the most active membranes, high conversion of the alkene (up to 100%) and high flux were
achieved. In the selective hydrogenation of a stream containing 5% of propyne in propene using the same
membranes, a selectivity of 99% to propene at 100% of conversion of propyne was achieved. These
membranes proved to be stable up to temperatures of 200 °C and for operation times of 50 h. The same
selective hydrogenation of propyne under ambient conditions in a CMR operating in flow-through mode
with a polymeric porous membrane of polyacrylic acid impregnated with palladium nanoclusters was also
studied by Gröschel et. al. [76].
Ilinitch et. al. [77] conducted a selective hydrogenation of sunflower oil in a three-phase
gas/liquid/solid CMR operating in the flow-through mode, containing nanosized palladium clusters
supported over a macroporous polymeric (nylon-6) microfiltration membrane. The authors were
successful in suppressing considerably the yield of the trans-isomeric triglycerides, which are suspect to
play a negative role in increasing the risk of coronary diseases, in comparison to a conventional slurry
reactor with carbon-supported Pd catalyst. These membrane reactors may be applied for a number of
three-phase reactions where internal diffusion limitations often constitute a serious problem in achieving
high activities and selectivities. This is the case, for example, of the hydrogenation of the
methylenecyclohexane in polyvinylidene fluoride porous membranes impregnated with palladium
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nanoclusters [78]. A conversion of 90% and a selectivity of 91% to the intermediate methylcyclohexene
were achieved in a CMR operating in the total flow-through configuration (total permeation condition),
that is, all the fluid must cross the membrane. The liquid stream was previously saturated by hydrogen
bubbling an the reaction was conducted at mild conditions (25 and 50 °C).
Drelinkiewicz and Hasik [79] investigated two different polymer-supported palladium catalysts, the
palladium/polyaniline (Pd/PANI) and the palladium/poly(4-vinylpyridine) (Pd/PVP). The selected model
reaction for testing the catalytic activity of these membranes was the liquid phase hydrogenation of the 2-ethyl-9,10-anthraquinone, the main reaction in the anthraquinone method for production of H2O2. They
focused on the influence that the method of preparation of the polymer-based Pd catalysts had in the
catalytic properties of the membranes, as well as on their physico-chemical characteristics. The reaction
was carried out under stirred conditions in a batch reactor at constant atmospheric pressure of hydrogen,
temperature of 64 °C and using a mixture of xylene-octanol-2 as solvent. The authors found that both
catalysts were active for this hydrogenation. However, both the catalytic activity and the selectivity
reached in the reactor with the Pd/PVP membrane were higher than in the reactor with the Pd/PANI one.
The hydrogenation and isomerization of 2-propen-1-ol in aqueous phase under permanent shaking,
at constant atmospheric pressure of hydrogen and at a temperature of 25 °C was also studied by
Zharmagambetova et. al. [80] using as catalyst palladium complexes with different polymer ligands,
namely poly(2-vinylpyridine) (PVP), aminocellulose and a copolymer of styrene and divinylbenzene. The
authors found that the Pd/PVP catalyst was highly active, selective and stable for the hydrogenation of
the 2-propen-1-ol.
Byun and Lee [81] reported the gas/liquid phase hydrogenation of cyclohexene in methanol, using a
batch reactor at mild conditions. The membranes, consisting of Nafion® and an anion-exchange
membrane Tosflex® with impregnated platinum, obtained by ion-exchange, were immersed in the liquid
phase. The experimental results showed that the catalytic activity of the Nafion® membrane increased
with the Pt loading. However, after a certain value, the catalytic activity rapidly decreased, possibly due to
a blocking of the membrane pores. This might affect the diffusion of cyclohexene through the membrane
and limit the contact surface of the catalyst to the reactant. The same trend was observed for the Tosflex®
membrane, though the decrease of the catalytic activity was more pronounced, because of the lower
diffusivity of cyclohexene in this membrane than in the Nafion® one. The two membranes showed similar
catalytic activity for the cyclohexene hydrogenation in methanol, indicating that the reaction rate was not
greatly affected by the nature of the polymer support and was not diffusion limited until maximum
catalytic activity was approached, for the reaction conditions considered. The significantly different
diffusivities of cyclohexene in both membranes also supported the independence of the catalytic activity
relatively to the diffusivity.
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Vankelecom et. al. [82] carried out the hydrogenation of methyl acetoacetate in a liquid phase batch
reactor. The catalyst consisted of a chiral complex, the Ru-BINAP, occluded in a PDMS membrane, which
was fixed in the reactor in such a way to optimize the gas (hydrogen) transfer to the membrane. The
authors used water and several alcohols as solvents and temperatures of 60 and 80 °C. The chiral
catalytic membranes remained heterogeneous under a wide range of conditions and showed good to
excellent activity and enantioselectivity when using the different alcohols as solvents. Performing the
reaction in water, only low conversion and enantioselectivity were achieved, as this is a bad solvent for the
chiral hydrogenation. The conversion could be further increased by increasing the temperature, without
any loss of complex or enantioselectivity. The same methyl acetoacetate hydrogenation to give optically
pure methyl 3-hydroxybutyrate was studied by Tas et. al. [83]. The experiments were carried out in a batch
reactor with ethylene glycol as solvent, at room temperature, 40 °C and 60 °C. In this study, the catalyst
was also the Ru-BINAP chiral complex occluded in a PDMS membrane, together with the toluene p-sulfonic acid activating the complex. As in the previous study [82], the catalyst showed high activity,
higher than the one obtained with its equivalent homogeneous, and high enantioselectivity, moreover
reached at more moderate conditions of temperature than the ones for the homogeneous reaction.
A different transition metal complex, Rh-MeDuPHOS, occluded in a PDMS membrane was also used
in heterogeneous hydrogenation reactions in a batch reactor by the same group [84, 85]. The
dehydrogenation of the methylacetoacetate in methanol using this catalytic membrane clamped between
two porous stainless steel disks, at a temperature of 60 °C [84], and the dehydrogenation of 2-acetamidoacrylate in water using this catalytic membrane in small pieces dispersed in the liquid phase,
at a temperature of 25 °C [85], were carried out. The catalytic activity of the PDMS occluded catalyst was
lower than the homogeneous catalyst in both studies, probably as a result of mass transfer limitations.
Also the enantioselectivity was slightly lower with the PDMS occluded catalyst [84, 85], probably due to
secondary reactions catalyzed by the platinum catalyst, used in the catalytic crosslinking reaction of the
PDMS film. However, the possibility to carry out a heterogeneous reaction in aqueous medium, impossible
with the non-occluded catalyst [85], represents a good opportunity to implement environmentally friendly
processes. Leaching of the complex from the membrane was reported to be completely absent [82-85].
Bengtson et. al. [86] studied the simultaneous enrichment and reaction of organic compounds by
catalytic pervaporation. The model reaction considered was the hydrogenation of 4-chlorophenol in
aqueous solution at mild conditions (30-50 °C), using dissolved hydrogen as reducing agent. The reaction
products were phenol, cyclohexanone and cyclohexanol. The membrane consisted of a poly(ether-b-amide) occluded with nanoclusters of Pd. The authors found that the size of the clusters was crucial for
the catalytic performance. Small clusters of about 3 nm allow a conversion of chlorophenol rise up to
80%, while larger clusters of about 5 nm show hardly any conversion. Contrarily to what happens in batch
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reactors using conventional supported Pd catalysts, catalytic pervaporation does not require pH control to
prevent poisoning of the catalyst by HCl, because it does not permeates through the membrane. An
increase of the concentration (pressure) of hydrogen in the feed solution has no influence on the yield of
the intermediate product phenol, but increases clearly the conversion to the final products cyclohexanone
and cyclohexanol. Because the low affinity of chlorophenol towards palladium and also the very low
volume fraction of catalyst (∼1% v/v), a considerable amount of this reactant crosses the membrane
without meet any reaction site. In an attempt to reduce such losses, the experiments were repeated in a
later study with an alike catalytic membrane blended with poly(N-vinylpyrrolidone) and filled with nano-sized silica particles [87]. This membrane showed to be much more active than the one previously used
[86], as a result of the considerably lower cluster size and the elongation of the diffusion path through the
membrane, increasing thus the contact rates with the catalyst.
The presence of nitrates in drinking water is a serious problem in many agricultural areas in the USA
and Europe, with a number of areas exceeding the acceptable safe standards. Indeed, limits for nitrate
concentrations in drinking water have been imposed because nitrate has been linked to a number of
health hazards. Conventional techniques for nitrates removal involve the use of physicochemical
processes, namely chemical precipitation, distillation, reverse osmosis, electrodialysis and ion exchange,
and biological treatment. Nevertheless, these techniques have a number of disadvantages. The
physicochemical processes create a waste of highly concentrated brines that must be disposed-off, whilst
the biological treatment requires the use of a co-metabolite, in addition that for drinking water
applications also raise other safety concerns. An alternative procedure involving the catalytic
hydrogenation of nitrates to N2 in a catalytic membrane reactor has been proposed recently. This new
technology for the denitrification of drinking water promises several advantages over established
technologies, such as reverse osmosis or biological denitrification. Beyond the catalytic membrane
reactors based on inorganic membranes [15, 88-97], also polymeric membranes have been considered
for conducting such processes [98, 99].
Lüdtke et. al. [98] studied the reduction of nitrate to nitrogen in aqueous solutions using catalytic
microporous polyetherimide membranes. The catalyst incorporated in the membrane matrix consisted of
bimetallic microsized clusters containing 4.45 wt. % of palladium and 0.95 wt. % of copper coated on
aluminumoxide. The experiments were carried out in a hollow fibre membrane reactor operating in
crossflow mode. The nitrate solution was enriched with hydrogen through a bubble-free hydrogen transfer
technique in a hollow fibre module operating in interfacial contactor mode. Hydrogen (pressure slightly
above atmospheric) was permeating from the outer side of the polyetherimide hollow fibre membrane
into the nitrate containing water flowing in the bore, which was coated with a thin layer of silicone rubber
on the inner side to prevent the flow of water through the membrane. The authors studied the influence of
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some reaction conditions, namely pH and temperature. It was found that the activity reduction of the
nitrate ions decreased by increasing the pH of the solution and increased by increasing the temperature
of the solution, though the selectivity to the final product N2 remained constant in both cases. The authors
concluded that the formation of ammonia could be minimized by reducing the catalyst dimensionless
contact time. The reaction within the membrane matrix was dominated by mass transfer.
Ilinitch et. al. [99] studied also the reduction of nitrate by hydrogen to nitrogen in aqueous solutions
using catalytic macroporous polyamide membranes. The catalyst consisted of mono- and bimetallic
nanosized clusters of palladium and copper impregnated on the porous structure of the membrane. The
experiments were carried out in a membrane reactor operating in total flow-through mode (total
permeation condition). The nitrate solution was enriched with hydrogen bubbling until saturation. The
permeated solution was recirculated through a buffer vessel to keep the pH value at a constant value of
6. The main goal of the authors was to explain why the coupling of the palladium and copper catalysts in
the same membrane gave rise to a multifold increase in the catalytic activity of aqueous nitrate ions
reduction by hydrogen, comparatively to the values obtained with each of the catalysts individually
impregnated in similar membranes. They concluded that it was most likely the hydrogen spillover the
main responsible for such behaviour. Indeed, this reaction step represented an important part of the
overall reaction mechanism. The role of hydrogen spillover in the molecular mechanism of the reaction
catalyzed by Pd–Cu system consisted in providing reducing agent (hydrogen species) for the reductive
regeneration of copper sites.
Beyond nitrates, ground water can be also contaminated with halogenated hydrocarbons, principally
in some industrial areas, despite their low solubility in water. To study the possibility of treatment of such
waters in catalytic membrane reactors, Fritsch et. al. [100] selected the hydrodechlorination of
chlorobenzene as a representative test reaction; the halogen-free hydrocarbons are more readily
degraded by microorganisms, for example in subsequent biological treatment. The experiments were
conducted in a three-phase catalytic membrane reactor operating in interfacial contact mode, with a flat
sheet membrane mounted into a single envelope test unit at 21 °C, a hydrogen pressure of 1 bar and
recycling of the liquid phase. With such an arrangement, the supplying of hydrogen from the gas phase to
the catalyst through the membrane is decoupled from its limited solubility in water. The catalytic
membranes consisted of a thin PDMS layer loaded with nanosized palladium clusters and supported on
porous acrylonitrile, to keep a short diffusion path for the reactants in the polymer phase. In this way, the
catalyst was protected against poisoning by water ingredients such as heavy metals or sulphur
compounds other than sulphate. PDMS is a hydrophobic polymer membrane that, besides to prevent
direct access of the aqueous phase with all its potential contaminants to the catalyst (allowing
nevertheless the passage of organic reactants), shows an excellent permeability towards hydrogen.
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Though the catalytic activity attained in the membrane reactor proved to be lower than the one reached in
a slurry reactor with the catalysts impregnated in inorganic supports, like titania, silica or alumina, it was
still high enough for the purpose of the target application. Unfortunately, the authors found a continuous
decrease of activity with progressing number of runs, apparently as a result of some catalyst deactivation,
suspecting that this might be due to a possible partial poisoning of the catalyst by adsorbed chlorine. To
increase the chlorine tolerance of the catalysts and, therefore, of the whole process, it was suggested an
improvement of the supported catalysts. In the case of application of these membrane-based catalysts to
the treatment of a real ground water, additional care must be taken because the possible generation of
sulphide by microbial sulphate reduction. Although the membrane-based catalyst was safely protected
from contact to dissolved ions by the polymer shield, non-ionic components such as H2S could easily
penetrate the membrane and poison the catalyst. In that case, the PDMS encapsulation might be a
disadvantage, because rigorous catalyst reactivation procedures were restricted by the sensitivity of the
membrane to harsh treatment.
For certain applications, ultra-pure water is needed, namely for semiconductor industry. In such
cases, dissolved oxygen is one of the major contaminant and its catalytic reduction with hydrogen is an
attractive method. Following this, Lebedeva et. al. [101] developed a three-phase catalytic membrane
reactor operating in interfacial contact mode to perform a reduction of the dissolved oxygen in water. The
membrane consisted of a porous polypropylene hollow fibre with palladium catalyst placed in the external
membrane surface by chemical deposition. The water circulated on the shell side and the hydrogen was
fed to the bore. The performed measurements showed that the catalytic membranes kept the
hydrophobicity and porosity of the original membrane. The catalytic experiments performed proved that
such a catalytic membrane was effective for the reduction of the dissolved oxygen content in the water.
Other hydrogenation reactions carried out in inorganic membrane reactors have also been reported.
The following examples may be referred to illustrate the subject [41, 63-65, 102-117].

1.3.3- Oxidation Reactions.
Oxidation reactions in the fine chemical synthesis frequently involve immiscible reactants, namely
organic and aqueous (mainly peroxide solutions) phases. Because this immiscibility, which leads to a
much low concentration of the organic reactant in the aqueous phase and vice-versa, the reaction rates
are quite low in a conventional batch reactor, where the catalyst particles are suspended. Usually, a co-solvent or phase transfer agents must be added to the reaction system to increase the mutual
solubilities, thus increasing the reaction rates. However, phase transfer agents are not of generalized
applicability, and the addition of a solvent inevitably decreases reagent concentrations. Moreover, both
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ways often complicate the separation of the products from the reaction mixture afterwards. Additionally,
preferential sorption of one of the compounds on the active sites can constitute another problem in
heterogeneous catalysis, for example inducing low activities. On the other hand, chemists are still using
non-catalytic stoichiometric oxidants (chromic acid, potassium permanganate, etc.) in the fine chemical
industry, producing relatively large amounts of inorganic salt-containing by-products. However,
considering the more and more stringent environmental regulations, it can be expected that such
traditional stoichiometric reactions will be gradually replaced by novel selective and cleaner catalytic
oxidation processes [118].
One way to circumvent these problems is using a membrane reactor with catalytically active species
incorporated in polymeric membranes. In general, such reactions are conducted at mild conditions,
perfectly suitable for the limited chemical and thermal resistance of these materials. The influence of the
polymer surrounding the catalyst in the reagent concentration near the active sites creates the possibility
of fine-tuning the sorption in the catalyst by choosing the appropriate polymer material. Furthermore, a
dense membrane can now be used to keep the two liquid reagent phases separated, eliminating the need
of a solvent in the case of immiscible reactants. This experimental setup together with the influenced
sorption caused by the polymer can improve drastically the catalytic activity, as it will be seen later.
Additionally, the easy separation of a solid catalyst from the reaction mixture is one of the main
advantages offered by heterogeneous catalysts and an essential prerequisite for their regeneration.
The most used polymer for these reactions has been the PDMS. As the aqueous peroxide solutions
have to react with apolar hydrocarbons, a hydrophobic polymeric membrane is preferred, acting as a
reservoir for apolar compounds and, simultaneously, excluding excessive amounts of polar substances
near to the active sites. This is very important to minimize the peroxide decomposition. Especially in the
case of substrates with low reactivity, where the oxidant strongly competes for reaction, it is crucial to
properly adjust the organic substrate/oxidant ratio at the active site.
The first time that a solid catalyst was dispersed in a dense organic polymer to create the first room
temperature catalytic polymeric membrane took place in 1994, by Parton et. al. [119]. The authors
occluded the zeozyme FePcY (iron-phthalocyanine complex encapsulated in the cages of a zeolite Y, a
mimic of the enzyme cytochrome P-450) in a PDMS polymer and used such a catalytic membrane for the
room-temperature cyclohexane oxidation with t-butylhydroperoxide in a catalytic membrane reactor
operating in interfacial contact mode. When the composite membrane was mounted in the membrane
reactor, forming a physical barrier, the solvent became redundant, since the two immiscible reagent
phases were now contacting through the membrane. This made the system more environmentally friendly
and facilitated the subsequent product purification. A remarkable 6-fold increase in activity was observed,
as compared with the best possible experimental setup for non-embedded FePcY, a fed-batch liquid
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phase reactor (apparatus where the addition of peroxide to the reaction mixture was controlled, in order
to lower the its concentration in the zeolite and to balance it with the alkane one). The main reason for
this effect was the influence of the PDMS on the relative amount of reagents sorbed in the zeolite pores.
Indeed, for the non-embedded FePcY reaction system, acetone was needed as a solvent to homogenise
the reaction mixture. The solvent sorbed preferentially in the rather polar catalyst, together with water
originated from the peroxide solution. As a consequence, the reagents, being more hydrophobic, were
excluded from the catalyst. As a result of the hydrophobic environment created by the PDMS matrix, after
the catalyst occlusion, water molecules present in the peroxide phase were excluded from the hydrophilic
catalyst. At the same time, both reagents were considerably sorbed in the PDMS, forming an abundant
reserve.
The same reaction system (cyclohexane oxidation) was investigated further by Vankelecom et. al.
[120-122] using also a liquid phase catalytic membrane reactor operating in interfacial contact mode. As
in the previous study [119], also a general increase in the catalytic activity was observed as compared
with the experimental setup for non-embedded FePcY.
Cyclohexanol and cyclohexanone were found in both aqueous and organic phases, depending on its
respective solubility [120-122]. Unfortunately, the polarity of the products does not differ enough from the
substrates one to find them present in separate phases after the reaction. On the other hand, it was
proved in the oxidation of the more hydrophobic n-dodecane [122] that such kind of liquid phase CMR
could actually be applied to integrate reaction and a full separation in one single process unit, since the
reaction products were exclusively recovered from the organic phase. The influence of the membrane
thickness and of the catalyst volume fraction on this FePcY/PDMS was investigated. Until a thickness as
high as 200 µm, the reaction was kinetically controlled [122]. Concerning the effect of the catalyst
loading in the membrane, the reaction was not controlled by diffusion [121, 122]. Despite the increased
tortuosity in the membrane with increasing zeolite loading, no significant effect of loading on reaction
rate was found for the 200 µm thick membrane. Moreover, an increase of the catalyst volume fraction led
to a proportional increase of the observed yield [121, 122]. In order to obtain a high productivity over
reactor volume ratio, a membrane with thickness of about 200 µm or less should be used.
Over long reaction times, a reversible catalyst deactivation was observed [120-122]. However, a
thermal treatment at 150 °C under vacuum was sufficient to restore the original catalytic activity [120-122]. This implies that the deactivation is not due to an oxidative destruction of the FePcY complexes.
Therefore, the deactivation of the zeozyme was believed to be due to the sorption of hydrophilic oxidation
products formed during reaction, blocking the zeolite pores. They do not completely desorb from the polar
catalyst during reaction, but can be removed at the end of reaction under vacuum at elevated
temperature, rendering full activity to the catalyst.
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Another zeozyme, [Mn(bpy)2]2+−Y (manganese-bipyridine complex encapsulated in the cages of a
zeolite Y), was incorporated in PDMS for the room temperature epoxidation of olefins (cyclohexene and
styrene) in a batch and fed-batch reactor, in presence and absence of solvents [123]. The oxidants were
hydrogen peroxide and t-butylhydroperoxide. The best overall results were obtained in the fed-batch
reactor without using solvent. On one hand, the low oxidant concentration minimizes its decomposition by
free Mn2+. On the other hand, the competitive sorption of reagents and solvents at the active sites reduces
the catalytic activity. However, it should be emphasized that the solvent may have a positive effect on the
catalytic activity. For example, when a solvent with a high affinity for the membrane is used, the
membrane would then swell and thus facilitate the diffusion of the reagents. At the same time, the
solvent should have an as low as possible affinity for the catalyst, in order to minimize competition with
the reagents for sorption at the active sites [124]. Hydrogen peroxide was less reactive as oxidant than t-butylhydroperoxide due to its lower affinity for the membrane [123]. As a result of the low affinity of the
membrane for the oxidants used, the catalyst life-time increased. Catalyst regeneration was achieved by
rinsing the PDMS membrane in a solvent to remove the oxidation products, drying subsequently the
membrane up to 333 K under vacuum. With this procedure, it was observed a minimal activity loss.
In addition to the occluded zeozymes, PDMS has also been used to incorporate homogeneous
catalysts, namely transition metal complexes (TMCs). All the above mentioned advantages relative to the
membranes with occluded zeozymes still remain for these systems, beyond similar important increases in
selectivity and/or activity that were obtained sometimes. Additionally, the membrane occlusion results
here in a rather easy way of heterogenisation and a good dispersion of the catalysts. Given the extremely
high prices of many catalysts, especially the chiral TMCs, the possibility to recycle them constitutes an
important challenge, whereas good dispersions can generate higher stabilities and activities. In a similar
way as for the homogeneous catalysts, additives can also be incorporated [22].
A specific and important problem occurring in liquid phase reactions with such homogeneous
catalysts occluded in membranes is leaching of the complex and/or the co-incorporated additive out of
the membrane into the liquid reaction phase. While the absence of strong interaction forces between the
complexes and the polymer is one of the strong points of this way of heterogenisation the complex, this
renders them at the same time susceptible to leaching. In most cases, the interaction catalyst/polymer is
believed to be a combination of merely van der Waals interactions and some steric constraints of the
surrounding polymer chains on the catalyst [22]. If solvents exist in which the complex does not dissolve
at all, these should be the ones of choice to perform the reactions in. That way, no matter how strong the
membrane swelled and how fast transport of reagents and reaction products might be, the complex
remains fixed [85, 121]. Apart from establishing a real chemical (ionic, covalent or coordinative) bond
between the complex and the polymer, this was about the only way to prevent leaching completely [22].
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Leaching could be greatly reduced by placing bulky groups on the catalyst, by preparing dimeric or
oligomeric forms of it or by selecting more appropriate reaction conditions, e.g., by using solvents that
combine moderate swelling with low solubility of the complex [22]. On the other hand, modifications at
the polymeric matrix level may also restrict leaching: increasing the degree of cross-linking of the
membrane, decreasing the molecular weight of the polymer chains, or blending with other polymers to
change the affinity. It should be considered that both the shape and the solubility of the complex might
change when the TMC becomes activated under reaction conditions. For the Jacobsen complex, e.g., it is
generally known that an active Mn-oxo species is formed during reaction [125], making the complex more
polar in one respect and inducing a folded shape in another. The first effect leads to a complex solubility
decrease in solvents like heptane; the second effect leads to a complex mobility decrease in the PDMS-network, resulting in a total absence of leaching at the reaction conditions. Finally, and especially in
discontinuous reaction modes, the polarity of the reaction medium, and thus the solubility of the TMC,
changes as products are formed and reagents are consumed. This is most apparent in alkane oxidations
at high conversion levels, where the polarity of the reaction medium increases drastically [22].
Jacobsen catalyst (a chiral manganese-based complex), a versatile catalyst for many chiral
oxidations [121], and Ru-BINAP were the first homogeneous TMCs to be occluded successful in PDMS
[82], followed later by Rh-DuPHOS [84]. The heterogenisation of the Jacobsen catalyst had been
attempted many times before, but as soon as the complex was anchored on the inorganic surface it lost
its ability to induce chirality in the reaction products [121]. The occluded Jacobsen catalyst was used for
the epoxidation of several olefins in a liquid phase countercurrent membrane reactor operating in
interfacial contact mode [82], at 4 °C and using NaOCl as oxidant. The chiral catalytic membrane
remained heterogeneous under a wide range of different substrates and showed good to excellent activity
and enantioselectivity. Leaching of the complex from the membrane was completely absent. The Ru-BINAP [82] and Rh-DUPHOS [84] were used in hydrogenations, as described above.
Manganese [25, 126-128] and iron porphyrins [127] embedded in PDMS membranes have also
been used in oxidation [25, 126, 127] and epoxidation [128] reactions. The epoxidation of deactivated
substrates like the hydroxyl alkene 3-penten-2-ol [128] with H2O2 in a batch reactor at room temperature
was carried out in aqueous solution using as catalyst manganese-porphyrin complex in presence of axial
ligands (imidazole and 1-butylimidazole) and embedded in a PDMS polymer. The low selectivities under
homogeneous reaction conditions were caused by the lack of coordination around the metal, as a
consequence of the competition between the substrate and the axial ligand for oxidation at the active
site. As a result, the side reaction with formation of the product ketone was important. On the other hand,
the PDMS occluded complex showed 100% selectivity towards the epoxidation of the double bond, in
addition to a more than 20-fold increase in activity. This was attributed to the reduced mobility of the axial
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ligand in the PDMS-environment so that it remained permanently in the close neighbourhood of the
complex and avoided competition with the substrate. Whereas hydrogen peroxide is easily decomposed
under homogeneous conditions due to excessive contact with the metal ion, the decomposition is
drastically reduced with the catalyst occluded in the membrane. Indeed, peroxide sorption in the
membrane is limited: just enough to allow reaction, but not too abundant to cause important
decomposition. Besides immobilizing and dispersing the complexes, the PDMS support steers the
reaction by providing for a more balanced reagent composition near the active catalyst. Leaching of the
complex under reaction conditions is negligible. The possibility of using aqueous solutions overcomes the
need of organic solvents, becoming then the system more environmentally friendly.
The oxidation of cyclic alcohols to ketones with t-butylhydroperoxide in aqueous solution was carried
out in a batch reactor at room temperature [25, 126, 127]. The catalyst consisted of manganese [25,
126, 127] and iron [127] porphyrin complexes embedded in a hydrophobic PDMS polymer. Apart from a
significantly increased activity of the membrane occluded complex for this reaction relatively to the
homogeneous set-up with the same complex as catalyst [25, 126, 127], a clear correlation was found
between the PDMS sorption and the reactivity of the different alcohols. Under homogeneous reaction
conditions, the order of reactivity decreases as follows: cycloheptanol (cC7ol) > cyclopentanol (cC5ol) >
cyclohexanol (cC6ol) [25, 126, 127]. When the complex was dispersed in PDMS and reaction was done,
the order of reactivity became cC7ol > cC6ol > cC5ol [25, 126, 127], clearly as a consequence of the
preferential sorption of the different alcohols in the membrane polymer, that is, the more apolar
compounds are sorbed by preference. When the three alcohols were oxidised competitively (that is,
simultaneously), coupling phenomena between them in what concerns the level of catalysis, diffusion and
sorption, were evidenced [25, 126, 127]. The differences between them were less pronounced compared
to their individual behaviour, due to the ‘dragging effect’ [126, 127, 129]: the preferentially sorbed
component makes the polymer swell and enhances the intake of the least sorbing compound. In this way,
the interactions between the polymer chains and the other sorbing compounds decreased.
In a homogeneous reaction, the catalytic activity of the homogeneous iron-porphyrin complex was
substantially higher than the one of the manganese-porphyrin complex [127]. However, this relation was
reversed when the complexes were incorporated in PDMS. The reasons for this were ascribed to a
hindered supply of the reagents to the active site, which had a more crucial effect on the more active Fe-complex, and to a higher decomposition rate of the peroxide by the iron-complexes than by their
manganese counterparts. Leaching of the complex was completely absent [25, 126, 127], since it does
not dissolve in water. The possibility of using aqueous solutions overcomes the need of organic solvents,
becoming then the system more environmentally friendly.
The versatility of the PDMS-occluded membrane systems was further proved with the catalysts TS-1
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[130-132] and Ti-MCM-41 [25, 124, 130], a microporous and a mesoporous titanium silicalite zeolites,
respectively. They were applied to the oxyfunctionalization of n-hexane into a mixture of hexanols and
hexanones [130-132] and the epoxidation of cis-cyclooctene [25, 130] and 1-octene [124].
Thanks to the absence of a solvent, undesired blank reactions were suppressed, in addition to the
facilities in the subsequent product removal and elimination of possible side reactions involving solvent
molecules [124]. Furthermore, the absence of water in the catalyst pores limited the epoxide ring opening
[124]. However, as no solvent was present anymore to remove the products from the catalyst pores,
consecutive oxidation reactions gained importance, constituting in this way an important drawback [130].
In the epoxidation of cis-cyclooctene, the olefin and the epoxide were completely absent in the aqueous
phase, meaning an important facilitation of the final product recovery [25].
Kaliaguine and co-workers [131, 132] studied the effect of several factors (e. g. temperature,
chemical modifications and catalyst loading) in the performance of a polymeric catalytic membrane
reactor for the oxyfunctionalization of n-hexane with hydrogen peroxide into a mixture of hexanols and
hexanones. A solvent-free, biphase liquid-vapour catalytic membrane reactor operating in interfacial
contact mode [131, 132] was used. The authors found that the effects of temperature on products
distribution are very different in the membrane reactor and conventional reactor [132]. The alcohol/
ketone ratio in the membrane reactor increases remarkably with the temperature. This effect was
attributed to a faster diffusion of the hexanols than the hexanones in the membrane. On the other hand,
the alcohol/ketone ratio in the conventional slurry reactor decreases with the temperature. In this case,
such an effect was attributed to the increase of secondary oxidation reaction from alcohols to ketones.
In contrast to the cyclohexane/FePcY system [122], a higher catalyst loading yields a significant
raise of n-hexane conversion and an increase of the average reaction rate [132]. These changes are
associated to a significant decrease in organic permeate flux and an increased reaction rate due to the
increased density of active sites, in addition to an increased peroxide oxygen mass transfer rate. In fact,
as the catalyst acts as a hydrophilic filler, the enhanced sorption of water (and thus peroxide) is evidenced
in an increased water (and peroxide) flux through the membrane [131, 132].
This group also patented the only gas-liquid or liquid-liquid catalytic polymeric membrane interphase
contactor described till now, reporting the epoxidation of propylene and the oxygenation of organic
compounds such as n-hexane with dilute (30 wt. %) aqueous hydrogen peroxide solution [133]. The
membrane consisted of a zeolite (titanium silicalite, TS-1) occluded in a polymeric matrix of pure or
silane-modified PDMS. Compared with conventional bubble-slurry reactors, there was no loss of catalytic
activity for the oxyfunctionalization of n-hexane with hydrogen peroxide in the membrane reactor,
indicating that the membrane does not impose a rate limiting mass transfer of the reactants. In the case
of the propylene epoxidation, the secondary reactions could be suppressed. In the case of the
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conventional bubble-slurry reactor, both the dissolved propylene and propylene oxide remain in contact
with the hydrogen peroxide solution and the TS-1 catalyst during all the reaction time. With the
membrane reactor, this is not the case, since the propylene oxide is dissolved in the hydrogen peroxide
solution, but it is no longer contacting the catalyst.
Lee and co-workers combined different types of heteropolyacids (HPAs) with a set of polymers [26,
134, 135]. HPAs have both acidic and redox catalytic properties and they show characteristic adsorption
behaviour: most non-polar chemicals are adsorbed only on their surface, while the more polar ones
penetrate into the bulk to form pseudo liquid phases [134, 135]. Dodecamolybdophosphoric acid
(H3PMo12O40, HPMo) was incorporated in polysulfone (PSF) using dimethylformamide (DMF) as the
casting solvent [26, 134, 135]. The decreasing glass transition temperature (Tg) with incorporation of the
catalyst into the polymer showed that a mere physical blending of the HPA with the PSF took place [26,
134, 135]. When a mixture of 2-propanol and air was permeated as a vapour through the catalytic
membrane, two competitive parallel reactions took place: an acid catalyzed dehydration to propylene and
an oxidative dehydrogenation to acetone via a redox mechanism [134]. Compared with a reaction in a
fixed bed with unsupported HPMo, the incorporation of the catalyst in the membrane drastically changed
the reaction selectivity. Firstly, DMF sorbed strongly on the acidic sites of the HPMo, thus greatly
decreasing the acid catalyzed reaction (propylene formation). Secondly, the incorporated catalyst was
much more active in the oxidative dehydrogenation (formation of acetone) due to the enlarged active
surface, which was created by the uniform and fine distribution of the HPMo in the PSF. Thirdly, the higher
permeability of the membrane towards acetone than towards propylene was suggested to further
increase the selectivity for acetone. Altogether, the incorporation of the catalyst in the membrane led to a
considerable increase (around 14 times) of the acetone/propylene ratio as compared with the one
reached in a fixed bed with unsupported HPMo, at the reaction temperature between 120 to 150 °C
[134]. An increase of the reaction temperature led to an increase in the rates of formation of acetone and
propylene, though had led also to a decrease of the ratio acetone/propylene [134]. Similar results were
obtained later for ethanol conversion in a reactor packed with small pieces of the catalytic membrane
[26, 135]. In these studies, the same HPMo was additionally incorporated in polyethersulfone (PES) and
polyphenylene oxide (PPO) [135]. The observed increase in Tg for PPO upon incorporation indicated a
certain interaction between both phases. Such an interaction was considered of physicochemical nature
rather than of chemical nature [26, 135]. This was also reflected in the different catalytic behaviour for
this membrane: compared with the values reached with the PSF membrane, the catalytic activity was
considerably lower, whilst the selectivity to the oxidation reaction was considerably higher [135]. Lower
surface area could explain the lower activity, while the higher oxidant activity could be attributed to an
inhibition of the acidic sites after blending the catalyst with the polymer. For the PES membrane, the
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results were alike the ones obtained with the PSF membrane [135].
Ilinitch and Vetchinova [136] studied the catalytic oxidation of sulphides in liquid phase and at
ambient temperature. The experiments were carried out in a stirred batch reactor, where the catalyst was
a metal complex (sodium salt of tetra(sulfophthalocyanine) cobalt (II)) anchored on a macroporous
structure of a polymeric membrane, which was cut in small pieces and dispersed in the solution.
Compared with the homogeneous phase reaction (that is, non-supported catalyst), the membrane reactor
presents a lower catalytic activity, which was attributed to the mass transfer resistance within the porous
structure of the membrane. Decreasing the influence of such a mass transfer resistance, by performing
the experiments in a catalytic membrane reactor operating in flow-through mode (under oxygen pressure),
the catalytic conversion of the sulphides was considerably increased.
Parmaliana and co-workers have been studied the potentialities and the particular features of an
innovative three-phase catalytic membrane reactor for the selective oxidation of light alkanes into higher
added value oxygenated products, using environmentally and friendly superacid catalysts and the clean
Men+/H2O2 Fenton system as oxidizing agent [137-142]. The membrane, consisting of a paste of carbon
and Teflon® coated on carbon paper and subsequently activated, was made catalytic by impregnation
with an alcoholic solution of a solid-acid catalyst, namely Nafion®-H [137-142], phosphomolybdic acid
(HPMo) [137, 140] and phosphotungstic acid (HPW) [137, 140]. The experiments were performed in a
catalytic membrane reactor under mild conditions (temperature between 80 and 120 °C and 140 kPa of
absolute pressure) and in interfacial contact mode. The two half-cells operated as batch reactors with
separate recirculation of both gas and liquid phases. The liquid phase contacted the membrane on the
catalytic side, whilst the gas phase was on the support side. In order to control the filling of the pores in
the hydrophobic catalytic layer with gas, a small pressure difference was applied between the gas and the
liquid sides. The authors studied the selective oxidation of methane [137, 140], ethane [137, 140] and
propane [137-142]. Different metallic cations in the Fenton system were used, namely: Fe2+ [137-142],
Fe3+ [140, 141] and Cu2+ [141]. From these studies, it appears that the three-phase catalytic membrane
reactor is a breakthrough for the environmentally friendly selective partial oxidation of light alkanes to
oxygenates, by using superacid-based membranes in the presence of clean Men+/H2O2 Fenton system and
under mild conditions. Indeed, the industrial processes for producing oxygenates, such as acetone, for
example, imply the use of starting materials that are themselves intermediate products obtained from
petrochemical processes and a series of reaction and separation units that limit the efficiency of the
overall process. Thus, the development of a novel technology based on the present three-phase catalytic
membrane reactor, which allows the one-step synthesis of oxygenates with simultaneous reaction and
separation of the desired products, seems to be a real alternative for both the catalytic conversion of
natural gas and light alkanes. Additionally, coupling the in situ generation of H2O2 from H2 and O2 in
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catalytic polymeric membranes [143] with the oxidation of the alkanes could results in significant
improvements of the economics of the process.
Among the different superacid catalytic membranes studied, Nafion®-based ones proved to be the
most active, despite their low concentration of acidic sites. This higher efficiency was likely linked with the
high chemical stability of such membranes in the presence of H2O2, while the heteropolyacids formed
inactive peroxophosphates [137, 140]. The immobilisation of Fe2+ ions on the Nafion® membranes
induces a remarkable enhancing effect on reaction rate and H2O2 yield [142]. Additionally, the three-phase catalytic membrane reactor offers the advantages of liquid phase systems along with continuous
separation and recovery of the reaction products. The separation of intermediate products from the liquid
phase containing the oxidant is very effective in preventing further oxidation of intermediate products and
thus reaching high yields of partially oxidised light paraffins [139]. The authors presented a general
pathway for the selective oxidation of light alkanes, which involves the activation of the C−H bond of the
alkane molecule on the superacid membrane sites and the subsequent reaction of the activated paraffin
with primary reactive intermediates generated from the Fenton system [137, 138, 140, 141].
Solovieva et. al. [144] studied the low temperature (60-70°C) catalytic oxidation of the primary
aliphatic alcohols (1-butanol, 1-hexanol) with air under homogeneous catalysis and membrane catalysis
conditions. The catalysts were the Cu- and Co-tetraphenylporphyrinate complexes. Copolymers of
tetrafluoroethylene and perfluoro-3,6-dioxo-5-methyl-1-octene-8-sulfonyl fluoride Nafion® type in the form
of hollow fibbers were used as a base for preparing the surface immobilized polymer catalysts. The
experiments concerning the membrane reactor were performed in a three-phase catalytic hollow fibre
membrane reactor operating in interfacial contact mode, with separate recirculation of liquid phase. The
gas phase was fed to the bore, whilst the liquid phase circulated on the shell side. The reaction products
were analyzed in the gaseous phase. The results from the homogeneous oxidation of butanol and hexanol
by molecular oxygen with the metalloporphyrin as catalyst showed an abundance of species (aldehydes
and acids) with different number of carbons. On the other hand, the oxidation of the same alcohols in the
membrane reactor produced only C4 and C6 aldehydes, respectively (content 90-95% in the product
mixtures). This high selectivity was the result of the relatively high permeability of aldehydes through the
cation exchange perfluorated membranes.
Oliveira et al. [145] studied the epoxidation of limonene using polymeric catalytic membrane
reactors. The catalytic membrane consisted of cetylpiridynium peroxotungstophosphate immobilized in a
polyvinyl alcohol (PVA) matrix. The reaction was carried out at 60 °C with hydrogen peroxide as oxidant.
Different arrangements were considered to carry out the reaction. Firstly, the authors used a batch reactor
with the membrane cut in small pieces and acetone as solvent in order to obtain a homogeneous liquid
phase. This system proved to be not attractive, since the conversion was rather low (∼10%) and the
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limonene oxide polymerizes instantly to the corresponding polylimoneneglycol. Alternatively, the same
system was used, but now with a biphasic liquid solution: an aqueous solution of hydrogen peroxide and a
chloroform solution of limonene. In this case, the main reaction product is the limonene oxide, but the
conversion is still rather low (< 10%). Finally, a tubular polymeric catalytic membrane reactor operating in
interfacial contact mode was considered. The solution of limonene was fed to the tube side, whilst the
peroxide solution circulated on the shell side. With this arrangement, much higher conversions of
limonene were achieved (> 90%), with the main product still being the limonene oxide.
Oxidation reactions carried out in inorganic membrane reactors have also been extensively studied
[146-150]. An important research effort has been put in the important selective catalytic hydrocarbons
oxidation where the concentration of the oxidant is dosed along the reactor as a way to keep its
concentration low and, thus, improve the selectivity to the intermediate product [151-166]. Especial
attention deserves the chemical valve membranes used to reach this goal [17, 167].

1.3.4- Hydration Reactions.
Vital and co-workers [168-172] performed a series of studies on the hydration of α-pinene. This
product is a renewable raw material obtained from pine gum and has many applications in the
pharmaceutics and perfume industries. The main goal of such studies was to found the best reaction
conditions to increase the reaction conversion and the selectivity towards terpenic alcohols, namely α-terpineol. The authors utilized different combinations polymeric membrane/occluded catalysts, namely:
1) PDMS with zeolite USY [168, 169], zeolite beta [168], surface modified activated carbons [168] and
dodecamolybdophosphoric acid encapsulated in the supercages of zeolite USY [170, 171]; 2) polyvinyl
alcohol (PVA) cross-linked with succinic acid with dodecamolybdophosphoric acid, single [170, 172] or
encapsulated in the supercages of zeolite USY [170]. The reactions were conducted at 50 °C [168-170]
and 55 °C [171, 172]. Different liquid phase reactor arrangements were considered to carry out the
reactions, namely: 1) a two chamber batch reactor, with a flat membrane in between, operated at total
recycle in the interfacial contactor mode [168, 169]; 2) a jacketed batch reactor with the membrane cut
in small pieces [170, 172]; 3) a tubular membrane reactor operating in interfacial contact mode, with the
solution of α-pinene fed to the bore and water fed to the shell side [171].
The catalytic activities exhibited by the catalysts zeolite USY, zeolite beta and sulphonated activated
carbons when occluded in the PDMS membrane were considerably lower than when the catalysts were
used freely [168]. This difference was larger for the zeolite beta and sulphonated activated carbons than
for the zeolite USY [168]. Such behaviour could be explained by the increase of the mass transfer
resistance due to the barrier function of the PDMS membrane and by the possible reaction of the
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Brönsted acid sites of the outer catalyst surface with the SiH functions of the polymer crosslinker or with
the vinyl groups of the pre-polymer. The blocking of the zeolite pores with the PDMS chains could also
contribute to the decreasing of the catalytic activity. As a result of the increase of the channelling network
inside the membrane, due to the increase of the catalyst loading, the mass transfer resistance decreased.
This led to a higher diffusion rate of the reagents to the catalyst particles and to an enhanced catalytic
activity. Independently of the catalyst loading, a pronounced initial induction period, followed by a rapid
increase of the reaction rate, was observed for the zeolite USY based-membranes [169], suggesting an
autocatalytic behaviour. In fact, this behaviour resulted from the change of the reactant α-pinene
permeability, due to the change of the reaction mixture composition. For relatively low concentrations of
α-pinene, its permeability was almost constant, leading to the conclusion that its diffusivity was
concentration independent. However, the same permeability showed to be dependent on the
concentration of α-terpineol, increasing with the concentration of this reaction product [169]. An initial
induction period, followed by a rapid increase of the reaction rate, was also observed for the polyvinyl
alcohol based-membranes [170], providing a strong indication that α-pinene conversion was diffusion
controlled. This autocatalytic effect suggested that α-terpineol also interacted with the polyvinyl alcohol
matrix, as it did with PDMS [169]. This interaction could even be higher in this case, due to the possible
strong hydrogen bonding between the PVA-OH groups and the α-terpineol molecules.
In what concerns the comparative selectivity to α-terpineol (the main product [168, 169]) obtained
with the catalytic membranes and with the free catalysts (zeolite USY, zeolite beta and sulphonated
activated carbons), different trends were observed [168]. For the USY catalyst, the maximum selectivity
attained with the catalytic membrane was considerably higher than the one attained with the free
catalyst. For the sulphonated activated carbon catalyst, the gain obtained with its occlusion into the
polymeric membrane was small and for the zeolite beta catalyst, a considerable decrease was observed
with its occlusion. These somewhat contradictory results were ascribed to the different catalyst particles
size. As the membrane hydrophobicity might increase with the decrease of the catalysts particles size, the
water content in the membrane should decrease and, as a consequence, also the selectivity to α-terpineol. As an attempt to decrease the membrane hydrophobicity, the catalytic membrane
(dodecamolybdophosphoric acid encapsulated in the supercages of zeolite USY, occluded in the PDMS
polymer) was loaded with zeolite NaY [171].
In a further work, a catalytic membrane cross-linked with succinic acid in different extensions was
used to carry out the same reaction [170]. As a result of the cross-linking, the membrane hydrophobicity
was improved and the pinene diffusivity through the increasingly lipophilic membrane increased also. The
diffusivity reached a maximum value for a certain degree of cross-linking, after which the restrictions on
the pinene molecules mobility by the polymer matrix superpose the effect of the increasing
hydrophobicity. Thus, the enhanced diffusivity increased the concentration of α-pinene near the active
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sites, increasing thus the catalytic activity, but this growth was partially cancelled by the increasing
diffusional limitations due to the increasing cross-linking [170]. Similarly to the previous reports [168,
169], the main product of the α-pinene hydration was also the α-terpineol [170].
When HPMo-USY/PDMS is used as catalyst for α-pinene hydration, a great increase in activity was
observed, comparing to the values obtained with HPMo-USY/PVA or even with free HPMo-USY. The high
hydrophobic character of the PDMS matrix led to a high concentration of pinene in the neighbouring of
the active sites and, therefore, to a high catalytic activity. However, this higher activity was not followed by
an also higher selectivity. Indeed, the best selectivity to α-terpineol was attained with the HPMo/PVA
membranes at the maximum cross-linking extension, suggesting that a compromise between activity and
selectivity could be obtained through the fine-tuning of the hydrophilic/hydrophobic balance [170]. This
fine tuning was attempted through the esterification of the OH groups of the PVA membranes by reaction
with different amounts of acetic anhydride [172]. It was observed that the membrane activity increased
with the level of esterification [172]. This behaviour could be explained by the increase on the α-pinene
solubility in the PVA matrix, due to the increase on membrane hydrophobicity.
Song and Lee [26] reported the heterogeneous liquid phase hydration of isobutene to tert-butyl
alcohol (TBA) in a gas/liquid phase semi-batch reactor. Both polyphenylene oxide (PPO) and polysulfone
(PSF) polymeric membranes with occluded dodecamolybdophosphoric acid (HPMo) were cut into small
pieces to be used as a heterogeneous catalyst dispersed in the liquid phase. The reaction was initiated by
introducing isobutene into the reactor, which pressure was maintained at a constant level during the
reaction. Hydration of isobutene by homogeneous aqueous solution of HPMo acid was also carried out
under the same reaction conditions for the sake of comparison. The results showed that the catalytic
membranes led to higher TBA yields than the homogeneous HPMo, being HPMo-PPO the most active
membrane. This behaviour was connected with the absorption capability of the polymer materials for
isobutene, which was higher for the HPMo-PPO membrane. These results showed that the polymer matrix
is not a simple support for HPMo, but served as an efficient reservoir for isobutene. It is believed that the
high absorption capability of HPMo-PPO for isobutene played an important role in enhancing the
isobutene concentration in HPMo-PPO composite catalyst, enhancing thus the catalytic reaction. This is
very important in overcoming the low solubility of isobutene in water that is encountered in a normal
liquid phase TBA synthesis.
The long term stability of the catalytic membranes showed that the HPMo-PPO was more stable than
the HPMo-PSF. These differences were ascribed to the blending nature, which was considered physical for
the HPMo-PSF and physicochemical for the HPMo-PPO. The high stability of the HPMo-PPO during the
reaction was also responsible for its enhanced catalytic performance.
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1.3.5- Photocatalytic Reactions.
The indiscriminate use of agrochemicals, inadequate industrial waste disposal-off and even the
worldwide employed method of potable water treatment by using chlorine are among the main causes for
the pollution of surface and ground water sources.
The removal of organic pollution from water supplies has traditionally been carried out by adsorption
in activated carbon. However, some pollutants are poorly or not adsorbed by activated carbon, and,
anyway, carbon must be regenerated, giving rise to concentrate polluting wastes. The destruction of such
wastes by incineration, particularly the ones containing chloro-aromatics, gives rise to toxic and stable
products such as dioxins. Incineration itself, moreover, although generally effective, is not always feasible
or economical. For these reasons, attention has been given to alternative and innovative technologies for
destruction or detoxification of hazardous organic wastes, frequently referred to as advanced oxidation
processes (AOP). These new processes are especially relevant when the transport off-site of the wastes is
objectionable, when incineration is much more expensive, as always is for dilute aqueous wastes, or when
there are concerns about incinerator emissions.
Evolution of AOP, which generally include the addition of oxidizing agents (hydrogen peroxide, ozone,
or molecular oxygen itself) in the presence of a catalyst, ultraviolet radiation (UV) or both, has led to
photocatalytic oxidation processes, an important new type of AOP. This new oxidation method has been
proposed as viable alternative for the decontamination of either waste water or drinking water for human
use, namely for the degradation of the different toxic organic compounds − particularly chlorinated ones.
The activation of a finely divided semiconductor by UV radiation, usually titanium dioxide (TiO2), in
intimate contact with an aqueous solution of the pollutants, develops a redox environment capable of
oxidizing them into non-toxic substances such as carbon dioxide, water and, in case of halogenated
compounds, hydrogen chloride [173-176]. The finely divided catalyst can be either dispersed in the
irradiated aqueous solution as slurry or anchored on a suitable support as a fixed or fluidized bed.
Slurry type reactors seem to be more efficient than those based on immobilized catalyst, but, for
engineering applications, they suffer from an intrinsic drawback: the need of a post-radiation treatment of
the particle-fluid separation, for catalyst recycling and for the ultimate goal of obtaining clean and
powder-free water [176]. Because of the small particle size of the catalyst usually synthesized by the
industry (somewhere between 30 and 300 nm) the cost requirements for this downstream operation can
even invalidate altogether the claimed energy saving reached with a solar induced decontaminating
process [176, 177]. For this reason, anchoring of the TiO2 to a suitable support or impregnating it in a
polymer is wanted. In this last case, a UV transparent membrane matrix with a good adsorption capacity
for the organic compounds is required. Furthermore, neither mass transfer limitation nor catalyst
deactivation should take place [176]. In the case of ultra pure water (UPW), used in large amounts in
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various industries for applications such as manufacturing microelectronics and pharmaceuticals,
recycling is an important stage of the process. This is an important step to reduce the demand placed
upon municipal water supplies, reducing thus the consumption of energy and materials associated with
water purification processes − saving the environment. However, the effort to enable UPW recycling within
industrial facilities requires the implementation of low-energy and low-chemical usage methods for
organic solute removal. In case of the proposed processes demands much energy or chemicals, they will
be not environmentally friendly. Examples of environmentally costly processes that accomplish organic
solute removal are uncatalytic exposure to UV radiation, a high energy demand process, and ion
exchange, a high chemical use process. The use of catalysts to lower the energy demand for oxidation
reactions is well established, but it is impracticable for manufacturing operations requiring UPW, because
its stringent specifications. The use of a photocatalyst immobilized in an UV transparent porous
membrane can be an alternative process to circumvent those handicaps. The ability of oxidation to
accomplish total conversion of organic impurities to carbon dioxide and other components is integrated
with an enhanced filtration process that takes advantage of the contacting efficiency afforded by the
membrane to improve impurity segregation and capture.
Bellobono and co-workers have been studying extensively the photomineralization (breakdown to
carbon dioxide, water and hydrochloric acid, in case of halogenated compounds) of organic pollutants in
potable waters and waste waters treatment, namely chloroaliphatics [174, 178], phenols [173, 179-181], chlorophenols [173, 175, 181], n-alkanoic acids [182, 183], azo dyes [184], formate ion [181] and
triazines (pesticides and herbicides) [178, 181, 185]. The authors have also studied the
photomineralization as a method to induce integral biodegradability in non-biodegradable and toxic
wastes [178], namely: non-biodegradable surfactants; phenolic components; organic solvents and paint
components from wood and metal finishing; lubricating fluids and refinery effluents.
Photocatalytic polymeric composite membranes were produced by photopolymerization and
photocrosslinking of a blend containing acrylic monomers, a photoinitiator and the photocatalyst (mostly
30 wt. % TiO2), photografted onto both sides of a perforated polyester support [178, 186]. The final
porosity of the membranes was set to 2-4 µm by controlling the rheological and photochemical
parameters of the acrylate coating blend during membrane manufacture, to optimize the conditions of
the photocrosslinking [178, 186]. Full permeability and very high fluxes through the support structure
could be maintained, while keeping completely, or nearly completely, active the surface area of the
photocatalysts [178]. Only with very high fluxes through the support structure and massive amounts of the
photocatalytic systems immobilized into porous membranes the industrial applicability of these
membranes could become effective [174]. For a low or very low photocrosslinking rate, the porosity could
fall to 0.02-0.1 µm [186]. In some of the studies [174, 178, 181-183, 186], varying amounts of additional
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photocatalysts were co-incorporated into the membranes (by adding them to the blend prior to the
membrane manufacture), in order to sensitize the semiconductor TiO2 outside its optical absorption range
at wavelengths greater than that corresponding to the band gap, as well as to enhance at the highest
possible level the photodegradation activity [178, 186]. In some cases, as in the decomposition of
alkanoic acids with ozone as oxidant, the trialkyl vanadates promoters showed a so powerful catalytic
action that a non-photocatalytic complete mineralization was also observed [182, 183]. These additional
photocatalysts were composed essentially of stabilized solutions containing organometallic coordination
compounds of Fe, Co, and V. This photocatalytic membrane technology relies on the formation of short-lived oxidative radicals (mostly hydroxyls) generated on the immobilized semiconductor [181]. The
positive effects brought about by the co-immobilization of photocatalytic promoters can derive from their
role of oxygen transporters, as well as from their possible direct intervention as electron scavengers [174].
The most utilized reactor consisted of a pilot plant, PHOTOPERM® WW [174, 178, 180] and
PHOTOPERM® WP [175, 180, 185], using a membrane module PHOTOPERM® CPP/313 in a coaxial
configuration with the lamp emitting in the UV range of the spectrum, in order to explore optimally the
radiation field. As the internal side of the stainless steel tube of these reactors acted as a metallic mirror,
practically all the photons emitted by the lamp in the UV region of absorption reached the reaction
medium and were integrally absorbed by the photocatalytic system immobilized in the layers of the
concentric membranes coaxial with the lamp. What mainly distinguishes these two reactors is the
number of membrane layers, one in the WP and three in the WW pilot plant models. The reactors
operated in batch mode with total recycling in a flow-through configuration. Laboratory-scale reactors
using PHOTOPERM® CPP/313 membranes were also utilized [173, 179, 182-184]. They consisted of a
Pyrex glass cylinder, water jacketed, in which both the radiation source and the membrane were placed
coaxially. The reacting solution was circulated continuously from and to a reservoir. Hydrogen peroxide
was the most commonly used oxygen source [173, 175, 179-185], in addition to oxygen [178], ozone
[178, 182, 183] and air [174]. The oxidant was added to the solution using an absorption column in series
with the reactor, keeping a permanent saturation [174, 178, 182, 183], or simply mixing it with the initial
solution [173, 175, 179-185].
Outstanding results obtained by the photocatalytic membrane technology used in the works referred
above for a description of PHOTOPERM® processes, patented by Chimia Prodotti e Processi, Milan, Italy
[187] and developed up to pre-industrial scale, have showed that these photocatalytic membranes are
very useful and promising for degrading microcontaminants, chloro-organics particularly, in waters for
drinking purpose, allowing also for simultaneous debacterization. Indeed, complete mineralization of
chloro-hydrocarbons can be carried out satisfactorily, also in conditions of oxygen deficiency, if suitable
promoting photocatalysts (synergistic mixture of trialkyl vanadates) are co-immobilized with TiO2 into the
membrane. Comparing with the suspended semiconductor reactors, the catalytic membrane reactors
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(without promoting photocatalysts) showed more than twofold gain in rate [178, 179]. Besides
photomineralization, the PHOTOPERM® process showed also to be suitable for the pre-treatment of waste
waters containing a broad variety of non-biodegradable contaminants, specifically toxic compounds,
preceding a biological treatment [178].
In the case of the degradation of the triazines herbicides Prometryn and Prometon [185], the
successive steps of the photodegradation ended, unfortunately, with the formation of cyanuric acid as
final and photostable product. Further degradation of cyanuric acid was possible only by using oxygen or
ozone as oxygen donors, instead of hydrogen peroxide, particularly if the semiconductor in the membrane
is activated by promoting photocatalysts.
Photo-Fenton process to abate non-biodegradable azo dyes (Orange II) using a catalytic membrane
reactor was successfully applied by Lopez and Kiwi [188]. A Nafion® membrane, impregnated with Fe3+
ions through ion-exchange, was used in a batch photoreactor with recycling and hydrogen peroxide as
oxygen source. The catalytic membrane, floating freely in the solution, was used to eliminate the need of
removal the free Fe ions in wastewaters after pollutant degradation. The degradation process was based
on the UV radiation enhanced generation of mainly OH radicals from H2O2 in the presence of added Fe3+.
The use of a photocatalytic membrane activated by UV radiation was proposed for eliminating dilute
organic solutes from UPW (ultrapure water) [189]. A microporous membrane of polytetrafluoroethylene
(PTFE) with particles of titanium dioxide (anatase) homogeneously distributed, with sizes around 200 nm,
was utilized. The reactor consisted of a recirculating batch system with a tubular membrane operating in
total flow-through configuration. The selected compound to perform the reaction test was the ethylene
glycol. The experimental results proved the ability of the process and provided an energy saving compared
to the uncatalyzed process. The content of organic solute after a few seconds was reduced from 160 ppb
to less than 5 ppb.

1.3.6- Other Reactions.
Polymeric membrane supported catalysts have also finding application in hydroformylation
reactions. Though no membrane reactor applications where an effective reaction separation occurs have
been published as yet, a number of recent studies point out the potential benefits of immobilizing the
catalysts in polymeric membranes for this reaction.
Feldman and Orchin [190], for example, reported the hydroformylation (reaction between a terminal
olefin and syngas to give aldehydes) of ethylene and propylene to propanal and butanal in a gas phase
membrane reactor at 80 °C and atmospheric pressure. The catalyst consisted of the transition metal
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complex [HRh(CO)(PPh3)3], a rhodium hydroformylation catalyst, occluded in cellulose acetate or
poly(phenylsulfone) polymers. A continuous flow reactor with the membrane cut in pieces was used for
the experiments. According to the authors, these catalytic membranes could be as good as the
conventional supported catalysts, if not even better.
Concerning the ethylene hydroformylation reaction with the cellulose acetate film, the selectivity to
propanal was very good (undesired products are essentially ethane, propanol and diethyl ketone). The
catalytic activity with the membrane was a good bit higher than the one attained with the corresponding
homogeneous reaction (catalyst complex dissolved in a solvent with the gases bubbling through the
solution). The long term (310 h) stability of the catalytic membrane for this reaction was very good,
without any loss of catalytic activity. For the propylene hydroformylation with the same catalytic
membrane, a considerable reduction in the catalytic activity relatively to the one for ethylene was
observed. According to the authors, the lower diffusion rate of propylene through the membrane was
largely responsible for such difference. However, the values observed are quite close to the ones obtained
with the corresponding homogeneous reaction. The selectivity to butanal was also very good (in this case,
only straight and branched C4 aldehydes were specified). The catalytic activity of the propylene
hydroformylation with catalytic poly(phenylsulfone) membranes was lower than the one attained with
cellulose acetate membranes, but the selectivity to butanal was considerably higher. The long term (900
h) stability of this catalytic membrane was also very good, without any change of its composition.
Frisch et. al. [191] studied the cis to trans isomerization of piperylene using dense polymeric
catalytic membranes of polyethylacrylate. Such membranes were prepared by free radical polymerization
of the monomer ethylacrylate in the presence of the zeolite 13 X, which contained a transition metal
catalyst (Co) encaged in the porous system, making thus pseudo-interpenetrating network (PIPN)
membranes. The reactor consisted of a single cell apparatus with two chambers separated by the
membrane and operating in flow-through mode. Cis-piperylene is fed to one of the reactor chambers and
vaporized, while the permeated products are removed by vacuum from the other chamber. These
membranes showed to be active for the conversion of cis-piperylene to trans-piperylene at low
temperatures (313-317 K). No measurable amounts of the reaction product were found in the feed side.
Liu et. al. [192] reported the esterification of acetic acid with n-butanol by catalytic pervaporation.
The membrane consisted of a three layer composite system: a porous ceramic support, a separation layer
of polyvinylalchool coated in the support and a catalytic layer of phosphotungstic acid (a solid super acid,
H3PW12O40) immobilized in polyvinylalchool and coated over the previous layers. At the end, the
membranes were thermally and chemically cross-linked, using H3PO4 and glutaraldehyde solutions for the
chemical cross-linking. The glutaraldehyde cross-linking agent showed to be the most effective in avoiding
the leaching of the entrapped catalyst. The catalytic membranes modified with this cross-linking agent
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showed to be effective for conducting the esterification reaction. The conversion attained with the
pervaporation reactor was slightly higher than the value attained in a homogeneous reactor, beyond the
additional benefit of the products separation. In a previous work by the same group [193], a catalytic
membrane of polyvinylalchool cross-linked with glutaraldehyde and with Zr(SO4)2.4H2O as catalyst was
also used for the esterification of acetic acid with n-butyl alcohol by catalytic pervaporation. A conversion
of 95% was attained in the reactor, as a consequence of the selective removal of water produced by the
esterification. Parameters like temperature, initial molar ratio of acid to alcohol and catalyst
concentration were studied in order to optimize the coupled process of pervaporation-esterification.
Randjelovic et. al. [194] reported the first successful catalytic polymeric membrane reactor to carry
out the dimerisation of isobutene. The authors used in-house fabricated membranes as microporous
supports, made from polyacrylonitrile (PAN) or polyamideimide (PAI). As acidic catalyst layer, Nafion®-H,
Nafion®SAC-13 (silica supported Nafion®) and AmberlystTM 15 were embedded in a thin film of PDMS or
Teflon® and coated on top of the microporous support. The reactor operated in flow-through mode at 50
°C and with variable downstream pressure (950-50 mbar). The gaseous feed (atmospheric pressure) was
made of isobutene (0-100 vol. %) and air. The highest conversion to isooctene, 7%, was obtained with a
PAN/Nafion®SAC-13−Teflon® membrane at 100% isobutene in feed and with a permeate pressure of 50
mbar. Nafion®SAC-13 embedded in PDMS was less effective, with only 4% of conversion to the dimer. The
AmberlystTM-based membrane yielded only about 2.5% of conversion. The main problem with this acid
catalyst membrane was its homogeneous partition inside the thin film. To improve the homogeneity of
this catalyst, a thin film of sulphonated polymers was coated on the supports. The selectivity towards the
dimer, attaining values of 80-90%, was dependent on the membrane type and did not change during the
runs for at least 2 days. In a subsequent paper [195], the authors reported an extended study on the
same subject, though using a simpler reactor set-up: a catalytic membrane reactor operating in total flow-through mode with a feed pressure of around 4 bar and atmospheric pressure in the permeated side.
Porous polymer based composite membranes with various solid acid catalysts and binders in different
compositions were used, providing a wide range of reactivity and product selectivity. These composite
catalytic membranes proved to be effective for the isobutene dimerisation with improved selectivity. In
fact, the membranes provided a removal of the desired intermediate product isooctene, thus inhibiting
secondary reactions to give trimer and oligomer compounds. Depending on the type of binder, high
conversions up to 98% at 22% selectivity to isooctene or high selectivities of >80% at 45% conversion of
isobutene were achieved. An increase of the reaction temperature led to an increase of the conversion
and a decrease of the selectivity, independently of the used membrane type. With this reactor setup, no
catalyst deactivation was found within one week of operation.
Song and Lee [26] reported the heterogeneous gas phase synthesis of ethyl tert-butyl ether (ETBE)
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from isobutene and ethanol in a continuous fixed-bed reactor. Either polyphenylene oxide (PPO) or
polysulfone (PSF) polymeric membranes with occluded dodecamolybdophosphoric acid (HPMo) were cut
into small pieces to be used as a fixed-bed catalyst. For the sake of comparison and reference, ETBE
synthesis over the unsupported HPMo catalyst was also carried out under the same reaction conditions.
The results showed that the catalytic membranes led to higher ETBE yields than the homogeneous HPMo,
being the most active the HPMo-PPO membrane. The higher performance of the catalytic membranes
was believed to be due to a fine dispersion of the HPMo catalyst throughout the polymer matrix. The
enhanced activity of the HPMo-PPO membrane compared to the HPMo-PSF one might also be attributed
to the high absorption capability of the polymer material for isobutene.
The vapour phase decomposition of methyl tert-butyl ether (MTBE) into methanol and isobutene was
examined by Choi et. al. [196, 197]. The authors used a shell- and tube-type catalytic membrane reactor
operating in flow-through mode with three different membrane configurations. One of them consisted of a
single layer of PPO polymer with occluded 12-tungstophosphoric acid (HPW) immobilized on a porous
alumina support, named as HPW-PPO/Al2O3 [196, 197]. In another configuration, the same catalytic layer
was immobilized in a composite PPO/Al2O3 membrane, named as HPW-PPO/PPO/Al2O3 [196, 197].
Finally, a catalyst layer of HPW was placed directly on the surface of a composite PPO/Al2O3 membrane,
named as HPW/PPO/Al2O3 [196]. All these composite membranes showed catalytic activity for the MTBE
decomposition and permselectivity towards methanol relatively to isobutene and MTBE. As a result, the
selective removal of methanol through the catalytic membrane shifted the chemical equilibrium towards
the desired direction in the MTBE decomposition, enhancing thus the respective conversion. Among all
the catalytic membrane reactors, the HPW-PPO/PPO/Al2O3 configuration exhibited the best performance,
due to the intrinsic permselective capabilities of the catalytic layer HPW-PPO and the sub-layer PPO. This
reaction was also studied by the same group, though using PBMR operating in flow-through configuration
[198, 199]. Different membranes were used, namely PPO, PSF and cellulose acetate coated on alumina
support. The catalyst consisted also of HPW supported on silica.

1.4- Modelling of Membrane Reactors.
Modelling and simulation are key tools in understanding the behaviour of a given system and
important for scale-up, optimization and control purposes. Modelling can also be used to conceive and
study new processes at low costs.
Modelling and simulation of catalytic membrane reactors, which often show unique and different
behaviour from their conventional counterparts, has been widely studied. However, almost all published
works refer to membrane reactors with inorganic membranes (see, for example, the chapter devoted to
the subject in reference [13]). Very few reports dealing with catalytic polymeric membrane reactors were
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published, moreover considering only liquid phase systems. At the best of our knowledge, no other works
but ours have been published focusing the simulation of polymeric catalytic membrane reactors for
carrying out gas phase reactions.
Yawalkar et. al. [200], for example, modelled the liquid phase epoxidation of alkenes to epoxides in
a CMR, focusing the influence of parameters like peroxide and alkene concentration in the liquid phase,
sorption coefficient of the membrane for peroxide and alkene and catalyst loading. The membrane was
modelled as a homogeneous polymeric phase, in which cubic zeolite catalyst particles were dispersed
uniformly. The reactor was operated in interfacial contact mode, with homogeneous concentration in the
bulk phases. The model predictions showed how the organophilic membrane phase, along with the zeolite
particles, lowered the excess of peroxide at the catalyst active sites, thus reducing drastically peroxide
decomposition and catalyst deactivation. By proper selection of the various parameters, high peroxide
efficiency and significant rate of epoxide generation could be obtained.
Kaliaguine and co-workers [132] modelled a catalytic membrane reactor used in the
oxyfunctionalization of n-hexane with hydrogen peroxide into a mixture of hexanols and hexanones, as
referred above. They developed a simple diffusion-reaction model for describing the reactants
concentration profiles and oxygenates formation rate distributions inside the membrane. The simulations
showed to describe accurately the average oxygenates formation rate within the catalytic membrane,
which were found to fit well with the ones obtained from the experiments. The model demonstrated that
the hydrogen peroxide permeability in the catalytic polymeric membrane had a strong effect on the rates
of oxygenates formation.
Vital et al. also developed a simple transient diffusion-reaction model to describe the hydration of α-pinene carried out in a catalytic polymeric membrane reactor already described [169]. The model
assumed a parallel reaction network and an exponential dependence of α-pinene diffusivity in the
membrane on the α-terpineol concentration. The simulation results of selectivity to α-terpineol along the
reaction time showed to fit the experimental concentration data quite well.
Frisch et. al. wrote and solved a simple diffusion-reaction model to calculate the reaction rate
constant and its activation energy of two different reaction systems carried out in catalytic membrane
reactors already described: the dehydrogenation of cyclohexane to benzene [33] and the cis to trans
isomerization of piperylene [191]. In both cases, the authors prepared control membranes containing the
same zeolite 13X, but without catalyst, which were used to determine the diffusion coefficient of the
reactants in the membranes by the time lag method. A pseudo first order reaction relatively to the
reactants cyclohexane [33] and cis-piperylene was assumed [191]. The calculated values were consistent
with surface diffusion control of the kinetics [33, 191].
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2.1- Modelling a Catalytic Polymeric non-Porous Membrane Reactor∗

Abstract
A theoretical study on a catalytic polymeric non-porous membrane reactor is performed. The
conversion enhancement over the maximum value attained in a catalytic conventional reactor is studied
⎯⎯
→ C + D . The model used
when conducting an equilibrium gas phase reaction of the type A + B ←⎯
⎯

considers isothermal conditions and perfectly mixed flow patterns for the retentate and permeate sides. It
is concluded that the conversion of a reversible reaction attained in this membrane reactor can be
significantly enhanced when the diffusion coefficients of the reactants are lower and/or the sorption
coefficients of the same species are higher than the corresponding values of the reaction products. This
enhancement happens for Thiele modulus and dimensionless contact time over a threshold value. It was
also observed that it is preferable to enhance the conversion through an increase of the reactants
sorption coefficients than by a decrease of the diffusion coefficients, as this leads to smaller reactor
dimensions. Since the performance of this membrane reactor depends on both the sorption and diffusion
coefficients in a different way, a study of such a system cannot be based exclusively on the permeabilities
of the reaction components. Favourable combinations of diffusion and sorption coefficients can provide a
coupled effect over the conversion reached in this reactor.

∗
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1- Introduction
The drive towards greater economic and environmental efficiency has resulted in the development of
processes with lower overall environmental impact when compared with the existing technology. An
innovation in the recent research has been to create synergy through combined catalytic and separation
technologies. Catalytic membrane reactors are a typical example of such a synergistic combination, with
several reactor configurations proposed and studied [1-4]. Among other configurations, we can refer the
so-called catalytic membrane reactor, CMR, where the membrane is catalytic, permselective or not, and
the packed bed membrane reactor, PBMR, where the membrane is permselective but not catalytic.
One of the most important objectives of the research in membrane reactors has been to achieve a
conversion enhancement over the thermodynamic equilibrium value by selective removal of at least one
reaction product from the reaction medium. The most studied class of reactions in this subject is the
hydrocarbon dehydrogenations [5-9].
These applications for the membrane reactors use only inorganic membranes, mainly because of the
high reaction temperatures employed. However, this kind of membranes presents some problems, like
the ones related to the control of the thickness, the preparation in large scale and the defect free
synthesis. On the other hand, polymeric catalytic membranes are widely used in biocatalysis [3], but not
in inorganic catalytic reactions, because they are not as chemical and thermal resistant as the inorganic
ones. However, the interest in such materials has increased, because the previously mentioned handicaps
of the inorganic membranes are much less problematic with polymer-based catalytic membranes. In fact,
they can be easily made in a number of forms (hollow fibre, spiral wound, flat, etc.), they are more elastic,
they resist better to fatigue, they have satisfactory diffusion and sorption coefficients, they can be
produced with incorporated catalysts (nanosized dispersed metallic clusters [10, 11], zeolites and
activated carbons [12] or metallic complexes [13-15]) and, in some way, tailored as the needs. Besides,
there are some promising ways to create materials with significant chemical and thermal resistance [16].
The utilization of polymeric catalytic membrane reactors in the field of fine chemical synthesis,
where much milder conditions are generally applicable, is very recent. Xu et. al. used very successfully
polymeric porous catalytic membrane reactors to conduce cyclopentadiene [17-19], butadiene [20] and
propadiene [21] selective hydrogenations. Ilinitch et. al. [22] used also a polymeric porous membrane
reactor to study the cis-trans selective hydrogenation of sunflower oil. Vankelecom and Jacobs [14]
analysed the use of PDMS (polydimethylsiloxane) as a support for the catalyst in membrane reactors to
conduct several fine chemical reactions, namely epoxidations, oxidations and hydrogenations. These
authors concluded that the catalyst activity is improved when it is incorporated in the membrane,
especially when operated in a polymeric catalytic membrane reactor, PCMR.
Recently, Fritsch et. al. [23, 24] developed and used catalytic polymeric non-porous membranes.
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They used the hydrogenation of propene to propane as a test reaction. These thin membranes proved to
be useful to conduct fast exothermic reactions or for reactions where one of the intermediates should be
the main product.
As a consequence of this very recent development, there are only very few papers published over
reactors with catalytic polymeric non-porous membranes. Thus, there is an urgent need for simulators
that can help to direct the membrane manufacture research and the reactor configuration. The present
paper aims to give a first step to cover this gap. A simulation study is carried out considering an
⎯⎯
→ C + D occurring in a catalytic polymeric
equilibrium--limited gas phase reaction of the type A + B ←⎯
⎯

non-porous membrane reactor, operating isothermally and where both retentate and permeate flow
patterns are considered to be perfectly mixed. The conversion obtained in the membrane reactor is
compared with the maximum value attained in a catalytic conventional reactor.

2- Model Development
The catalytic membrane reactor considered in the present study is sketched in figure 1. The catalytic
polymeric non-porous membrane holds the metallic catalyst, homogeneously distributed in nanoparticles,
and divides the reactor into the retentate and the permeate chambers.

QF , P F , piF
z=0

Retentate Chamber

QR , P R , piR

Catalytic Membrane
z=δ

Permeate Chamber

QP , P P , piP

Figure 1: Schematic diagram of the catalytic membrane reactor.

⎯⎯
→ C + D is considered. The model proposed for this reactor is based
A reaction of the type A + B ←⎯
⎯

on the following main assumptions:
1.

Steady state and isothermal conditions.

2.

Perfectly mixed flow pattern with negligible drop in the total pressure either in the retentate or in the
permeate chambers.

3.

Negligible external transport limitations in the interface membrane surface/gas phase.

4.

Fickian transport through the membrane thickness.

5.

Constant diffusion and sorption coefficients.

6.

Membrane partition coefficient between the bulk gas phase and the membrane surface described by
the Henry's law [25].

7.

Unitary activity coefficients for the gas phase.
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8.

Homogeneous catalyst distribution across the membrane.

9.

Elementary reaction rate law.

10. The reaction occurs only on the surface of the nanosized catalyst particles.
11. The concentration of the reaction species at the catalyst surface is equal to the local concentration
on the polymer phase (any relationship could be considered in principle, but this one simplifies the
original problem without compromising the main conclusions).
The mathematical model comprises the steady state differential mass balance for the membrane
and the respective boundary conditions, as well as the algebraic mass balances for the retentate and
permeate chambers.

2.1- Mass Balance and Boundary Conditions for the Membrane
Di

d 2 ci
+ νi kd f (ci ) = 0
dz 2

i = A, B, C , D

(1)

where i refers to the i th component, D is the diffusion coefficient, c is the concentration inside the
membrane, z is the spatial coordinate perpendicular to the membrane surface, ν is the stoichiometric
coefficient, taken positive for products and negative for reactants, kd is the direct reaction rate constant
and f is the local reaction rate function, defined as follows:
⎛
c c
f ( ci ) = ⎜ c A cB − C D
k
d /ki
⎝

⎞ ⎛
cC c D ⎞
⎟ = ⎜ c A cB −
⎟
Rk ⎠
⎠ ⎝

(2)

where ki is the reverse reaction rate constant and Rk is the ratio between the direct and reverse reaction
rate constants.
The corresponding boundary conditions for the mass balance equations are as follows:

z = 0 , ci = Si piR ;

z = δ , ci = Si piP

(3)

where p is the partial pressure in the bulk gas phase and the superscripts R and P refer to the retentate
and permeate stream conditions, respectively. δ is the thickness of the membrane and S is the
membrane partition coefficient between the bulk gas phase and the membrane surfaces .

2.2- Partial and Total Mass Balances for the Retentate Chamber
QF piF QR piR
dc
−
+ Am Di i
ℜT
ℜT
dz

=0

i = A, B, C , D

(4)

i = A, B, C , D

(5)

z =0

dc
QF P F Q R P R
−
+ Am ∑ Di i
dz
ℜT
ℜT
i

=0
z =0

where Q is the volumetric flow rate, P is the total pressure, Am is the membrane surface area, ℜ is the
universal gas constant and T is the absolute temperature. The superscript F refers to the feed stream
conditions. It was assumed that the flow pattern in the retentate chamber is perfectly mixed and that
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there is a negligible drop in the total pressure.

2.3- Partial and Total Mass Balances for the Permeate Chamber
QP piP
dc
+ Am Di i
dz
ℜT

=0

i = A, B, C , D

(6)

i = A, B, C , D

(7)

z =δ

dc
QP P P
+ Am ∑ Di i
dz
ℜT
i

=0
z =δ

It was assumed also that the flow pattern in the permeate chamber is perfectly mixed and that there
is a negligible pressure drop.
In dimensionless form, equations (1)-(7) become as follows:
D*i

d2 c*i
+ νi Φ2 f (c*i ) = 0
2
dζ

(8)

⎛
c* c* ⎞
f (c*i ) = ⎜ c*A c*B − C D ⎟
Rk ⎠
⎝

(9)

ζ = 0 , c*i = S*i piR*

ζ = 1 , c*i = S*i piP*

piF* − QR* piR* + Γ D*i

dc*i
dζ

1 − QR* P R* + Γ ∑ D*i
i

dc*i
dζ

QP* piP* + Γ D*i

QP* P P* + Γ ∑ D*i
i

dc*i
dζ

=0

(10)
(11)

ζ= 0

=0

(12)

ζ= 0

=0

(13)

ζ=1

dc*i
dζ

=0

(14)

ζ=1

where
c*i = c i /Cref ,

P* = P/Pref ,

p*i = pi /Pref ,

D*i = Di /Dref ,

ζ = z/ δ ,

⎛k C ⎞
Φ = δ ⎜ d ref ⎟
⎝ Dref ⎠

1 /2

S = Si /Sref ,
*
i

,

Q* = Q/Qref ,
P
Am Dref Href ref
Am Dref Cref ℜT
δ
Γ=
=
Qref Pref
δQref Pref
ℜT

Pref is the reference pressure, set to the total feed pressure, Qref is the reference volumetric flow

rate, set to the total feed volumetric flow rate, Φ is the Thiele modulus [26] (ratio between the
characteristic intramembrane diffusion time for the reference component and the characteristic direct
reaction time) and Γ is the dimensionless contact time [27]. This parameter can be seen as a ratio
between the maximum possible flux across the membrane for the reference component, that is,
permeation of pure species against null permeate pressure, and the total molar feed flow rate. Species
A is taken as the reference component to define the dimensionless diffusion and sorption coefficients.
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3- Analysis Strategy
The main objective of this work is to compare the performance of a catalytic polymeric membrane
reactor with the more conventional counterpart catalytic reactor, in terms of the conversion achieved.
More specifically, it will be studied the role played by the different diffusivity and sorption selectivities for
the reaction species on the performance of a catalytic polymeric membrane reactor.
“Conventional”, in the context of this work, means that the catalytic reactor with perfectly mixed flow
pattern is fed with a gaseous mixture with the same composition and pressure as in the case of the
catalytic membrane reactor. Additionally, the same reaction takes place at the catalyst surface, with the
reaction species at the gas phase concentration. The reaction rate is described by equivalent kinetic
equations, with the same ratio between the direct and reverse reaction rate constants. At last, it may be
assumed that the maximum conversion achieved in the catalytic reactor is the thermodynamic
equilibrium value. Thus, from this point on, the conversion achieved in the catalytic membrane reactor will
be compared with the thermodynamic equilibrium value.
The relative conversion, Ψ A , defined as the ratio between the conversion of the reactant A attained
in the membrane reactor, X A , and the thermodynamic equilibrium conversion based on the feed
conditions, X AE , is used to evaluate the performance of the membrane reactor. The conversion reached in
the membrane reactor is calculated by the following equation:
XA = 1 −

P* P*
QR* pR*
A + Q pA
F* F*
Q pA

(15)

The relative reaction coefficient is defined as:
Θ=

c*C c*D /(c*A c*B )
Rk

(16)

This parameter is a measure of how the reactive system is far from the equilibrium condition.

4- Numerical Solution Method
In principle, the set of equations that governs the PCMR could be solved using a mathematical
package suitable for boundary value problems, like the ColNew, for example [27, 28]. However, when the
catalytic activity and/or the pressure difference across the membrane are high, the system becomes stiff
and convergence towards the solution could be very difficult. In order to avoid this numerical instability, a
time derivative term was added to the right-hand side of equations (8), (11) and (13), while equations (12)
and (14) were solved explicitly in order to the volumetric flow rate. Equation (8) was subsequently
transformed into a set of ordinary differential equations by a spatially discretization using orthogonal
collocation [29]. The resulting time dependent equations were solved using the package LSODA [30] until
a steady-state solution was obtained, that is, when the time derivative value of each dependent variable
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and for each of the spatial coordinate is lower than a pre-defined value. This method proved to be efficient
and stable whenever proper initial conditions were used. With the purpose to obtain a solution with high
accuracy and an acceptable computation time, it was applied a variable transformation of the spatial
coordinate as a function of the Thiele modulus value [31] (section 3.2). Despite the needed number of
collocation points, which affects directly the solution accuracy and the required computation time [29], is
a function of the Thiele modulus value [31] (section 3.2), it was used 11 internal collocation points for all
simulations. This number proved to be sufficient for the most extreme operating conditions and demands
a low computation time [31] (section 3.2).

5- Results and Discussion
Several simulations were performed to understand how the relative conversion depends on the
dimensionless contact time and Thiele modulus parameters for different dimensionless diffusion and
sorption coefficients. The base case considers that the dimensionless diffusion and sorption coefficients
are equal to unity for all reactants and products. Then, some combinations of the dimensionless diffusion
and sorption coefficients of the reactant B are studied, so that its permeability becomes lower, higher or
equal to one. We should remember that the membrane permeability relative to the i th component, Li ,
depends on the product of its diffusion and sorption coefficients: Li = Di Si .
It should be emphasized that it is the selective mass transport resistance showed by the membrane
towards reactants and products that makes possible to reach conversions above the equilibrium value in
a membrane reactor. Thus, the meaning of the Thiele modulus in the framework of the catalytic
membrane reactors should not be regarded the same as in the framework of the conventional packed
bed reactors: in this new type of reactors, it simply represents a ratio between the characteristic times of
the intramembrane diffusion and of the direct reaction.

5.1- Base Case: Equal Permeability for all Reactants and Products
Figure 2 shows the relative conversion of the PCMR as a function of the dimensionless contact time
for various Thiele modulus values and for unitary sorption ( S*i = 1 ) and diffusion ( D*i = 1 ) coefficients.
F*
F*
F*
P*
= 0.01 . These
The other relevant variables are: p F*
A = 0.5 , pB = 0.5 , pC = 0 , pD = 0 , Rk = 0.1 and P

parameters are considered constant for all simulations to be performed, unless otherwise indicated. The
results for this case show that there is no conversion enhancement relatively to the thermodynamic
equilibrium value, because, since all the dimensionless diffusion and sorption coefficients are unitary,
there is no separation effect.
The conversion increases with the dimensionless contact time up to a point where the retentate flow
rate leaving the reactor is zero. In such a situation, all the species permeate through the membrane. This
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Figure 2: Relative conversion and dimensionless volumetric retentate flow rate as a function of the dimensionless contact time for
various Thiele modulus values. D*i = 1 and S*i = 1 . The other variables are defined in the text.

condition is known as the Total Permeation Condition, TPC, or 100 % cut [26]. The curves of the relative
conversion for different Thiele modulus values have an end point corresponding to the TPC; the locus of
these end points is known as the Total Permeation Line, TPL [26].
The conversion increases with the dimensionless contact time mainly because the loss of reactants
decreases as the retentate flow rate decreases. The increase of the conversion is strongly dependent on
the Thiele modulus value. For low values, the conversion increase is controlled by the loss of reactants
through the retentate stream. For high Thiele modulus values, on the other hand, the conversion increase
is controlled by the reaction rate. For Thiele modulus below a threshold value ( Φ ≈ 6 in this case), the
PCMR works in the chemical controlled regime. In such conditions, the maximum possible relative
conversion is lower than 1. For higher Thiele modulus values, the reactor operates in the diffusional
controlled regime and the maximum possible conversion is equal to the thermodynamic equilibrium one.
The retentate volumetric flow rate as a function of the dimensionless contact time is also shown in
figure 2. Since the permeability is the same for all components and there is no net change of the total
number of moles, the retentate volumetric flow rate decreases linearly with the dimensionless contact
time and is equal for all Thiele modulus values.

5.2- Permeability of Component B (Reactant) Smaller than 1
Figure 3 shows the relative conversion of a PCMR as a function of the dimensionless contact time
and for different Thiele modulus values, when the dimensionless diffusion coefficient of reactant B is
smaller than 1, D*B = 0.1 . The other relevant variables are the same as in the base case.
It is possible to see from this figure that, for a given set of conditions, the conversion reaches values
well above the thermodynamic equilibrium one. This happens because the higher average permeability of
the reaction products forces the local chemical reaction condition to go beyond the equilibrium value in a
fraction of the membrane thickness on the permeate side, thus shifting favourably the chemical reaction
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Dimensionless Contact Time, Γ
Figure 3: Relative conversion and dimensionless volumetric retentate flow rate as a function of the dimensionless contact time for
various Thiele modulus values. D*B = 0.1 , D*i≠ B = 1 and S*i = 1 .

towards the products [26] (figure 4). This displacement of the chemical equilibrium depends on the Thiele
modulus values, expressed in the strength of the backward reaction. That is, for low values ( Φ < 5 in the
present example) the characteristic reaction time overlaps the characteristic diffusion time and then the
backward reaction effect is incipient (figure 4). For Φ > 5 , the ratio of the characteristic times is inverted.
The chemical reaction attains a condition of local chemical equilibrium in an inward fraction of the
membrane thickness (figure 4) and, in consequence, the equilibrium shift due to the preferential diffusion
of the reaction products and the backward reaction effect are partially cancelled out. The limit conversion,
for an instantaneous reaction (very high Thiele modulus), should approach the thermodynamic
equilibrium value.

Relative Reaction Coefficient, Θ
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Dimensionless Membrane Coordinate, ζ

Figure 4: Relative reaction coefficient at the TPC as a function of the dimensionless spatial coordinate in the membrane for various
Thiele modulus values. Same parameter values as in figure 3.

The retentate volumetric flow rate as a function of the dimensionless contact time decreases faster
for Φ = 1000 than for Φ = 0 (figure 3), because the reactants diffuse slower than the reaction products.
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Figure 5: Relative conversion and dimensionless contact time as a function of Thiele modulus at the TPC. D*i≠ B = 1 and S*i = 1 .

Figure 5 shows the relative conversion and the dimensionless contact time at the TPC as a function
of the Thiele modulus, for D*B = 0.1 and also for D*B = 0.05 . As before, the other relevant variables are the
same as in the base case.
It is possible to observe in this figure that the conversion increases quickly in a short region of low to
medium Thiele modulus values, reaching a maximum for Φ ≈ 5 , and that the dimensionless contact time
(a measure of the reactor size) decreases suddenly in the same region. For medium to high Thiele
modulus, the dimensionless contact time approaches a constant value while the relative conversion
decreases continuously. For an instantaneous reaction, the conversion should approach the
thermodynamic equilibrium value. It is also noticeable that a decrease of the diffusion coefficient from
D*B = 0.1 to D*B = 0.05 has only a slight influence in the increase of the conversion, significative only for

the intermediate Thiele modulus values. On the other hand, the influence in the change of the
dimensionless contact time is much stronger and is significative for the entire Thiele modulus region.
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Figure 6 shows the simulation results when the dimensionless sorption coefficient of the reactant B
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Figure 6: Relative conversion and dimensionless volumetric retentate flow rate as a function of the contact time for various Thiele
modulus values. S*B = 0.1 , S*i≠ B = 1 and D*i = 1 .
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is lower than 1, S*B = 0.1 . The other variables are the same as in the base case. It is possible to observe
that the conversion obtained in the membrane reactor is lower than the thermodynamic equilibrium value
for the entire region of the dimensionless contact time and Thiele modulus values. This happens because
reactant B is less sorbed and then its concentration in the membrane is low, causing a decrease of the
conversion. The pattern of this plot is similar to the one in figure 3, due to the similar separation effect.

5.3- Permeability of Component B (Reactant) Larger than 1
As before, we consider two cases with the dimensionless permeability higher than 1. In the first case
we consider that the dimensionless diffusion coefficient of reactant B is higher than 1, D*B = 10 . Thus,
figure 7 shows, for this case, the relative conversion as a function of the dimensionless contact time and
for different Thiele modulus values. The other variables are the same as in the base case.
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Figure 7: Relative conversion and dimensionless volumetric retentate flow rate as a function of the dimensionless contact time for
various Thiele modulus values. D*B = 10 , D*i≠ B = 1 and S*i = 1 .

As it was expected, the maximum reached conversion is below the thermodynamic equilibrium
value. This is due to the fact that the reactant B diffuses faster than the other species. However, the
shape of this plot is very different from the ones before (figures 3 and 6). The maximum conversion is not
any longer attained at the TPC, for Thiele modulus values over a threshold one (see figure 10 for a better
clarification). This is a consequence of the balance between two opposite effects. In one hand, the
conversion increases with the time of contact between the reactants and the catalyst. On the other hand,
and due to the separation effect, the concentration of the faster diffusing reactant in the retentate stream
decreases with the dimensionless contact time, leading thus to a decrease of the conversion. The most
important effect is the first one for low dimensionless contact time values, while the second effect
becomes dominant for higher dimensionless contact time values. For high Thiele modulus values, the
decrease of the conversion is partially compensated by a more effective use of the catalyst inside the
membrane (figure 8). In this case, the separation effect exhibited by the membrane pulls down the local
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relative reaction coefficient, Θ , in a fraction of the membrane thickness closer to the downstream (figure
8), which means that the chemical reaction condition is under the equilibrium value.
The retentate volumetric flow rate as a function of the dimensionless contact time decreases faster
for Φ = 0 than for Φ = 1000 , because the reaction products diffuse slower than the reactants (figure 7).
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Figure 8: Relative reaction coefficient at TPC as a function of the dimensionless spatial coordinate in the membrane for various
Thiele modulus values. Same parameter values as in figure 7.

Figure 9 shows the relative conversion as a function of the dimensionless contact time, for various
Thiele modulus values and with S*B = 10 . The other relevant variables are the same as in the base case.
In such a situation, the conversion may attain values above the thermodynamic equilibrium one. This
occurs because the dimensionless sorption coefficient of the reactant B is higher than 1. Thus, a high
concentration inside the membrane improves the conversion. The pattern of this plot is similar to the one
in figure 7. This is also due to a similar separation effect.
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various Thiele modulus values. S*B = 10 , S*i≠ B = 1 and D*i = 1 . The other variables are as in the base case.
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Figure 10 shows the maximum relative conversion and the relative conversion at the TPC, as well as
the respective dimensionless contact time values, as a function of the Thiele modulus and for S*B = 10
and D*B = 1 . As before, the other variables are as in the base case. These results are very different from
the ones presented in figure 5. It can also be observed that, for high Thiele modulus values, the maximum
conversion occurs far from the TPC. However, for this range of the Thiele modulus values, the conversion
obtained at the TPC is closer to the maximum value.
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Figure 10: Dimensionless contact time for the maximum relative conversion and at the TPC, as well as the corresponding values of
the relative conversion, as a function of the Thiele modulus. Same parameter values as in figure 9.

5.4- Permeability of Component B (Reactant) equal to 1
When the dimensionless diffusion and sorption coefficients of reactant B are chosen to be lower
than 1 and higher than 1, respectively, keeping a unitary permeability as in the base case, there is a
coupled effect over the conversion. This is shown in figure 11, where the relative conversion is plotted as a
function of the dimensionless contact time, for various Thiele modulus values and with D*B = 0.1 and
S*B = 10 . The other variables are the same as in the base case. The pattern of this plot is similar to the

one of figure 2, but a great enhancement of the conversion over the thermodynamic equilibrium value is
clear. It is apparent from this example that a PCMR can allow for significant conversion gains while
presenting no separation effects (controlled by the membrane permeability).
On the other hand, figure 12 illustrates the opposite effect. The permeability is kept unitary, but the
dimensionless diffusion and sorption coefficients are chosen now to be D*B = 10 and S*B = 0.1 . The other
variables are kept constant. This plot presents the same pattern as the ones of figures 2 and 11, but it is
also clear a conversion penalization.
A similar study could be done based on the relative sorption and diffusion coefficients of the
reaction products instead of the reactants ones. However, the conclusions would be equivalent, in the
sense that conversion is favoured as the diffusion coefficients of the reaction products increase and/or
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6- Conclusions
An isothermal polymeric catalytic non-porous membrane reactor, with perfectly mixed flow pattern in
the retentate and permeate chambers, was simulated for the equilibrium reaction described by
⎯⎯
→ C + D . The results show that, for a given set of conditions, it is possible to reach conversions
A + B ←⎯
⎯

higher than the thermodynamic equilibrium value. This conversion enhancement can be obtained by
selecting a membrane that allows lower diffusion coefficients and/or higher sorption coefficients for the
reactants than for the reaction products. However, higher reactants sorption coefficients are desirable
because the dimensionless contact time needed is lower. One can then conclude that it is not the
permeability alone that governs the conversion attained in a non-porous catalytic membrane reactor, but
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both the diffusive separation effects and the sorbed reactants concentration. In other words, the diffusion
and sorption coefficients must be taken into account in an independent way.
The strategy used for the numerical solution of the m equations, involving the addition of a time
derivative term to the equations, proved to greatly reduce the numerical stiffness of the problem.

Nomenclature
Am Membrane surface area

[m2]

c

Partial concentration

[mol/m3]

C

Total concentration

[mol/m3]

D

Diffusion coefficient

f

Function for the local reaction rate

kd

Direct reaction rate constant

[m3/(mol s)]

ki

Reverse reaction rate constant

[m3/(mol s)]

L

Permeability coefficient

P

Total pressure

[Pa]

p

Partial pressure

[Pa]

Q

Volumetric flow rate

ℜ

Universal gas constant

Rk

Ratio between the direct an reverse reaction rate constants

S

Henry’s sorption coefficient

T

Absolute temperature

X

Conversion

z

Spatial coordinate relative to the membrane

[m2/s]
[(mol/m3)2]

[mol m2/(m3 s Pa)]

[m3/s]
[J/(mol K)]
[-]
[mol/(m3 Pa)]
[K]
[-]
[m]

Greek Symbols
Γ

Dimensionless contact time parameter

δ

Membrane thickness

ζ

Dimensionless spatial coordinate relative to the membrane

[-]

Θ

Relative reaction coefficient

[-]

ν

Stoichiometric coefficient of component i (positive for products, negative for reactants)

[-]

Φ

Thiele modulus

[-]

[-]
[m]

Ψ A Relative conversion (ratio between the conversion of reactant A , X A , and the

thermodynamic equilibrium one based on the feed conditions, X AE )

[-]
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Subscripts
i

Relative to the i th component

ref Relative to the reference conditions or component

[-]
[-]

Superscripts
*

Dimensionless variable

[-]

F

Relative to the feed flow conditions

[-]

P

Relative to the permeate chamber conditions

[-]

R

Relative to the retentate chamber conditions

[-]

References
[1]

J. Sanchez, T. T. Tsotsis, Current developments and future research in catalytic membrane reactors, in: A. J.
Burggraaf and L. Cot (Eds.), Fundamentals of Inorganic Science and Technology, Elsevier, Amsterdam, 1996, pp.
529-568.

[2]

J. Zaman, A. Chakma, Inorganic membrane reactors – Review, J. Membr. Sci. 92 (1994) 1.

[3]

K. K. Sirkar, P. V. Shanbhag, A. S. Kovvali, Membrane in a reactor: A functional perspective, Ind. Eng. Chem. Res.
38 (1999) 3715.

[4]

V. Specchia, G. Saracco, Membrane catalysis: State of the art, Ceram. Trans. 73 (1997) 147.

[5]

J. Shu, B. P. A. Grandjean, A. van Neste, S. Kaliaguine, Catalytic palladium-based membrane reactors – A review,
Can. J. Chem. Eng. 69 (1991) 1036.

[6]

N. Itoh, T-H. Wu, An adiabatic type of palladium membrane reactor for coupling endothermic and exothermic
reactions, J. Membr. Sci. 124 (1997) 213.

[7]

Y. V. Gokhale, R. D. Noble, J. L. Falconer, Effects of reactant loss and membrane selectivity on a
dehydrogenation in a membrane-enclosed catalytic reactor, J. Membr. Sci. 103 (1995) 235.

[8]

H. Weyten, J. Luyten, K. Keizer, L. Willems, R. Leysen, Membrane performance: the key issues for
dehydrogenation reactions in a catalytic membrane reactor, Catal. Today 56 (2000) 3.

[9]

M. E. Rezac, W. J. Koros, S. J. Miller, Membrane-assisted dehydrogenation of n-butane. Influence of membrane
properties on system performance, J. Membr. Sci. 93 (1994) 193.

[10] D. Fritsch, K.-V. Peinemann, Novel highly permselective 6F-poly(amide-imide)s as membrane host for nano-sized catalysts, J. Membr. Sci. 99 (1995) 29.
[11] J. F. Ciebien, R. E. Cohen, A. Duran, Catalytic properties of palladium nanoclusters synthesized within diblock
copolymer films: Hydrogenation of ethylene and propylene, Supramol. Sci. 5 (1998) 31.
[12] J. Vital, A. M. Ramos, I. F. Silva, H. Valente, J. E. Castanheiro, Hydration of α-pinene over zeolites and activated
carbons dispersed in polymeric membranes, Catal. Today 56 (2000) 167.
[13] I. F. J. Vankelecom, N. M. F. Moens, K. A. L. Vercruysse, R. F. Parton, P.A. Jacobs, PDMS occluded Ti-MCM-41 as
an improved olefin epoxidation catalyst, in: H. U. Blaser, A. Baiker and R. Prins (Eds.), Heterogeneous Catalysis
and Fine Chemicals IV, Elsevier, Amsterdan, 1997, p. 437-444.

2.1- Modelling a Catalytic Polymeric Nonporous Membrane Reactor

73

[14] I. F. J. Vankelecom, P. A. Jacobs, Dense organic catalytic membranes for fine chemical synthesis, Catal. Today
56 (2000) 147.
[15] P. E. F. Neys, A. Severeyns, I. F. J. Vankelecom, E. Ceulemans, W. Dehaen, P.A. Jacobs, Manganese porphyrins
incorporated in PDMS: selective catalysts for the epoxidation of deactivated alkenes, J. Mol. Cat. 144 (1999)
373.
[16] M. E. Rezac, B. Bayer, E. T. Sorensen, N. Karangu, H. W. Beckham, Crosslinkable polyimides for improved
membrane stability, in: Proceedings of Euromembrane 97 on Progress in Membrane Science and Technology,
23-27 June 1997, University of Twente, The Netherlands, pp. 11-13.
[17] H. Gao, Y. Xu, S. Liao, R. Liu, J. Liu, D. Li, D. Yu, Y. Zhao, Y. Fan, Catalytic polymeric hollow-fiber reactors for
selective hydrogenation of conjugated dienes, J. Membr. Sci. 106 (1995) 213.
[18] H. Gao, S. Liao, Y. Xu, R. Liu, J. Liu, D. Li, Selective hydrogenation of cyclopentadiene in a catalytic cellulose
acetate hollow fibre reactor, Catal. Lett. 27 (1994) 297.
[19] H. Gao, Y. Xu, S. Liao, R. Liu, D. Yu, Catalytic hydrogenation and gas permeation properties of metal-containing
poly(phenylene oxide) and polysulfone, J. Appl. Polym. Sci. 50 (1993) 1035.
[20] C. Liu, Y. Xu, S. Liao, D. Yu, Mono and bimetallic catalytic hollow fiber reactors for the selective hydrogenation of
butadiene in 1-butene, Appl. Catal. A: Gen. 172 (1998) 23.
[21] C. Liu, Y. Xu, S. Liao, D. Yu, Y. Zhao, Y. Fan, Selective hydrogenation of propadiene and propyne in propene with
catalytic polymeric hollow-fiber reactor, J. Membr. Sci. 137 (1997) 139.
[22] O. M. Ilinitch, P. A. Simonov, F. P. Cuperus, Nanosize palladium loaded catalytic membrane: Preparation and cis-

trans selectivity in hydrogenation of sunflower oil, Stud. Surface Sci. Catal. 118 (1998) 55.
[23] D. Fritsch, Reactions with catalytically active polymer membranes at a low temperature, in: Proceedings of the
14th Annual Membrane Technology/Separations Planning Conference, Business Communications Co., Newton,
MA, 28-30 October, 1996.
[24] J. Theis, D. Fritsch, F. Keil, ESF Network catalytic membrane reactors, in: Proceedings of Applications and Future
Possibilities of Catalytic Membrane Reactors, Turnhout, Belgium, 16-17 October, 1997, pp. 35-40.
[25] G. G. Lipscomb, Unified thermodynamic analysis of sorption in rubbery and glassy materials, AIChE J. 36 (1990)
1505.
[26] Y.-M. Sun, S.-J. Khang, A catalytic membrane reactor: Its performance in comparison with other types of
reactors, Ind. Eng. Chem. Res. 29 (1990) 232.
[27] M. P. Harold, C. Lee, Intermediate product yield enhancement with a catalytic inorganic membrane. II-Nonisothermal and integral operation in a back-mixed reactor, Chem. Eng. Sci. 52 (1997) 1923.
[28] J. R. Turner, COLNEW, Chemical Engineering Department, Washington University, 1990.
[29] B. A. Finlayson, Nonlinear analysis in chemical engineering, McGraw-Hill, New York, USA, 1980.
[30] L. R. Petzold, A. C. Hindmarsh, LSODA, Computing and Mathematics Research Division, Lawrence Livermore
National Laboratory, 1997.
[31] J. M. Sousa, A. Mendes, Simulating catalytic membrane reactors using orthogonal collocation with spatial
coordinates transformation, J. Membr. Sci. 243 (2004) 283.

2.2- A Study on the Performance of a Dense Polymeric Catalytic Membrane Reactor

75

2.2- A Study on the Performance of a Dense Polymeric Catalytic
Membrane Reactor*

Abstract
A theoretical study on a catalytic polymeric dense membrane reactor is performed. The conversion
enhancement over the maximum value attained in a catalytic conventional reactor is studied for an
⎯⎯
→ cC + dD , for three different conditions:
equilibrium-limited gas phase reaction of the type aA + bB ←⎯
⎯
∆n > 0 , ∆n = 0 and ∆n < 0 , where ∆n = c + d − a − b . For each of these cases, it is studied the influence

of the sorption and diffusion coefficients of the reaction products. The model considers isothermal
conditions and perfectly mixed flow patterns in both chambers of retentate and permeate. It is concluded
that the conversion of a reversible reaction can be significantly enhanced over the value attained in a
conventional reactor when the diffusion coefficients of the reaction products are higher than the ones of
the reactants and/or the respective sorption coefficients are lower. The extension of this enhancement
depends on the reaction stoichiometry, global concentration inside the membrane, Thiele modulus and
dimensionless contact time values. It was also observed that it would be preferable to have a conversion
enhancement based on higher diffusion of the reaction products than on lower sorption coefficients, since
this leads to smaller reactors size. Since the performance of a reactor with a catalytic dense membrane
depends in a different way on both sorption and diffusion coefficients of the reaction species, a study of
such a system cannot be based exclusively on the respective permeabilities.

*
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1- Introduction
The energy efficiency and simplicity of membrane systems has been made growing them very
attractive for separation processes. This technology has found a wide range of applications in gas
separation and has become a standard operating unit for several applications [1]. Most of the
commercially available membranes for gas separation are polymeric. Among other reasons, we can refer
the higher production complexity (control of the membrane thickness, large scale preparation, defects
free) and the cost of the ceramic or metallic membranes [2-4]. Besides, polymeric membranes are not as
brittle as the ceramic ones and can be easily fabricated in a number of forms (flat, tubes, tubules, hollow
fibres, spiral wound) [1, 5, 6].
As the research on membrane separation technology has developed, several authors have been
studying the integration of membranes in chemical reactors, performing different functions [5]. The early
research in membrane reactors employed primarily polymeric membranes in biocatalysis. However, soon
several petrochemical relevant reactions, where the membranes could become a key factor in obtaining a
competitive process, were identified and interested several researchers. Dehydrogenations are one of
such a class of reactions with considerable practical importance, because many commodity chemicals
(ethylene, propylene, butenes and styrene, for example) are produced from low molecular weight
hydrocarbons, by catalytic cracking [7]. These reactions are endothermic and equilibrium-limited. Thus, to
attain reasonable conversions, they should be carried out at high temperatures (typically 750-950 °C [8]).
However, such operating conditions results in high energetic costs and catalyst deactivation. One way to
lower the temperature of these reactions, though maintaining the yield, is to conduct the process in a
membrane reactor. This strategy has been extensively studied for alkane dehydrogenations with different
kind of membranes, namely metallic (palladium or palladium alloys) [9-12], ceramic [13-16], composite
[17-19] and of carbon [20]. For these applications, the reactor normally used is the so-called packed bed
membrane reactor, PBMR, where the membrane only performs a selective removal of hydrogen.
Due to the high temperatures and, in some cases, the aggressive chemical environments, it is not
surprising that polymeric catalytic membranes were hardly ever used, as they lack thermal and chemical
stability under these harsh conditions. So, polymeric catalytic membrane reactors must find their own
opportunities of application in systems with much milder thermal and chemical conditions, even
considering that the commonly used polydimethylsiloxane, PDMS, is thermally stable up to 523 K [2] and
that there are some promising ways towards the synthesis of polymeric materials with significant
chemical and thermal resistance [21].
The research on polymeric catalytic materials has been focused mainly in liquid phase reactions
under mild conditions, namely in fine chemical synthesis [6, 22-28]. The selectivities in gas phase are
normally lower than the ones in liquid phase, but, on the other hand, the reaction can be conducted in a

2.2- A Study on the Performance of a Dense Polymeric Catalytic Membrane Reactor

77

solvent free medium, avoiding a subsequent separation process to remove it. However, the research over
polymeric catalytic membranes for conducting gas phase reactions is still limited [8, 29-35], being the
selective hydrogenations the most important set of reactions referred up to now [29, 32-34]. Polymeric
catalytic membrane reactors can be used also to enhance the conversion over the thermodynamic
equilibrium value, for equilibrium-limited reactions [23, 36].
Several studies focusing on membrane reactors modelling, conjointly [28, 37-40] or not [41-48] with
experimental work can be found in the open literature. However, most of these studies deal with PBMR
and only a few actually focus on catalytic membrane reactors, CMR, (where the catalyst is either the
membrane itself, or it is incorporated in the membrane porous structure or on the membrane surface, or
it is occluded inside the membrane) [28, 37, 38, 40, 42, 44, 46]. At the best of our knowledge, and in
addition to our recent work [42] (section 2.1), only Kaliaguine and co-workers [28] modelled a catalytic
dense polymeric membrane reactor, though for conducting a liquid phase reaction.
In the present paper, a systematic theoretical study is performed, focusing mainly on how the
conversion reached in a Catalytic Polymeric Dense Membrane Reactor, CPDMR, when conducting an
equilibrium-limited gas phase reaction, is affected by the reaction stoichiometry, for a set of selected
cases of diffusion and sorption coefficients of the reaction products.

2- Model Development
The catalytic membrane reactor considered in the present study is sketched in figure 1. It consists of
a retentate and permeate chambers at different total pressures P R and P P , respectively, separated by a
catalytic membrane of thickness δ and with the catalyst homogeneously distributed throughout it. A
⎯⎯
→ cC + dD is considered and three different cases
hypothetical gas phase reaction of the type aA + bB ←⎯
⎯

are studied: ∆n > 0 , ∆n = 0 and ∆n < 0 , where ∆n = c + d − a − b . The model developed is based on the
following main assumptions [42] (section 2.1):
1.

Steady state and isothermal conditions.

2.

Perfectly mixed flow pattern on both retentate and permeate chambers.

3.

Negligible drop in the total pressure for both retentate and permeate chambers.

4.

Negligible external transport limitations in the membrane/gas interfaces.

5.

Fickian transport across the membrane thickness.

6.

Constant diffusion coefficients.

7.

Linear sorption equilibrium isotherm between the bulk gas and the membrane surface.

8.

Elementary reaction rate law referred to a membrane volume.

9.

The reaction occurs only on the surface of the catalyst nanoparticles.
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Figure 1: Schematic diagram of the catalytic membrane reactor.

10. The concentration of the reaction species at the catalyst surface is equal to the local concentration

on the polymeric phase (any relationship could be considered in principle, but this one simplifies the
original problem without compromising the main conclusions).
The mathematical model comprises the steady state differential mass balance for the membrane
and the respective boundary conditions, as well as the algebraic mass balances for the upstream and
downstream chambers. The dimensionless model equations are presented in the following sections. For
its dimensionless form, see [42] (section 2.1).

2.1- Mass Balance and Boundary Conditions for the Membrane
Di*

∆n
⎤
d 2 c*i
2 ⎡ * a
* b
* c
* d (C ref )
c
c
c
c
(
)
(
)
(
)
(
)
+
ν
Φ
−
i
B
C
D
⎢ A
⎥ =0
2
dζ
Rk ⎦
⎣

ζ = 0 , c*i = S*i piR*

i = A, B, C , D

(1)

ζ = 1 , c*i = S*i piP*

(2)

2.2- Partial and Total Mass Balances for the Retentate Chamber
piF* − QR* piR* + Γ D*i

dc*i
dζ

1 − QR* P R* + Γ ∑ D*i
i

dc*i
dζ

=0

i = A, B, C , D

(3)

i = A, B, C , D

(4)

ζ= 0

=0
ζ= 0

2.3- Partial and Total Mass Balances for the Permeate Chamber
dc*i
dζ

QP* piP* + Γ D*i

QP* P P* + Γ ∑ D*i
i

=0

i = A, B, C , D

(5)

i = A, B, C , D

(6)

ζ=1

dc*i
dζ

=0
ζ=1

where
c*i = c i /Cref ,
S*i = Si /Sref ,

P* = P/Pref ,
D*i = Di /Dref ,

p*i = pi /Pref ,

Q* = Q/Qref ,

α = a+b ,

Cref = Pref Sref ,

Am Dref Cref ℜT
Γ=
,
δQref Pref

⎛ k ( C )α−1
d
ref
Φ = δ⎜
⎜
Dref
⎝

ζ = z/δ ,
1 /2

⎞
⎟
⎟
⎠

The subscript i refers to the i th component and the subscript ref refers to the reference component
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or conditions. The superscripts F , R and P refer to the feed, retentate and permeate stream conditions,
respectively. The superscript * means dimensionless variables. Φ is the Thiele modulus [42] (section
2.1) and Γ is the dimensionless contact time [42] (section 2.1). The remaining symbols are referred in
the nomenclature. The feed pressure and feed flow rate are taken as reference for Pref and Qref . Species
A is taken as reference for Dref and Sref .

The main objective of this work is to bring about a comparison between the performances of a
catalytic membrane reactor and of the more conventional counterpart catalytic reactor, in terms of the
conversion achieved. This comparison is made based on some assumptions reported before [42] (section
2.1). For the sake of comparison, the maximum conversion achieved in the conventional catalytic reactor
is considered to be the thermodynamic equilibrium one.
The attained conversion in the CPDMR, X A , is calculated by the following equation:
XA = 1 −

P* P*
QR* pR*
A + Q pA
QF* pAF*

(7)

The relative conversion, Ψ A , defined as the ratio between the conversion of the reactant A reached
in the membrane reactor, X A , and the thermodynamic equilibrium conversion based on the feed
conditions, X AE , is used to evaluate the performance of the membrane reactor.
The relative reaction coefficient, a measure of how far from the equilibrium condition is the reactive
system, is defined as:

(c ) (c ) (C )
Θ=
(c ) (c ) R
* c
C
* a

* d
D
* b

A

B

∆n

ref

(8)

k

3- Numerical Solution Method
The set of equations that governs the CPDMR were solved as follows: a time derivative term was
added to the right-hand side of equations (1), (3) and (5), while equations (4) and (6) were solved explicitly
in order to the volumetric flow rate. Equation (1) was subsequently transformed into a set of ordinary
differential equations in time by a spatially discretization using orthogonal collocation [49]. The time
integration routine LSODA [50] is then used to obtain the steady-state solution, which is attained when a
step time increase does not make any further change in the dependent variables, within a pre-defined
error. With the purpose to obtain a solution with high accuracy and an acceptable computation time, it
was applied a variable transformation of the spatial coordinate as a function of the Thiele modulus value
[51] (section 3.2). Despite the needed number of collocation points, which affects directly the solution
accuracy and the required computation time [49], is a function of the Thiele modulus value [51] (section
3.2), it was used 11 internal collocation points for all simulations. This number proved to be sufficient for
the most extreme operating conditions and demands a low computation time [51] (section 3.2).

80

Chapter 2: Membrane Reactor Models for Equilibrium-Limited Reactions

4- Results and Discussion
We performed in this study several simulations in order to understand how the attained conversion
depends on the dimensionless contact time ( Γ ) and Thiele modulus ( Φ ) for different dimensionless
diffusion ( D*i ) and sorption ( S*i ) coefficients of the reaction products. According to the net change of the
⎯⎯
→ cC + dD , three different
total moles number for the hypothetical reaction considered, aA + bB ←⎯
⎯

situations were studied: ∆n = 0 , ∆n < 0 and ∆n > 0 . In the following discussion, the base case considers
D*i = 1 and S*i = 1 . Then, some combinations of the dimensionless diffusion and sorption coefficients of

the species D are studied, so that its dimensionless permeability becomes lower or higher than the unity.
We should remember that the membrane permeability relative to a species i , Li , depends on the product
of its diffusion and sorption coefficients: Li = Di Si . The feed composition (only reactants) was considered
to be at the stoichiometric ratio. For a given Rk value, this is the composition that leads to the highest
conversion of the reactant A . The value of Rk , which is equivalent to K e , the thermodynamic equilibrium
constant for the conventional reactor,

considered for each case is such that the corresponding

thermodynamic equilibrium conversion based on feed conditions and at constant pressure, X AE , is 20 %.
Finally, T = 300 K , Pref = 100 kPa , P P* = 0.01 and Cref = 100 mol/m3 . These parameters values will be
used in all the simulations, unless otherwise indicated.

4.1- Base Case: Equal Permeability for all Reactants and Products
It was shown in a previous study [42] (section 2.1) that the maximum conversion reached in this
membrane reactor, for S*i = 1 , D*i = 1 and ∆n = 0 , is equal to the thermodynamic equilibrium value. For
reactions where ∆n > 0 (figure 2) or ∆n < 0 (figure 5), however, this maximum conversion can be
dependent on the average concentration of the reaction species inside the membrane for certain regions
of the parametric space in the Thiele modulus and dimensionless contact time, as shown in figure 3.
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Figure 2: Relative conversion as a function of the dimensionless contact time for various Thiele modulus values and for ∆n > 0 .
νi ≠D = 1 , νD = 2 , pAF* = 0.5 , pBF* = 0.5 and Rk = 1.002 mol/m3 .
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Figure 3: Relative conversion at the TPC as a function of the Thiele modulus values for different Cref values and reaction categories:
∆n < 0 ( νi ≠B = 1 , νB = 2 , pAF* = 0.333 , pBF* = 0.667 and Rk = 0.00146 m3 /mol ); ∆n = 0 ( νi = 1 , pAF* = pBF* = 0.5 and
Rk = 0.0625 ); ∆n > 0 ( νi ≠D = 1 , νD = 2 , pAF* = pBF* = 0.5 and Rk = 1.002 mol/m3 ).

Figure 2 shows the relative conversion as a function of the dimensionless contact time for various
Thiele modulus values and for ∆n > 0 ( a = b = c = 1 , d = 2 ). In this case, the conversion enhancement
relatively to the thermodynamic equilibrium value is only due to the concentration gradient across the
membrane, imposed by the different upstream and downstream pressures – total concentration effect
(according to the Le Chatelier principle). This conversion augmentation is favoured by a low average
concentration of the reaction species inside the membrane (figure 3). The conversion increases
continuously with Γ until the total permeation condition, TPC (i. e., no flow rate out from the retentate
chamber [42], section 2.1), where the reacting species have the longest possible contact with the catalyst
inside the membrane (figure 2). The conversion increases also continuously with the Thiele modulus for a
given dimensionless contact time (figure 2) until the reaction condition is in local equilibrium in an inward
fraction of the membrane thickness (figure 4). This happens because the shift in the chemical equilibrium
condition induced by the total concentration effect is favoured by a high reaction rate. It is worth noting
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Figure 4: Relative reaction coefficient at the TPC as a function of the dimensionless spatial coordinate in the membrane for various
Thiele modulus values and for ∆n > 0 . Same parameter values as in figure 2.
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that the increase of the dimensionless contact time at the TPC as a function of the Thiele modulus,
defined as the total permeation line, TPL, does not follow the increase of the conversion for the same
operating conditions (figure 2). That is, while the conversion increases continuously with the Thiele
modulus until its highest value, the dimensionless contact time increases continuously only until a
medium Thiele modulus value and then remains approximately constant. This happens because the
composition of the retentate stream reaches a nearly constant value at relatively low Thiele modulus
values, when the front of the local chemical equilibrium is very close to the membrane upstream surface
(figure 4). The further increase of the conversion is only due to the front displacement of the local
chemical equilibrium condition towards the downstream membrane surface (figure 4).
Figure 5 shows the relative conversion as a function of the dimensionless contact time for various
Thiele moduli and for ∆n < 0 ( a = c = d = 1 , b = 2 ). For this case, the imposed gradient of concentration
across the membrane is unfavourable, because it favours the backward reaction (in the fraction of the
membrane thickness where Θ > RK , figure 6). This effect was named backward reaction effect. In this
case, the conversion is favoured by a high average concentration inside the membrane (figure 3).
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Figure 5: Relative conversion as a function of the dimensionless contact time for various Thiele modulus values and for ∆n < 0 .
νi ≠B = 1 , νB = 2 , pAF* = 0.333 , pBF* = 0.667 and Rk = 0.00146 m3 /mol .

The competition between the reaction rate and the diffusional transport defines two different
operation zones, with the boundary set for Φ ≈ 4 (figure 5). For the chemical controlled regime ( Φ < 4 ),
the diffusional transport overlaps the reaction rate and the maximum relative conversion is attained at
the TPC, when the contact of the reactants with the catalyst is the longest. For this operating region, the
backward reaction that could occur inside the membrane is offset by the diffusion transport. For the
diffusional controlled regime ( Φ > 4 ), there is a turning point in the curves of the conversion along the
dimensionless contact time parameter. Now, the maximum conversion occurs for a dimensionless
contact time value lower than the one at the TPC, called henceforth Γ MC , which decreases with the Thiele
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modulus. For Γ < ΓMC , the ratio between the flux of the reaction products in the retentate stream and
across the membrane is high enough to offset the backward reaction effect and the conversion increases
with the dimensionless contact time, again due to an increase on the contact between the reactants and
the catalyst. For Γ > ΓMC , the contribution of the permeation term becomes higher and higher and the
effect of the backward reaction leads to a decrease of the conversion along the dimensionless contact
time. Γ MC decreases with an increase of the Thiele modulus due to the shift of the local chemical
equilibrium front towards the upstream membrane surface (figure 6).
The dimensionless contact time at the TPC decreases continuously with the Thiele modulus (figure
5), though very slowly on the region of high values, not following the conversion evolution defined in figure
2, for the same operating conditions when ∆n > 0 . In this case, the dimensionless contact time at the
TPC reflects the balance between two trends. On one hand, an increase of the conversion leads to a
decrease of the total number of moles in the reaction medium (due to the reaction stoichiometry),
resulting in a decrease of the dimensionless contact time, and vice-versa. On the other hand, an increase
of the Thiele modulus shifts the front of the local chemical equilibrium towards the upstream membrane
surface (figure 6), reducing the path that the reactants have to travel until reaching the condition of local
chemical equilibrium. Thus, the total number of moles inside the membrane decreases also and the
dimensionless contact time decreases accordingly. This last effect cancels out partially the effect of the
backward reaction, expressed in a decrease of the conversion, and the dimensionless contact time
remains approximately at a constant value for medium to high Thiele modulus values.
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Figure 6: Relative reaction coefficient at the TPC as a function of the spatial coordinate in the membrane for various Thiele modulus
values and for ∆n < 0 . Same parameter values as in figure 5.

4.2- Permeability of Component D (Product) Lower than 1
It was shown in a previous study [42] (section 2.1) that, for ∆n = 0 , the permeability of the reactants
and products affect the conversion reached in a membrane reactor in two different ways. A decreasing of
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the reaction products permeability by lowering their diffusion coefficients is unfavourable, since the
conversion becomes lower than the thermodynamic equilibrium value. On the other hand, a decrease of
the permeability of the same reaction species, by lowering their sorption coefficients, is favourable, as the
conversion could be higher than the thermodynamic equilibrium value in certain regions of the Thiele
modulus and dimensionless contact time parametric space. Figure 7 illustrates these conclusions. For
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Figure 7: Relative conversion as a function of the dimensionless contact time for various Thiele modulus values and for ∆n = 0 .
D*i = 1 , S*i≠D = 1 , S*D = 0.1 , νi = 1 , p AF* = 0.5 , pBF* = 0.5 and Rk = 0.0625 .

∆n ≠ 0 (figures 8 and 9), the conversion depends also on the sorption and diffusion coefficients of the

reaction products (selective separation effect) as well as on ∆n and Cref . Anyway, lower sorption
coefficients of the reaction products than the ones of the reactants are far more favourable than lower
diffusion coefficients, independently of the remaining parameters.
Figure 8 shows the relative conversion as a function of the dimensionless contact time for various
Thiele modulus values, with ∆n > 0 ( a = b = c = 1 , d = 2 ) and S*D = 0.1 . The other parameters have the
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Figure 8: Relative conversion as a function of the dimensionless contact time for various Thiele modulus values and for ∆n > 0 .
D*i = 1 , S*i≠D = 1 , S*D = 0.1 , νi ≠D = 1 , νD = 2 , p AF* = pBF* = 0.5 and Rk = 1.002 mol/m3 .
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same values as in the base case. As it can be seen in this figure, the conversion can reach values well
above the thermodynamic equilibrium one. Comparing these results with the ones from figure 7 (where
only the selective separation effect is present) and from figure 2 (where only the total concentration effect
is present) it can be noticed that, for high Thiele modulus values, the conversion increases continuously
until the TPC. This means that the total concentration effect overcomes the selective separation one.
Conversely, the curves of the conversion along the dimensionless contact time show a turning point for
medium Thiele modulus values. In this case, the selective separation effect overcomes the total
concentration effect. For this Thiele modulus values range, the reactor conversion decreases with the
dimensionless contact time after the turning point, because, due to the higher permeability of the
reactants, a fraction of these species crosses the membrane without reacting.
The relative conversion as a function of the dimensionless contact time for various Thiele modulus
values, with ∆n < 0 ( a = c = d = 1 , b = 2 ) and S*D = 0.1 is presented in Figure 9. The other parameters

have the same values as in the base case. These results show the contributions of the total concentration
effect (see figure 5) and of the selective separation effect (see figure 7) on the conversion and on the
dimensionless contact time at the TPC. For low Thiele modulus values, the selective separation effect is
dominant, while the total concentration effect is the most important one for medium to high values of the
same parameter.
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Figure 9: Relative conversion as a function of the dimensionless contact time for various Thiele modulus values and for ∆n < 0 .
D*i = 1 , S*i≠D = 1 , S*D = 0.1 , νi ≠B = 1 , νB = 2 , p AF* = 0.333 , pBF* = 0.667 and Rk = 0.00146 m3 /mol .

4.3- Permeability of Component D (Product) Higher than 1
As it was shown in a previous work for ∆n = 0 , an increase of the reaction products permeability by
increasing their diffusion coefficients is far more favourable for the attained conversion in a membrane
reactor than by increasing their sorption coefficients [42] (section 2.1). Figure 10 illustrates these
conclusions. For ∆n ≠ 0 (figures 11 and 12), the conversion depends also on the sorption and diffusion
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Figure 10: Relative conversion as a function of the dimensionless contact time for various Thiele modulus values and for ∆n = 0 .
S*i = 1 , D*i≠D = 1 , D*D = 10 , νi = 1 , p AF* = 0.5 , pBF* = 0.5 and Rk = 0.0625 .

coefficients of the reaction product (selective separation effect) as well as on ∆n and Cref .
The relative conversion as a function of the dimensionless contact time for various Thiele modulus
values, with ∆n > 0 ( a = b = c = 1 , d = 2 ) and D*D = 10 , is presented in figure 11. These results show that
the dimensionless contact time at the TPC is controlled essentially by the selective separation effect
(figure 10), while the conversion evolution shows a clear overlapping of the total concentration effect
(figure 2), for almost the entire region of the Thiele modulus values ( Φ < 180 , in this case). For Φ > 180 ,
the conversion shows a pattern where the selective separation effect is expressed. However, such an
influence is very small, because the reaction attains the local chemical equilibrium condition in almost all
the membrane thickness for this Thiele modulus region and the conversion stays nearly constant along
the Thiele modulus values.
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Figure 11: Relative conversion as a function of the dimensionless contact time for various Thiele modulus values and for ∆n > 0 .
D*i≠D = 1 , D*D = 10 , S*i = 1 , νi ≠D = 1 , νD = 2 , p AF* = pBF* = 0.5 and Rk = 1.002 mol/m3 .

The relative conversion as a function of the dimensionless contact time and for various Thiele
modulus values, with ∆n < 0 ( a = c = d = 1 , b = 2 ) and D*D = 10 , is shown in figure 12. The resulting
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curves share some pattern similarities with figures 5 and 10, where the backward reaction effect is
present. The total concentration effect (figure 5) is dominant for high Thiele modulus values.
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Figure 12: Relative conversion as a function of the dimensionless contact time for various Thiele modulus values and for ∆n < 0 .
D*i≠D = 1 , D*D = 10 , S*i = 1 , νi ≠B = 1 , νB = 2 , p AF* = 0.333 , pBF* = 0.667 and Rk = 0.00146 m3 /mol .

5- Conclusions
An isothermal catalytic non-porous membrane reactor, with perfectly mixed flow pattern in the
retentate and permeate chambers, was simulated for an equilibrium-limited gas phase reaction of the
⎯⎯
→ cC + dD and for three different cases: ∆n > 0 , ∆n = 0 and ∆n < 0 . The results show
type aA + bB ←⎯
⎯

that these reactors could be very attractive for conducting such type of reactions, especially when ∆n > 0 .
For this reaction category, a conversion enhancement is favoured by high Thiele modulus and
dimensionless contact time values and by a low total average concentration inside the membrane.
For the reactions in which ∆n < 0 , it is still possible to reach some conversion enhancement.
However, due to the undesirable shift of the chemical equilibrium condition induced by the pressure
gradient imposed across the membrane (backward reaction effect), the possible enhancements are more
modest. For such a reaction category, conversion enhancement is favoured by medium Thiele modulus
and high dimensionless contact time values or high Thiele modulus and low dimensionless contact time
values. A high average total concentration inside the membrane favours also the conversion.
For the three reaction categories studied, the conversion enhancement is favoured by higher
diffusion and lower sorption coefficients of the reaction products than the ones of the reactants. It is
preferable, however, to have higher diffusion coefficients, because the lower dimensionless contact time
at the TPC, reflecting this in smaller reactor size.
Since the performance of a non-porous catalytic membrane reactor depends in a different way on
both the sorption and diffusion coefficients, a study of such reactors cannot be based exclusively on the
permeabilities of the reaction species.
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Nomenclature
a,b Stoichiometric coefficient of the reactants

[-]

c,d Stoichiometric coefficient for the reaction products

[-]

Am Surface area

[m2]

c

Partial concentration

[mol/m3]

C

Total concentration

[mol/m3]

D

Diffusion coefficient

kd

Direct reaction rate constant

[(mol/m3)1-a-b/s]

ki

Reverse reaction rate constant

[(mol/m3)1-c-d/s]

L

Permeability coefficient

P

Total pressure

[Pa]

p

Partial pressure

[Pa]

Q

Volumetric flow rate

ℜ

Universal gas constant

Rk

Ratio between the direct an reverse reaction rate constants

S

Henry’s sorption coefficient

T

Absolute temperature

X

Conversion

z

Spatial coordinate relative to the membrane

[m2/s]

[mol m2/(m3 s Pa)]

[m3/s]
[J/(mol K)]
[(mol/m3)c+d-a-b]
[mol/(m3 Pa)]
[K]
[-]
[m]

Greek Symbols
α

Direct reaction order ( a + b )

[-]

Γ

Dimensionless contact time parameter

[-]

δ

Membrane thickness

∆n

Net change of the total moles number ( c + d − a − b )

[-]

ζ

Dimensionless spatial coordinate relative to the membrane

[-]

Θ

Relative reaction coefficient

[-]

ν

Stoichiometric coefficient (positive for products, negative for reactants)

[-]

Φ

Thiele modulus

[-]

[m]

Ψ A Relative conversion (ratio between the conversion of reactant A , X A , and the

thermodynamic equilibrium one based on the feed conditions, X AE )

[-]

Subscripts
i

Relative to the i th component

[-]
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ref Relative to the reference conditions or component
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[-]

Superscripts
*

Dimensionless variable

[-]

F

Relative to the feed stream conditions

[-]

P

Relative to the permeate stream conditions

[-]

R

Relative to the retentate stream conditions

[-]
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2.3- Modelling a Dense Polymeric Catalytic Membrane Reactor with
Plug Flow Pattern*

Abstract
A theoretical study on a tubular membrane reactor assuming isothermal conditions, plug flow
pattern and using a dense polymeric catalytic membrane is performed. The conversion for an equilibrium
⎯⎯
→ B is analysed, considering the influence of the
gas phase reaction generically represented by A ←⎯
⎯

product sorption and diffusion coefficients. It is concluded that the conversion of such a reaction can be
significantly improved when the overall diffusion coefficient of the reaction product is higher than the
reactant one and/or the overall sorption coefficient is lower, and for Thiele modulus and dimensionless
contact time values over a threshold. Though a sorption coefficient of the reaction product lower than that
of the reactant may lead to a conversion enhancement higher than that one obtained when the reaction
product diffusion coefficient is higher than that of the reactant, the dimensionless contact time value for
the maximum conversion is much higher in the first case. In this way, a higher diffusion coefficient for the
reaction product should be generally preferable, because it leads to a lower reactor size. The performance
of a dense polymeric catalytic membrane reactor depends in a different way on both sorption and
diffusion coefficients of reactants and products and then a study of such a system cannot be based only
on their own permeabilities. Favourable combinations of diffusion and sorption coefficients can affect
positively the attained conversion in the reactor.

*

Catalysis Today 82 (2003) 241-254
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1- Introduction
The growing need for more environmentally safe and economically efficient processes has supplied
the driving force for developing new technologies like the ones associated with the combined reaction-separation systems. Membrane reactors for chemical catalysis are in this new group of technologies and
have attracted great interest since the pioneering work by Gryaznov [1]. Most of the research has been
focused on reactors with inorganic membranes, catalytic or not, mainly because of the usually high
temperatures and, sometimes, the aggressive chemical environments. Some recent reviews summarize
the state of the art in this area [2, 3]. One of the most important objectives of the membrane reactor
research has been to achieve a conversion enhancement over the thermodynamic equilibrium one based
on the feed conditions, by selective removal of at least one reaction product from the reaction medium.
The most studied class of reactions in this subject has been the hydrocarbon dehydrogenations [1, 4-6].
Polymeric membranes cannot operate in such harsh conditions, so it is not surprising that they have
hardly ever been used but in biocatalysis. However, they have attracted an increasing interest in the last
years, as these materials present some advantages over inorganic membranes: their thickness can be
easily controlled, large scale preparation is not a problem, they are easier to make free of defects and the
cost of production is lower [7-9]. Besides, polymeric membranes are not as brittle as the ceramic ones;
they can be easily fabricated in a number of forms (flat, tubes, tubules, hollow fibbers, spiral wound) [2,
10, 11] and can be easily produced with incorporated catalysts (nanosized dispersed metallic clusters
[12, 13], zeolites and activated carbons [14] or metallic complexes [11, 15, 16]). As a consequence of
these developments, there is a growing need for effective theoretical models that can help understanding
the potentialities and the limitations of these reactors, leading to optimised designs.
Among the several studies in the open literature that deal with modelling of membrane reactors,
only a few actually consider catalytic membranes (where the catalyst is either the membrane itself, is
incorporated in the porous membrane structure/membrane surface, or is occluded inside a dense
membrane) [17-23]. At the best of our knowledge and beyond our recent work [19, 20] (sections
2.1&2.2), only a few researchers [17, 21, 23] modelled a dense polymeric catalytic membrane reactor,
however for conducting a liquid phase reaction.
In a recent theoretical study, we analysed the performance of a dense polymeric catalytic membrane
reactor when running an equilibrium gas phase reaction [19, 20] (sections 2.1&2.2). Such model
assumes perfectly mixed flow pattern in both retentate and permeate sides, flat membrane and
isothermal conditions. Following the same strategy, we will consider in the present work a tubular
membrane reactor with plug flow pattern in both retentate and permeate sides, operating in cocurrent
mode and fed by the tube side. We chose a hypothetical equilibrium reaction described by the scheme
⎯⎯
→ B , where A and B represent the reactants and products, respectively, because the proposed
A ←⎯
⎯
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model has an analytical solution for the membrane mass balance equations, thus allowing for a more
accurate and faster solution of the global model, although without compromising the main conclusions.
This study resulted from the work by Detlev Fritsch after he had successfully synthesized a dense
polymeric membrane with nanoclusters of palladium homogeneously dispersed throughout it [12]. This
new catalytic membrane could be produced as a composite one, with a porous support, which imparts the
mechanical resistance to it. Several flow patterns could be proposed for describing the hypothetical
membrane module of cylindrical shape membranes. The most simple model for describing both the
retentate and permeate flow patterns is the plug flow. It also can be considered a crossflow arrangement
with plug flow pattern in the retentate side, probably better suited to describe a system of composite
membranes. However, the aim of the present paper is to make a qualitative analysis using plug flow
pattern as opposed to the already published perfectly mixed flow pattern [19, 20] (sections 2.1&2.2).
Indeed the plug flow plus cross flow pattern does not produce qualitatively different results from the ones
obtained here [24].

2- Model Development
Figure 1 represents a sketch of the shell and tube type catalytic membrane reactor considered in the
present study. The tube side (retentate) and shell side (permeate) are at different, but constant, total
pressures P t and P s , respectively, and separated by a cylindrical membrane of thickness δ filled with a
⎯⎯
→B
hypothetical nanosized catalyst homogeneously distributed throughout it. A reaction of the type A ←⎯
⎯

is considered. The proposed model for this reactor is based on the following main assumptions:
1.

Steady state.

2.

Isothermal conditions.

3.

Negligible film transport resistance in the membrane interface [25].

4.

Plug flow pattern in both tube and shell sides.

5.

Cocurrent operation and tube side feed.

6.

Negligible drop in the total pressure for both retentate and permeate sides.

7.

Fickian transport through the membrane thickness.

8.

Membrane partition coefficient between the bulk gas phase and the membrane surface described by
the Henry's law.

9.

Constant diffusion and sorption coefficients.

10. Elementary reaction rate law.
11. Homogeneous catalyst distribution through the membrane [12].
12. The reaction occurs only on the catalyst surface.
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Figure 1: Schematic diagram of the dense catalytic tubular membrane reactor (for cocurrent flow and tube side feed).

13. Equal concentration on the catalyst surface and in the surrounding polymer matrix (any relationship

could be considered in principle, but this one simplifies the original problem without compromising
the main conclusions).
The mathematical model comprises the steady state mass balances for the membrane, retentate
and permeate sides, as well as the respective boundary conditions. The model equations are presented in
the following in their dimensionless form. For its dimensionless form, see [24] (section 2.4).

2.1- Mass Balance and Boundary Conditions for the Membrane
⎛ d 2 c*i
dc*i ⎞
c*B ⎞
1
2⎛ *
Di* ⎜
+
⎟=0
⎟ + νi Φ ⎜ c A −
t
2
Rk ⎠
ζ + r /δ d ζ ⎠
⎝ dζ
⎝
ζ = 0 (∀λ) , c*i (λ) = S*i piR* (λ)

i = A, B

ζ = 1 (∀λ) , c*i (λ) = S*i piP* (λ)

(1)
(2)

The analytical solution for the membrane mass balance equation is as follows [24] (section 2.4):
⎡ c*A ⎤
⎡1 ⎤
⎢ * ⎥ = ( J1 + J2 lnσ ) ⎢ ⎥ + J3
⎣Rk ⎦
⎣⎢ cB ⎦⎥

⎡ 1 ⎤
I ω + J4
⎢
*⎥ 0 ( )
⎣ −1 /DB ⎦

⎡ 1 ⎤
K ω
⎢
*⎥ 0 ( )
⎣ −1 /DB ⎦

(3)

2.2- Mass Balances and Boundary Conditions for the Retentate Side
d ( QR* piR* )
dλ
P R*

− Γ D*i

dc*i
dζ

=0

dc*i
dQR*
− Γ∑ D*i
dλ
dζ
i

λ = 0 , piR* = piF*

i = A, B

(4)

i = A, B

(5)

i = A, B

(6)

i = A, B

(7)

i = A, B

(8)

i = A, B

(9)

ζ= 0 , λ

=0
ζ= 0 , λ

λ = 0 , QR* = 1

2.3- Mass Balances and Boundary Conditions for the Permeate Side
d ( QP* piP* ) ⎛
δ
+ ⎜1 + t
dλ
r
⎝
P P*

dQP* ⎛
δ
+ ⎜1 + t
dλ ⎝
r

λ = 0 , QP* = 0

*
⎞ Γ D* dci
⎟ i
dζ
⎠

=0
ζ=1 , λ

*
⎞ Γ D* dci
⎟ ∑ i
dζ
⎠ i

=0
ζ=1 , λ
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The boundary condition for the partial pressure on the permeate side at λ = 0 is not necessary. piP*
could take any value, because QP* = 0 . The meaning of the variables is the following:
c* = c / Cref ,

P* = P / Pref ,

p* = p / Pref ,

Q* = Q / Qref ,

ζ = (r − r t )/δ ,

λ = z L,

S* = S Sref ,

D* = D Dref ,

Cref = Pref Sref ,

σ = ζ + r t /δ

⎛
1 ⎞⎛
rt ⎞
ω2 = Φ 2 ⎜ 1 + * ⎟ ⎜ ζ + ⎟ ,
DB Rk ⎠ ⎝
δ⎠
⎝

2

1 /2

⎛ k ⎞
Φ = δ⎜ d ⎟
⎝ Dref ⎠
J1

(p
=

J3 =

P*
A

Γ=

,

R*
* *
P*
R*
p P*
A ( λ ) − p A ( λ ) + DB SB ( pB ( λ ) − pB ( λ ) )

(1 + D R ) ln (1 + δ / r )
*
B

t

k

(1 + D R ) ln (1 + δ / r )
*
B

*
B

J2 =

( λ ) + DB* SB* pBP* ( λ ) ) ln ( δ / r t ) + ( pAR* ( λ ) + DB* SB* pBR* ( λ ) ) ln ( 1 + δ / r t )

(D R p
k

R*
B

(1 + D R ) ⎡⎣I ( ηδ/r ) K ( η (1 + δ/r ) ) − I ( η (1 + δ/r ) ) K ( ηδ/r )⎤⎦

(D R p
*
B

k

t

k
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0
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0
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k

0

t

0

t

0

t

0

The subscript i refers to the i th component and the subscript ref refers to the reference component
or conditions. The superscripts F , R and P refer to the feed, retentate and permeate stream conditions,
respectively. The superscript * means dimensionless variables. Φ is the Thiele modulus [19] (section
2.1) and Γ is the dimensionless contact time [19] (section 2.1). I0 (ω) and K 0 (ω) are the modified Bessel
functions of order 0. The remaining symbols are referred in the nomenclature. The feed pressure and feed
flow rate are taken as reference for Pref and Qref . Species A is taken as reference for Dref and Sref .
The main objective of this work is to bring about a comparison between the performances of a
catalytic membrane reactor and the one of the more conventional counterpart catalytic reactor, in terms
of the conversion achieved. This comparison is made based on some assumptions reported before [19]
(section 2.1). For the sake of comparison, the maximum conversion achieved in the conventional catalytic
reactor is considered to be the thermodynamic equilibrium one.
The attained conversion in the membrane reactor is calculated by the following equation:
XA = 1 −

P* P*
QR* pR*
A + Q pA
F* F*
Q pA

(10)

The membrane reactor performance is evaluated from the results of the relative conversion, Ψ A .
This quantity is defined as the ratio between the conversion of reactant A reached in the membrane
reactor, X A , and the thermodynamic equilibrium conversion based on the feed conditions, X AE .
We still need to define the relative reaction coefficient, which measures how the reactive system is
far from the equilibrium condition:
Θ=

c*B /c*A
Rk

(11)
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3- Solution Strategy
The general strategy used for solving the model equations is the same as adopted before [19]
(section 2.1): in order to overcome numerical instability problems, a time derivative term was added to
the right-hand side of equations (4) and (7), transforming this problem into a pseudo-transient one. These
equations were subsequently transformed into a set of ordinary differential equations by a spatially
discretization using a tailor made code based on finite differences. The time integration routine LSODA
[26] was then used to integrate the resulting set of time dependent equations. The solution is considered
to be in steady state when the time derivative of each dependent variable and for each of the spatial
coordinate is smaller than a pre-defined value. The mass balance equations relative to the membrane
were solved analytically. Both the retentate and permeate volumetric flow rates were calculated by the
integration of equations (5) and (8) using Simpson’s rule.

4- Results and Discussion
With the present study, we want to understand theoretically how the relative conversion depends on
the dimensionless contact time and Thiele modulus for different sets of diffusion and sorption coefficients
of the reaction components. Firstly, we consider a base case, where all dimensionless diffusion and
sorption coefficients are unitary. Afterwards, some combinations of the dimensionless diffusion or
sorption coefficients of species B are studied, so that its permeability becomes smaller or larger than
one. The corresponding values of species A are kept as in the base case.

4.1- Base Case: Equal Permeability for all Reaction Species ( D*i = 1 ; S*i = 1 )
Figure 2 shows the relative conversion of the reactor as a function of the dimensionless contact time
for various Thiele modulus values. Since all components have the same diffusion and sorption coefficients
(there is no separation effect) and

∑ν

i

= 0 , the maximum attained conversion should be the

thermodynamic equilibrium value based on the feed conditions.
For a given Thiele modulus value, the relative conversion increases with the dimensionless contact
time up to an end point where the retentate flow rate leaving the reactor is zero, i. e., all the species
permeate across the membrane. This condition is called Total Permeation Condition (TPC) or 100 % cut.
The curves of relative conversion for different Thiele moduli have an end point corresponding to the TPC;
the locus of these end points is defined as Total Permeation Line, TPL.
For a specified Thiele modulus value, the relative conversion increases monotonically with the
dimensionless contact time only because the relative flux that contact with the catalyst (permeates
through the membrane) increases continuously. Nevertheless, we may distinguish two different operation
zones, depending on the Thiele modulus value. For low values ( Φ lower about 2.5 in the present case),
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Figure 2: Relative conversion of component A as a function of the dimensionless contact time for different Thiele modulus values.
D*i = 1 , S*i = 1 , pAF* = 1 , P P* = 0.1 , r t / δ = 10 and Rk = 0.25 .

the relative conversion is always lower than 1, because the characteristic reaction time is higher than the
characteristic diffusion time. As a result, a fraction of the reactant crosses the membrane without
reacting and the relative reaction coefficient − see eq. (11) −, is always lower than 1. This is the chemical
controlled regime. For Thiele modulus values higher than about 2.5, the reactor operates in what it may
be called diffusional regime. Depending on the Thiele modulus value, the chemical reaction reaches the
equilibrium condition inside the membrane, starting somewhere quite close to the downstream (radial
position) and for an axial coordinate close to the reactor exit. As the Thiele modulus value increases, the
chemical equilibrium condition is progressively extended along the membrane thickness. Eventually, the
maximum conversion is attained, depending on both the dimensionless contact time and the Thiele
modulus values. For an instantaneous reaction ( Φ → ∞ ), the chemical equilibrium condition is reached
throughout the membrane thickness and the attained conversion will be equal to the thermodynamic one,
independently of the dimensionless contact time value. As all the components have the same
permeability, the dimensionless contact time for the total permeation condition is constant.

4.2- Permeability of Component B higher than the Component A one
In this section, we consider two different situations where the permeability of component B is higher
than the one of component A : higher diffusion coefficient of reaction product with equal sorption
coefficients for both species and higher sorption coefficient of reaction product with equal diffusion
coefficients.
Figure 3 shows the relative conversion of the reactor as a function of the dimensionless contact time
and for different Thiele modulus values, for a dimensionless diffusion coefficient of component B higher
than 1, D*B = 10 , and keeping all the other relevant variables as in the base case. It is clear from these
results that, for a given system and for a set of operation conditions, the attainable conversion in the
reactor could be far above the thermodynamic equilibrium value. The reason for this enhancement is the
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Figure 3: Relative conversion of component A as a function of the dimensionless contact time for different Thiele modulus values.

D*A = 1 , D*B = 10 , S*i = 1 , pAF* = 1 , P P* = 0.1 , r t / δ = 10 and Rk = 0.25 .

preferential diffusion of the reaction product through the membrane, thus shifting the chemical reaction
towards the products beyond the equilibrium value; from this point on, we will call this behaviour as
separation effect. As in the base case, the maximum conversion is attained at the total permeation

condition and for the same reason: the catalyst usage is maximized, i. e., all the reactants must permeate
across the membrane.
Another conclusion that could be drawn from this figure is that the separation effect leads to two
different behaviours in the evolution of the conversion, depending on the Thiele modulus. For low values,
where the reactor operates in the chemical controlled regime, an increasing of the conversion with the
Thiele modulus is expected, as the catalyst is more and more effectively used (see figure 4). As the Thiele
modulus increases, the reaction coefficient is getting closer and closer the equilibrium constant ( Θ → 1 )
and, due to the separation effect, even surpassing this value ( Θ > 1 ) in a final fraction of the membrane
thickness on the permeate side. For this chemical regime operation, the molar fraction of the reaction

Relative Reaction Coefficient, Θ

product at the exit of the reactor increases continuously with the Thiele modulus value, either on the
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Figure 4: Relative reaction coefficient at the TPC as a function of the dimensionless membrane spatial coordinate for different Thiele
modulus values. D*A = 1 , D*B = 10 , S*i = 1 , pAF* = 1 , P P* = 0.1 , r t / δ = 10 , Rk = 0.25 , Γ = Γ TPC and λ = 1 .
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retentate or on the permeate streams, leading to an increase of the conversion (see figure 5).
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Figure 5: Molar fraction of component B in the retentate (upper part) and permeate (lower part) outlet streams as a function of the
Thiele modulus and for different dimensionless contact time values. D*A = 1 , D*B = 10 , S*i = 1 , p AF* = 1 , P P* = 0.1 , r t / δ = 10 ,
Rk = 0.25 and λ = 1 .

As a consequence of the reaction coefficient goes beyond the equilibrium constant, the backward
reaction rate surpasses the direct reaction rate. For Thiele modulus values below a threshold ( Φ ≅ 3 , in
this case), this backward reaction effect is offset, because the characteristic diffusion time is shorter than
the characteristic reaction time. For Thiele modulus values above about 3, the ratio between the
characteristic diffusion and reaction times is inverted. As a result, the chemical reaction attains local
chemical equilibrium somewhere in an inward fraction of the catalytic membrane thickness. As the Thiele
modulus value increases, this inward membrane fraction thickness is enlarged and the equilibrium shift
due to the preferential diffusion of the reaction product is more and more offset by the backward
reaction. In this case, the reactor operates in diffusional controlled regime and the result of this behaviour
can also be seen in figure 5. For the retentate side, the molar fraction of the reaction product increases
continuously with the Thiele modulus value, because the chemical equilibrium front inside the membrane
moves towards the upstream membrane surface, increasing this way the driving force to withdraw the
reaction product from the membrane. For the permeate side, on the other hand, the molar fraction of the
same component decreases continuously, leading to a decrease in the conversion (see figure 5). For a
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high Thiele modulus value ( Φ → ∞ ), the chemical reaction is in equilibrium throughout the membrane
thickness. Thus, any separation effect is completely offset and the conversion is equal to the
thermodynamic equilibrium value, whatever is the dimensionless contact time. We should still point out
the fact that, though the results of figure 4 were obtained for the outlet of the reactor and at the total
permeation condition, the same conclusions could be set for a lower dimensionless contact time, as can
be seen from figure 5. Indeed, concerning the evaluation of the results for an internal axial position of the
reactor ( λ < 1 ), they are equivalent to the ones that would be obtained if a lower dimensionless contact
time, for λ = 1 , was considered, as can be concluded from the definition of this parameter.
It is worth noting that the dimensionless contact time at the total permeation condition decreases
continuously with the Thiele modulus, although the conversion does not follow the same trend (see figure
3). The decrease of the dimensionless contact time with an increase of the conversion is expected,
because the reaction transforms a slower component (reactant) in a faster one (reaction product). For the
diffusional controlled regime, on the other hand, the dimensionless contact time at the total permeation
condition reflects the balance of two opposite trends: decreasing the conversion leads to an increase of
the dimensionless contact time; increasing the Thiele modulus value, on the other hand, leads the locus
inside the membrane where the chemical equilibrium condition is attained to move towards the upstream
and downstream membrane surfaces. For low r-values, that is, for intramembrane radial positions close
to the retentate side, this shift reduces the path that the slowest component has to travel until the
chemical equilibrium is reached. Let us consider, for example, the maximum conversion for Φ = 0.72 and
for Φ = 1000 , which is approximately equal to the thermodynamic equilibrium value (figure 3) and the
respective relative reaction coefficient profile (figure 4). As can be seen, the mean residence time inside
the membrane of both reaction components is much higher for Φ = 0.72 , because of the higher relative
concentration of component A inside the membrane. For high r-values, that is, for radial positions close
to the downstream side, the local equilibrium front moves towards the respective membrane surface,
leading to a conversion decrease and, consequently, to an increase of the dimensionless contact time.
Figure 6 shows the relative conversion of the reactor as a function of the dimensionless contact time
and for different Thiele modulus values. The dimensionless sorption coefficient of component B is higher
than 1, S*B = 10 , and all the other relevant variables are the same as for the base case. In this example,
the maximum conversion attained in the reactor is much lower than the thermodynamic equilibrium
value. The high sorption affinity of the membrane towards the reaction product keeps it in a high
concentration inside the membrane while the concentration in the gas phase (retentate and permeate
streams) is low, penalizing thus strongly the conversion. The similarity between figures 3 and 6 is a
consequence of the same relative permeabilities for the reaction components.
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Figure 6: Relative conversion of component A as a function of the dimensionless contact time for different Thiele modulus values.
D*i = 1 , S*A = 1 , S*B = 10 , pAF* = 1 , P P* = 0.1 , r t / δ = 10 and Rk = 0.25 .

4.3- Permeability of Component B Lower than the Component A one
In this section we consider the case where the permeability of component B is smaller than the one
of component A . As in the previous example, we will focus solely on two different situations: lower
diffusion coefficient of the reaction product with equal sorption coefficients for all components and lower
sorption coefficient of the reaction product with equal diffusion coefficients for all components. Figure 7
shows the relative conversion as a function of the dimensionless contact time and for different Thiele
moduli. The dimensionless sorption coefficient of component B is lower than 1, S*B = 0.1 , and all the
other relevant variables are kept as in the base case. As expected, the conversion attained in the reactor
surpasses largely the thermodynamic equilibrium value. The low affinity of the membrane towards the
reaction product keeps it in a low concentration inside the membrane, thus favouring the conversion.
Nevertheless, the pattern of these results is completely different from the ones illustrated in figures 3 and
6. Firstly, the conversion for a given dimensionless contact time value increases continuously with the
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Figure 7: Relative conversion of component A as a function of the dimensionless contact time for different Thiele modulus values.
D*i = 1 , S*A = 1 , S*B = 0.1 , pAF* = 1 , P P* = 0.1 , r t / δ = 10 and Rk = 0.25 .
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Thiele modulus until its highest value attained for Φ → ∞ . Secondly, the conversion for a given Thiele
modulus value increases as a function of the dimensionless contact time until a maximum value and then
decreases until the total permeation condition, for almost the whole Thiele moduli range.
For a given dimensionless contact time value, the conversion increases continuously with the Thiele
modulus up to its maximum value (for Φ → ∞ ) as a net result of the contributions from the retentate and
permeate streams. The contribution from the permeate stream is always positive, i. e., the conversion
increases always with the Thiele modulus value (see figure 8). Because of its higher permeability,
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Figure 8: Relative reaction coefficient at the TPC as a function of the dimensionless membrane spatial coordinate for different Thiele
modulus values. D*i = 1 , S*A = 1 , S*B = 0.1 , pAF* = 1 , P P* = 0.1 , r t / δ = 10 , Rk = 0.25 , Γ = 1 and λ = 1 .

component A tends to escape from the membrane faster than component B , thus pulling down the
reaction coefficient in a membrane fraction quite close to the permeate side. Therefore, an increase in
the Thiele modulus value results in a more effective use of the catalyst. On the other hand, there are
some operation regions where the contribution of the retentate stream is negative, i. e., the conversion
decreases with the Thiele modulus after a turning point. This is also a result of the separation effect,
which leads to a higher backward reaction rate than the direct reaction rate (see figure 8). However, this
backward reaction effect only occurs for medium/high Thiele modulus values and dimensionless contact
times not far from the total permeation condition. The net balance between these two trends is still
positive with respect to the conversion, although its increase with the Thiele modulus slows down.
Contrary to the continuous increase of the conversion with the Thiele modulus for a given
dimensionless contact time, its evolution with the dimensionless contact time for a given Thiele modulus
shows a maximum before the total permeation condition, for almost the whole Thiele moduli range
(figure 7). Let one consider, for example, the evolution of the relative conversion for Φ = 5 , which displays
a maximum of Ψ A ≅ 3 at Γ ≅ 0.9 , called henceforth Γ MC (dimensionless contact time at maximum
conversion). The concentration of component A as a function of the dimensionless contact time tends to
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decrease quickly, due to the consumption by the chemical reaction, in one hand, and to its higher
permeability, on the other hand. For low dimensionless contact times, component A concentration in the
retentate stream is high enough, as well as inside the membrane and the chemical reaction stage is
always on or under the chemical equilibrium condition (see figure 9). So, increasing the dimensionless
contact time, i. e., increasing the fraction of the feed that crosses the membrane, leads to a more
effective use of the catalyst and the conversion increases quickly. As the dimensionless contact time
increases, component A is quickly depleted down to a minimum value. Component B begins to be in
excess with respect to the chemical equilibrium condition and then the reaction coefficient overtakes the
chemical equilibrium condition (see figure 9). From this point on, the back reaction and the back diffusion
of component B produced earlier on (for lower z values) keep the reaction components concentration
approximately at a constant level. This behaviour leads to a conversion decrease, despite the already
referred favourable effect which occurs in the permeate stream (the results showed in figure 9 refer to the
reactor outlet, i. e., to z=L). As in figures 3 and 6, the evolution of the dimensionless contact time at the
total permeation condition is a net result of the conversion increase (which leads to an increase of the
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dimensionless contact time) and the change of the average residence time for the reaction species.
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Figure 9: Relative reaction coefficient as a function of the dimensionless membrane spatial coordinate for different dimensionless
contact time values. D*i = 1 , S*A = 1 , S*B = 0.1 , pAF* = 1 , P P* = 0.1 , r t / δ = 10 , Rk = 0.25 , Φ = 5 and λ = 1 .

Figure 10 shows the relative conversion as a function of the dimensionless contact time and for
different Thiele modulus values. The dimensionless diffusion coefficient of component B is lower than 1,
D*B = 0.1 , and all the other relevant variables are the same as for the base case. It is worth to notice that

the maximum conversion attained is the thermodynamic equilibrium value, for Φ → ∞ . This happens
because the separation effect is completely offset in such conditions and the affinity of the membrane for
both reaction components is the same. Despite all the reaction components have the same
permeabilities, the conversion is strongly penalized.
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Figure 10: Relative conversion of component A as a function of the dimensionless contact time for different Thiele modulus values.
D*A = 1 , D*B = 0.1 , S*i = 1 , pAF* = 1 , P P* = 0.1 , r t / δ = 10 and Rk = 0.25 .

5- Conclusions
In the present study, we analysed a dense polymeric catalytic membrane reactor operating in
isothermal conditions for cocurrent arrangement and plug flow pattern. A study was made of the
influence that the sorption and diffusion coefficients of reactants and products play in the conversion
⎯⎯
→ B was considered
attained in this reactor. An equilibrium-limited gas phase reaction of the type A ←⎯
⎯

for the sole reason that an analytical solution for the mass balance equations relative to the membrane
can be written. The obtained results showed that, for a given set of conditions, it is possible to reach
conversions well above the thermodynamic value. This is the case when the reaction products have a
lower sorption coefficient and/or a higher diffusion coefficient than the reactants ones. Nevertheless, it
should be emphasized that a lower sorption coefficient of the reaction product leads to a higher
dimensionless contact time in the TPC than a higher diffusion coefficient of the same species, despite the
relatively higher attainable conversion (note that the reactor size is directly proportional to the
dimensionless contact time).

Nomenclature
c

Partial concentration

[mol/m3]

C

Total concentration

[mol/m3]

D

Diffusion coefficient

kd

Direct reaction rate constant

[s-1]

ki

Reverse reaction rate constant

[s-1]

L

Reactor length

[m]

[m2/s]
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P

Total pressure

[Pa]

p

Partial pressure

[Pa]

Q

Volumetric flow rate

r

Spatial coordinate relative to the membrane

[m]

rs

External membrane radius (shell side)

[m]

rt

Internal membrane radius (tube side)

[m]

ℜ

Universal gas constant

Rk

Ratio between the direct an reverse reaction rate constants

S

Henry’s sorption coefficient

T

Absolute temperature

X

Conversion

z

Spatial coordinate relative to the tube/shell

[m3/s]

[J/(mol K)]
[-]
[mol/(m3 Pa)]
[K]
[-]
[m]

Greek Symbols
Γ

Dimensionless contact time parameter

δ

Membrane thickness

ζ

Dimensionless spatial coordinates relative to the membrane

[-]

Θ

Relative reaction coefficient

[-]

λ

Dimensionless spatial coordinates relative to the tube/shell

[-]

ν

Stoichiometric coefficient (positive for products, negative for reactants)

[-]

Φ

Thiele modulus

[-]

[-]
[m]

Ψ A Relative conversion (ratio between the conversion of reactant A , X A , and the

thermodynamic equilibrium one based on the feed conditions, X AE )

[-]

Subscripts
i

Relative to the i th component

ref Relative to the reference conditions or component

[-]
[-]

Superscripts
*

Dimensionless variable

[-]

F

Relative to the feed stream conditions

[-]

P

Relative to the permeate stream conditions

[-]

R

Relative to the retentate stream conditions

[-]
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2.4- Simulation Study of a Dense Polymeric Catalytic Membrane
Reactor with Plug Flow Pattern*

Abstract
A theoretical study on a tubular membrane reactor, assuming isothermal conditions, plug flow
pattern and using a dense polymeric catalytic membrane, is performed. The reactor conversion for an
⎯⎯
→ B equilibrium gas phase reaction is analysed, considering the influence of the reactants and
A ←⎯
⎯

products diffusion and sorption coefficients, the influence of the total concentration gradient and the
influence of the ratio between the membrane thickness and its internal radius, as well as the influence of
the feed location (tube side or shell side) and the cocurrent, countercurrent and crossflow operation
modes. One of the most unexpected conclusions is that, for a set of conditions where the cocurrent and
countercurrent flows lead to differences in the reactor performance, the cocurrent flow is always better
than the countercurrent flow, exactly the reverse of what takes place when the membrane performs only
gas separation. It is also concluded that the relative permeate pressure favours or penalizes the
conversion, depending on the relative permeabilities of each reaction component. It is also concluded that
the best reactor feed location and the optimum r t /δ ratio depend on the relative sorption and diffusion
coefficients of the reaction components, as well as on the range of the Thiele modulus and dimensionless
contact time operation values.

*

Chemical Engineering Journal 95 (2003) 67-81
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1- Introduction
The drive towards greater economic and environmental efficiency has resulted in the development of
more environmentally friendly processes, when compared with the existing technology. An innovation in
the recent investigation has been to create synergy through combined catalytic and separation
technologies. Catalytic membrane reactor operation is a typical example of such synergistic combination,
with several reactor configurations proposed and extensively reviewed [1-3]. Among others, it can be
referred the so-called catalytic membrane reactor (CMR), where the membrane is simultaneously
permselective and catalytic, and the packed bed membrane reactor (PBMR), where the membrane is
permselective but not catalytic.
The main objective of such an investigation has been to achieve some conversion enhancement over
the thermodynamic equilibrium value, but other promising advantages are being studied [4], namely
catalytic membrane reactors with segregated feed of reactants to improve safety and selectivity [5-7] and
inert membranes for distributed feed of reactants along the reactor length in PBMR, to improve selectivity
and stability [8-11]. In particular, dehydrogenation reactions with metallic (palladium or palladium alloys)
[12-15], ceramic [16-18] and composite [19-21] membranes are the most common examples of the
conversion enhancement, with hydrogen being selectively removed. Shifting the thermodynamic
equilibrium in this way has obvious industrial interest. It allows for reduced reaction temperatures,
thereby minimizing side reactions and heating costs. Also, both reaction and separation may be achieved
in a single unit, making the membrane reactor a very cost-effective unit operation.
Most of the nowadays discussed reactions susceptible to be carried out in membrane reactors are in
the high temperature range and, sometimes, in chemical aggressive environments, so it is not surprising
that polymeric membranes have hardly ever been used, except in biocatalysis. However, they have
attracted an increasing interest in the last few years, as they present some advantages over inorganic
membranes [2, 22, 23]. Besides, polymeric membranes can be easily produced with incorporated
catalysts (nanosized dispersed metallic clusters [24, 25], zeolites and activated carbons [26] or metallic
complexes [27-29]) and can be easily made in different forms (flat, tubes, tubules, hollow fibres, spiral
wound) [1, 28, 30]. The ability of these materials to be, in some way, tailored to the needs makes them
very promising for future applications.
As a consequence of these developments, there is a growing need for effective theoretical models
that can help understanding the potentialities and the limitations of polymeric membrane reactors,
leading to optimised designs. There are in the open literature several studies about modelling membrane
reactors, although only a few actually deal with CMRs (where the catalyst is either the membrane itself, or
it is incorporated in the porous membrane structure/membrane surface, or it is occluded inside the
membrane) [2, 6, 31-36]. To the best of our knowledge and beyond to our recent work [32, 33] (sections
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2.1&2.2), only a few researchers [31, 34, 35] modelled polymeric catalytic membrane reactors, however
for conducting liquid phase reactions and considering mixed flow pattern in both sides.
In a recent theoretical study [32, 33] (sections 2.1&2.2), we analysed the performance of a dense
polymeric catalytic membrane reactor when running an equilibrium reaction. The model considered
assumes perfectly mixed flow pattern in both retentate and permeate sides, flat membrane and
isothermal conditions. In the present work, we will consider a tubular membrane reactor with plug flow
⎯⎯
→B ,
pattern in both retentate and permeate sides. We chose a hypothetical equilibrium reaction A ←⎯
⎯

where A and B represent the reactants and products, respectively, because the proposed model has an
analytical solution for the membrane mass balance equations, thus allowing for a more accurate and
faster solution of the global model and without compromising the main conclusions. We will analyse the
influence of some parameters and operation modes on the reactor conversion, such as the sorption and
diffusion coefficients of the reaction components, pressure difference through the membrane, reactor
configuration with respect to the flow pattern (cocurrent, countercurrent and crossflow), tube side or shell
side feed location and ratio between the tube radius and the membrane thickness.

2- Model Development
Figure 1 represents a sketch of the catalytic membrane reactor considered in the present study. It
consists of a tube and shell chambers at different (but constant) total pressures P t and P s , respectively,
separated by a cylindrical catalytic membrane of thickness δ filled with a hypothetical nanosized catalyst
⎯⎯
→ B is considered. This figure
homogeneously distributed throughout it. A reaction of the type A ←⎯
⎯

shows a reactor fed from the tube side and operating in cocurrent flow. However, models considering a
reactor fed from the shell side and the operation modes in crossflow and countercurrent are also
considered in the present study. The proposed models for this reactor are based on the following main
assumptions:

QP , P P , piP

Permeate Stream
Catalytic Membrane
F

F

F
i

Q ,P , p

z=0

Retentate Stream

δ

rs

rt

QR , P R , piR
z=L

Figure 1: Schematic diagram of the dense catalytic tubular membrane reactor (for cocurrent flow and tube side feed).

1.

Steady state and isothermal conditions.

2.

Negligible film transport resistance in the membrane interface.

3.

The flow pattern for the retentate and permeate streams (co and countercurrent flow) is considered
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to be plug flow.
4.

Negligible drop in the total pressure along the retentate and permeate sides.

5.

Fickian transport through the membrane thickness.

6.

Sorption equilibrium between the bulk gas phase and the membrane surface described by Henry's
law.

7.

Constant diffusion and sorption coefficients.

8.

Elementary reaction rate law.

9.

Homogeneous catalyst distribution through the membrane.

10. The reaction occurs only on the catalyst nanoparticles surface.
11. Equal concentration on the catalyst surface and in the surrounding polymer matrix (any relationship

could be considered in principle, but this one simplifies the original problem without compromising
the main conclusions).
The mathematical model comprises the steady state mass balance equations for the membrane, for
the retentate and for the permeate streams, as well as the respective boundary conditions.

2.1- Mass Balance and Boundary Conditions for the Membrane
⎛ d 2 c 1 dci ⎞
Di ⎜ 2i +
⎟ + νi kd f (ci ) = 0
r dr ⎠
⎝ dr

i = A, B

(1)

where i refers to the i th component, D is the diffusion coefficient, c is the concentration inside the
membrane, r is the radial coordinate perpendicular to the membrane surface, ν is the stoichiometric
coefficient, taken positive for products and negative for reactants, kd is the direct reaction rate constant
and f is the local reaction rate function, defined as follows:
⎛
c ⎞ ⎛
c ⎞
f ( ci ) = ⎜ c A − B ⎟ = ⎜ c A − B ⎟
k d /k i ⎠ ⎝
Rk ⎠
⎝

(2)

where ki is the reverse reaction rate constant and Rk is the ratio between the direct and reverse reaction
rate constants.
The corresponding boundary conditions for Eq. (1) are as follows:
For tube side feed:

r = r t , ci = Si piR ( z ) ;

r = r S , ci = Si piP ( z )

(3)

For shell side feed:

r = r t , ci = Si piP ( z ) ;

r = r S , ci = Si piR ( z )

(4)

where p is the partial pressure in the bulk gas phase and the superscripts R and P refer to the retentate
and permeate stream conditions, respectively. S is the membrane partition coefficient between the bulk
gas phase and the membrane surfaces. r t is the internal membrane radius (tube side) and r s is the
external membrane radius (shell side). z is the axial coordinate along the reactor length.
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2.2- Mass Balances and Boundary Conditions for the Retentate Side
R R
dc
1 d ( Q pi )
− 2πr R Di i
ℜT
dz
dr

dc
P R dQ R
− 2πr R ∑ Di i
dr
ℜ T dz
i

=0

i = A,B

(5)

i = A,B

(6)

r =r R , z

=0
r =r R , z

z = 0 , piR = piF and QR = QF

(7)

where Q is the volumetric flow rate, P is the total pressure, ℜ is the universal gas constant and T
is the absolute temperature. The superscript F refers to the feed stream conditions. It was assumed that
the flow pattern in the retentate chamber is plug flow and that there is a negligible drop in the total
pressure. r R is the membrane radius for the retentate side ( r R = r t for tube side feed and r R = r s for
shell side feed).

2.3- Mass Balances and Boundary Conditions for the Permeate Side
P P
dc
1 d ( Q pi )
+ f 2πr P Di i
dz
dr
ℜT

dc
P P dQ P
+ f 2πr P ∑ Di i
dr
ℜ T dz
i

f =1 :

=0

i = A,B

(8)

i = A,B

(9)

r =r P , z

=0
r =r P , z

z = 0 , QP = 0

f = −1 : z = L, QP = 0

(10)

f = 1 for cocurrent flow. For countercurrent flow, f = −1 . It was assumed also that the flow pattern

in the permeate chamber is plug flow and that there is a negligible drop in the total pressure. r P is the
membrane radius for the permeate side ( r P = r s for tube side feed and r P = r t for shell side feed). L is
the length of the tubular membrane. The boundary condition for the partial pressure on the permeate side
at z = 0 or z = L , according to the type of flow, is not necessary. As QP = 0 , piP could take any value.
For crossflow operation mode, the composition on the permeate stream at each axial coordinate is
considered to be the result of the permeation rate of the various species [37]:
dc i
dr r = r P , z
piP ( z ) =
PP
dc
∑ Di dri P
i
r =r , z
Di

(11)

The volumetric flow rate for this arrangement is given by (it is indifferent the flow direction):
dc
PP P
Q ( z ) + 2πr P ∑ Di i
dr
ℜT
i

=0

(12)

r =r P , z

In dimensionless form, eqs. (1)-(12) become as follows:
⎛ d 2 c*i
dc*i ⎞
1
*
2
+
Di* ⎜
⎟ + ν i Φ f ( ci ) = 0
t
2
ζ
ζ
+
δ
ζ
/
d
r
d
⎝
⎠

(13)
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⎛
c* ⎞
f (c*i ) = ⎜ c*A − B ⎟
Rk ⎠
⎝

(14)

ζ = j (∀λ ) , c*i (λ ) = S*i piR* (λ )

ζ = (1 − j ) (∀λ ) , c*i (λ) = S*i piP* (λ )

j
d ( QR* piR* ) ⎛
dc*i
δ
− ⎜ 1 + t ⎞⎟ Γ D*i
dλ
r ⎠
dζ
⎝

(15)

=0

(16)

ζ= j , λ

j

P R*

dc*i
dQR* ⎛
δ
− ⎜ 1 + t ⎞⎟ Γ ∑ D*i
dλ ⎝
r ⎠
dζ
i

=0

(17)

ζ= j , λ

λ = 0 , piR* = piF* and QR* = 1
d ( QP* piP* )
dλ

1− j

δ
+ f ⎛⎜ 1 + t ⎞⎟
r ⎠
⎝

1− j

P P*

dQP*
δ
+ f ⎛⎜ 1 + t ⎞⎟
dλ
r ⎠
⎝

f =1 :

p (λ) =
P*
i

Γ D*i

(18)

dc*i
dζ

Γ ∑ D*i
i

=0

dc*i
dζ

=0

i

(21)

P P*

(22)

ζ=1 − j , λ

1− j

δ
P P* QP* (λ) + f ⎛⎜ 1 + t ⎞⎟
r ⎠
⎝

f = −1 : λ = 1 , QP* = 0

ζ=1 − j , λ

∑ D*i dc*i /dζ

(20)

ζ=1 − j , λ

λ = 0 , QP* = 0

D*i dc*i /dζ

(19)

ζ=1 − j , λ

Γ∑ D*i
i

dc*i
dζ

=0

(23)

ζ=1 − j , λ

where
j = 0 for tube side feed and j = 1 for shell side feed.
c*i = c i /Cref ,

P* = P/Pref ,

p*i = pi /Pref ,

Q* = Q/Qref ,

ζ = (r − r t )/δ ,

1 /2

S*i = Si /Sref ,

D*i = Di /Dref ,

Cref = Pref Sref ,

⎛ k ⎞
Φ = δ⎜ d ⎟
⎝ Dref ⎠

,

Γ=

λ = z L,

2πr t LDref Cref ℜT
δQref Pref

The subscript ref refers to the reference component or conditions. The superscript * means
dimensionless variables. Φ is the Thiele modulus [32] (section 2.1) and Γ is the dimensionless contact
time [32] (section 2.1). The remaining symbols are referred in the nomenclature. The feed pressure and
feed flow rate are taken as reference for Pref and Qref . Species A is taken as reference for Dref and Sref .
The main objective of this work is to bring about a comparison between the performances of a
catalytic membrane reactor and of the more conventional counterpart catalytic reactor, in terms of the
conversion achieved. This comparison is made based on some assumptions reported before [32] (section
2.1). For the sake of comparison, the maximum conversion achieved in the conventional catalytic reactor
is considered to be the thermodynamic equilibrium one.
The attained conversion in the membrane reactor, X A , is calculated by the following equation:
XA = 1 −

P* P*
QR* pR*
A + Q pA
QF* pAF*

(24)
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The relative conversion, Ψ A , defined as the ratio between the conversion of the reactant A reached
in the membrane reactor, X A , and the thermodynamic equilibrium conversion based on the feed
conditions, X AE , is used to evaluate the performance of the membrane reactor.

3- Solution Strategy
The general strategy used for solving the model equations is the same as adopted before [32]
(section 2.1): in order to overcome numerical instability problems, especially for countercurrent flow and
high Thiele modulus values, a time derivative term was added to the right-hand side of equations (16) and
(19), transforming this problem into a pseudo-transient one. These equations were subsequently
transformed into a set of ordinary differential equations by a spatially discretization using a tailor made
code based on finite differences. The time integration routine LSODA [38] was then used to integrate the
resulting set of time dependent equations. The solution is considered to be in steady state when the time
derivative of each dependent variable and for each of the spatial coordinate is smaller than a pre-defined
value. The mass balance equations relative to the membrane were solved analytically (see Appendix A).
Both the retentate and permeate volumetric flow rates were computed from equations (17) and (20) by
numerical integration using Simpson’s rule. The composition on the permeate stream for crossflow
operation mode was calculated from equation (22) using an iterative scheme based on the method of
Newton-Raphson (equations (13) and (22) are coupled by the boundary condition, equation (15)).

4- Results and Discussion
A study on how the sorption and diffusion coefficients of the reaction components affect the
conversion attained in this catalytic membrane reactor as a function of the dimensionless contact time
and Thiele modulus values was done previously [39] (section 2.3). It was concluded that the conversion
could be significantly enhanced if the diffusion coefficients of the reaction products are higher than the
reactants ones and/or the sorption coefficients of the reactants are higher than the reaction products
ones. In the present work, we will study the influence of other parameters and operation modes.

4.1- Influence of the Reactants and Products Diffusion Coefficients
Figure 2 (upper part) shows the relative conversion as a function of the Thiele modulus, for different
dimensionless diffusion coefficients of component B and for different dimensionless contact times.
Lower part shows the dimensionless contact time at the total permeation condition (TPC), i. e., when the
retentate flow rate is zero [39] (section 2.3), as a function of the Thiele modulus and for different
dimensionless diffusion coefficients of component B . It is clear from these results that, for an
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intermediate range of Thiele moduli, the attainable conversion in the reactor could be far above the
thermodynamic equilibrium value; the higher the diffusion coefficient of the reaction product, the higher
is the attained conversion (see figure 2, upper part). It can also be seen that the maximum conversion is
attained at the TPC. Associated with this behaviour, it can still be referred that, for a given set of diffusion
coefficients, the dimensionless contact time at the TPC decreases with the Thiele modulus and, for a
given Thiele modulus value, it decreases with an increase of the diffusion coefficient of the reaction
product (see figure 2, lower part). As the dimensionless contact time is related with the reactor size, these
results show that the reactor should operate at intermediate Thiele modulus values and with a relative
diffusion coefficient of the reaction product as high as possible. The enhancement of the conversion is
due to the selective separation of the reaction product. For medium/high Thiele modulus values, this
separation effect is offset, because the backward reaction rate surpasses the direct reaction rate [39]
(section 2.3).
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Figure 2, Upper Part: Relative conversion of component A as a function of the Thiele modulus for different relative diffusion
coefficients of species B and dimensionless contact time values. Lower Part: Dimensionless contact time at the TPC as a function
of the Thiele modulus for different relative diffusion coefficients of species B . D*A = 1 , S*i = 1 , pAF* = 1 , P P* = 0.1 , r t /δ = 10 ,
j = 0 , f = 1 and Rk = 0.25 .

4.2- Influence of the Reactants and Products Sorption Coefficients
Figure 3 (upper part) shows the relative conversion as a function of the Thiele modulus for different
dimensionless contact times and for different dimensionless sorption coefficients of component B . In the
lower part, it is shown the dimensionless contact time as function of the Thiele modulus values for the
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TPC and for the maximum of the conversion as a function of the Thiele modulus values. As it can be seen,
the highest conversion is now achieved for Φ → ∞ and the conversion enhancement improves inversely
with the ratio between the sorption coefficient of the reaction product and the reactant. However, the
improvement in the conversion penalizes considerably the reactor size, which is proportional to the
dimensionless contact time. So, there should be an optimal dimensionless contact time for such cases.
This Figure shows also that the maximum conversion is now reached for a dimensionless contact
time (ΓMC ) lower than the one at TPC, in opposition to the previous case (see figure 3, lower part). This
results from the combination of the reactants permeation rate and the reaction rate effects [39] (section
2.3). Working in this region of dimensionless contact time values could be advantageous from the strict
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Figure 3, Upper Part: Relative conversion of component A as a function of the Thiele modulus for different relative sorption
coefficients of species B and dimensionless contact time values. Lower Part: Dimensionless contact time at the TPC and at the
maximum conversion as a function of the Thiele modulus for different relative sorption coefficients of species B . D*i = 1 , S*A = 1 ,
pAF* = 1 , P P* = 0.1 , r t /δ = 10 , j = 0 , f = 1 and Rk = 0.25 .

4.3- Influence of the Permeate Flow Operation
When working with only gas separation, the countercurrent flow is better than the cocurrent one with
respect to permeate enrichment or product recovery, leading the crossflow to an intermediate
performance level with respect to the same variables [40]. However, when a chemical equilibrium
reaction takes place inside the selective polymeric catalytic membrane, the results are different. Figure 4
shows the relative conversion as a function of the Thiele modulus, for different dimensionless contact
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times and for countercurrent, cocurrent and crossflow operation modes (upper part), as well as the
dimensionless contact time at the TPC as a function of the Thiele modulus and for the same operation
modes (lower part). These results are reported for D*B > 1 , but the conclusions are still the same whatever
is the relative value of the sorption and diffusion coefficients. As it can be seen from this figure, the
cocurrent operation mode is the best and the countercurrent is the worst. It can also be seen from this
figure that, for the different operation modes, the differences in the reactor performance are relevant only
for a medium/high dimensionless contact time and for an intermediate Thiele modulus values range. For
low dimensionless contact times, the net result depends almost exclusively on the retentate composition
and flow rate and the flow configuration has almost no influence. For Φ → ∞ , the chemical reaction
tends to be in equilibrium throughout all the membrane thickness, resulting then a limit conversion equal
to the thermodynamic equilibrium one.
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Figure 4, Upper Part: Relative conversion of component A as a function of the Thiele modulus for different flow patterns and
dimensionless contact time values. Lower Part: Dimensionless contact time at the TPC as a function of the Thiele modulus for
different flow patterns. D*A = 1 , D*B = 10 , S*i = 1 , pAF* = 1 , P P* = 0.1 , r t /δ = 10 , j = 0 and Rk = 0.25 .

The higher efficiency of the countercurrent operating mode when there is only gas separation is the
result of a better exploration of the pressure gradients between the tube and shell sides along the fibre
length, as also happens in other processes in chemical engineering (e. g., heat transfer). However, for a
catalytic membrane reactor like the one of this study, the partial fluxes through the membrane are not
constant. As can be seen in figures 5 and 6, the main changes in the composition of the reaction
components, either in the retentate (figure 5) or in the permeate (figure 6) streams, tend to be located in
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Figure 5: Partial pressure of component B in the retentate stream as a function of the axial coordinate, at the TPC and for different
Thiele modulus values and flow patterns. D*A = 1 , D*B = 10 , S*i = 1 , p AF* = 1 , P P* = 0.1 , r t /δ = 10 , j = 0 and Rk = 0.25 .

CounterCurrent

CoCurrent

Cross-Flow

Φ=3

Species B Partial Pressure, pB

P*

0.05

0.04

0.03
Φ=50

0.02
Φ=0.5

0.01

0.00
10-4

10-3

10-2

10-1

100

Tube/Shell Spatial Coordinate, λ
Figure 6: Partial pressure of component B in the permeate stream as a function of the axial coordinate, at the TPC and for different
Thiele modulus values and flow patterns. D*A = 1 , D*B = 10 , S*i = 1 , p AF* = 1 , P P* = 0.1 , r t /δ = 10 , j = 0 and Rk = 0.25 .

a progressively shorter region at the reactor feed end, as the Thiele modulus increases. As a
consequence, the performance of the reactor depends essentially on what happens in this region. For
cocurrent or crossflow operating modes, the pressure of component B in the permeate stream at this
region is the minimum possible (the shell side inlet is closed), thus allowing the production of component
B inside the membrane to be maximized. For countercurrent flow, on the other hand, the concentration

of the reaction product in such region is higher than for cocurrent flow, as a result of the production earlier
on (i. e., for higher axial coordinate). This high concentration leads to a diffusion of component B back to
the membrane, as it can be seen by the slight decreasing of its partial pressure in figure 6.
The magnitude of the conversion differences for these three flow patterns depends on the total
pressure gradient between the tube and the shell sides. As the relative permeate pressure decreases
( Ψ P → 0 ), the conversion becomes not influenced by the flow operation mode, because the difference
between the concentration gradient of the reaction components as a function of the flow operation mode
tends to disappear. The existence of a maximum in the concentration of component B in the permeate
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stream for an intermediate Thiele modulus value (see figure 6) is related to the maximum of the
separation effect, owing to the higher diffusion coefficient of component B [39] (section 2.3).

4.4- Influence of the Total Pressure Difference
Figures 7 and 8 show the relative conversion and the dimensionless contact time at the TPC as a
function of the Thiele modulus and for different total dimensionless permeate pressures. Figure 7 reports
for D*B > 1 and Figure 8 reports for S*B < 1 . The first main conclusion from these two figures is that the
dimensionless contact time for the maximum conversion, whatever is the Thiele modulus, increases with
the decreasing of the total concentration gradient imposed by the different upstream and downstream
pressures. This was expected, because the transport of the reaction components through the membrane
depends on their concentration gradients. The second important conclusion concerns the conversion
evolution, whose pattern depends exclusively on the permeability of the reaction components [39]
(section 2.3). On one hand, the maximum attainable conversion for a higher diffusion coefficient of
component B , which takes place for an intermediate Thiele modulus range, decreases with the total
concentration gradient (see figure 7). For this case, the enhancement of the conversion is a direct
consequence of the preferential transport of the reaction product through the membrane − separation
effect − [39] (section 2.3). Thus, the conversion is directly connected with the total concentration gradient

through the membrane. As the total permeate pressure approaches the retentate one, the separation
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Figure 7: Relative conversion of component A (upper part) and contact time at the TPC (lower part) as a function of the Thiele
modulus and for different relative permeate pressures. D*A = 1 , D*B = 10 , S*i = 1 , p AF* = 1 , r t /δ = 10 , Γ = Γ TPC , j = 0 , f = 1 and
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effect is getting more and more offset and the maximum conversion tends towards the thermodynamic
equilibrium value.
For a lower sorption coefficient of component B (see figure 8), the main differences in the
conversion as a function of the Thiele modulus occur also for an intermediate range of this parameter
(Thiele modulus). However, the conversion increases now with the decrease of the total concentration
gradient, for a given Thiele modulus value, also as a consequence of the separation effect: the higher
permeability of the reactants through the membrane penalizes the conversion [39] (section 2.3). In this
way, a decreasing driving force through the membrane decreases the influence of the separation effect,
leading to an increase of the conversion. On the other hand, the limit conversion (Φ → ∞) attained for
both cases does not change with the downstream pressure (see figures 7 and 8). In such cases, any
separation effect is completely offset, as the chemical reaction is in a local equilibrium condition
throughout the membrane thickness. The limit conversion depends only on the relative sorption
coefficients of the reaction components: a lower sorption for the reaction product enhances the
conversion relatively to the thermodynamic equilibrium value (see figure 8); on the other hand, an equal
sorption for all components does not have any effect on the conversion (see figure 7); a higher sorption
for the reaction product penalises the conversion [39] (section 2.3).
The evolution of the dimensionless contact time at the TPC as a function of the Thiele modulus for
both cases (figures 7 and 8) is a net result of the balance between the conversion evolution (which affects
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Figure 8: Relative conversion of component A (upper part) and contact time at the TPC (lower part) as a function of the Thiele
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the dimensionless contact time, as a result of the changing on the average permeability for the reaction
components) and the evolution of the displacement of the equilibrium fronts inside the membrane
towards its surfaces (which affects the reaction components residence time inside the membrane) [39]
(section 2.3).

4.5- Influence of the Feed Location (Tube or Shell Sides) and the r t /δ Ratio
Figure 9 shows the relative conversion (upper part) and the dimensionless contact time at the TPC
(lower part) as a function of the Thiele modulus for D*B > 1 , for different ratios between the tube radius
and the membrane thickness (r t /δ) and for both tube and shell side feed. As it can be seen, the location
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Figure 9: Relative conversion of component A (upper part) and contact time at the TPC (lower part) as a function of the Thiele
modulus and for different feed locations and r t /δ ratios. D*A = 1 , D*B = 10 , S*i = 1 , p AF* = 1 , P P* = 0.1 , Γ = Γ TPC , f = 1 and
Rk = 0.25 .

of the feed to the reactor at the shell side is always better than the location at the tube side, concerning
the attained conversion. These results still show that, for the tube side feed, the conversion increases with
the r t /δ ratio, while a reverse relation is observed for the shell side feed. Such trends are a direct
consequence of the cylindrical geometry of the membrane. For a high r t /δ ratio (membrane approaching
the flat shape), the membrane area is nearly constant as a function of the radial coordinate and the
influence of the feed location (tube or shell side) is negligible (see figures 9 and 10). But as the r t /δ ratio
decreases (the hollow fibre wall becomes thicker for a given internal radius), the diffusion crossing area
as a function of the radius changes more and more, leading to a favourable or unfavourable impact on
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the reaction components concentration. For the tube side feed, both the chemical reaction and
membrane cylindrical geometry, which diffusion crossing area increases with the radial coordinate,
contribute to decrease the reactant concentration, leading in this way to a conversion penalization. When
the reactor is fed from the shell side, on the other hand, the decreasing of the diffusion crossing area as
the reactants proceeds through the membrane lessens the impact of the chemical reaction on the
reactant concentration, keeping it higher and enhancing thus the conversion (see figures 9 and 10).
For each r t /δ , the differences on the dimensionless contact time with respect to the feed location
(figure 9, lower part) are a consequence of the different attained conversions (component B is the faster
one). This figure still shows an increase of the dimensionless contact time with the r t /δ ratio, for a given
Thiele modulus. However, such a comparative analysis is not straightforward, because the value of r t is
different in both cases (the change on the r t /δ ratio with constant Thiele modulus implies a change on
r t for δ constant). In fact, this increase of the contact time value means an increase of the reactor size.

The former results are concerned to the case where the diffusion coefficient of the reaction product
is higher than the reactant one. However, they might be extended to a general case where the reaction
product permeability is higher than the reactant one. On one hand, the separation effect leads to an
enhancement of the conversion for an intermediate range of Thiele modulus values. On the other hand,
the decreasing of the membrane diffusion crossing area as a function of the radial coordinate when the
reactor is fed from the shell side keeps the concentration of the reactant (the slowest component) higher
than when the reactor is fed from the tube side.
When the reactant permeability is higher than the reaction product one, on the other hand, the
conclusions are different. It was shown in figure 3 that, for a given Thiele modulus belonging to the
intermediate values range, the conversion increases with the dimensionless contact time until it reaches
a maximum value for ΓMC and then decreases until the total permeation condition (Γ TPC ) . Although these
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results have been obtained for S*B < 1 , the conclusions are kept for a general case when the permeability
of the reaction product is lower than the reactant one. Figure 11 shows the influence of the feed location
(tube or shell side) on the conversion as a function of the dimensionless contact time, for a few Thiele
modulus values and for S*B < 1 . Contrarily to the previous case, the best feed location (with respect to the
conversion) depends now on the Thiele modulus and the dimensionless contact time values. For low
Thiele modulus, the shell side feed is better than the tube side one, whatever is the dimensionless contact
time. For medium/high Thiele modulus values, the shell side feed is better than the tube side feed only
for dimensionless contact times lower than the one for the maximum conversion (ΓMC ) . As in the previous
case, these results are a consequence of the membrane cylindrical geometry. When Γ < ΓMC , the reaction
occurs in the forward direction [39] (section 2.3), and, like for the case where the permeability of
component B is higher, the shell side feed location favours the conversion. For Γ > ΓMC , the backward
reaction is the dominant one [39] (section 2.3). In this way, the enhancement of the component B
concentration leads to a higher decrease in the conversion. Figure 11 still shows that the influence of the
feed location on the conversion becomes irrelevant as the membrane tends to the flat shape.
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Figure 12 shows that the enhancement of the component B concentration for a shell side feed
leads to a higher dimensionless contact time at the TPC, because this component is the slowest (for the
same r t /δ ratio). As in the previous case, the differences between the dimensionless contact times at
the TPC for different r t /δ ratios are a consequence of different reactors size.

5- Conclusions
In the present study, we analysed a dense polymeric catalytic membrane reactor operating in
⎯⎯
→ B was
isothermal conditions. An equilibrium-limited gas phase generic reaction of the type A ←⎯
⎯
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Figure 12: Contact time at the TPC as a function of the Thiele modulus for different feed locations and r t /δ ratios. D*i = 1 , S*A = 1 ,
S*B = 0.1 , pAF* = 1 , P P* = 0.1 , f = 1 and K E = 0.25 .

considered for the reason that an analytical solution for the mass balance equations relative to the
membrane can be written. A study was made on the influence that some parameters and operation
modes have in the attained conversion. The obtained results showed that, for a given set of conditions, it
is possible to reach conversions well above the thermodynamic value, as, for example, when the reaction
products have a lower sorption coefficient and/or a higher diffusion coefficient than the reactants ones. It
was also shown that: the cocurrent flow is always better than the countercurrent flow; the relative
permeate pressure could favour or penalize the conversion, depending on the permeabilities of each
component, and the dimensionless contact time at the TPC increases as the total concentration gradient
across the membrane decreases; the best reactor feed location and the optimum r t /δ ratio depend on
the relative sorption and diffusion coefficients of the reaction components, as well as on the range of the
Thiele modulus and dimensionless contact time values. Although it was not considered in the present
study, the pressure drop along the retentate and permeate sides should be taken into account whenever
it becomes relevant, as, for example, for membranes with very low internal diameter or/and high length
or when the velocity of the retentate stream is high.

Appendix A
The analytical solution for the membrane mass balance equations is presented in this section. Let us
consider equation (13), which represents the membrane mass balances. Making the variable substitution
σ = ζ + r t /δ , these two differential equations could be represented in the matrix form as follows:

d 2 c* 1 dc*
+
− Ac* = 0
d σ2 σ d σ
⎡c*A ⎤
where c* represents the vector of dependent variables, ⎢ * ⎥ , and the matrix A is given by:
⎣⎢ cB ⎦⎥

(25)
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⎡ Φ2
⎢ D*
A
A=⎢
⎢ Φ2
⎢− *
⎣ DB

Φ2 ⎤
D*A Rk ⎥⎥
Φ2 ⎥
⎥
DB* Rk ⎦

−

Considering that component A is the reference one, D*A is unitary and matrix A can be simplified:
⎡ 2
⎢ Φ
A=⎢
⎢ Φ2
⎢− *
⎣ DB

Φ2 ⎤
Rk ⎥⎥
Φ2 ⎥
⎥
DB* Rk ⎦
−

Equation (25) can be turned into a Bessel equation. However, the respective solution cannot be
obtained directly, as matrix A is singular. In this way, the system of equations represented in (25) should
be further turned into two another linearly independent equations as follows:
⎧ d2 ϒ A 1 dϒ A
=0
⎪ 2 +
σ dσ
⎪ dσ
⎨ 2
⎪ d ϒ B + 1 dϒB − Φ 2 ⎛⎜ 1 + 1
⎪⎩ dσ2 σ dσ
DB* Rk
⎝
⎡
1
⎢
*
⎡ ϒ A ⎤ ⎢ 1 + DB Rk
=
⎢ϒ ⎥ ⎢ *
D K
⎣ B⎦
⎢ B *e
⎣⎢ 1 + DB Rk

with

(26)

⎞
⎟ ϒB = 0
⎠

⎤
DB*
⎥ *
*
1 + DB Rk ⎥ ⎡ c A ⎤
⎢ ⎥
⎥ ⎢ c*B ⎥
DB*
−
⎥⎣ ⎦
1 + DB* Rk ⎦⎥

The solution for the 1 st equation of (26) is:
ϒ A = J1 + J2ln ( σ )

(27)

The 2nd equation of (26) can be turned into a modified Bessel equation of order 0, after making the
substitutions Φ 2 ( 1 + 1 /(DB* Rk ) ) = η2 and η2 σ2 = ω2 :
ω2

d2 ϒB
dϒ
+ ω B − ω2 ϒB = 0
2
dω
dω

(28)

The solution of this equation is a combination of the modified Bessel functions of order 0 I0 (ω) and
K 0 (ω) , as follows:
ϒ B = J3 I0 (ω) + J4 K 0 (ω)

(29)

The solution of the original equation (13) is then:
⎡ c*A ⎤
⎡1 ⎤
⎢ * ⎥ = ( J1 + J2 lnσ ) ⎢ ⎥ + J3
⎣Rk ⎦
⎣⎢ cB ⎦⎥

⎡ 1 ⎤
I ω + J4
⎢
*⎥ 0 ( )
⎣ −1 /DB ⎦

⎡ 1 ⎤
K ω
⎢
*⎥ 0 ( )
⎣ −1 /DB ⎦

with the constants J1 , J2 , J3 and J4 given by the following expressions:
J1 =

J2 =

(p

P*
A

( λ ) + DB* SB* pBP* ( λ ) ) ln ( δ / r t ) + ( pAR* ( λ ) + DB* SB* pBR* ( λ ) ) ln ( 1 + δ / r t )

(1 + D R ) ln (1 + δ / r )
*
B

t

k

R*
* *
P*
R*
p P*
A ( λ ) − p A ( λ ) + DB SB ( pB ( λ ) − pB ( λ ) )

(1 + D R ) ln (1 + δ / r )
*
B

t

k

(30)
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J3 =

(D R p

J4 = −

*
B

k

R*
B

( λ ) − DB* SB* pBR* ( λ ) ) K 0 ( η ( 1 + δ/r t ) ) − ( DB* Rk pAP* ( λ ) − DB* SB* pBP* ( λ ) ) K 0 ( ηδ/r t )

(1 + D R ) ⎡⎣I ( ηδ/r ) K ( η (1 + δ/r ) ) − I ( η (1 + δ/r ) ) K ( ηδ/r )⎤⎦
*
B

(D R p
*
B

k

R*
A

t

k

t

0

t

0

t

0

0

( λ ) − DB* SB* pBR* ( λ ) ) I0 ( η ( 1 + δ/r t ) ) − ( DB* Rk pAP* ( λ ) − DB* SB* pBP* ( λ ) ) I0 ( ηδ/r t )

(1 + D R ) ⎡⎣I ( ηδ/r ) K ( η (1 + δ/r ) ) − I ( η (1 + δ/r ) ) K ( ηδ/r )⎤⎦
*
B

t

k

0

t

0

t

0

t

0

Nomenclature
c

Partial concentration

[mol/m3]

C

Total concentration

[mol/m3]

D

Diffusion coefficient

f

Variable related with the operation mode ( f = 1 for cocurrent; f = −1 for countercurrent)

[-]

j

Variable related with the feed location ( j = 0 for tube side feed; j = 1 for shell side feed)

[-]

kd

Direct reaction rate constant

[s-1]

ki

Reverse reaction rate constant

[s-1]

L

Reactor length

[m]

P

Total pressure

[Pa]

p

Partial pressure

[Pa]

Q

Volumetric flow rate

r

Spatial coordinate relative to the membrane

[m]

rs

External membrane radius (shell side)

[m]

rt

Internal membrane radius (tube side)

[m]

ℜ

Universal gas constant

Rk

Ratio between the direct an reverse reaction rate constants

S

Henry’s sorption coefficient

T

Absolute temperature

X

Conversion

z

Spatial coordinate relative to the tube/shell

[m2/s]

[m3/s]

[J/(mol K)]
[-]
[mol/(m3 Pa)]
[K]
[-]
[m]

Greek Symbols
Γ

Dimensionless contact time parameter

δ

Membrane thickness

ζ

Dimensionless spatial coordinates relative to the membrane

[-]

Θ

Relative reaction coefficient

[-]

λ

Dimensionless spatial coordinates relative to the tube/shell

[-]

ν

Stoichiometric coefficient (positive for products, negative for reactants)

[-]

[-]
[m]
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Φ

Thiele modulus

[-]

Ψ A Relative conversion (ratio between the conversion of reactant A , X A , and the

thermodynamic equilibrium one based on the feed conditions, X AE )

[-]

Subscripts
i

Relative to the i th component

ref Relative to the reference conditions or component

[-]
[-]

Superscripts
*

Dimensionless variable

[-]

F

Relative to the feed stream conditions

[-]

P

Relative to the permeate stream conditions

[-]

R

Relative to the retentate stream conditions

[-]
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2.5- Modelling a Catalytic Membrane Reactor with Plug Flow Pattern
and an Equilibrium Reaction with ∆n≠0*

Abstract
The scope of this paper is to present a theoretical study on a catalytic polymeric dense membrane
reactor (CPDMR) assuming isothermal conditions, plug flow pattern without drop in the total pressure for
both retentate and permeate sides, shell side feed and cocurrent operation. The conversion enhancement
over the maximum value attained in a catalytic conventional reactor is studied for a gas phase reaction
⎯⎯
→ bB , considering two different stoichiometric ratios: ∆n > 0 and
described by the scheme aA ←⎯
⎯

∆n < 0 , where ∆n = b − a . For each of these cases, it is studied the influence of the relative sorption and

diffusivity of the reaction species. It is concluded that the conversion of a reversible reaction can be
significantly enhanced when the diffusivity of the reaction products is higher than that of the reactants
and/or the sorption is lower. It was also concluded that, even for equal sorption and diffusion coefficients,
the conversion could also be improved for reactions with ∆n ≠ 0 . The extension of this enhancement
depends on the reaction stoichiometry, overall concentration inside the membrane, Thiele modulus and
dimensionless contact time values.

*

Catalysis Today (in press. The proofs were revised in March/2005)
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1- Introduction
Catalytic membrane reactors are a typical example of the innovative ideas in the recent investigation
with the purpose to create synergies through the combination of the catalytic and separation
technologies. The main challenge of such investigations is to develop processes economically more
efficient and environmentally friendlier, when compared with the existing technologies.
Membrane reactor is a generic concept applied to a chemical system that incorporates a catalytic
reactor and a membrane, independently of its function, with several configurations proposed and
extensively reviewed [1-3]. Among others, two main categories of membrane reactors can be
distinguished: the catalytic membrane reactor (CMR), where the membrane is catalytic and could be or
not permselective and the packed-bed membrane reactor (PBMR), where the membrane performs only a
separation function.
Dehydrogenations are a class of reactions with a considerable practical importance in the
petrochemical industry, because many commodity chemicals are produced from the catalytic cracking of
low molecular weight hydrocarbons, namely ethylene, propylene, butenes and styrene. As these reactions
are equilibrium-limited and endothermic, they must be carried out at high temperatures to achieve
reasonable conversions. In an attempt to lowering operation temperatures while keeping reasonable
yields, many researchers have investigated the use of membrane reactors for conducting such kind of
reactions. By removing selectively the reaction product hydrogen from the reaction medium through a
permselective membrane, enhancing thus the conversion attained in the reactor over the thermodynamic
equilibrium value, the membrane reactors could become a competitive process. Different kinds of
membranes and reactor configurations have been proposed, but the PBMR with metallic membranes
(palladium and palladium alloys) [4-7], ceramic membranes [8-10] and composite membranes [11-13]
are the most usually reported. Shifting the thermodynamic equilibrium in this way has obvious industrial
interest. It allows for reduced reaction temperatures, thereby minimizing side reactions and heating costs.
Also, both reaction and separation may be achieved in a single unit, making the membrane reactor a very
cost-effective unit operation. Nevertheless, other promising advantages of the membrane reactors have
been identified and studied [14], namely catalytic membrane reactors with segregated feed of reactants
to improve safety and selectivity [15-17] and non-catalytic membranes for distributed feed of reactants
along the reactor length, to improve selectivity and stability [18-21].
Most of the nowadays studied and discussed membrane reactors use inorganic membranes,
because the chemical reactions susceptible to be carried out in such reactors are normally conducted in
harsh conditions, concerning the temperatures and the chemical environments. So, it is not surprising
that polymeric membranes have hardly ever been utilized, except in biocatalysis [3]. However, they have
attracted an increasing interest in the last few years, as they present some advantages over their
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inorganic counterparts [2, 22, 23]. Besides, polymeric membranes can be easily produced with
incorporated catalysts (nanosized dispersed metallic clusters [24, 25], zeolites and activated carbons [26]
or metallic complexes [27-29]) and can be easily made in different forms (flat, tubes, tubules, hollow
fibres, spiral wound) [1, 28, 30]. The ability of these materials to be, in some way, tailored to the needs
makes them very promising for future applications.
As a consequence of such developments, there is a growing need for effective theoretical models
that could help to understand the potentialities and the limitations of polymeric membrane reactors,
leading to optimised designs. There are in the open literature several studies concerning membrane
reactors modelling, although only a few actually deal with CMRs (where the catalyst is either the
membrane itself, or it is incorporated in the porous structure or on the membrane surface, or it is
occluded inside of a non-porous membrane) [2, 6, 31-36]. To the best of our knowledge and beyond our
recent work [32, 33] (sections 2.2&2.3), only a few researchers [31, 34, 35] actually modelled polymeric
catalytic membrane reactors, however for conducting liquid phase reactions and considering completely
mixed flow pattern in both sides.
In a recent theoretical study [33] (section 2.3), we analysed the performance of a dense polymeric
catalytic membrane reactor when running an equilibrium gas phase reaction. It was assumed plug flow
pattern in both retentate and permeate sides, tubular membrane and isothermal conditions. It was
⎯⎯
→ bB , where A and B represent the
considered a hypothetical reaction described by the scheme aA ←⎯
⎯

reactants and products, respectively, and no net change of the total number of moles due to the reaction
stoichiometry ( a,b = 1 ) . In the present work, we will consider the same model, but now with a net change
of the total number of moles due to the reaction stoichiometry ( b − a ≠ 0 ) . A systematic study of the
reactor performance, that is, the conversion enhancement over a thermodynamic equilibrium value, is
made, having into account the influence of the reaction stoichiometry and the relative sorption and
diffusion coefficients of the reaction product.

2- Model Development
Figure 1 represents a sketch of the catalytic membrane reactor considered in the present study. It
consists of a tube and shell chambers at different (but constant) total pressures P T and P S , respectively,
separated by a catalytic cylindrical membrane of thickness δ filled with a hypothetical nanosized catalyst
homogeneously distributed throughout it. This model was already analysed in a previous work [33]
(section 2.3), though considering a generic reaction with unitary stoichiometric coefficients for reactants
and reaction products. In the present work, it will be considered the study of a reaction scheme described
⎯⎯
→ bB with a net change of the total moles number, i. e., with a ≠ b . It is considered a shell side
by aA ←⎯
⎯

feed and cocurrent operating modes, because this configuration leads, in most of the situations, to a
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Figure 1: Schematic diagram of the dense catalytic tubular membrane reactor (for cocurrent flow and shell side feed).

higher chemical conversion than the tube side feed and/or countercurrent operating modes [37] (section
2.4). The proposed model is based on the following main assumptions:
1.

Steady state operation.

2.

Isothermal conditions.

3.

Negligible film transport resistance in the membrane/gas interfaces.

4.

Plug flow pattern in both tube and shell sides.

5.

Negligible drop in the total pressure for both retentate and permeate sides.

6.

Fickian transport through the membrane thickness.

7.

Sorption equilibrium between the bulk gas phase and the membrane surface described by the
Henry's law.

8.

Constant diffusion and sorption coefficients.

9.

Elementary reaction rate law.

10. Homogeneous catalyst distribution through the membrane [12].
11. The reaction occurs only on the catalyst surface.
12. Equal concentration on the catalyst surface and in the surrounding polymer matrix (any relationship

could be considered in principle, but this one simplifies the original problem without compromising
the main conclusions).
The mathematical model comprises the steady state mass balances for the membrane, retentate
and permeate sides, as well as the respective boundary conditions. The dimensionless model equations
are presented in the following sections. For its dimensionless form, see [37] (section 2.4).

2.1- Mass Balance and Boundary Conditions for the Membrane
⎛ d 2 c*i
dc*i
1
+
Di* ⎜
2
ζ + r t /δ d ζ
⎝ dζ

∆n
⎞
2⎛
* a
* b (C ref )
+
ν
Φ
−
(
c
)
(
c
)
⎟ i ⎜ A
B
Rk
⎠
⎝

ζ = 1 (∀λ) , c*i (λ) = S*i piR* (λ)

⎞
⎟=0
⎠

i = A,B

ζ = 0 (∀λ) , c*i (λ) = S*i piP* (λ)

(1)
(2)

2.2- Mass Balances and Boundary Conditions for the Retentate Side
d ( QR* piR* ) ⎛
dc*i
δ
− ⎜ 1 + t ⎞⎟ Γ D*i
dλ
r ⎠
dζ
⎝

=0
ζ=1 , λ

i = A,B

(3)
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P R*

dQR* ⎛
δ
− ⎜1 + t
dλ ⎝
r

*
⎞ Γ D* dci
⎟ ∑ i
dζ
⎠ i

λ = 0 , piR* = piF*

=0

i = A,B

(4)

λ = 0 , QR* = 1

i = A,B

(5)

i = A,B

(6)

i = A,B

(7)

i = A,B

(8)

ζ=1 , λ

2.3- Mass Balances and Boundary Conditions for the Permeate Side
d ( QP* piP* )
dλ
P P*

+ Γ D*i

dc*i
dζ

=0
ζ= 0 , λ

dc*i
dQP*
+ Γ ∑ D*i
dλ
dζ
i

=0
ζ= 0 , λ

λ = 0 , QP* = 0

The boundary condition for the partial pressure on the permeate side at λ = 0 is not necessary. piP*
could take any value, because QP* = 0 . The meaning of the variables is the following:
c*i = c i /Cref ,

P* = P/Pref ,

S = Si /Sref ,

D = Di /Dref ,

*
i

*
i

ζ=

r − rt
,
δ

p*i = pi /Pref ,

Q* = Q/Qref ,

λ = z/ L ,

Cref = Pref Sref ,

2πr t LDref Cref ℜT
,
Γ=
δQref Pref

⎛ k ( C ) a −1
d
ref
Φ = δ⎜
⎜
Dref
⎝

1 /2

⎞
⎟
⎟
⎠

The subscript i refers to the i th component and the subscript ref refers to the reference component
or conditions. The superscripts F , R and P refer to the feed, retentate and permeate stream conditions,
respectively. The superscript * means dimensionless variables. Φ is the Thiele modulus [38] (section
2.1) and Γ is the dimensionless contact time [38] (section 2.1). The remaining symbols are referred in
the nomenclature. The feed pressure and feed flow rate are taken as reference for Pref and Qref . Species
A is taken as reference for Dref and Sref .

The main objective of this work is to bring about a comparison between the performances of a
catalytic membrane reactor and of the more conventional counterpart catalytic reactor, in terms of the
conversion achieved. This comparison is made based on some assumptions reported before [38] (section
2.1). For the sake of comparison, the maximum conversion achieved in the conventional catalytic reactor
is considered to be the thermodynamic equilibrium one.
The attained conversion in the membrane reactor is calculated by the following equation:
XA = 1 −

P* P*
QR* pR*
A + Q pA
QF* pF*
A

(9)

The membrane reactor performance is evaluated from the results of the relative conversion, Ψ A ,
defined as the ratio between the conversion of reactant A reached in the membrane reactor, X A , and the
thermodynamic equilibrium conversion based on the feed conditions X AE .
The relative reaction coefficient, which measures how the reactive system is far from the equilibrium
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condition, is defined as:
Θ=

(c*B ) b (Cref ) ∆n
(c*A ) a Rk

(10)

3- Solution Strategy
The general strategy used for solving the model equations is the same as adopted before [37]
(section 2.4): in order to overcome numerical instability problems, especially for high Thiele modulus
values, a time derivative term was added to the right-hand side of equations (1), (3) and (6), transforming
this problem into a pseudo-transient one. These equations were subsequently transformed into a set of
ordinary differential equations in time by a spatially discretization using orthogonal collocation [39]. The
time integration routine LSODA [40] was then used to integrate the resulting set of time dependent
equations. The solution is considered to be in steady state when the time derivative of each dependent
variable and for each of the spatial coordinate is smaller than a pre-defined value. Equations (4) and (7)
were also spatially discretized using orthogonal collocation [39] and solved explicitly in order to the
volumetric flow rate.
In order to obtain a solution with high accuracy and low computational effort, a suitable variable
transformation of the spatial coordinates (collocation points for the membrane and for the tube/shell
sides) as a function of the Thiele modulus value was applied [41] (section 3.2). Despite the needed
number of collocation points, which affect directly the solution accuracy and the required computation
time [39], can be a function of the Thiele modulus value, it was used for all simulations 9 internal
collocation points for the tube/shell sides and 11 internal collocation points for the membrane. This
number proved to be sufficient for the most extreme operating conditions [41] (section 3.2).

4- Results and Discussion
This study aims to show how the relative conversion obtained in the present reactor depends on the
dimensionless contact time and Thiele modulus parameters, for the sorption or diffusion coefficients of
the reaction product higher/lower than the ones for the reactant and for reactions with a net change of
the total moles number, ∆n > 0 and ∆n < 0 . Some of the model parameters and operating variables are
considered constant throughout all the simulations, namely: the feed composition, p F*
A = 1 ; the relative
permeate pressure, P P* = 0.1 ; the reference pressure, Pref = 100 kPa ; the reference sorption,
Sref = 1 mol/(kPa m3 ) ; the ratio between the internal membrane radius and the membrane thickness,
r t /δ = 5 . Finally, it was considered a thermodynamic equilibrium conversion, X AE , equal to 20%. The

corresponding value for Rk , which is equivalent to K e , the thermodynamic equilibrium constant for the
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conventional reactor, was calculated accordingly to the reaction stoichiometry and at constant pressure.

4.1- Base Case: Equal Permeability for all Reaction Species ( D*i = 1 ; S*i = 1 )
It was shown in a previous study [33] (section 2.3) that the maximum reached conversion in a
CPDMR, considering a reaction with equal stoichiometric, sorption and diffusion coefficients, is equal to
the thermodynamic equilibrium value. Nonetheless, and considering the same sorption and diffusion
coefficients for reactants and products, the maximum attained conversion in a CPDMR for an equilibrium
gas phase reaction with positive or negative net change of the total moles number could be higher than
the thermodynamic equilibrium value. This result would be expected for the reaction case in which
∆n > 0 (figure 2), as a consequence of the Le Chatelier principle, but not for the reaction case in which
∆n < 0 (figure 4). In fact, the results shown in figures 2 and 4 are primarily a net result of the following

two main factors:
Total concentration gradient: The gradient of the total pressure between the retentate and the
permeate sides leads to a total concentration gradient across the membrane. According to the Le
Chatelier principle, a decrease in the total concentration of a reactive system is favourable, in terms of
the attained conversion, for equilibrium-limited reactions in which ∆n > 0 and unfavourable for reactions
in which ∆n < 0 .
Sorption capacity of the membrane: For reactions in which ∆n ≠ 0 , the reaction rate depends also on
the total concentration at the reference conditions, Cref = Sref Pref (see eq. 1). So, the affinity of the
membrane for the reaction species, set by the Si values, is another factor that defines the conversion
level attained in the catalytic membrane reactor. We should refer that, though the value of Cref depends
also on the value of Pref , the thermodynamic equilibrium conversion is affected as well by the value of
Pref . So, only the parameter Sref influences effectively the reactor performance. The global conversion is

favoured by a Cref value as low as possible for reactions in which ∆n > 0 and as high as possible for
reactions in which ∆n < 0 [32] (section 2.2).
Figure 2 shows the relative conversion of species A as a function of the dimensionless contact time
and for several Thiele modulus values, for a reaction in which ∆n > 0 . Globally, these results express the
influence of the total concentration gradient and the overall sorption capacity, as it was referred above.
However, a deeper analysis of the results is more subtle and interesting. For low Thiele modulus values,
where the chemical reaction stage is under or at the equilibrium condition for all the membrane thickness
and along all the reactor length (figures 3A and 3C), the conversion increases more or less linearly with
the dimensionless contact time until the total permeation condition (zero retentate flow rate leaving the
reactor), essentially due to the decreasing of the reactant loss by the retentate stream (figure 2). As the
Thiele modulus value increases, two different regions along the dimensionless contact time parameter
become evident (figure 2). For the low dimensionless contact time region, the conversion increases at a
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Figure 2: Relative conversion as a function of the contact time for various Thiele modulus values and for a reaction in which ∆n > 0 .
D*I = 1 , S*I = 1 , ν A = 1 , νB = 2 , and Rk = 8.020 mol/m3 .

rate strongly dependent on the Thiele modulus value. For the remaining dimensionless contact time
range, the reactor conversion increases along such a parameter at a slower rate and much less
dependent on the Thiele modulus value. The locus of the endpoints corresponding to the total permeation
condition defines the total permeation line, TPL.
For the low dimensionless contact time region, the chemical reaction stage is always under or at the
equilibrium condition (see figure 3B). Thus, an increase of the dimensionless contact time, i. e., an
increase of the feed fraction that penetrates into the membrane, as well as an increase of the Thiele
modulus value, leads to a more effective use of the catalyst and the conversion increases more or less
quickly with the Thiele modulus (figure 2). For these low dimensionless contact time values, all the reactor
length contributes for the increase of the conversion (figure 3D). However, for a certain dimensionless
contact time value lower than the one at the total permeation condition, which depends on the Thiele
modulus, the reaction coefficient becomes unitary (the chemical reaction stage is at the equilibrium
condition) at the upstream membrane surface and for the reactor exit ( z = L ), as it can be seen in figures
3B and 3D for Φ=1 and Γ=0.64. A further increase of the dimensionless contact time value leads to a
displacement of this condition of Θ=1 towards lower axial coordinate values and to a chemical reaction
stage beyond the equilibrium condition in an inward fraction of the membrane thickness at the upstream,
as shown in figure 3B and 3D.
As a consequence, the backward reaction and the backwards diffusion (to the membrane) of the
component B produced earlier on (i. e., for lower z values) slow down the conversion increase or even
decrease it, in which concerns the retentate stream contribution. On the other hand, due to the imposed
total concentration gradient across the membrane, the reaction coefficient pulls down in a downstream
membrane fraction (figure 3A and 3B), allowing then a more effective usage of the catalyst along the
dimensionless contact time and the Thiele modulus parameters. As a result, the contribution to the
conversion that comes from the permeate stream is always positive. The net balance of these two
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contributions (retentate and permeate streams) results in the slow down of the conversion increase after
a certain dimensionless contact time, as shown in figure 2.
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Figure 3: Relative reaction coefficient at the reactor exit as a function of the membrane radial coordinate (A and B) and as a
function of the axial coordinate for the shell side membrane surface (C and D) for some Thiele modulus and contact time values and
for a reaction in which ∆n > 0 . D*I = 1 , S*I = 1 , ν A = 1 , νB = 2 , and Rk = 8.020 mol/m3 .

Analysing the conversion evolution for an instantaneous reaction ( Φ = 1000 ) and for very low
dimensionless contact time, it becomes clear the negative impact of the overall sorption capacity in the
reactor performance, expressed in the lowering of the conversion relatively to the thermodynamic
equilibrium value ( Ψ A ≈ 0.7 , figure 2). For this set of parameters, the reaction occurs at the upstream
membrane surface, so at the highest possible concentration. Therefore, the beneficial gradient of the
total concentration across the membrane does not influence the attained conversion, because the
contribution for the reactor performance depends almost exclusively on the retentate stream conditions.
Comparing the assumed value of Cref for the membrane ( 100 mol/m3 ) and the equivalent value in the
gas phase ( Pref /(ℜTref ) ≈ 40 mol/m3 ), it becomes clear that the membrane actuates as an overall
concentrator.
Following the same reasoning, it can be seen the large positive impact of the overall sorption
capacity in the attained conversion for the reaction considered when ∆n < 0 (figure 4). Despite the
negative impact due to the total concentration gradient, it is still possible to attain some conversion
enhancement relatively to the thermodynamic equilibrium value in a considerable region of the
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Figure 4: Relative conversion as a function of the contact time for various Thiele modulus values and for a reaction in which ∆n < 0 .
D*I = 1 , S*I = 1 , ν A = 2 , νB = 1 and Rk = 0.004 m3 /mol .

parametric space concerning the dimensionless contact time and the Thiele modulus.
The negative impact due to the total concentration gradient shown in figure 4 can be better
understood through the analysis of figure 5. For low Thiele modulus values, the efficiency in the utilization
of the catalyst, i. e., the fraction of the reactant that contacts with the catalyst increases with the
dimensionless contact time value, leading thus to an increase of the conversion (see figures 4 and 5A). On
the other hand, the chemical reaction stage goes beyond the equilibrium value somewhere in an inward
fraction of the membrane thickness on the downstream (remember that the reactor is fed through the
shell side), promoting this way the backward reaction and, consequently, decreasing the conversion
(figure 5A). While the impact of the reverse reaction is low, for a kinetically controlled regime, the net
balance between these two factors is favourable to the first one, resulting thus a monotonically increase
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of the conversion along the dimensionless contact time until the total permeation condition (figure 4).
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Figure 5: Relative reaction coefficient at the reactor exit as a function of the radial coordinate for some Thiele modulus and contact
time values and for a reaction in which ∆n < 0 . D*I = 1 , S*I = 1 , ν A = 2 , νB = 1 and Rk = 0.004 m3 /mol .

Increasing the Thiele modulus value, in its turn, increase accordingly the rate of both direct and
reverse reactions and the contributions for the conversion from the retentate and the permeate streams
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cancel out partially. That is, the chemical reaction reaches the equilibrium condition closer and closer to
the upstream membrane surface, contributing thus positively to the conversion. On the other hand, the
reverse reaction prevents that the chemical reaction stage goes beyond the equilibrium condition,
contributing thus negatively to the conversion (figure 5B). The impact of the reverse reaction becomes
noticeable only in the contribution from the permeate stream. So, the conversion increases more or less
quickly for low dimensionless contact time values, depending on the Thiele modulus value, essentially
due to the much higher contribution of the retentate stream (high pressure side, favourable to the
reaction). At a certain dimensionless contact time value, the retentate stream conditions at the end of the
reactor become unchangeable, because, for some internal axial position, the chemical composition at the
upstream membrane surface reaches an equilibrium condition. From this dimensionless contact time on,
the conversion decreases continuously until the total permeation condition, because the higher and
higher contribution of the permeate stream (low pressure side, unfavourable to the reaction).

4.2- Higher Permeability for the Reaction Product
It was reported in a previous study [33] (section 2.3) that, for the same hypothetical reaction
considered here but in which ∆n = 0 , the attained conversion could be significantly enhanced if the
diffusion coefficient of the reaction product is higher than the reactant one and significantly reduced for a
sorption coefficient of the reaction product higher than the reactant one (keeping the same relative
permeability). The results for the favourable case are presented in figure 6 and are primarily a
consequence of the separation effect [33] (section 2.3).
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Figure 6: Relative conversion as a function of the contact time for various Thiele modulus values and for a reaction in which ∆n = 0 .
D*A = 1 , D*B = 10 , S*I = 1 , νi = 1 and Rk = 0.25 .

Figure 7 shows the relative conversion as a function of the dimensionless contact time and Thiele
modulus for the reaction case in which ∆n > 0 and for a diffusion coefficient of the reaction product
higher than the one of the reactant. Comparing such results with the ones from figure 2 (where only the
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total concentration gradient effect is present) and the ones from figure 6 (where only the separation
effect is present) it is possible to identify clearly the influence of each of these two factors in different
regions of the Thiele modulus/dimensionless contact time parametric space. Firstly, it is possible to
identify, for relatively low Thiele modulus values (Φ<4), the synergy that comes from the influence of the
reaction stoichiometry (total concentration gradient) and, essentially, the separation effect. The
combination of both total concentration gradient and separation effect result in a fast increase of the
conversion with the Thiele modulus, for medium to high dimensionless contact time values. For higher
and higher Thiele modulus values, the separation effect is progressively cancelled until it is completely
vanished for an instantaneous reaction [33] (section 2.3) and then the reactor conversion behaviour
reflects more and more only the influence of the total concentration gradient. The evolution of the
dimensionless contact time at the total permeation condition (line TPL) shows the dominant influence of
the separation effect [33] (section 2.3). We should refer at this point that the overall sorption capacity
effect is not taken into account for the analysis of the present (and future) results, because its effect in
such results is purely quantitative, keeping the global pattern of the results unchangeable.
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Figure 7: Relative conversion as a function of the contact time for various Thiele modulus values and for a reaction in which ∆n > 0 .
D*A = 1 , D*B = 10 , S*I = 1 , ν A = 1 , νB = 2 and Rk = 8.020 mol/m3 .

Figure 8 shows the relative conversion as a function of the dimensionless contact time and Thiele
modulus for a diffusion coefficient of the reaction product higher than the one of the reactant, but now for
a reaction case in which ∆n < 0 . Comparing such results with the ones from figures 4 and 6, the same
general conclusions already described for the reaction case in which ∆n > 0 can be drawn. That is, the
evolution of the conversion along the region of low Thiele modulus and for medium to high dimensionless
contact time values reflects the conjugated influence of the total concentration gradient, and, essentially,
the separation effect. For medium to high Thiele modulus, the conversion behaviour reflects more and
more only the influence of the total concentration gradient. The evolution of the dimensionless contact
time and conversion at the total permeation condition (line TPL) shows the conjugated effect of the total
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concentration gradient and separation effect.
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Figure 8: Relative conversion as a function of the contact time for various Thiele modulus values and for a reaction in which ∆n < 0 .
D*A = 1 , D*B = 10 , S*I = 1 , ν A = 2 , νB = 1 and Rk = 0.004 m3 /mol .

In another set of simulations shown in figures 9 and 10 it was studied the influence of the relative
sorption coefficients. All the diffusion coefficients were assumed to be equal and the same relative
permeability as in the previous case (reported in figures 7 and 8) was considered. Globally, the trend of
the conversion for the entire dimensionless contact time and Thiele modulus parametric region is
essentially the same as the one shown in figures 7 and 8, however showing an expressive difference in
quantitative terms, depending on the reaction stoichiometry.
For the reaction case in which ∆n > 0 and with a sorption coefficient of the reaction product higher
than the one of the reactant, for example (figure 9), the conversion is strongly penalized in the entire
dimensionless contact time/Thiele modulus parametric region relatively to the results presented in figure
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Figure 9: Relative conversion as a function of the contact time for various Thiele modulus values and for a reaction in which ∆n > 0 .
D*i = 1 , S*A = 1 , S*B = 10 , ν A = 1 , νB = 2 and Rk = 8.020 mol/m3 .
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7. Even the maximum conversion, which is also reached for an intermediate Thiele modulus and at the
total permeation condition due to the same separation effect, is lower than the corresponding value
attained when only the separation effect is present ( ∆n = 0 ) , for equal diffusion coefficients [33] (see
figure 9). These results show that the effect of the total concentration gradient for a reaction with such a
stoichiometry ( ∆n > 0 ) is negative when considering a higher sorption coefficient for the reaction
product. Beyond the excess of reaction product in the reaction medium, due to the membrane capacity to
concentrate such species, the reaction stoichiometry leads to a relative production of the reaction product
higher than for the reaction case in which ∆n = 0 . Thus, the conversion is doubly penalized.
For the reaction in which ∆n < 0 and for a higher sorption coefficient of the reaction product, on the
other hand (figure 10), the conversion is only moderately penalized relatively to the results presented in
figure 8. Actually, its maximum value is even significantly higher than the corresponding one reached
when only the separation effect is present ( ∆n = 0 ) , for equal diffusion coefficients [33] (section 2.3).
Now, the effect of the total concentration gradient for a reaction with such a stoichiometry is positive
when considering a higher sorption coefficient for the reaction product. In a certain way, the excess of
such species in the reaction medium, due to the ability of the membrane to concentrate them, is partially
attenuated by the reaction stoichiometry effect, because the relative production of the reaction product is
lower than for the reaction case in which ∆n = 0 .

4.3- Lower Permeability for the Reaction Product
For ∆n = 0 , the attained conversion in the membrane reactor can be significantly enhanced if the
sorption coefficient of the reaction product is lower than the one of the reactant and significantly reduced
for a diffusion coefficient of the reaction product lower than the one of the reactant (keeping the same
components permeability) [33] (section 2.3). The results for the favourable case are presented in figure
11 and are primarily a consequence of the separation effect [33] (section 2.3).
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Figure 12 shows the relative conversion as a function of the dimensionless contact time and Thiele
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Figure 11: Relative conversion as a function of the contact time for various Thiele modulus values and for a reaction in which
∆n = 0 . D*i = 1 , S*A = 1 , S*B = 0.1 , νi = 1 and Rk = 0.25 .

modulus for the reaction case in which ∆n > 0 and for a sorption coefficient of the reaction product lower
than the one of the reactant. Comparing such results with the ones from figure 2 (where only the total
concentration gradient effect is present) and the ones from figure 11 (where only the separation effect is
present) it can be seen that there is a global enhancement of the conversion for almost the entire
dimensionless contact time/Thiele modulus parametric region.
For this set of parameter values, the negative effect caused by the relative “excess” of the reaction
product promoted by the stoichiometry, relatively to the reaction case in which ∆n = 0 , is partially
cancelled by the low sorption capacity of the membrane for such species. Thus, even for the region of high
Thiele modulus values, where the total concentration gradient effect dominates over the separation
effect, there is a great enhancement of the conversion (figure 12).
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Figure 12: Relative conversion as a function of the contact time for various Thiele modulus values and for a reaction in which
∆n > 0 . D*i = 1 , S*A = 1 , S*B = 0.1 , ν A = 1 , νB = 2 and Rk = 8.020 mol/m3 .
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Figure 13 shows the relative conversion as a function of the dimensionless contact time and Thiele
modulus for the reaction case in which ∆n < 0 and for a sorption coefficient of the reaction product lower
than the one of the reactant. Comparing such results with the ones from figure 4 (where only the total
concentration gradient effect is present) and the ones from figure 11 (where only the separation effect is
present) it can be seen that, generally, these results express the balance between two opposite trends: for
one hand, the lower sorption coefficient of the reaction product favours the conversion [33] (section 2.3).
On the other hand, such a lower sorption coefficient penalizes the conversion for a reaction case with the
stoichiometry just considered ( ∆n < 0 ) , because the relative production of the reaction product is lower
than for the reaction case in which ∆n = 0 .
The evolution of the dimensionless contact time and the conversion at the total permeation
condition (line TPL) for both reaction cases shows the conjugated effect of the total concentration
gradient (due to the retentate and permeate different pressures) and of the separation effect. Particularly
for the case where ∆n < 0 (figure 13), it is clear that the relative influence of each factor depends on the
Thiele modulus value, though the most important influence is due to the separation effect.

4
000

3

Φ=

Relative Conversion, ΨA

10

Φ =1

Φ

=4

Φ=

2

2
Φ =1

1

0
0.0

Φ=0.5

0.4

0.8

TP

1.2

L

1.6

2.0

Contact Time, Γ
Figure 13: Relative conversion as a function of the contact time for various Thiele modulus values and for a reaction in which
∆n < 0 . D*i = 1 , S*A = 1 , S*B = 0.1 , ν A = 2 , νB = 1 and Rk = 0.004 m3 /mol .

In a separated set of simulations (results not shown), it was studied the influence of the relative
diffusion coefficients. All the sorption coefficients were assumed to be equal and the same relative
permeability as in the previous case (figures 12 and 13) was considered. Globally, the trend of the
conversion for the entire dimensionless contact time/Thiele modulus parametric region is essentially the
same as the one shown in figures 12 and 13. That is, the separation effect is the most important factor
for the low to medium Thiele modulus parametric region, while the influence of the total concentration
gradient becomes more and more important for the medium to high Thiele modulus values region.
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5- Conclusions
The present work studies a dense catalytic membrane reactor operating in isothermal conditions. An
⎯⎯
→ bB , where A and B represent the
equilibrium-limited gas phase generic reaction of the type aA ←⎯
⎯

reactants and products, respectively, was considered. It is assumed plug flow pattern with negligible drop
in the total pressure for both retentate and permeate sides, shell side feed and cocurrent operation. The
reactor performance in terms of the attained conversion was studied as a function of the dimensionless
contact time and Thiele modulus parameters, for higher or lower sorption and diffusion coefficients of the
reaction product relatively to the reactant and for two different ratios of the stoichiometric coefficients:
∆n < 0 and ∆n > 0 , where ∆n = b − a . The results presented showed that the attained conversion in the

membrane reactor can be significantly enhanced when the diffusion coefficient of the reaction product is
higher than the one of the reactant and/or the reverse relation for the sorption coefficients, for a given
stoichiometry ratio and overall intramembrane concentration of the reactive system. It was found that the
conversion is favoured by a high overall sorption capacity of the membrane for reactions in which ∆n < 0
and, conversely, by a low overall sorption capacity for reactions in which ∆n > 0 . On the other hand, a
reaction in which ∆n > 0 is favoured by the transmembrane total concentration gradient, while a reaction
in which ∆n < 0 is disfavoured by the same gradient.
Generically, the conversion for a reaction with a higher diffusivity of the reaction product than the
one of the reactant is favoured for low to medium Thiele modulus and medium to high dimensionless
contact time values, whatever is the reaction stoichiometry. For a reaction where the sorption coefficient
of the product is lower than the one of the reactant, the conversion is higher for higher Thiele modulus
values. The dimensionless contact time region that maximizes the conversion in this case is in the range
of low to medium values for the reaction case in which ∆n < 0 and in the medium to high range values
for the reaction case in which ∆n > 0 .
The analysis of such reactors cannot be based on the permeabilities of the reaction components, as
the sorption and diffusivity parameters have different impact in their performances. However, the
permeability values are sufficient to analyse qualitatively the conversion behaviour along the Thiele
modulus and dimensionless contact time parametric space.

Nomenclature
a

Stoichiometric coefficient for the reactant

[-]

b

Stoichiometric coefficient for the reaction product

[-]

c

Partial concentration

[mol/m3]

C

Total concentration

[mol/m3]

D

Diffusion coefficient

[m2/s]
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kd

Direct reaction rate constant

[(mol/m3)1-a/s]

ki

Reverse reaction rate constant

[(mol/m3)1 -b/s]

L

Reactor length

[m]

P

Total pressure

[Pa]

p

Partial pressure

[Pa]

Q

Volumetric flow rate

r

Spatial coordinate relative to the membrane

[m]

rs

External membrane radius (shell side)

[m]

rt

Internal membrane radius (tube side)

[m]

ℜ

Universal gas constant

Rk

Ratio between the direct an reverse reaction rate constants

S

Henry’s sorption coefficient

T

Absolute temperature

X

Conversion

z

Spatial coordinate relative to the tube/shell

[m3/s]

[J/(mol K)]
[(mol/m3)b-a]
[mol/(m3 Pa)]
[K]
[-]
[m]

Greek Symbols
Γ

Dimensionless contact time parameter

δ

Membrane thickness

∆n

Net change of the total moles number ( b − a )

[-]

ζ

Dimensionless spatial coordinates relative to the membrane

[-]

Θ

Relative reaction coefficient

[-]

λ

Dimensionless spatial coordinates relative to the tube/shell

[-]

ν

Stoichiometric coefficient (positive for products, negative for reactants)

[-]

Φ

Thiele modulus

[-]

[-]
[m]

Ψ A Relative conversion (ratio between the conversion of reactant A , X A , and the

thermodynamic equilibrium one based on the feed conditions, X AE )

[-]

Subscripts
i

Relative to the i th component

ref Relative to the reference conditions or component

[-]
[-]

Superscripts
*

Dimensionless variable

[-]

F

Relative to the feed stream conditions

[-]
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P

Relative to the permeate stream conditions

[-]

R

Relative to the retentate stream conditions

[-]
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3.1- Modelling Catalytic Membrane Reactors Using an Adaptive
Wavelet-Based Collocation Method*

Abstract
For certain operating conditions and reaction schemes, catalytic membrane reactors (CMR) may
present sharp concentration profiles in the membrane. Using conventional fixed grid methods for solving
the model equations in such conditions may lead to inaccurate predictions of the reactor performance.
⎯⎯
→ B (for which a semi-analytical solution is
This is demonstrated for two reaction systems: A ←⎯
⎯
⎯⎯
→ B + 3C (which describes the cyclohexane dehydrogenation). Simulation results
available) and A ←⎯
⎯

obtained with a fixed grid method using finite differences are compared to those from an adaptive
method using an algorithm based on interpolating wavelets. Showing higher accuracy and computational
efficiency, the latter proved to be a useful tool in dealing with this kind of problems.

*

Journal of Membrane Science 208 (2002) 57-68
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1- Introduction
The development of catalytic reactors incorporating permeable membranes, in non-biological
systems, is about three decades old, having started with the pioneering work by Gryaznov [1]. Most of the
recent research has been done on the study of reactors incorporating inorganic membranes, catalytic [2-5] or non-catalytic [6-9], due to the usually high temperatures involved and the, sometimes, aggressive
chemical environments. However, there has been a recent interest on polymeric catalytic membranes
[10-17]. This tendency follows the increasing interest in finding catalysts that show high activity and
selectivity and are capable of operating at low temperatures for conducting gas phase [10, 11, 13, 17] or
liquid phase [12, 14-16] reactions. In such conditions, polymeric membranes become more attractive
than the inorganic ones, since they present lower manufacturing complexity (allowing for better control of
membrane thickness, possibility of large scale preparation and obtainment of defect-free products), have
lower production costs [18-20], have higher mechanical resistance (they are less brittle than the ceramic
membranes), they can be easily fabricated in a number of forms (flat sheets, tubes, tubules, hollow fibres,
spiral wound) [21, 22] and they can be easily produced with incorporated catalysts (nanosized dispersed
metallic clusters [11, 17], zeolites and activated carbons [23] or metallic complexes [18]). Some recent
reviews summarize the state of the art in this area [21].
In addition to the experimental work, some efforts have been reported concerning numerical
simulation of catalytic membrane reactor systems [2-9, 16, 24-27]. The membranes considered in these
reports are essentially of the inorganic kind [2-9, 24, 26, 27], only a few polymeric membranes having
been studied so far [16, 25]. In a recent work [25] (section 2.1), the authors presented a detailed
discussion about the performance of a dense polymeric catalytic membrane reactor (DPCMR) for
⎯⎯
→ C + D . In the present
conducting a hypothetical gas phase reaction described by the scheme A + B ←⎯
⎯

⎯⎯
→ B . Using a recently
work the same theoretical model will be used, but for a simpler reaction: A ←⎯
⎯

developed numerical wavelet-based method with a fully adaptive grid [28], it is shown how the
conventional methods frequently used in these studies may fail in reproducing the correct concentration
profiles within the membrane, therefore leading to incorrect predictions of the reactor performance. This
simple reaction scheme was selected because a semi-analytical solution can be obtained for the
membrane mass balance equation, therefore providing useful insight into the accuracy of the simulated
results. The analysis is then extended to a reaction scheme previously investigated by Sun and Khang
[27], concerning the gas phase reaction of the cyclohexane dehydrogenation in a reactor with an annular
catalytic porous ceramic membrane. Once again, the fixed grid method handles the problem deficiently,
leading to incorrect results.
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1.1- Wavelet-Based Grid Adaptation
The most commonly used numeric tools for simulating catalytic membrane reactors are finite
differences [2-4] and orthogonal collocation methods [5, 9, 26], both using a fixed grid. However, as it will
be shown later, numerical methods employing fixed grids may not be able to represent the correct
solution, under some reaction and operation conditions, unless a grid with a prohibitive number of points
is used. A valid alternative consists in using a non-homogeneous grid. However, determining the optimum
grid configuration traditionally implies having to perform some previous trial work [7, 8] or using some
prior knowledge of the problem solution. These strategies may be impracticable, nonetheless, as the
optimum grid might be a function of the reaction and operating conditions. A recent numerical general
tool for solution of partial differential equations (PDEs) with a fully automatic adaptive grid, using a
wavelet-based method, may be helpful in overcoming some of these handicaps [28]. A brief description of
this technique is presented below. The reader should refer to the previous work [28] for a more detailed
discussion of the method.
Wavelets are special functions that are characterized by being highly localized, both in terms of
physical and resolution spaces. This is particularly advantageous when describing functions that present
sharp features in limited domain intervals. High resolution wavelets can be allocated to those regions, in
order to accurately describe the abrupt transitions, while the regions of the domain that present “smooth”
profiles are associated with low resolution wavelets. The result is a compact yet accurate representation
of highly irregular functions, which would be difficult, or even impossible, using conventional bases that
involve non-localized functions of constant resolution throughout the domain, as is the case of Fourier
series decomposition.
Different techniques for solving PDEs involving wavelet theory can be found in the recent
mathematics and physics literature [29-33]. However, only very recently these concepts were applied in a
chemical engineering context [28], combining and optimising the several approaches found in the other
works. This particular implementation is also followed here. It uses a specific class of wavelets −
interpolating wavelets [30]. Each interpolating wavelet is uniquely associated with a grid point. In
addition, the wavelets are distributed over different resolution levels. A higher level implies a higher
spatial resolution of the corresponding wavelets. To a resolution level j correspond 2 j + 1 grid points
equally distributed over a specified interval. The grid adaptation strategy, which is applied throughout all
the time of integration, consists essentially of the following steps:
1.

Transforming the time-dependent problem discrete solution into the wavelet space − wavelet
transform [33].

2.

Analysing the magnitude of the resulting coefficients.

3.

Selecting as grid points only those associated to wavelet coefficients that fall above a pre-specified
threshold (designated here as parameter ε ). The difference between the exact and the approximate
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solutions is always lower than C ⋅ ε , where C is a finite constant that depends on the exact solution
[34]. Therefore, as ε tends to zero, the approximate solution approaches the exact one.
This strategy insures that the grid becomes automatically denser in the domain regions where the
solution presents sharp features and sparser elsewhere. To implement this technique, there is no need of
any semi-empirical criteria or previous knowledge of the solution behaviour. A software package was
developed to allow for straightforward incorporation of this concept into any simulation work.

2- Models Development
⎯⎯
→ B (Case 1)
2.1- Reaction Scheme Described by A ←⎯
⎯

The catalytic membrane reactor considered in the present study is sketched in figure 1. This reactor
model has been reported elsewhere, but for a different reaction scheme [25] (section 2.1). A hypothetical
⎯⎯
→ B is used here because an analytical solution can be obtained for the
reaction of the type A ←⎯
⎯

membrane mass balance equation. This model is based on the following main assumptions:

QF , P F , piF
z=0

Retentate Chamber

QR , P R , piR

Catalytic Membrane
z=δ

Permeate Chamber

QP , P P , piP

Figure 1: Schematic diagram of the catalytic membrane reactor.

1.

Steady state and isothermal conditions.

2.

Perfectly mixed flow pattern on both retentate and permeate chambers.

3.

Negligible drop in the total pressure for both retentate and permeate chambers.

4.

Negligible external transport limitations in the membrane interface.

5.

Fickian transport across the membrane thickness.

6.

Linear sorption equilibrium isotherm between the bulk gas phase and the membrane surface.

7.

Constant diffusion and sorption coefficients.

8.

Homogeneous catalyst distribution across the membrane.

9.

The reaction occurs only on the catalyst nanoparticles surface.

10. Equal concentration on the catalyst surface and in the surrounding polymer matrix (in principle, any

relationship could be considered, but this one simplifies the original problem without compromising
the main conclusions).
11. Elementary reaction rate law.

The mathematical model comprises the steady state differential mass balance for the membrane
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and the respective boundary conditions, as well as the algebraic mass balances for the upstream and
downstream chambers. The dimensionless model equations are presented in the following sections. For
its dimensionless form, see [25] (section 2.1).

2.1.1- Mass Balance and Boundary Conditions for the Membrane
Di*

d 2 c*i
c*B ⎤
2 ⎡ *
+
ν
Φ
−
(
)
c
1
i
⎢ A
⎥ =0
dζ2
Rk ⎦
⎣

ζ = 0 , c*i = S*i piR*

i = A, B

(1)

ζ = 1 , c*i = S*i piP*

(2)

The analytical solution for the membrane mass balance equation is as follows:
⎡ c*A ⎤
⎡1 ⎤
⎢ * ⎥ = ( J1 + J2 ζ ) ⎢ ⎥ + J3
⎣Rk ⎦
⎣⎢ cB ⎦⎥

⎡ 1 ⎤
exp(φζ ) + J4
⎢
*⎥
⎣ −1 /DB ⎦

⎡ 1 ⎤
exp(-φζ )
⎢
*⎥
⎣ −1 /DB ⎦

(3)

2.1.2- Partial and Total Mass Balances for the Retentate Chamber
piF* − QR* piR* + Γ1 D*i
1 − QR* P R* + Γ1 ∑ D*i
i

dc*i
dζ
dc*i
dζ

=0

i = A, B

(4)

i = A, B

(5)

ζ= 0

=0
ζ= 0

2.1.3- Partial and Total Mass Balances for the Permeate Chamber
dc*i
dζ

QP* piP* + Γ1 D*i

QP* P P* + Γ1 ∑ D*i
i

=0

i = A, B

(6)

i = A, B

(7)

ζ=1

dc*i
dζ

=0
ζ=1

where
c* = c/Cref ,

P* = P/Pref ,

p* = p/Pref ,

Q* = Q/Qref ,

S* = S/Sref ,

D* = D/Dref ,

⎛ k ⎞
Φ1 = δ ⎜ d ⎟
⎝ Dref ⎠

1 /2

Cref = Pref Sref ,
1 /2

⎛
1 ⎞
, φ = Φ1 ⎜ 1 +
⎟
D
B KE ⎠
⎝

,

Γ1 =

ζ = z/δ

Am Dref Cref ℜT
δQref Pref

* R*
P*
* P*
* * R*
⎤
DB* e −φ ⎡⎣e −φ ( Rk p R*
A − SB pB ) − Rk p A + SB pB ⎦
pR*
A + DB SB pB
J1 =
J
,
=
3
1 + Rk DB*
(1 + Rk DB* )( e−2φ − 1 )

J2

(p
=

P*
A

+ DB* SB* pBP* ) − ( pAR* + DB* SB* pBR* )
1 + Rk DB*

, J4 =

* R*
−φ
−DB* ⎡⎣ Rk pR*
( Rk pP*A − SB* pBP* )⎤⎦
A − SB pB − e

(1 + R D )( e
k

*
B

−2 φ

−1)

The subscript i refers to the i th component and the subscript ref refers to the reference component
or conditions. The superscripts F , R and P refer to the feed, retentate and permeate stream conditions,
respectively. The superscript * means dimensionless variables. Φ1 is the Thiele modulus for case 1 [25]
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(section 2.1) and Γ1 is the dimensionless contact time for case 1 [25] (section 2.1). The remaining
symbols are referred in the nomenclature. The feed pressure and feed flow rate are taken as reference for
Pref and Qref . Species A is taken as reference for Dref and Sref .
⎯⎯
→ B + 3C (Case 2)
2.2- Reaction Scheme Described by A ←⎯
⎯

This reaction represents the cyclohexane dehydrogenation and was previously studied by Sun and
Khang [27]. A cylindrical porous ceramic catalytic membrane is used. The feed stream flows on the shell
side and the permeate stream on the tube side. The main assumptions considered in this case are the
same as for case 1, though considering that the transport across the membrane follows Knudsen
diffusion and the concentration of the reactant species at the catalyst surface is the same as in the
porous bulk gas phase. A more complete description of the model can be found in the original work [27].
The dimensionless mass balance equations are presented in the following.

2.2.1- Mass Balance and Boundary Conditions for the Membrane
p*B (p*C )3
Di* d 2 p*i
2 ⎡ *
+
ν
Φ
−
(
)
p
⎢ A
2
i
e2λξ dξ2
KP
⎣
ξ = 1 , p*i = piR*

3
⎛ Pref ⎞ ⎤
⎜
⎟ ⎥ =0
⎝ ℜT ⎠ ⎦

i = A, B,C

(8)

ξ = 0 , p*i = piP*

(9)

2.2.2- Partial and Total Mass Balances for the Retentate Chamber
dp*i
dξ

piF* − QR* piR* − Γ2 D*i
1 − QR* P R* − Γ2 ∑ D*i
i

=0

i = A, B,C

(10)

i = A, B,C

(11)

ξ=1

dp*i
dξ

=0
ξ=1

2.2.3- Partial and Total Mass Balances for the Permeate Chamber
dp*i
dξ

QP* piP* − Γ2 D*i

QP* P P* + Γ2 ∑ D*i
i

=0

i = A, B,C

(12)

i = A, B,C

(13)

ξ= 0

dp*i
dξ

=0
ξ= 0

where
ξ=

ln ( r/r t )
λ

,

⎛ rt + δ ⎞
λ = ln ⎜ t ⎟
⎝ r ⎠

1 /2

⎛ k ⎞
Φ 2 = λr t ⎜ d ⎟
⎝ Dref ⎠

Γ2 =

2πLDref
λQref

In this case, r t is the internal (tube side) membrane radius and Φ2 and Γ2 are the Thiele modulus
and the dimensionless contact time for case 2, respectively. The remaining symbols are described in the
nomenclature.
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The attained conversion in the membrane reactor, X A , is calculated by the following equation:
XA = 1 −

P* P*
QR* pR*
A + Q pA
QF* pF*
A

(14)

The relative conversion, Ψ A , defined as the ratio between the conversion of the reactant A reached
in the membrane reactor, X A , and the thermodynamic equilibrium conversion based on the feed
conditions, X AE , is used to evaluate the performance of the membrane reactor. For the sake of
comparison, the thermodynamic equilibrium conversion is considered to be the maximum achieved
conversion in the conventional catalytic reactor. The comparison between the performances of a catalytic
membrane reactor and of the more conventional counterpart catalytic reactor, in terms of the conversion
achieved, is made based on some assumptions reported before [25] (section 2.1).

3- Numerical Solution Method
The general strategy used for solving the model equations concerning both cases is the same as
adopted before [27]: in order to overcome numerical instability problems, a time derivative term was
added to the right-hand side of equations (1), (4), (6), (8), (10) and (12), while equations (5), (7), (11) and
(13) were solved explicitly in order to the volumetric flow rate. Equations (1) and (8) were subsequently
transformed into a set of ordinary differential equations in time by a spatially discretization using finite
differences. The time integration routine LSODA [35] is then used to obtain the steady-state solution.
For dealing with the spatial discretization grid, two distinct approaches are employed. The first
method (hereafter designated as M1) employs an evenly spaced fixed grid, the number of points being
chosen as a compromise between computation time and accuracy. This is a conventional procedure and
has been used before by several authors [2-4, 25, 27]. The second method, on the other hand, uses the
wavelet-based algorithm for adapting the non-uniform spatial grid throughout all the integration time
(hereafter designated as M2). M3 designates the semi-analytical solution for case 1, which was obtained
from the analytical solution of the membrane mass balance equations − equation (1) − and from the
numerical solution of the retentate and permeate mass balance equations − equations (2)-(5).

4- Results and Discussion
Figure 2 shows, for case 1, some results of the relative conversion as a function of the Thiele
modulus for different dimensionless contact times. The other relevant variables are: D*i = 1 , S*i = 1 ,
P*
p F*
= 0.01 and Rk = 0.5 . The upper curve in the graph, for Γ1 = 1.01 , corresponds to the total
A =1 , P

permeation condition (TPC) for this system, that is, the retentate flow leaving the reactor is zero as all the
species permeate completely through the membrane. The locus of all these end points defines the total
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Figure 2: Relative conversion of component A as a function of the Thiele modulus for different dimensionless contact time values
obtained with methods M1, M2 and M3. D*i = (1 , 1) , S*i = (1 , 1) , piF* = (1 , 0) , P P* = 0.01 and Rk = 0.5 ). The parameters used in
the adaptive algorithm (M2) are: ε = 1 , 0 × 10 −5 and m = 4 . This figure reports to case 1.

permeation line, TPL. Since the reaction product B has the same transport properties as the reactant A ,
the extent of reaction, and thus the Thiele modulus, does not influence the dimensionless contact time for
the TPC. For the conditions referred above, its value only depends on P P* and is given by 1 /(1 − P P* ) .
Figure 2 shows clearly the existence of two operation regimes, depending on the Thiele modulus.
When Φ1 is low, the time constant for the reaction is higher than the time constant for the diffusion and
reactant conversion across the membrane is hindered, specially if the dimensionless contact time is low.
The conversion in the reactor is therefore penalized. For high Thiele modulus, on the other hand, the
reaction is fast enough so that a local equilibrium condition is easily reached throughout all the
membrane thickness [25] (section 2.1) and, as the dimensionless contact time increases, the reactor
conversion approaches the thermodynamic equilibrium value. It is noticeable, however, that the two
simulation methods do not conduct to the same results for high Φ1 and low Γ1 values.
The reason for this discrepancy can be better understood if one analyses the concentration profiles
within the membrane. Such profiles for component B are shown in the upper part of figures 3 (for a low
Thiele modulus value, Φ1 = 10 ) and 4 (for a higher Thiele modulus value, Φ1 = 500 ), for a low
dimensionless contact time value ( Γ1 = 0.020 ). The figures refer only to initial fractions of the membrane
thickness, where the main gradient changes occur. The corresponding distributions of the grid points for
the fix grid method (M1) and determined by the adaptive method (M2), in terms of spatial location and
resolution level, are shown in the lower part of the same figures.
For a moderate Thiele modulus value ( Φ1 = 10 ), figure 3 indicates that the adaptation algorithm
allocates grid points up to a resolution level of 8 in the entrance region, where the profile shows a steeper
gradient. The fixed grid method (M1) with a resolution level of 7 is still able to describe the exact solution
accurately under these conditions. In figure 4, on the other hand, the resolution level in the adaptive grid
goes up to 11 in an initial fraction of the membrane, due to the much steeper initial gradient. M1, using
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Figure 3, Upper Part: Intramembrane concentration profile of component B obtained by methods M1, M2 and M3; Φ1 = 10 and
Γ1 = 0.020 . Lower Part: Grid points location used in M1 and M2. The other variables are the same as in Fig. 2.
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Figure 4, Upper Part: Intramembrane concentration profile of species B obtained by methods M1, M2 and M3; Φ1 = 500 and
Γ1 = 0.020 . Lower Part: Grid points location used in M1 and M2. The other variables are the same as in Fig. 2.

27 + 1 points in a fixed, equally spaced and homogeneous grid, is now completely unable to properly

represent the concentration profile in this region. In addition, it takes a higher computation time, as
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shown in table 1. In order to obtain the same accuracy as M2, a fixed grid method would have to use
211 + 1 points over the entire space domain. The adaptive method, by automatically allocating a high grid

density just to the relevant domain regions, guarantees that only the minimum necessary number of grid
points is used throughout the integration.

Table 1: CPU computation time as a function of the resolution level j obtained with methods M1 and M2 with the same variables as
in Fig. 2 and for Φ 2 = 500 and Γ2 = 0.020 . For M1, j indicates that the grid has a fixed number of 2 j +1 points; for M2 it
indicates the maximum number of grid points usable by the adaptation algorithm. The computations were performed in an AMD
Athlon® – 1.2 GHz with 256 Mb SDRAM.
Computation Time (s)

J

M1

M2

M1/M2

5

0.33

0.33

1

6

1.54

0.49

3.1

7

6.50

0.60

10.8

8

19.2

1.10

17.5

9

116.0

2.40

48.3

10

-

4.55

-

11

-

9.15

-

12

-

33.56

-

One very interesting aspect of a catalytic membrane reactor has to do with the possibility of, under
certain conditions, attaining conversion values above the thermodynamic equilibrium one [25] (section
2.1). This occurs, for instance, when the diffusion coefficients of the reaction products are higher than the
reactants ones. Figure 5 illustrates this aspect for the reaction under study in case 1, with a product
diffusivity 4 times higher than the reactant one. The other parameters are the same as in figure 2.
For sufficiently high dimensionless contact times, the relative conversion surpasses the unity as the
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Figure 5: Relative conversion of component A as a function of the Thiele modulus for different contact time values obtained with
methods M1, M2 and M3. D*i = (1 , 4) , S*i = (1 , 1) , piF* = (1 , 0) , P P* = 0.01 and Rk = 0.5 ). The parameters used in the adaptive
algorithm (M2) are: ε = 1 , 0 × 10 −5 and m = 4 . This figure reports to case 1.
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Thiele modulus increases. This occurs due to a “separation effect”: product B diffuses preferentially
through the membrane and therefore the local reaction equilibrium condition is shifted towards product
formation [25] (section 2.1). As the Thiele modulus increases further, the conversion goes through a
maximum and starts to decrease. After this turning point, the characteristic reaction time becomes lower
than the characteristic diffusion time and the backward reaction offsets the separation effect [25]
(section 2.1). Eventually, for sufficiently high Thiele modulus values, chemical equilibrium is attained
throughout all the membrane thickness and the conversion approaches the thermodynamic equilibrium
value. Because species A and B have different transport properties, total permeation condition is now
determined simultaneously by the Thiele modulus and relative permeate total pressure values,
considering that all the other parameters and variables have a fixed value.
Figure 5 also shows the differences in performance between the two simulation methods, for
different dimensionless contact times. As previously, both methods give identically accurate results for
low Thiele modulus values. For high Thiele modulus, on the other hand, M1 (with 27 + 1 grid points) either
underestimates or overestimates the correct conversion, depending on dimensionless contact time. The
wavelet-based method is still quite accurate though. This is again associated with the inability of the fixed
grid in describing the concentration profiles in the membrane when these exhibit sharp features. It is
interesting to note that now this does not occur only on a fraction of the membrane close to the upstream
surface (see figures 3 and 4) but also on a fraction of the membrane close to the downstream surface,
due to the separation effect [25] (section 2.1). Figure 6 shows how the wavelet-based method adapts the
grid to these circumstances, allocating the highest density of grid points to both regions close to the
membrane surfaces.
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6
0.00 0.01 0.02 0.03 0.04 0.05

0.95 0.96 0.97 0.98 0.99 1.00

Membrane Spatial Coordinate, ζ
Figure 6: Grid points location used in methods M1 and M2, with Φ1 = 500 and Γ1 = 0.025 . The other variables are the same as in
Fig. 5.

Figure 7 shows the total number of grid points used in the wavelet-based method (M2) as a function
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of the Thiele modulus and for a fixed dimensionless contact time. The number of grid points used is
always lower than 129 (the number of points used by the fixed grid method M1).
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Figure 7: Number of grid points as a function of the Thiele modulus used by methods M1 and M2, with Γ1 = 0.025 . The other
variables are the same as in Fig. 5.

Figure 8 shows, for case 2, the results of the relative conversion as a function of the Thiele modulus
for different dimensionless contact times. Once again, method M1 leads to misleading results, which are
actually present in the originally published work [27]. Not only the conversion is significantly
underestimated for sufficiently low dimensionless contact times, but also the constant conversion plateau
is erroneously predicted to start at too low values of Φ2 .
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Figure 8: Relative conversion of component A as a function of the Thiele modulus for different dimensionless contact time values
D*i = (1 , 1 , 6) , piF* = (0.5 , 0 , 0.5) , P P* = 0.518 , Pref = 191 kPa , T = 573 K and
6
3
K P = 4.471 × 10 kPa . The parameters used in the wavelets adaptive algorithm (M2) are: ε = 1 , 0 × 10 −5 and m = 4 . This figure
reports to case 2.
obtained by methods M1, and M2.
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5- Conclusions
As shown here for the two reaction systems conducted in catalytic membrane reactors, the existence
of sharp concentration gradients within the catalytic membrane may impair the theoretical modelling
work when a “conventional” numerical method, involving a fixed grid, is used. The model complexity may
also make it difficult to predict the best structure for a fixed non-homogeneous grid and to decide under
which operating conditions it should be used.
This work demonstrates how a fully adaptive wavelet-based collocation method can treat this
problem in an accurate and computation-efficient manner. Without demanding any prior knowledge of
the phenomenon involved, the algorithm allocates a high grid resolution/density to the domain regions
that presents sharp transitions, keeping the total number of grid points to the minimum necessary, for a
pre-defined error.

Nomenclature
Am Membrane surface area (case 1)

[m2]

c

Partial concentration

[mol/m3]

C

Total concentration

[mol/m3]

D

Diffusion coefficient

j

Resolution level

kd

Direct reaction rate constant

[s-1]

ki

Reverse reaction rate constant

[s-1]

KP

Reaction equilibrium constant (case 2)

L

Length of the membrane (case 2)

m

Wavelet order

[-]

P

Total pressure

[Pa]

p

Partial pressure

[Pa]

Q

Volumetric flow rate

r

Membrane spatial coordinate (case 2).

[m]

rt

Internal membrane radius (case 2)

[m]

ℜ

Universal gas constant

Rk

Ratio between the direct an reverse reaction rate constants (case 1)

S

Henry’s sorption coefficient

T

Absolute temperature

X

Conversion

z

Spatial coordinate relative to the membrane (case 1)

[m2/s]
[-]

[Pa3]
[m]

[m3/s]

[J/(mol K)]
[-]
[mol/(m3 Pa)]
[K]
[-]
[m]
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Greek Symbols
Γk

Dimensionless contact time parameter for reaction case k

δ

Membrane thickness

ε

Adaptive algorithm parameter (threshold)

[-]

ζ

Dimensionless spatial coordinate relative to the membrane (case 1)

[-]

ν

Stoichiometric coefficient (positive for products, negative for reactants)

[-]

ξ

Dimensionless spatial coordinate relative to the membrane (case 2)

[-]

Φk

Thiele modulus for reaction case k

[-]

[-]
[m]

Ψ A Relative conversion (ratio between the conversion of reactant A , X A , and the

thermodynamic equilibrium one based on the feed conditions, X AE )

[-]

Subscripts
i

Relative to the i th component

ref Relative to the reference conditions or component

[-]
[-]

Superscripts
*

Dimensionless variable

[-]

F

Relative to the feed stream conditions

[-]

P

Relative to the permeate stream conditions

[-]

R

Relative to the retentate stream conditions

[-]
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3.2- Simulating Catalytic Membrane Reactors Using Orthogonal
Collocation with Spatial Coordinates Transformation*

Abstract
It is presented in this study a new numerical scheme using orthogonal collocation together with an
independent variable (spatial coordinate) transformation, useful for solving the model equations
associated to membrane reactors with catalytic membranes. This new scheme takes advantage of a
noticeable feature of the concentration profile inside a catalytic membrane: close to the membrane
surfaces, this profile becomes steeper and steeper with the increase of the catalytic activity.
Using traditional numerical methods for solving the model equations of a membrane reactor with a
catalytic membrane, namely finite differences with equispaced intervals or orthogonal collocation, for
example, may lead to inaccurate results. In order to illustrate the ability of this new numerical scheme for
solving such type of equations, it is applied to the resolution of a case where an analytical solution is
⎯⎯
→ B , carried out in a catalytic
available (a generic gas phase reaction described by the scheme A ←⎯
⎯

membrane reactor with perfectly mixed flow pattern in both retentate and permeate sides). Then, the
same numerical scheme is used for solving the model equations describing the cyclohexane
⎯⎯
→ B + 3C , carried out in a porous membrane with the same flow pattern as above,
dehydrogenation, A ←⎯
⎯

and the results are compared with the ones obtained using an adaptive wavelet-based method. For these
two models, solutions were also obtained using straight orthogonal collocation and finite differences with
homogeneously distributed grid points for comparison sake. The obtained results show that this new
numerical approach is useful in dealing with such kind of problems, especially for high catalytic activity
(high Thiele modulus values), showing high accuracy and demanding low computation time. Finally, this
new scheme is applied to the resolution of a more complex model, namely a generic gas phase reaction
⎯⎯
→ B , carried out in a membrane reactor with plug flow pattern for both
described by the scheme 2 A ←⎯
⎯

retentate and permeate sides.

*

Journal of Membrane Science 243 (2004) 283-292
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1- Introduction
Membrane reactors for chemical catalysis are in a new group of technologies suitable to fill the
crescent need for more environmentally friendly and safe chemical processes. Despite the scientific
research in this area is essentially directed to the inorganic membrane reactors, mainly because of the
usually high temperatures and the, sometimes, aggressive chemical environments [1], the interest for
polymeric membranes has growing in the recent years, because these materials show some interesting
advantages over the inorganic ones [2-4]. This way, the theoretical knowledge of such reactors in order to
an improved understanding of their potentialities and limitations is of great importance.
The most commonly used numerical tools for simulating catalytic membrane reactors are finite
differences [5], orthogonal collocation [6] and, in a few cases, finite volume methods [7]. However,
numerical methods like finite differences (employing equispaced grid points), finite elements (employing
equispaced elements), or collocation (employing equispaced or orthogonal collocation points) may not
lead to the solution of the model equations with the desired accuracy, under some reaction and/or
operation conditions, unless a grid with a prohibitive number of points is used. An alternative method
consists in using algorithms that calculate the solution in an optimised grid. This was done, for example,
in a previous work by the authors [8] (section 3.1), where a wavelet-based grid adaptation algorithm was
used to model membrane reactors with catalytic membranes. Nevertheless, because its generality, it
needs a considerable amount of computation time, though still lower than the needed one when using an
equispaced grid for the same resolution level [8] (section 3.1). Another strategy to circumvent these
handicaps consists in using a suitable numerical method with a non-uniform distribution of the grid
points, collocation points or finite elements appropriated to the problem solution, i.e., a grid with high
density of points where the dependent variables present steep gradients and low density otherwise [7].
However, the implementation of such a non-uniform grid is only possible if some prior knowledge of the
problem solution behaviour is available.
When solving diffusion-reaction model equations, the concentration profiles for both reactants and
reaction products are a direct function of the so-called Thiele modulus or another parameter that relates
the catalytic activity. If a reversible reaction is carried out inside a catalytic membrane, porous or non-porous, we have found by experience that the concentration profiles for low Thiele modulus values are
smooth and its numerical solution is not a problem, whatever is the numerical method adopted. But, as
the Thiele modulus value increases, the concentration profiles become steeper and steeper close to the
membrane surfaces and smooth otherwise. Because this behaviour is known in advance, it is possible to
adapt a numerical method to improve its performance. This could be done developing an independent
variable transformation, function of the Thiele modulus, which allows solving the original problem over a
far smoother concentration profile.
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In this work, three different models of catalytic membrane reactors are solved using orthogonal
collocation in conjunction with the independent variable transformation here proposed. Orthogonal
collocation is a numerical method widely applied in chemical engineering problems. This method offers a
more stable and accurate solution of non-linear initial or boundary value problems and requires less
computation time than other traditional methods, like finite differences [9]. Solutions obtained with other
numerical methods are provided for comparison sake.
⎯⎯
→ B carried out in a membrane
One of such models consists of a generic gas phase reaction A ←⎯
⎯

reactor with a dense catalytic membrane, considering perfectly mixed flow pattern in both retentate and
permeate sides [8] (section 3.1). The analytical solution available for the mass balance equations
concerning the membrane provides a useful insight on the accuracy of the simulated results. Solutions
obtained with finite differences using equispaced grid points and with straight orthogonal collocation are
also provided. Henceforward, we will call this model as “model 1”. The second model, “model 2”, reports
to the cyclohexane dehydrogenation carried out in an annular catalytic porous ceramic membrane reactor
with the same flow pattern for both retentate and permeate sides as in model 1, a reaction system
already investigated by Sun and Khang [10]. A solution obtained with finite differences using equispaced
grid points or wavelet-based adapted grid [8] (section 3.1) is also provided.
Finally, a more complex model is given and the corresponding equations are solved using this new
numerical strategy. This model, henceforth called “model 3”, concerns a dense catalytic membrane
⎯⎯
→ bB .
reactor with plug flow pattern. The reaction considered is described by the generic scheme aA ←⎯
⎯

All of these models consider hypothetical (models 1 and 3) or specific (model 2) reactions. However,
the purpose of the present work is only to show the ability of the proposed numerical scheme to deal with
the resolution of this kind of problems in an efficient way and with a low computational effort. Anyway,
the application of this numerical approach to a concrete reaction system, in order to simulate correctly
experimental data, is a straightforward process.

2- Membrane Reactors Models
⎯⎯
→ B carried
Model 1, which was already reported [8], describes a generic gas phase reaction A ←⎯
⎯

out in a membrane reactor with a dense polymeric catalytic membrane and perfectly mixed flow pattern
in both retentate and permeate sides. Model 2, already investigated by Sun and Khang [10], describes the
cyclohexane dehydrogenation carried out in an annular catalytic porous ceramic membrane reactor, also
with perfectly mixed flow pattern for both retentate and permeate sides. Concerning model 3, figure 1
represents a sketch of the catalytic membrane reactor considered in such a case. It considers a generic
⎯⎯
→ bB , where A and B represent the reactants and products, respectively, with a ≠ b ,
reaction aA ←⎯
⎯

shell side feed and cocurrent operating modes. This model considers the following main assumptions:
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Figure 1: Schematic diagram of the dense catalytic tubular membrane reactor (for cocurrent flow and shell side feed).

1.

Steady state and isothermal conditions.

2.

Negligible film transport resistance.

3.

The flow pattern for the retentate and permeate streams is considered to be plug flow.

4.

Negligible drop in the total pressure along the retentate and permeate sides.

5.

Fickian transport through the membrane thickness.

6.

Sorption equilibrium between the bulk gas phase and the membrane surface described by Henry's
law.

7.

Constant diffusion and sorption coefficients.

8.

Elementary reaction rate law.

9.

Homogeneous catalyst distribution through the membrane.

10. The reaction occurs only on the catalyst nanoparticles surface.
11. Equal concentration on the catalyst surface and in the surrounding polymer matrix (any relationship

could be considered in principle, but this one simplifies the original problem without compromising
the main conclusions).
The mathematical model comprises the steady state mass balance equations for the membrane,
tube side and shell side, as well as the respective boundary conditions. The dimensionless model
equations are presented in the following sections. For its dimensionless form, see [11] (section 2.4).

2.1- Mass Balance and Boundary Conditions for the Membrane
⎛ d 2 c*i
dc*i
1
+
Di* ⎜
2
t
ζ + r / δ dζ
⎝ dζ

∆n
⎞
* a
* b (C ref )
2⎛
⎟ + ν i Φ ⎜ ( c A ) − (c B )
Rk
⎠
⎝

ζ = 1 (∀λ) , c*i (λ) = S*i piR* (λ)

⎞
⎟=0
⎠

i = A,B

ζ = 0 (∀λ) , c*i (λ) = S*i piP* (λ)

(1)
(2)

2.2- Mass Balances and Boundary Conditions for the Retentate Side
d ( QR* piR* ) ⎛
δ
− ⎜1 + t
dλ
r
⎝
P R*

δ
dQR* ⎛
− ⎜1 + t
dλ ⎝
r

λ = 0 , piR* = piF*

*
⎞ Γ D* dci
⎟ i
dζ
⎠

=0

i = A,B

(3)

=0

i = A,B

(4)

λ = 0 , QR* = 1

i = A,B

(5)

ζ=1 , λ

*
⎞ Γ D* dci
⎟ ∑ i
dζ
⎠ i

ζ=1 , λ
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2.3- Mass Balances and Boundary Conditions for the Permeate Side
d ( QP* piP* )
dλ
P P*

+ Γ D*i

dc*i
dζ

=0

i = A,B

(6)

i = A,B

(7)

i = A,B

(8)

ζ= 0 , λ

dc*i
dQP*
+ Γ ∑ D*i
dλ
dζ
i

=0
ζ= 0 , λ

λ = 0 , QP* = 0

The boundary condition for the partial pressure on the permeate side at λ = 0 is not necessary. piP*
could take any value, because QP* = 0 . The meaning of the variables is the following:
c*i = c i /Cref ,

S*i = Si /Sref ,

P* = P/Pref ,

D*i = Di /Dref ,

r − rt
,
δ

λ = z/L ,

p*i = pi /Pref ,

Cref = Pref Sref ,

ζ=

Q* = Q/Qref ,

2πr t LDref Cref ℜT
Γ=
,
δQref Pref

⎛ k ( C ) a −1
d
ref
Φ = δ⎜
⎜
Dref
⎝

1 /2

⎞
⎟
⎟
⎠

The subscript i refers to the i th component and the subscript ref refers to the reference component
or conditions. The superscripts F , R and P refer to the feed, retentate and permeate stream conditions,
respectively. The superscript * means dimensionless variables. Φ is the Thiele modulus [12] (section
2.1) and Γ is the dimensionless contact time [12] (section 2.1). The remaining symbols are referred in
the nomenclature. The feed pressure and feed flow rate are taken as reference for Pref and Qref . Species
A is taken as reference for Dref and Sref .

The attained conversion in the membrane reactor, X A , is calculated by the following equation:
XA = 1 −

P* P*
QR* pR*
A + Q pA
F* F*
Q pA

(9)

The relative conversion, Ψ A , defined as the ratio between the conversion of the reactant A reached
in the membrane reactor, X A , and the thermodynamic equilibrium conversion based on the feed
conditions, X AE , is used to evaluate the performance of the membrane reactor. For the sake of
comparison, the thermodynamic equilibrium conversion is considered to be the maximum achieved
conversion in the conventional catalytic reactor. The comparison between the performances of a catalytic
membrane reactor and of the more conventional counterpart catalytic reactor, in terms of the conversion
achieved, is made based on some assumptions reported before [12] (section 2.1).

3- Variable Transformation
The numerical solution of a differential equation using orthogonal collocation is accomplished in
collocation points that are the roots of orthogonal polynomials, in our case the Jacobi polynomials
Pi(

α J ,β J )

( ζ ) , with weight function ζ α (1 − ζ )β [9]. The parameters α J and β J , which values define different
J

J

types of polynomials, influence directly the precision and stability of the solution [9].
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Orthogonal collocation is not an adequate method to use when the solution presents sharp gradients
or derivatives [9], like the concentration profiles inside the catalytic membrane in the present study for
medium/high Thiele modulus values. Nevertheless, this inability could be overtaken if the position of the
mesh points is changed in such a way that a high density of collocation points is defined in the regions
where the dependent variables present steep gradients and a low density otherwise. One of the possible
transformations of the independent variable (membrane spatial coordinate) to reach this goal is defined
by the following equation:
ω

1 −ω

⎛ ζ + ζ0 ⎞
⎛ 1 + ζ0 ⎞
Ln ⎜
Ln ⎜
⎟
⎟
ζ
1 + ζ0 − ζ ⎠
ζt = ⎝ 0 ⎠ + ⎝
⎛ 1 + ζ0 ⎞
⎛ 1 + ζ0 ⎞
Ln ⎜
Ln ⎜
⎟
⎟
⎝ ζ0 ⎠
⎝ ζ0 ⎠

, ω, ζ , ζ t ∈ [0 ,1 ]

(10)

The numerical solution of a differential equation using orthogonal collocation is accomplished in
collocation points that are the roots of orthogonal polynomials, as was said a few lines above. So, it is
necessary that the points of the transformed mesh, defined by ζ t , are the roots of such orthogonal
polynomials. Indeed, what it is defined is the mesh ζt (which points are the roots of the orthogonal Jacobi
polynomials) and, from this mesh, it is defined another mesh with the desired features in terms of the
density of collocation points, defined by ζ . This new mesh is calculated from ζ t through the inverse of
equation (10). We will return to this point later, after to define equations (12) and (13).
The parameter ω in equation (10) is a weight factor. The first term in equation (10) is the
responsible for the displacement of the non-transformed collocation points towards the left of the
domain, once defined the orthogonal collocation points in ζt , while the second term is the responsible for
the opposite direction displacement. The parameter ζ 0 defines the transformation level, i.e., the degree
of the displacement of the orthogonal collocation points towards the limits of the domain, as shown in
figure 2 for ω = 0.5 . Top-line contains the orthogonal collocation points defined in the variable ζ t , which

ζ0 → ∞

ζ 0 =1

ζ 0 =0.1

ζ 0 =0.01

ζ 0 =0.001

0.0

0.2

0.4

0.6

0.8

1.0

Position of the Spatial Mesh Points, ζ
Figure 2: Location of orthogonal collocation points for N = 11 and ω = 0.5 in the variable ζ t and reverted to the variable ζ as a
function of ζ0 . Top-line defines collocation points for both ζ and ζ t (orthogonal, in this case) variables.

3.2- Simulating Catalytic Membrane Reactors Using Orthogonal Collocation with Spatial Coordinates Transformation 179

are coincident with the ones defined in the variable ζ for ζ 0 → ∞ . We should emphasize that this
numerical strategy could be applicable, in principle, to a several kind of problems usual in chemical
engineering, whenever the profiles of the dependent variables present sharp gradients and supposing that
some knowledge concerning the solution behaviour is available.
Concerning specifically to the present catalytic membrane reactor models, the parameter ζ 0 was
defined as a function of the Thiele modulus according the following relation:
ζ0 =

1
K1 + K 2 Φ

(11)

Parameters K1 and K 2 can be defined directly by the user or could be calculated from imposed
conditions in ζ 0 : for low Thiele modulus values (ΦL ) , the grid should stay unaltered and a high value of
ζ 0 , here designed as ζ H0 , should be assigned. For high Thiele modulus values (ΦH ) , the value of ζ 0 , here

designed as ζ L0 , should be low and, for its turn, can be calculated from the imposition of the value of
ζ(2) , i.e., the value for the minimum sub-interval of the mesh in ζ , here designed as ζ2min .

From what was just said, it can be referred that equation (1) can be solved directly in the mesh ζ or
can be solved in the mesh ζt . For the first option (mesh ζ ), the convergence of the numerical method is
lower than the one of the orthogonal collocation and the has to deal with values that can be very low

( ζ ) . Relatively to the second option (mesh
min
2

ζ t ), the solution is obtained by collocation orthogonal.

However, equation (1) has to be suitably transformed for this case, making use of the chain rule:
dc*i dc*i dζ t
=
;
dζ dζ t dζ

2

d 2 c*i
d 2 c*i ⎛ dζ t ⎞ dc*i d 2 ζ t
=
⎜
⎟ +
dζ2 d (ζ t )2 ⎝ dζ ⎠ dζ t dζ2

(12)

resulting
⎡ d 2 c*i ⎛ d ζ t ⎞2 ⎛ d 2 ζ t
1
dζ t
Di* ⎢
+
+
⎟ ⎜ 2
t 2 ⎜
ζ t + r t / δ dζ
⎣⎢ d (ζ ) ⎝ d ζ ⎠ ⎝ d ζ

∆n
⎞ dc*i ⎤
* a
* b (C ref )
2⎛
(
c
)
(
c
)
+
ν
Φ
−
⎥
⎜ A
⎟ t
i
B
Rk
⎠ d ζ ⎦⎥
⎝

⎞
⎟=0
⎠

(13)

Summarizing, the solution of equation (1) in the collocation points defined in the variable ζ is the
solution of equation (13) in the orthogonal collocation points defined in the variable ζt . The mesh defined
in ζ t contains collocation points that are the the roots of the orthogonal Jacobi polynomials and the mesh
defined in ζ contains collocation points that are not orthogonal, but instead are obtained from the points
defined in ζ t through the inverse of equation (10). We followed the option of solving the the equation
transformed in the orthogonal mesh, as descrived in the following.
One advantage of the orthogonal collocation method is that the transformation functions defined by
equation (12) can be built into the trial functions [9], thereby reducing the number of numerical
calculations to be performed when the equation to be solved is evaluated, as it can be seen comparing
equations (1) and (13). Indeed, the differential terms defined in equation (12) are only function of the
spatial coordinate and can be incorporated into the weight matrices as described in [9] — here referred as
transformed matrices strategy —, instead of incorporated into the differential equations to be solved,
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equation (13) — here referred as transformed integrating equations strategy. We should refer at this point,
however, that the results were just about the same, in terms of computation time and accuracy,
regardless the described strategies used. So, it will be used in this work the transformed matrices
scheme, which is briefly described in the following.
Our trial function to describe the solution of equation (1), though in the variable ζ t , is of the type:
N +2

c*i ( ζ tj ) = ∑ w k ( ζ tj )

k −1

j = 1, 2, ......, N + 2

;

(14)

k =1

where N is the number of internal collocation points and w k is a weight coefficient. In a matrix
formulation, we have:
Q j ,k = ( ζ tj )

c i* ( ζ t ) = Qw ⇔ w = Q −1c i* ( ζ t ) ;

k −1

;

k, j = 1, 2, ......, N + 2

(15)

j = 1, 2, ......, N + 2

(16)

j = 1, 2, ......, N + 2

(17)

k, j = 1, 2, ......, N + 2

(18)

k, j = 1, 2, ......, N + 2

(19)

From equation (14), the first and second derivatives are given by:
dc*i ( ζ tj )
dζ

t

k −2

;

k =1

d 2 c*i ( ζ tj )
d (ζ

N +2

= ∑ ( k − 1 ) w k ( ζ tj )

)

t 2

N +2

= ∑ ( k − 1 )( k − 2 ) w k ( ζ tj )

k −3

;

k =1

or, in a matrix formulation:
dc i*
= Cw = CQ −1c i* = Ac i* ;
dζ t
d 2c i*

d (ζ

)

t 2

C j ,k = ( k − 1 ) ( ζ tj )

k −2

;

= Dw = DQ −1c i* = Bc i* ; D j ,k = ( k − 1 )( k − 2 ) ( ζ tj )

k −3

;

Substituting equations (18) and (19) into equation (13), it results a set of non-linear algebraic
equations, which are defined in a matrix formulation as follows:
2 t
⎡ * ⎛ d ζ t ⎞2
1
dζt
*⎛d ζ
D ⎢Bc i ⎜
⎟ + Ac i ⎜ 2 + t t
ζ + r / δ dζ
⎢⎣
⎝ dζ ⎠
⎝ dζ
*
i

∆n
⎞
⎞⎤
* a
* b (C ref )
2⎛
⎟=0
⎟ ⎥ + ν i Φ ⎜ (c A ) − ( c B )
R
⎠ ⎥⎦
⎝
⎠
k

(20)

These equations represent the “transformed integrating equations strategy” referred a few lines
above. However, analysing equation (20), it becomes clear that it can be simplified, incorporating the
terms dζ t / dζ and d 2 ζ t / dζ 2 from equation (12) into the matrices of coefficients A and B , resulting
l and B
 defined as follows:
this way new matrices A

dc i* l *
= Ac i ;
dζ t
d 2c i*  *
= Bc i ;
d (ζ t )2

t
l j ,k = A dζ
A
j ,k
dζ

;

k, j = 1, 2, ......, N + 2

(21)

k, j = 1, 2, ......, N + 2

(22)

ζj

2 t
 j ,k = A d ζ
B
j ,k
dζ 2

ζj

⎛ dζ t
+ B j ,k ⎜
⎜ dζ
⎝

2

ζj

⎞
⎟ ;
⎟
⎠

This way, the equation to be solved (eq. (13)) is simplified to a form alike the original one (eq. (1)):
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⎛
⎛ d 2 c*i
(C ) ∆n ⎞
dc*i ⎞
1
Di* ⎜
+ t t
+ ν i Φ 2 ⎜ (c*A ) a − (c*B ) b ref
⎟=0
t 2
t ⎟
ζ + r / δ dζ ⎠
Rk ⎠
⎝ d (ζ )
⎝

(23)

or, in a matrix formulation:
∆n
⎡ * l * ⎛
⎞⎤
1
2⎛
* a
* b (C ref )
B
A
(
c
)
(
c
)
c
c
+
+
ν
Φ
−
⎢ i
i ⎜ t
B
⎟⎥ i ⎜ A
t
Rk
⎝ ζ + r / δ ⎠⎦
⎝
⎣

⎞
⎟=0
⎠

(24)

The mass balances for the tube and shell sides, eqs. (3), (4), (6) and (7), were solved using the same
strategy, though with a different independent variable transformation (eq. (10)) and trial functions, (eq.
(14)).
When solving the mass balance equations for the tube side, the concentration profiles become
steeper and steeper towards the reactor entrance for higher and higher Thiele modulus values. In this
way, there is the need of a higher concentration of collocation points at the reactor inlet for higher Thiele
modulus values. So, it was considered ω = 1 in equation (10) and the accordingly change of the spatial
coordinate ζ or ζt to λ or λ t , resulting in this way:
⎛ λ + λ0
Ln ⎜
λ0
λt = ⎝
⎛ 1 + λ0
Ln ⎜
⎝ λ0

⎞
⎟
⎠ λ , λ t ∈ 0 ,1
[ ]
⎞
⎟
⎠

(25)

The meaning of λ 0 is the same as ζ 0 , but now for ω = 1 . The dependence between λ 0 and Φ is
the same as described by equation (11), considering the suitable change of the variables related with ζ
by the equivalent variables related with λ .
The trial function to describe the solution of equation (3) (and equations (4) and (7) with the suitable
variables change) is of the following form:
N +1

piR* ( λ tj ) = piF* + ∑ ak ( λ tj )

k −1

j = 2, 3, ......, N + 1

;

(26)

k =1

The solution of equation (6) is described by the following trial function:
N +1

piP* ( λ tj ) = ∑ ak
k =1

((λ − 1 )
t
j

i +1

)

−1 ;

j = 1, 2, ......, N + 1

(27)

The methodology for solving these equations is the same as described above for solving the
equations relative to the membrane.

4- Numerical Solution Strategy
The general strategy considered in this work for solving the equations of model 3 is the same that
was used for solving the already described ones for model 1 and model 2 [8] (section 3.1): to overcome
numerical instability problems, especially for high Thiele modulus values, a time derivative term was
added to the right-hand side of equations (1), (3) and (6), transforming this problem into a pseudo-
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-transient one. These partial differential equations were spatially discretized using orthogonal collocation
[9]. The time integration routine LSODA [13] was then used to integrate the resulting set of time
dependent ordinary differential equations. The solution is considered to reach the steady state when the
time derivative of each dependent variable and for each of the spatial coordinate is smaller than a pre-defined value. Equations (4) and (7) were also spatially discretized using orthogonal collocation [9] and
solved explicitly in order to the volumetric flow rate. To obtain a solution with high accuracy and an
acceptable computation time, it was applied the variable transformation of the spatial coordinates
(collocation points for the membrane and for the tube/shell sides) as a function of the Thiele modulus
value, as described in the previous section. The number of collocation points, either for the membrane or
for the tube/shell sides, affects directly the solution accuracy and the required computation time [9].
Despite the number of collocation points needed could be a function of the Thiele modulus value, it was
used for all simulations 9 internal collocation points for the tube/shell (model 3) and 11 internal
collocation points for the membrane (all models).

5- Results and Discussion
Figure 3 shows, for model 1, the relative conversion as a function of the Thiele modulus and for
different dimensionless contact time values obtained with four different numerical approaches. The first
method (hereafter designated as M1) employs finite differences with uniformly spaced grid, which
number of points was chosen as a compromise between the computation time and accuracy. The second
method (hereafter designated as M2) uses straight orthogonal collocation, a numerical method also used
in modelling catalytic membrane reactors [6], while the third method (hereafter designated as M3) uses
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Figure 3: Relative conversion of component A as a function of the Thiele modulus for different dimensionless contact time values
obtained by methods M1, M2, M3 and M4. ν i = (1 , 1) , D*i = (1 , 1) , S*i = (1 , 0.1) , piF* = (1 , 0) , P P* = 0.1 , Rk = 0.25 ; N = 81 for
method M1, N = 11 for methods M2 and M3; ζ2min = 0.00025 , ζ H0 = 5 , ΦL = 0.01 , ΦH = 1000 , α J = β J = 0 . This figure refers to
model 1.
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orthogonal collocation with the described independent variables transformation. Finally, M4 designates
the semi-analytical solution (obtained from the analytical solution of the mass balance equations for the
membrane and the numerical solution for the retentate and permeate mass balance equations [8],
section 3.1). The differences between the results obtained by these different numerical approaches are
clear in this figure. Such differences increase as the Thiele modulus value increases and as the
dimensionless contact time value decreases, for a medium/high Thiele modulus values range. The reason
for this discrepancy can be found in the ability how the different methods are able to capture the steep
gradients close to the membrane surfaces, as it was discussed in a previous work [8] (section 3.1). Figure
4 shows the molar fraction profiles inside the membrane for component A obtained with methods M3
and M4, plotted in a transformed ( ζ t ) and in a non-transformed ( ζ ) independent variable. As it can be
seen, the solution accuracy obtained with method M3 is quite good. Indeed, while the true profiles are
very steep near the membrane surfaces, the effectively calculated ones in the transformed variable ( ζ t )
are much smoother. It is also noticeable that the solution obtained using straight orthogonal collocation
(M2) with 11 collocation points is still better than the one obtained with 3 points centred finite differences
(M1) in an equispaced grid with 81 points (figure 3).

Component A Molar Fraction, yA
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Figure 4: Molar fraction profiles inside the membrane for component A with Φ = 500 and Γ = 0.01 . The remaining variables have
the same values as in figure 3.

Table 1 shows the absolute computation times for obtaining the results showed in figure 3 with
Γ = 0.01 . As it can be seen, it was possible to attain high accuracy and low demand of computation time

using this new numerical scheme. These results concern to simple equations models with constant input
parameters, like the sorption and diffusion coefficients, and isothermal conditions. If models more close
to the real systems were used, where the possible effects of the concentration and temperature should be
taken into account, the computational times increase. However, the ratio between them should keep
favourable to this new numerical scheme.

184 Chapter 3: Numerical Methods for Catalytic Membrane Reactors

Table 1: CPU computation time for methods M1, M2 and M3 with the same variables as in Fig. 3 and for Γ = 0.01 . The
computations were performed in an AMD Athlon® – 1.2 GHz with 256 Mb SDRAM.
Method

Grid/Collocation Points Number

Computation Time (s)

M1

81

30.05

M2

11

2.40

M3

11

2.95

Figure 5 shows, for model 2, a comparative result of the relative conversion as a function of the
Thiele modulus and for different dimensionless contact time values, obtained with methods M1, M2, M3
and M5. In this case, M5 represents the solution obtained with an automatic adaptive wavelet-based
algorithm [8] (section 3.1). Again, it is evident the discrepancy among the results obtained with the
different methods, especially for medium/high Thiele modulus and low/medium dimensionless contact
time values.
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Figure 5: Relative conversion of component A as a function of the Thiele modulus for different dimensionless contact time values
obtained by methods M1, M2, M3 and M5. ν i = (1 , 1 , 3) , D*i = (1 , 1 , 6) , piF* = (0.5 , 0 , 0.5) , P P* = 0.518 , Pref = 191 kPa ,
K P = 4.471 × 106 kPa3 , T = 573 K ; N = 51 for method M1, N = 11 for methods M2 and M3; ζ2min = 0.00025 , ζ H0 = 5 , α J = β J = 0 ,
ΦH = 1000 , ΦL = 0.01 . The parameters used in the wavelets adaptive algorithm (M5) are [8]: ε = 1 , 0 × 10 −5 and m = 4 . This
figure refers to model 2.

The performance showed by the different numerical approaches for solving models 1 and 2 illustrate
how the orthogonal collocation with the independent variable transformation is able to deal with the
simulation of catalytic membranes in membrane reactors. It is now plotted in figure 6 the relative
conversion corresponding to model 3 (catalytic membrane reactor with plug flow pattern in both retentate
and permeate sides) as a function of the dimensionless contact time and for different Thiele modulus
values, calculated using method M3 applied to the equations concerning the membrane, tube side and
shell side. Due to its complexity, no other numerical approach was used to solve this model. This figure
reports to a case with the stoichiometric coefficients ν A = 2 and νB = 1 and with a permeability of
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component B lower than the one of component A (equal sorption and lower diffusion coefficients).
These results show the simultaneous influences of the relative permeabilities and of the total
concentration gradient across the membrane in a chemical equilibrium reaction with a negative net
change of the total moles number ( ∆n < 0 ).
We showed in a previous work [14] (section 2.3) that the maximum attainable conversion for a
reaction with ∆n = 0 , plug flow pattern and with the same sorption and diffusion coefficients as the ones
considered in the present study is the thermodynamic equilibrium one, when Φ → ∞ . Such results, drove
exclusively by the different permeabilities, selective separation effect, are stressed in the present study
for low Thiele modulus values, whatever is the dimensionless contact time value (figure 6). For medium to
high Thiele modulus values, the net change of the total moles number, connected with the total
concentration gradient − the total concentration effect − becomes dominant. In such a case, we should
distinguish clearly two regions: the conversion increases quickly with the dimensionless contact time for
low values of this parameter until reach a maximum, decreasing then in a slower way for medium to high
contact time values.

Φ=

10

Model 3

00

=8
Φ

1.5

Φ =2

Relative Conversion, ΨA

5

2.0

Φ=

4
Φ =2

1.0

Φ =1

0.5

Φ=0.5
Φ=0.25

0.0
0.0

Φ=0.1

0.3

0.6

0.9

TP L

1.2

Contact Time, Γ

Figure 6: Relative conversion of component A as a function of the dimensionless contact time for different Thiele modulus values

obtained by method M3. ν i = (2 , 1) , D*i = (1 , 0.1) , S*i = (1 , 1) , piF* = (1 , 0) , P P* = 0.1 , Pref = 100 kPa , Sref = 1 mol / ( kPa .m3 ) ,
T = 300 K , Rk = 0.0039 m3 /mol ; N = 51 for the membrane and N = 9 for tube and shell sides; ζ2min = 0.00025 , ζ H0 = 5 ,
λ 2min = 0.0001 , λ H0 = 5 , ΦL = 0.01 , ΦH = 1000 , α J = β J = 0 . TPL: Total Permeation Line. This figure refers to model 3.

For low dimensionless contact time values, the conjugation of the chemical reaction consumption
of the reactant and its higher permeability is not enough to deplete it until the minimum value imposed
by the local equilibrium condition. Thus, the conversion increases with the dimensionless contact time
due to a more effective catalyst usage, i. e., the fraction of reactant lost in the retentate flow rate
decreases. The maximum conversion reached (for an instantaneous reaction and very low dimensionless
contact time) is higher than the thermodynamic equilibrium one, contrarily to the case when ∆n = 0 and
despite the negative effect of the decrease of the total concentration gradient in reactions with ∆n < 0
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[15] (section 2.2). This apparently contradictory effect results from the overall sorption capacity of the
membrane. For this set of parameters, the reaction occurs at the upstream membrane surface, so at the
highest possible concentration. Therefore, the gradient of the total concentration across the membrane
does not influence the attained conversion, because the contribution for the reactor performance depends
almost exclusively on the retentate stream conditions. Comparing the assumed value of Cref for the
membrane ( 100 mol/m3 ) and the equivalent value in the gas phase ( Pref /(ℜTref ) ≈ 40 mol/m3 ), it
becomes clear that the membrane actuates as an overall concentrator. As in a conventional catalytic
reactor, an increase of the global concentration for reactions with ∆n < 0 increases the conversion.
After the maximum conversion is attained, an increase in the dimensionless contact time leads to a
decrease of the conversion until the total permeation condition (defined by the total permeation line, TPL,
[12], section 2.1) is reached. Now, the reactant concentration is in its minimum value defined by the
equilibrium condition and its higher permeability promotes the backward reaction, like what happens in a
conventional catalytic reactor when subject to a decrease in pressure. As a consequence of this
behaviour, the conversion is penalized.

6- Conclusions
A new numerical strategy to solve the model equations of membrane reactors with catalytic
membranes is proposed. It was verified that, in such systems, the concentration profile inside the
membrane is steeper close to its surfaces and smooth otherwise. According to this feature, a
transformation of the independent variable was proposed. This transformation expands the domain close
to the membrane surface (where the profiles are steeper) allowing to the numerical method to deal with
smoother profiles. The model equations concerning two different reaction systems, for which an
independent solution with high accuracy is available, were solved using orthogonal collocation with the
independent variable transformation. Comparing the different numerical results, this new methodology
proved to be effective in obtaining the respective solution with good accuracy and low demand of
computation time.
This new numerical strategy was also used to simulate a more complex model, a catalytic
membrane reactor with plug flow pattern in both tube and shell sides and for a generic reaction described
⎯⎯
→ B . The obtained results, considering a stoichiometry with ∆n < 0 , total
by the scheme 2 A ←⎯
⎯

concentration gradient across the membrane and lower diffusion coefficient for the reaction product (with
equal sorption coefficients for all reaction species), showed that, even in such conditions, the maximum
reached conversion could be substantially higher than the thermodynamic equilibrium value, due to the
membrane actuates as a concentrator of the reaction species. The utilization of this numerical procedure
could be extended to all kind of problems where the profiles tend to be sharp close to the frontiers.
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Nomenclature
a

Stoichiometric coefficient of the reactant

[-]

b

Stoichiometric coefficient for the reaction product

[-]

c

Partial concentration

[mol/m3]

C

Total concentration

[mol/m3]

D

Diffusion coefficient

kd

Direct reaction rate constant

[(mol/m3)1 -a/s]

ki

Reverse reaction rate constant

[(mol/m3)1-b/s]

L

Reactor length

N

Number of collocation points

P

Total pressure

[Pa]

p

Partial pressure

[Pa]

Q

Volumetric flow rate

r

Spatial coordinate relative to the membrane

[m]

rs

External membrane radius (shell side)

[m]

rt

Internal membrane radius (tube side)

[m]

ℜ

Universal gas constant

Rk

Ratio between the direct an reverse reaction rate constants

S

Henry’s sorption coefficient

T

Absolute temperature

X

Conversion

z

Spatial coordinate relative to the tube/shell

[m2/s]

[m]
[-]

[m3/s]

[J/(mol K)]
[(mol/m3)b-a]
[mol/(m3 Pa)]
[K]
[-]
[m]

Greek Symbols
Γ

Dimensionless contact time parameter

δ

Membrane thickness

∆n

Net change of the total moles number ( b − a )

[-]
[m]
[-]

ζ , ζ t Dimensionless spatial coordinates relative to the membrane

[-]

λ , λ t Dimensionless spatial coordinates relative to the tube/shell

[-]

ν

Stoichiometric coefficient (positive for products, negative for reactants)

[-]

Φ

Thiele modulus

[-]

Ψ A Relative conversion (ratio between the conversion of reactant A , X A , and the

thermodynamic equilibrium one based on the feed conditions, X AE )

[-]
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Subscripts
i

Relative to the i th component

[-]

j

Relative to the j th collocation point

[-]

ref Relative to the reference conditions or component

[-]

Superscripts
*

Dimensionless variable

[-]

F

Relative to the feed stream conditions

[-]

P

Relative to the permeate stream conditions

[-]

R

Relative to the retentate stream conditions

[-]
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4.1- Study of Consecutive-Parallel Reactions in non-Isothermal
Polymeric Catalytic Membrane Reactors*

Abstract
This work reports the development of a theoretical model to analyze the performance of a
completely back-mixed membrane reactor with a polymeric catalytic membrane for conducting a
consecutive-parallel reaction system given by the generic scheme A + B → C and B + C → D . This model
is applied to the hydrogenation of propyne to the intermediate propene, followed by the deeper
hydrogenation to propane. A non-isothermal and non-adiabatic one-dimensional pseudo-homogeneous
reactor model was used. A theoretical analysis based on the Thiele modulus, dimensionless contact time
and Stanton number parametric space was performed for the propyne concentration in the permeate
stream, as well as the main reactants (propyne and hydrogen) conversion and the intermediate product
(propene) selectivity and overall yield. Different values for the sorption and/or diffusion coefficients of the
main reactant hydrogen are considered, for fixed values of the other model parameters, namely the
modified heat Peclet number, Arrhenius number and ratio of the reaction rates, among others.
Such an analysis was made by comparing the results from the catalytic membrane reactor (CMR)
with the ones from a conventional catalytic reactor with perfectly mixed flow pattern (CSTR), which was
considered to be loosely equivalent, in terms of the achieved conversions, selectivities and overall yields,
to a catalytic membrane reactor with a non-selective membrane (that is, where all sorption and diffusion
coefficients are equal) and operating at the total permeation condition (that is, no retentate flow rate
leaving the reactor).
For the parameter values considered, It was concluded that lower concentration of propyne in the
permeate stream can be achieved if the sorption and/or diffusion coefficients of hydrogen are higher than
the ones of the hydrocarbons. Such relative values can also benefit the increase of the conversion of
propyne and the selectivity and overall yield to the intermediate product (propene). These results occur in
some regions of the Thiele modulus parametric space, for medium to high Stanton number values and for
the dimensionless contact time defined by the total permeation condition.

*

Chemical Engineering Science (submitted)
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1- Introduction
Theoretically speaking, the combination of a chemical reaction and separation modules in a single
processing unit − a catalytic membrane reactor − should have several advantages over the conventional
arrangement of a chemical reactor followed by a separation unit. Among other advantages that can be
explored in this new configuration [1], two main ones can be identified. In one hand, a membrane reactor
can be used to increase the overall conversion above the thermodynamic value for equilibrium-limited
reactions, by a selective product removal [2-4]. On the other hand, a segregated feed of the reactants can
be used to improve the selectivity and/or overall yield to an intermediate product in complex reactive
systems and/or to control the reactor temperature, improving thus operation safety [5-8].
Most of the potential applications for this new technology refer to the ensemble of processes
conducted at high temperatures, from 300 °C to 1000 °C [1, 9]. As a consequence, only inorganic
membranes, ceramic or metallic, are able to operate in such harsh conditions. Nevertheless, beyond the
applications in the field of biocatalysis [1, 10], catalytic polymeric membranes can also be integrated in
membrane reactors to be used in specific areas where processes are conducted in mild conditions. Some
examples are: fine chemical synthesis [11-13] and partial hydrogenation of alkynes and/or dienes to
alkenes [14-16], among others [17-19]. For example, the selective hydrogenation of impurities like
propyne and propadiene in an industrial propene stream is an important reaction in the petrochemical
industry [14, 20]. As a monomer for the production of polypropylene, the purified propene should contain
less than 10 ppm of propadiene and 5 ppm of propyne [14]. On the other hand, typical industrial propene
streams produced by steam cracking contain about 5% of such species [20]. Ideally, such impurities
should be removed selectively. Among the methods known for alkynes and dienes removal, catalytic
hydrogenation is the most elegant one. Under adequate conditions, it reduces the content of the highly
unsaturated compounds (they may even be completely removed), avoiding, however, the deeper
hydrogenation to the correspondent alkane or other possible reactions. As a result, the overall yield to the
olefins may even be improved. Moreover, selective hydrogenation is a relatively simple process to
implement and is efficient and easy to operate.
The study of the overall yield and/or selectivity to the intermediate product, in the context of catalytic
membrane reactor processes, is a subject of some interest among the scientific community, according to
the number and diversity of papers available on the open literature [1, 5, 8, 21-25]. Some studies focus
on the improvements that can be achieved with a distributed feed of a reactant alongside a tubular
reactor [5, 22, 23, 25]. Others analyse the impact on the intermediate product overall yield of a strategy
based in a segregated feed of the reactants [8]. The membranes considered in such works are all
inorganic in nature, catalytic [8, 21] or inert [5, 22-25]. These papers report modelling analysis alone [5, 8,
25], experimental work alone [21, 24] or both modelling analysis and experimental work [22, 23]. Some
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other papers report selective hydrogenations conducted in a membrane reactor with polymeric catalytic
membranes [14-16, 26-30]. Neither of the former studies considers any modelling analysis.
The present work intends to analyse in which conditions a catalytic polymeric membrane reactor can
take advantage of its diffusivity and sorption selectivity to out-perform a conventional reactor. The
consecutive-parallel

reaction

system

A+B → C

and

B+C → D ,

describing

the

consecutive

hydrogenation propyne→propene→propane, is considered. Such an analysis is made considering four key
variables: the concentration of propyne (species A) on the permeate stream, the conversion of the main
reactants hydrogen (species B) and propyne and the selectivity and overall yield to the intermediate
product (propene, species C). A non-isothermal mathematical model considering the solution-diffusion
model for the transport through the membrane is assumed. The results will be defined in terms of
parametric space for the Thiele modulus (a measure of the catalytic activity of the membrane), Stanton
number (a measure of the heat release) and dimensionless contact time (a measure of the feed flow
rate), for a set of selected values of some other quantities, namely the dimensionless diffusion and
sorption coefficients, the feed composition ratio, the reaction rates ratio, the activation energies ratio, the
Arrhenius’ number, among others.
In principle, the conversion of propyne and the selectivity to propene could benefit from a
permselective catalytic membrane. For example, if the intermediate product propene sorbs poorly and
diffuses quickly across the membrane, the reaction selectivity to this species would be improved. On the
other hand, if the membrane has a high sorption and a low diffusivity towards reactant propyne, its
conversion would also be improved. An increase of the selectivity towards the intermediate product
(propene) can also be achieved by keeping the concentration of hydrogen at a low level. It should be
emphasized, nevertheless, that these results would be expectable only if the reaction rates depend
directly on the concentration of the reactant species.

2- Model Development
The catalytic membrane reactor considered in this study has the general features depicted in figure
1. A flat membrane with external surface area Am and thickness δ holds the catalyst particles distributed
homogeneously and divides the reactor in two chambers, the retentate and the permeate ones. A

QF , P F , piF
z=0

Retentate Chamber

QR , P R , piR

Catalytic Membrane
z=δ

Permeate Chamber

QP , P P , piP

Figure 1: Schematic diagram of the catalytic membrane reactor.
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consecutive-parallel reactive scheme with irreversible reactions is considered, as mentioned above.
Additional assumptions will be described as the governing equations are introduced along the text. The
steady state mass and energy balance equations are presented in the following sections.

2.1- Mass Balance for the Membrane
Di

d 2 ci 2
+ ∑ νij k j ( T ) f j ( c i ) = 0
dz 2 j =1

i = A,B,C ,D

(1)

where i refers to the i th component and j refers to the j th reaction, D is the effective diffusivity, c is
the concentration inside the membrane (sorbed phase) and z is the spatial coordinate perpendicular to
the membrane surface. ν is the stoichiometric coefficient, taken negative for reactants, positive for
reaction products and null for the components that do not take part in the reaction. f is the local reaction
rate function, which is given by the following rate expressions:
f1 ( ci ) = c A cB

i = A,B,C

(2)

f2 ( ci ) = cB

i = B,C ,D

(3)

Some justification about this choice for the rate expressions will be provided later (section 4.1). k ( T ) is
the reaction rate constant at the temperature T inside the membrane. The reaction rate constants are
assumed to follow the Arrhenius’ temperature dependence:
⎡ E ⎛1 1
E
k1 ( T ) = k10 exp ⎛⎜ − 1 ⎞⎟ = k1 ( Tref ) exp ⎢− 1 ⎜ −
⎝ ℜT ⎠
⎢⎣ ℜ ⎝ T Tref
⎡ E
E
k2 ( T ) = k20 exp ⎛⎜ − 2 ⎞⎟ = k2 ( Tref ) exp ⎢− 2
T
ℜ
⎝
⎠
⎣⎢ ℜ

⎞⎤
⎟⎥
⎠ ⎥⎦

(4)

⎛ 1 1 ⎞⎤
⎜ −
⎟⎥
⎝ T Tref ⎠ ⎥⎦

(5)

where k 0j and E j are the pre-exponential reaction rate constant and the activation energy for reaction j ,
respectively. ℜ is the gas constant and the subscript ref refers to the reference species or conditions.

2.2- Energy Balance for the Membrane
λe

dc ⎞ dT 2
d 2T 4 ⎛
+ ∑ ⎜ Cpi (T )Di i ⎟
+ ∑ ( −∆H rj ) k j ( T ) f j ( ci ) = 0
2
dz
dz
dz
i =1 ⎝
j =1
⎠

i = A,B,C ,D

(6)

where λ e is an effective thermal conductivity that depends on both thermal conductivities of the solid
and sorbed species. ∆H r is the reaction enthalpy and Cp is the heat capacity in the sorbed phase.
The corresponding boundary conditions for the mass and energy balances are as follows:
z = 0 , ci = Si piR and T = T R

z = δ , c i = Si piP and T = T P

(7)

where the superscripts R and P refer to the retentate and permeate stream conditions. S is the
partition coefficient between the bulk gas phase and the membrane surface, according to Henry’s law, p
is the partial pressure in the bulk gas phase and δ is the membrane thickness. It is assumed that there is
no gas film resistance to heat or mass transfer between the bulk gas phase and the membrane surface.
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2.3- Partial and Total Mass Balances for the Retentate Side
QF piF QR piR
dc
=
− Am Di i
F
R
ℜT
ℜT
dz

i = A,B,C ,D

(8)

i = A,B,C ,D

(9)

z =0

4
dc
QF P F QR P R
=
− Am ∑ Di i
F
R
dz
ℜT
ℜT
i =1

z =0

where Q is the volumetric flow rate and P is the total pressure. The superscript F refers to the feed
stream conditions. It is assumed that the flow pattern in the retentate chamber is perfectly mixed and
that there is a negligible drop in the total pressure.

2.4- Energy Balance for the Retentate Side
4
4
QF piF HiF
QR piR HiR
dc
m
A
Hi Di i
=
−
∑
∑
F
R
dz
ℜT
ℜT
i =1
i =1
i =1
4

∑

dT
A λe
dz
m

z =0

4

dc
− A ∑ ( −∆H ) Di i
dz
i =1
m

−
z =0

+U A

s
i

t ,R

t ,R

(T

R

−T

ext

i = A,B,C ,D

)

(10)

z =0

The first and second terms account for the enthalpy of the gas phase in the feed and retentate
streams; the third term accounts for the enthalpy transported by the species that that go in or out the
membrane; the fourth term accounts for the heat exchange by conduction between the bulk gas and the
membrane surface; the fifth term accounts for the sorption enthalpy and the last one accounts for the
heat transfer between the bulk gas and a heat exchanger in which the coolant temperature, T ext , is fixed.
H is the enthalpy for the gas phase and ∆H s is the sorption enthalpy. U t ,R and At ,R are the external heat

transfer coefficient and the external area of heat transfer for the retentate side, respectively.

2.5- Partial and Total Mass Balances for the Permeate Side
QP piP
dc
+ Am Di i
dz
ℜT P

=0

i = A,B,C ,D

(11)

i = A,B,C ,D

(12)

z =δ

NC
dc
QP P P
m
A
Di i
+
∑
P
dz
ℜT
i =1

=0
z =δ

The same assumptions made for the retentate chamber are also assumed here.

2.6- Energy Balance for the Permeate Side
4
QP piP HiP
dc
∑ ℜT P + Am ∑ Hi Di dzi
i =1
i =1
4

+ Am λ e
z =δ

dT
dz

4

z =δ

+ Am ∑ ( −∆His ) Di
i =1

dc i
dz

+ U t ,P At ,P ( T P − T ext ) = 0

(13)

z =δ

The terms of this equation have an identical meaning as the corresponding ones in equation (10).

2.7- Dimensionless Equations
The model variables were made dimensionless with respect to the feed conditions ( QF , P F and T F ),
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to component A ( DA , S A and Cp A ) and to the membrane thickness, δ . The external and feed
temperatures were considered equal. The reference temperature was set to 298 K.
It seems reasonable to consider a uniform temperature for the entire catalytic membrane reactor, in
view of the usually low membrane thickness (few hundred microns, normally) and the perfectly mixed
flow pattern assumption for both chambers. According to this hypothesis, the energy balances for the
retentate and permeate chambers, equations (10) and (13), respectively, can be simplified to a single
global energy balance, expressed by equation (23) below. Other simplifications will be discussed later in
section 4.3.
Changing for dimensionless variables and introducing suitable dimensionless parameters, equations
(1)-(13) become as follows:
D*i

2
d 2 c*i
2
+
Φ
νij κ j ( T * ) f j ( c*i ) = 0
∑
dζ2
j =1

(14)

f1 ( c*i ) = c*A c*B

(15)

f2 ( c*i ) = c*B

(16)

κ1 ( T * ) = exp ⎡⎣ γ (1 − 1 / T * ) ⎤⎦

(17)

κ 2 ( T * ) = Rr exp ⎡⎣RE γ (1 − 1 / T * ) ⎤⎦

(18)

*
*
β
1 d 2T * ⎛ 4
* * dc i ⎞ dT
+
− Φ2
Cp
D
( κ1 f1 + RH κ2f2 ) = 0
⎜
⎟
∑
i
i
2
PeH dζ
dζ ⎠ dζ
PeH
⎝ i =1

(19)

ζ = 0 , c*i = S*i piR* and T * = T R*

(20)

QF* piF* QR* piR*
Γ * dc*i
Di
=
−
F*
r*
T
T
dζ
φ +1

ζ = 1 , c*i = S*i piP* and T * = T P*

(21)
ζ= 0

QF* P F* QR* P R*
Γ 4 * dc*i
=
−
∑ Di dζ
T F*
T r*
φ + 1 i =1
4

4

i =1

i =1

QF* ∑ piF* Cp*i − QR* ∑ piR* Cp*i +
Γ ⎛ dT *
1
⎜
φ + 1 PeH ⎜⎝ dζ

(22)
ζ= 0

dc*i
Γ 4
Cp*i D*i
∑
dζ
φ + 1 i =1

T R* +
ζ= 0

(23)

⎞
dT
−
⎟ − St ( T R* − T F* ) = 0
dζ ζ=1 ⎟⎠
*

ζ= 0

QP* piP*
Γ * dc*i
+
Di
φ +1
T r*
dζ

=0

(24)

ζ=1

Γ 4 * dc*i
QP* P P*
+
∑ Di dζ
r*
φ + 1 i =1
T

=0

(25)

ζ=1

where
c*i = c i /Cref ,

p*i = pi /Pref ,

P* = P/Pref ,

D*i = Di /Dref ,

Cref = Sref Pref ,

Cp*i = Cpi /Cpref ,
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Q* = Q/Qref ,

S*i = Si /Sref ,

⎡ C k (T ) ⎤
Φ = δ ⎢ ref 1 ref ⎥
Dref
⎣
⎦
1 k2 (Tref )
,
Rr =
Cref k1 (Tref )

1 /2

,

T * = T/Tref ,
Γ=

Am ℜTref Sref Dref
,
δQref y AF

PeH =

Cref Cpref Dref
,
λe

ζ=z δ,

RE = E2 /E1 ,
St =

β=

U t ,G At ,G ℜTref
,
Qref Pref Cpref

∆H1r Cref Dref
,
λ e Tref

RH = ∆H2r /∆H1r ,
φ = y BF /y AF ,
γ = E1 / ( ℜTref )

Φ is the Thiele modulus referred to the first reaction and at the reference temperature (ratio between a

characteristic intramembrane diffusion time, for the reference component, and a characteristic reaction
time); Γ is the dimensionless contact time referred to species A (ratio between the maximum possible
flux across the membrane for the reference component, that is, permeation of pure species against null
permeate pressure, and the total molar feed flow rate); Rr is the ratio of the reaction rate constants at
the reference temperature; γ is the Arrhenius’ number based on the first reaction; RH is the ratio of the
heats of reaction; RE is the ratio of the activation energies; PeH is the diffusional heat Peclet number; β
is the Prater number based on the first reaction; φ is the ratio of the reactants composition in the feed
stream (referred to the first reaction); St is the Stanton number. The remaining symbols are reported in
the nomenclature.

3- Analysis Strategy
The main objective of this work is to compare the performance of a catalytic membrane reactor
(CMR) with the more conventional counterpart. “Conventional”, in the context of this work, means a
catalytic reactor with perfectly mixed flow pattern (CSTR), fed with the same mixture. Additionally, the
same reactions take place at the catalyst surface, with the reaction species at the gas-phase
concentration, and described by equivalent kinetic equations. This comparative study will focus on the
role played by the different diffusivity and sorption selectivities for the reaction species on the
performance of the catalytic membrane reactor.
As it was mentioned in the introduction, an industrial purified propene stream for the production of
polypropylene should contain less than 10 ppm of propadiene and 5 ppm of propyne. Thus, it is our
purpose to carry out an analysis of the membrane reactor performance to check in which operating and
system conditions the concentration of the reactant propyne on the permeate stream is lower than the
corresponding one for the conventional reactor. It should be emphasized that only the permeate stream is
considered, instead of both the retentate and permeate streams, since the membrane reactor is assumed
to operate at total permeation condition (i.e., no retentate flow rate leaving the reactor). Additionally, it
will be also analysed the enhancement in terms of propyne and hydrogen conversion, as well as the
selectivity and overall yield to the intermediate product (propene). Moreover, since perfectly mixed flow
pattern is assumed for both retentate and permeate chambers, the effect of different diffusivity and
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sorption selectivities can be more easily assessed, avoiding, for example, the complexities introduced by
concentration gradients along the length of the membrane if tubular membranes with plug flow pattern
were considered.
To some extent, one may consider that if the CMR operates under the total permeation condition and
the membrane is non-selective (i. e., where all the reaction species have the same sorption capacity and
diffusivities) then it is loosely equivalent to the conventional catalytic reactor. We will return to this point
in the section of discussion of the results, by showing the simulation results obtained from both reactors.
In order to show the equivalence between these two reactors, a model describing the conventional
catalytic reactor will also be presented. The respective equations are obtained from the retentate side
ones for the catalytic membrane reactor by setting Γ = 0 and adding the term corresponding to the
reaction rate. Thus, the dimensionless equations (21)-(23) are turned into equations (26)-(28) as follows:
2
QF* piF* QO* piO*
Da
−
+
νij κ j ( T * ) f j ( piO* ) = 0
∑
T F*
T O*
j =1

(26)

QF* P F* QO* P O*
−
− Da κ1 ( T * ) f1 ( piO* ) + κ 2 ( T * ) f2 ( piO* ) = 0
T F*
T O*

(

4

4

i =1

i =1

)

(27)

(

)

QF* ∑ piF* Cp*i − QO* ∑ piO* Cp*i − DaB κ1 ( T * ) f1 ( piO* ) + RH κ 2 ( T * ) f2 ( piO* ) −

(

Da κ1 ( T

*

) f ( p ) ∆Cp
O*
i

1

1*

+ κ2 (T

*

) f ( p ) ∆Cp ) − St (T
2

2*

O*
i

O*

−T

F*

)=0

(28)

O*
f1 ( piO* ) = pO*
A pB

(29)

f2 ( piO* ) = PBO*

(30)

∆Cp1* = Cp*C − Cp*B − Cp*A

(31)

∆Cp2* = Cp*D − Cp*C − Cp*B

(32)

where

Da =

Pref V ℜTref k1 ( Tref )
Qref

,

B=

∆H1r
Tref Cpref

Da is the Damköhler number (ratio between the rate of the first reaction at the reference

temperature and the feed flow rate to the reactor) and B is the adiabatic temperature rise [31]. The
superscript O refers to the reactor exit conditions.
The conversion of the reactants A or B is given by (for the membrane reactor):

Xi = 1 −

QR* piR* /T R* + QP* piP* /T P*
QF* piF* /T F*

(33)

There is different ways to define selectivity. In this work, we consider the selectivity to the
intermediate product (C ) defined as the net moles of C produced per mole of A reacted (this quantity is
also known as relative yield [32]) and is given by (for the membrane reactor):
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σC =

QR* pCR* /T R* + QP* pCP* /T P* − QF* pCF* /T F*

(34)

F*
R*
P*
QF* pF*
− ( QR* pR*
+ QP* pP*
)
A /T
A /T
A /T

Finally, the overall yield to the species C , defined as the net moles of C produced per mole of A
fed, is given by (for the membrane reactor):
YC =

QR* pCR* /T R* + QP* pCP* /T P* − QF* pCF* /T F*
= X A σC
F*
QF* p F*
A /T

(35)

A negative value for σC and YC means that all the species A and part of the species C fed to the
reactor are converted in the reaction product D .
Given the rather large number of parameters that describe the catalytic membrane reactor, it is
impractical to perform a complete parametric sensitivity analysis. However, if we focus our attention on a
specific class of reactions that, as pointed out before, could be carried out in such reactors (selective
hydrogenations, for example), some of these parameters are loosely defined a priori. Therefore, this study
will be restricted to the response of the reactor with respect to some of the remaining parameters that
could be manipulated, namely: the sorption coefficients (Si ) , the diffusion coefficients (Di ) , the Thiele
modulus (Φ) , the dimensionless contact time for the reference component (Γ) , and the Stanton number
(St ) . The feed composition ratio (φ) will be considered constant, even though it could be changed freely.

4- Model Reaction System and Input Parameters
The choice of the reaction rate equations and input parameters will be discussed and justified in the
following sections, as well as the selected values for the corresponding parameters. These data were
obtained from the literature whenever possible; otherwise they were proposed based on qualitative
knowledge of the reactions, as discussed below.

4.1- Reaction System and Kinetics
The model reaction system simulated in this work describes a reaction scheme and stoichiometry
corresponding to the hydrogenation of propyne to the intermediate propene. The deeper hydrogenation to
propane is also considered, but other possible reactions (oligoisomerizations, for example) are ignored
[33]. All reaction steps are assumed to be irreversible [33]. According to this choice and referring to the
reaction scheme already presented in the introduction, the following component assignments were made:
A : Propyne;

B : Hydrogen;

C : Propene;

D : Propane

The simple power-law type kinetics for the rate equations have been often proposed in the literature
for catalytic reactions. However, these simple kinetic equations should be regarded rather as empirical
correlations that predict the rates of reactions within the range of the experimental conditions [5, 34]. For
example, the power-law type rate equations represent the experimental results better than the Langmuir-
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-Hinshelwood-Hougen-Watson models. This is mentioned in some published works, for the same
hydrogenation reactions, even though they have been carried out in packed-bed reactors (see Fajardo et

al. [20] and Godínez et al. [33, 35], as well as the references therein). Thus, power-law type kinetics is also
adopted in this work. Although any type of reaction rate expression may be inserted into the catalytic
membrane reactor model, this formulation simplifies considerably the problem, without compromising
the main conclusions. Considering that propene is in very large excess relatively to hydrogen, it seems
logical to consider that the propene hydrogenation is of zero order relatively to the hydrocarbon [20].
It is assumed that the reaction takes place at the catalyst surface, which is considered
homogeneously distributed through the membrane, and that the partition coefficient between the
concentration of species i in the polymeric phase and at the catalyst surface is unitary. It is also
assumed that the reaction kinetics is kept constant over the entire range of simulated conditions [5].
For the propyne hydrogenation, the activation energy is set to a value of 50 kJ/mol ( γ ≈ 20 ) . For the
olefin hydrogenation, it is set to a value 50% higher. These values lie within the range of experimentally
reported data, which shows a large scattering [20, 33, 35-37]. Moreover, a decrease in selectivity with
increasing reaction temperature is clearly reported in the literature, which is compatible with the
activation energy for propene hydrogenation being higher than for propyne [35]. The same relation of
activation energies was reported by Jackson [38], in a propyne to propene hydrogenation study over
platinum/silica catalysts.
Concerning the reaction rates, it is desirable that, in some way, the ratio between the rates of the
selective reaction (first one) and the unselective reaction (second one) should be as high as possible for
this kind of reactions, in order to improve the selectivity. From the results of Fajardo [20], it was
estimated the ratio between the reaction rate of propyne to propene and propene to propane. Assuming
pressures of 5000 Pa and 95000 Pa for hydrogen and propene, respectively, and a temperature of 350 K,
such a ratio took a value of 18 or 53, depending on the model considered. The same procedure led to
values of about 50-70 for the same reaction rates ratio when using data from Godínez [35]. Thus, it is
considered that the propyne reactivity is about 50 times higher than the one for propene, considering the
feed composition and reference conditions. From this assumption, the ratio of the reaction rate constants,
Rr , was calculated from equations (2)-(5), where the rate of reaction j is given by k j ( T ) f j ( c i ) .

It should be emphasized that the present work intends to analyse in which operating and system
conditions a catalytic polymeric membrane reactor can take advantage of its selectivity to out-perform a
conventional catalytic reactor. In this way, only the ratios of the reaction rates and activation energies are
truly necessary. A change of the respective values, providing, however, that the same relative trend is
kept, will change the values of conversion, selectivity, overall yield and outlet composition, but the effect
of the membrane permselectivity will be kept.
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4.2- Membrane Features
A rubbery membrane filled with nanosized catalyst is considered in the present work [16, 39-41]. The
transport of a species through such a homogeneous membrane, that is, without any occluded particles, is
made according to the model of sorption (considered to follow the Henry’s law) and diffusion (considered
to be Fickian) [39-41]. However, when a rubbery membrane is loaded with catalytic materials (metallic
clusters or zeolites, for example), the transport mechanism becomes more complex. Firstly, a decrease in
the diffusivity due to the diffusion barrier created by the clusters, which act as inorganic fillers, should be
considered [40, 42, 43]. On the other hand, the catalyst particles occluded in the membrane affect its
overall sorption capacity, that is, the sorption on the catalyst phase should also be considered in addition
to sorption on the polymeric phase [42].
To the best of our knowledge, sorption and diffusion coefficients in a non-porous polymeric catalytic
membrane have not yet been determined under the real conditions of sorption/diffusion/reaction. In few
cases, only effective sorption and diffusion or permeation coefficients have been reported [15, 27, 39-41].
Thus, this study will consider effective sorption and diffusion coefficients of the reaction species and will
focus on the impact that their relative differences have in the performance of the membrane reactor,
regarding the key variables under study. As discussed before, a comparison of such results with the ones
obtained for a non-selective membrane with equal sorption and diffusion coefficients for all reaction
species may elucidate us on the improvements that a catalytic membrane reactor can attain relatively to
the conventional catalytic reactor. Finally, both effective sorption and diffusivities are considered constant
over the entire range of the simulated conditions [44-46]. We will return to this subject in section 6.2.

4.3- Thermal Parameters
Heat capacities and heats of reaction were calculated from the literature values at the reference
temperature [47]. The molar heat capacity of each component was considered constant within the range
of temperatures and pressures considered and independent of being in the sorbed or gas phase. A more
exact dependence of the heat capacity with temperature, for example, could be considered, but this extra
complexity will not change the main conclusions. Moreover, the operating temperatures considered in this
study are close to the reference one.
The sorption enthalpy is considered to be constant with temperature. Accordingly, Hi0 ,s + ( −∆His ) = Hi ,
where Hi0 ,s and Hi are the enthalpies of the component i in sorbed and gaseous phases, respectively,
and for the reference temperature.
The value of the modified heat Peclet number was chosen so that a small temperature change
across the membrane thickness is verified. This is a reasonable assumption, since the thickness of these
membranes is normally small (usually less than a few hundred microns).
The ratio between the Prater number and the diffusional heat Peclet number was replaced by the
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adiabatic temperature rise (already defined in section 3): β /PeH = ∆H1r / ( Cpref Tref ) = B . According to this
change, such a new parameter reflects directly the heat of the first reaction. Moreover, this choice
eliminates the need to assign a value to the reference diffusion coefficient (to set the Prater number).

4.4- Feed and Operation Conditions
The feed stream to the reactor is made of propyne, propene and hydrogen. The ratio between the
concentrations of hydrogen and propyne, φ, was set constant. The concentration of propyne in a mixture
of propyne and propene was set to a value of 5% [20]. The feed volumetric flow rate was varied over a
wide range, by changing the dimensionless contact time parameter. The maximum value for the
dimensionless contact time is defined by the total permeation condition (TPC), that is, when the retentate
volumetric flow rate is zero.
Table 1 summarises the base set of the parameters values and ranges that will be utilized in the
simulations, unless otherwise indicated.

Table 1: List of the base set parameters values used in the simulations.

D*i = 1

PeH = 0.05

γ = 20

S*i = 1

B = −9.096

φF = 1.5

Cp*A = 1

Γ = 0.01 − TPC

RE = 1.5

Cp = 0.469

St = 0.1 − 100

P P* = 0.5

Cp*C = 1.054

Φ = ⎡⎣10 −2 − 10 3 ⎤⎦

Rr = 0.001

Cp*D = 1.214

Da = ⎣⎡10 −2 − 105 ⎦⎤

RH = 0.753

*
B

5- Resolution of the Model Equations
The general strategy considered in this work for solving the model equations is the same that was
used before [2]: to overcome numerical instability problems, especially for high Thiele modulus values, a
time derivative term was added to the right-hand side of equations (14), (19), (21), (23) and (24), while
equations (22) and (25) were solved explicitly in order to the volumetric flow rate. Equations (14) and (19)
were subsequently transformed into a set of ordinary differential equations in time by a spatially
discretization using orthogonal collocation [48]. The time integration routine LSODA [49] was then used to
integrate this resulting set of equations until a steady state solution was reached, that is, when the time
derivative of each dependent variable and for each of the spatial coordinate was smaller than a pre-defined value. With the purpose to obtain a solution with high accuracy and low computation time, a
variable transformation of the spatial coordinate as a function of the Thiele modulus value was applied
[50]. Despite the number of collocation points needed being a function of the Thiele modulus value [50],
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11 internal collocation points for all simulations were always used. This number proved to be sufficient for
the most extreme operating conditions and demand a low computation time [50]. The corresponding
equations of the fixed bed reactor, equations (26)-(28), were solved using the same strategy.

6- Results and Discussion
6.1- Catalytic Membrane Reactor with a non-Permselective Membrane
As it was already referred in section 3, the main objective of this work is to compare the
performance of a catalytic permselective membrane reactor with the one of a conventional catalytic
reactor when conducting the same reactions. In order to carry out this task, it will be considered that the
conventional catalytic reactor is equivalent, in terms of the attained results for the variables under study,
to the membrane reactor operating at the total permeation condition and with a catalytic membrane not
showing any diffusivity and sorption selectivities.
This equivalence can be realized when the results of some of the key variables under study obtained
for both reactors are compared, as figures 2-4 clearly show. This catalytic non-selective membrane
reactor may then be used as a reference to perform the subsequent comparative studies. This membrane
reactor will be named throughout the text as an “equivalent conventional catalytic reactor, ECSTR”.
Figure 2, for example, shows the hydrogen conversion as a function of the Thiele modulus (for the
catalytic membrane reactor) or the Damköhler number (for the conventional catalytic reactor) and the

1.0

B

A

0.8

0.8

0.6

0.6

0.4

0.4

0.2

0.2

Hydrogen Conversion, XB (CSTR)

Hydrogen Conversion, XB (CMR)

1.0

0.0

0.0

St a

102

101

n to

nN

101

um

100

b er

, St

100
10-1

10-1
10-2

T hi

ele

M

odu

Φ
l u s,

St a

104

101

nt o

nN

um

102

100

ber

10

, St

10-1

10-2

D am

0

kö h

l

um
er N

ber

, Da

Figure 2: Conversion of hydrogen as a function of the Stanton number and Thiele modulus values for the catalytic membrane
reactor at the total permeation condition (left part, A) and as a function of the Stanton number and Damköhler number for the
conventional catalytic reactor (right part, B). The other parameters have the values set for the base case, defined in table 1.
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Stanton number. At this point, the equivalence between the Thiele modulus and Damköhler number
should be discussed. The Thiele modulus is defined as the ratio between the rate of the first reaction and
the diffusivity of the reference component across the membrane. However, since the reactor is operating
at the total permeation condition, the Thiele modulus becomes simply the ratio between the rate of the
first reaction and the feed flow rate to the reactor, being therefore equivalent to the definition of the
Damköhler number given above in section 3. Additionally, figures 3 and 4 show the selectivity to the
intermediate product and the reactor temperature, respectively, for the same parametric region.
The analysis of the results presented in figures 2A and 3A (membrane reactor), as well as the
corresponding ones for the propyne conversion and propene overall yield (not shown here), allows us to
define the most suitable regions for the reactor operation. As it was reported in the introduction, the
selective hydrogenation of impurities like propyne and propadiene present in an industrial propene
stream should reduce their content to less than 10 ppm of propadiene and 5 ppm of propyne. According
to these constraints, the analysis of the catalytic membrane reactor performance should focus primarily
in the concentration of propyne in the outlet stream (permeate stream, as the reactor is operating at the
total permeation condition).
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Figure 3: Selectivity to propene as a function of the Stanton number and Thiele modulus values for the catalytic membrane reactor
at the total permeation condition (left part, A) and as a function of the Stanton number and Damköhler number for the conventional
catalytic reactor (right part, B). The other parameters have the values set for the base case, defined in table 1.

The reactor temperature increases as the Stanton number value decreases, for intermediate to high
Thiele modulus values (figure 4), favouring the unselective reaction (consumption of propene). Thus, the
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conversion of hydrogen increases continuously until its depletion (figure 2) while the conversion of propyne
(figure not shown) decreases considerably. The extension of such a decrease depends on the competition
between the selective reaction (production of propene) and unselective reaction (production of propene), as
it can be concluded from the drastic decrease of the selectivity (figure 3). This enhancement of the
unselective reaction with the temperature comes partially from the balance between the contrary effects
due to the activation energies ratio and to the heats of reaction ratio. That is, the activation energy of the
selective reaction is lower than the activation energy of the unselective one. As the global reaction rate
increases with the catalytic activity (Thiele modulus), the overall rate of heat generation per mol of
hydrogen consumed increases accordingly. If such a heat is not adequately removed from the reactor, its
temperature increases (figure 4). In addition, the rate of the unselective reaction increases more than the
rate of the selective one, on account of the same activation energies ratio. On the other hand, the heat
generated by the unselective reaction is lower than the one generated by the selective reaction, thus
slowing down the reactor temperature increase.
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Figure 4: Temperature of the reactor as a function of the Stanton number and Thiele modulus values for the catalytic membrane
reactor at the total permeation condition (left part, A) and as a function of the Stanton number and Damköhler number for the
conventional catalytic reactor (right part, B). The other parameters have the values set for the base case, defined in table 1.

The discontinuities evidenced in figures 2-4, along the Stanton number parameter (for low values)
and along the Thiele modulus/Damköhler number (for intermediate values) axis, represent a “jump” from
the steady-state at low temperature to the steady-state at high temperature. This “jump” occurs due to
the existence of a region of multiple steady states [32, 51].
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As it can be seen from figures 2-4, the selective hydrogenation is favoured when the reactor operates
at low temperatures. So, a parametric region of intermediate to high Stanton number (10-100) values will
be selected for the subsequent calculations. A minimum Stanton number value of 10 was selected to
assess the influence of the temperature rise in the reactor performance. A parametric region of
intermediate to high Thiele modulus (10-1000) will also be considered, to assure significative reactants
conversion. This region of Thiele modulus and Stanton number parametric space is far from the one
where multiple steady-states occur.
The results previously presented in figures 2A-4A were obtained at the total permeation condition.
However, a scanning of the dimensionless contact time parameter should also be performed, in order to
identify its optimal operating region. Following this, figure 5 shows the results of the propyne conversion
(5A) and the reactor temperature (5B) as a function of the Thiele modulus and the dimensionless contact
time, for a medium Stanton number value (St=10).
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Figure 5: Conversion of propyne (left part, A) and temperature of the reactor (right part, B) as a function of the dimensionless contact
time and Thiele modulus for the catalytic membrane reactor, with a Stanton number of 10. The other parameters have the values
set for the base case, defined in table 1.

Figure 5A, conjointly with figures 6A and 6B (representing the molar fraction of the propyne in the
retentate and permeate streams along the Thiele modulus and dimensionless contact time values,
respectively), reveals several features, identified and discussed later. Such results are primarily a
consequence of one or more of the following three factors:

Factor I − Influence of the dimensionless contact time. As the dimensionless contact time increases,
the retentate flow rate decreases and the permeant flux across the membrane increases accordingly to
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the balance, affecting directly the retentate composition. Thus, the concentration of the reaction products
in the retentate stream increases with the dimensionless contact time, while the concentration of the
main reactants (propyne and hydrogen) decreases.

Factor II – Influence of the catalytic activity. The reaction rate depends directly on the Thiele modulus
value and on the concentration of the main reactants. An increase of the Thiele modulus value causes the
reaction rate to increase. However, this must be balanced by the reactants concentration decrease due to
their faster consumption, which moderates the reaction rate increase. So, the effective change of the
reaction rate across the membrane depends directly on the balance between these two opposite trends.
Additionally, the fraction of the membrane thickness effectively used in the chemical reaction decreases
with an increase of the Thiele modulus, due to the depletion of the main reactant hydrogen. As a
consequence, there is an enrichment of the retentate stream in relation to the reaction products (with the
corresponding depletion in main reactants).

Factor III − Relative extension of the two reactions. If the main reactants hydrogen and propyne exist
in the reaction medium in relative excess, that is, if the reaction occurs in a kinetic controlled regime
(where the diffusion rate is faster than the reaction rate), the extension of each reaction depends
essentially on the kinetic parameters. As the operation regime changes from kinetic to diffusion
controlled, the competition between both reactions for the limiting reactant (hydrogen) becomes more
and more important. The result of such a competition is favourable to the unselective reaction, due to the
different sensitivity of the selective and unselective reactions towards the reactants concentration (as it
was referred previously, the selective reaction rate depends on the concentration of propyne and
hydrogen, while the unselective one depends only on the concentration of hydrogen).
Figure 6A shows that the propyne concentration in the retentate stream is a monotonically
decreasing function of the dimensionless contact time, for a fixed Thiele modulus value. This result is
primarily a consequence of factor I. The same behaviour is also verified as a function of the Thiele
modulus, for a fixed dimensionless contact time value. In this case, however, such result is primarily a
consequence of factor II.
The propyne concentration in the permeate stream, on the other hand, shows a much more complex
dependence on the dimensionless contact time, for a fixed Thiele modulus value (figure 6B). This
dependence is the one expected for low Thiele modulus values, due primarily to factor I. That is, a
decrease of the main reactants concentration on the retentate stream, for a kinetic controlled regime,
leads to a decrease of the driving force for transport across the membrane and, consequently, to a
decrease of its concentration on the permeate stream. Increasing the Thiele modulus value, the propyne
concentration in the permeate stream decreases with the dimensionless contact time until a minimum,
essentially as a consequence of factors I and II, and then increases continuously until the dimensionless
contact time reaches the total permeation condition. This final evolution is due primarily to factor III, even
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though there is also a secondary influence of factors I and II. The influence of factor III becomes
progressively higher as the Thiele modulus increases, leading to a decrease on the dimensionless contact
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Figure 6: Molar fraction of propyne in the retentate (left part, A) and permeate (right part, B) streams as a function of the
dimensionless contact time and Thiele modulus for the catalytic membrane reactor, with a Stanton number of 10. The other
parameters have the values set for the base case, defined in table 1.

The dependence of the propyne concentration in the permeate stream with the Thiele modulus, for a
fixed dimensionless contact time, shows also a decreasing trend until it reaches a minimum value,
essentially due to factor II. The subsequent increase is a consequence of the increasing importance of

factor III. Such a behaviour is reflected in the evolution of the propyne conversion as a function of the
Thiele modulus at the total permeation condition (figure 5-A). For dimensionless contact times lower than
the ones at the total permeation condition (figure 5-A), the propyne conversion shows a dependence on
the Thiele modulus similar to the one verified for the propyne concentration in the retentate stream
(figure 6-A). Even though the conversion depends simultaneously on the upstream (retentate) and
dowstream (permeate) flow rates, the retentate flow rate has the most influence. It should be emphasized
that a positive retentate one means some loss of the main reactants propyne and hydrogen, which leads
to a decrease of its conversion. The maximum propyne conversion approaches a level that depends on
the relative extent of the selective reaction and on the ratio of the feed composition (φ) , while the
maximum conversion of hydrogen (figure 2) is 100 %, as a result of factors II and III.
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6.2- Catalytic Membrane Reactor with a Permselective Membrane
It is our purpose, in the present section, to perform a comparative study between the membrane
reactor with a permselective catalytic membrane and the equivalent conventional catalytic reactor,
ECSTR. To reach such a goal, a criterion based on the ratio between the propyne molar fractions in the
outlet (permeate) stream of both reactors will be considered (the retentate flow rate is null for an
operation at the total permeation condition). The performance of the catalytic membrane reactor
improves relatively to the ECSTR if, for a certain region of the Thiele modulus-Stanton number plane, such
a ratio is lower than 1. Additionally, equivalent ratios for the conversion of the main reactants propyne
and hydrogen and for the selectivity and overall yield to the intermediate product propene are also
presented. In these last cases, the membrane reactor performs better if the respective ratios are higher
than 1.
As it was reported in section 4.2, effective sorption and diffusion coefficients for each reaction
species will be considered. For the sake of simplicity, the reaction species will be divided in two main
categories: hydrogen and hydrocarbons.
The hydrocarbons are assumed to have identical sorption and diffusion coefficients. In fact, the
author measured a propene/propane diffusivity selectivity of 1.3 on PDMS, while a diffusivity selectivity of
1.5 was reported for a polyethylene membrane [52]. Concerning the sorption capacity, a
propene/propane selectivity of 0.90 was obtained by the author for PDMS and a value of 0.89 was
reported for a polyethylene membrane [52]. As it was not possible to find equivalent data for propyne, it
was assumed equal values as for the other hydrocarbons. The former values are relative to pure polymeric
membranes. Nevertheless, it is assumed that the presence of the catalyst affects the diffusivity and
sorption of all hydrocarbons in the same way. In fact, Theis [53] reports a constant propene/propane
permselectivity of 1.1 for PDMS membranes, pure and occluded with different amounts of palladium
nanoclusters.
For hydrogen, an effective diffusion coefficient 10 times higher than the one for the hydrocarbons is
assumed. A hydrogen/propane diffusivity selectivity of 11 was obtained by the authors for a pure PDMS
membrane. Additionally, it is also assumed that the diffusivity of hydrogen is affected by the presence of
the loaded catalyst in the same way as for the hydrocarbons. Concerning the sorption capacity, a
hydrogen/propane selectivity of 0.010 was obtained by the author and by Merkel [54] for a pure PDMS
membrane. However, the sorption capacity of a catalytic membrane towards hydrogen can increase
considerably due to the catalyst surface. Values for the hydrogen sorption in pure PDMS membranes of
5.2 × 10 −5 mol/m3Pa and 2.2 × 10 −5 mol/m3Pa were obtained by the author and by Merkel [54], while

the corresponding sorption in bulk palladium is of 27.1 mol/m3 Pa [55]. The sorption capacity of
hydrogen in palladium nanoclusters occluded in poly(amide-imide) polymers was even higher than the
value reported for bulk palladium, which was attributed to an additional sorption in the surface and
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subsurface sites of such nanoclusters [56]. Accordingly, three different effective sorption coefficients are
considered for hydrogen (defined in relation to the one of the hydrocarbons): 10 times higher, equal and
10 times lower.

6.2.1- Higher Hydrogen Diffusion Coefficient
The comparative results between the catalytic membrane reactor (CMR) and the equivalent
conventional catalytic reactor (ECSTR) are presented in figure 7. As it was discussed above, only a region
of intermediate to high Thiele modulus and Stanton number values is considered. These results were
obtained considering that the sorption coefficients of all components are equal and that the diffusion
coefficient of hydrogen is higher (10 times) than that of the hydrocarbons. This way, only the influence of
the higher hydrogen diffusion coefficient will be analysed.
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and for different Stanton number values. D*B = 10 and Γ corresponding to the total permeation condition. The other parameters
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Globally, these results show that there is a region on the Thiele modulus-Stanton number parametric
space where the CMR performs better than the ECSTR, in terms of the propyne concentration in the outlet
stream (figure 7-B). Moreover, the selectivity (figure 7-C) and the overall yield (figure 7-D) to the
intermediate product are also improved, in the entire and in part of the parametric region, respectively.
These results are a consequence of the above-mentioned factors II and III and of factor IV, described next:

Factor IV − Diffusion rate of the main reactants hydrogen and propyne. An increase of the hydrogen
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diffusivity, which corresponds to an increase of the respective permeability, leads to a faster transport of
this component from the retentate to the permeate chambers. As a consequence, the concentration of
hydrogen in the retentate stream decreases (note that the reactor is considered to be operating at the
total permeation condition), as well as in the reaction medium, increasing the concentration of the
remaining components according to the mass balance. This effective decrease of the concentration of
hydrogen leads to a decrease of the global reaction rate and, consequently, to an enhancement of the
selective reaction.
A more detailed analysis of figure 7 reveals several interesting features. First of all, the conversion of
hydrogen and propyne for low Thiele modulus values is lower in the CMR than in the ECSTR (figure 7-A),
due essentially to the influence of factor IV. However, a higher hydrogen diffusion coefficient penalizes
more its own conversion than the one of propyne (figure 7-A) resulting that the intermediate product
propene is produced more selectively (figure 7-C). For this region, the concentration of propyne in the
permeate stream is penalized accordingly (figure 7-B).
Increasing the Thiele modulus value, different trends can be observed. Firstly, the importance of the
higher hydrogen diffusivity becomes smaller and smaller as the Thiele modulus approaches its upper
limit, due primarily to factor II. As the reaction tends to occur in an infinitesimal fraction of the membrane
thickness at the retentate surface, for a high enough Thiele modulus value, the advantage of the higher
diffusion coefficient of a main reactant, as is the case of hydrogen, completely vanishes. Thus, all the
quantities reported in figure 7 tend to the corresponding values reached in the ECSTR, when Φ → ∞ .
The hydrogen conversion in the CMR increases continuously until reaches its maximum value, equal
to the one attained in the ECSTR (figure 7-A). This result would be expected and can be explained by the
influence of factors II and IV. On the other hand, the conversion of propyne in the CMR increases until a
maximum value higher than the one attained in the ECSTR (figure 7-A), for an intermediate Thiele
modulus value. This evolution is also a consequence of factors II and IV. The subsequent decrease is a
result of the competition between both selective and unselective reactions, as pointed out in factor III.
This dependence of the propyne conversion on the Thiele modulus value has a direct consequence on the
propyne concentration in the outlet stream, as can be observed in Figure 7-B.
The selectivity to the intermediate product propene is always improved in the CMR, because the
higher hydrogen diffusivity is more detrimental for its own conversion than for propyne’s one, due to

factors II and IV. The trend showed in figure 7-C is the result of the balance between the evolution of the
propyne and hydrogen conversions. That is, the relative propyne conversion (ratio between the propyne
conversion in the CMR and in the ECSTR) grows faster than the relative hydrogen conversion for low Thiele
modulus values, causing the selectivity to increase. Above a given Thiele modulus value, the relative
hydrogen conversion grows now faster than the relative propyne conversion and the selectivity starts to
decrease.
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The overall yield dependence with the Thiele modulus (figure 7-D) reveals the simultaneous influence
of the propyne conversion and propene selectivity evolutions, accordingly to its definition by equation (35).
The minimum propyne concentration in the permeate stream is favoured by low temperatures (figure
7-B), because the ratio of the activation energies favours the unselective reaction, as was already
discussed in section 6.1. However, there is a region where high temperatures (for the range considered)
are more favourable for the propyne conversion, as can be concluded from figure 7-A for the different
Stanton number values, and, consequently, for the propyne concentration in the outlet stream (figure 7-B).
This is not an inconsistency, but only the manifestation of factors II and IV, associated with the global
reaction rate increase with temperature. That is, a higher hydrogen diffusion coefficient leads to a
decrease of its concentration inside the membrane (factor IV) and, consequently, to a decrease of the
global reaction rate. Thus, the main reactants conversion is penalized for low to intermediate Thiele
modulus values, being this effect more pronounced for hydrogen than for propyne. Increasing the
temperature, such a conversion decrease could be partially cancelled out.

6.2.2- Higher Hydrogen Diffusion and Sorption Coefficients
Let us consider the case discussed in the previous section with an additional change: the hydrogen
sorption coefficient is now 10 times higher than the one for the hydrocarbons. The comparative results
between the performances of the CMR and of the ECSTR are plotted in figure 8.
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Globally, these results show that the propyne conversion reached in the CMR is favoured for the
entire Thiele modulus/Stanton number parametric space. The propyne concentration in the outlet
(permeate) stream is also enhanced for the same parametric region, though more pronounced for low
Thiele modulus values. In the CMR, on the other hand, both selectivity and overall yield to the
intermediate product are favoured, though marginally, only in the region of relatively high Thiele modulus
values. Additionally, the conversion of hydrogen attained in the CMR is also improved for low Thiele
modulus values. Its upper conversion is 100 %, as in the case discussed in the previous section and for
the reasons already pointed out. These global trends are a consequence of the conjoint influence of the
above-mentioned factors II, III and IV and of factor V described next:

Factor V − Sorption coefficient of the main reactant hydrogen. An increase of the hydrogen sorption
capacity, which is equivalent to an increase of therespective permeability, leads not only to a faster
transport from the retentate to the permeate chambers, but also to an increased intramembrane
concentration. As this last factor is much more important than the increase of the permeability, there is
an effective improvement of the intramembrane hydrogen concentration, resulting in an increase of the
global reaction rate. The same conclusions are also valid for the case of propyne. If the sorption
coefficient decreases, the conclusions are reversed.
A more detailed analysis of figure 8 reveals some interesting features that deserve a deeper
discussion. First of all, the combination of factors IV and V results in an effective increase of the hydrogen
and propyne relative conversion for low Thiele modulus values (figure 8-A). By increasing the catalytic
activity (factor II), the hydrogen conversion attains 100%. Thus, any enhancement due to the
permselectivity completely vanishes. On the other hand, the evolution of the propyne relative conversion
along the Thiele modulus shows a more complex dependence with the hydrogen sorption and diffusion
coefficients (figure 8-A), which is reflected in the propyne relative concentration in the permeate stream
as a function of the Thiele modulus (figure 8-B). This behaviour is a consequence of the different
importance of factors IV and V as the Thiele modulus increases. That is, the higher hydrogen sorption
coefficient has an important impact in the reactor performance for the kinetic controlled regime, where
the change of the main reactants concentration in the reaction medium is high, contrarily to the small
impact of the higher diffusion coefficient. This increase of the hydrogen concentration favours more the
unselective reaction than the selective one, as can be concluded from the higher gain in the hydrogen
conversion than in the propyne one (figure 8-A) and, consequently, from the selectivity and overall yield
penalizations (figures 8-C and 8-D). As the Thiele modulus increases, the influence of the higher hydrogen
sorption coefficient decreases rapidly until it completely vanishes, because the main reactants
concentration becomes very low and the more important factor is the competition for the limiting
reactant (factor III). For the intermediate to high Thiele modulus region, only the influence of the higher
hydrogen diffusion coefficient is present, resulting that the pattern of the plot in figure 8 for this
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parametric region is identical to the one showed in figure 7.

6.2.3- Higher Hydrogen Diffusion and Lower Hydrogen Sorption Coefficients
The case where the hydrogen sorption coefficient is 10 times lower than the one of the hydrocarbons
will be considered in this section, while the diffusion coefficient is kept as before. The comparative results
of the CMR and ECSTR performances are plotted in figure 9.
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Following the conclusions from the previous section, the lower hydrogen sorption coefficient has a
strong penalizing influence on the main reactants conversion and on the propyne concentration in the
outlet stream. This effect occurs only for low Thiele modulus values, as expected, and is mainly a
consequence of factor V. The relative selectivity to the intermediate product propene presents some
improvement for low Thiele modulus values, as well as the relative overall yield, due to the same reasons
pointed out in section 6.2.1, that is, the relative propyne conversion grows faster than the relative
hydrogen conversion. As the Thiele modulus value increases, the influence of the lower hydrogen sorption
coefficient decreases rapidly until it completely disappears, for medium to high Thiele modulus. As in the
previous case, the more important factor in this parametric region is the competition for the limiting
reactant (factor III). Like in the cases previously presented in figures 7 and 8, the results presented in
figure 9 for intermediate to high Thiele modulus values show the exclusive influence of the higher
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hydrogen diffusion coefficient
It should be emphasized that the membrane considered in this section is non-permselective, as all
the reaction species have the same permeability. Nevertheless, the results obtained in the CMR are
different from the ones obtained in the ECSTR (also with a non-permselective membrane), because the
different sorption and diffusion coefficients.

7. Conclusions
The present study analysed the performance of a membrane reactor with a catalytic polymeric
membrane carrying out a consecutive-parallel reaction (selective hydrogenation of propyne in a mixture of
propyne and propene), comparatively to a conventional catalytic reactor. Such a performance was
analysed in terms of propyne concentration in the permeate stream, conversion of the main reactants
hydrogen and propyne and selectivity and overall yield to the intermediate product propene. In the present
context, the conventional reactor was considered as being equivalent to a catalytic membrane reactor
with equal sorption and diffusion coefficients for each reaction species. The reactors were simulated
using simplified one-dimensional pseudo-homogeneous non-isothermal models, considering perfectly
mixed flow pattern for both retentate and permeate sides. The simulation results report specifically the
influence of the relative hydrogen sorption and diffusion coefficients on some of the variables that
describe the reactor performance. The sorption and diffusion coefficients for the hydrocarbons were
considered to be equal.
The simulation results showed that the maximum propyne conversion is attained when the reactor
operates at the total permeation condition. On the other hand, the minimum propyne concentration in the
permeate stream is obtained for a dimensionless contact time dependent on the Thiele modulus value. It
was also shown that the reactor should operate at low temperature, so as to favour the propyne
conversion and propene selectivity.
The catalytic membrane reactor could be advantageous when compared to the conventional
catalytic reactor, in terms of the propyne conversion and concentration in the permeate stream. This
occurs when the hydrogen diffusion coefficient is higher than the one of the hydrocarbons, in the region of
intermediate to high Thiele modulus values, or when the hydrogen sorption coefficient is higher than the
one of the hydrocarbons, for low to intermediate Thiele modulus values.
The model presented in this study considers perfectly mixed flow pattern in both retentate and
permeate sides. Its features allow focusing on overall results, while avoiding, for example, the
complexities introduced by concentration gradients along the length of the membrane if plug flow pattern
were considered. However, future studies considering more complex models, closer to the real systems,
as well as the influence of other parameters, should be performed.
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Nomenclature
A

External area.

B

Adiabatic temperature rise.

c

Partial intramembrane concentration.

[mol/m3]

C

Total intramembrane concentration.

[mol/m3]

Cp

Heat capacity.

D

Diffusion coefficient.

[m2/s]

Da

Damköhler number.

[-]

E

Activation energy.

[J/mol]

H

Enthalpy.

[J/ mol]

k 0j

Pre-Exponential reaction rate constant for the reaction j .

[((m3/mol)2-j)/s]

kj

Reaction rate constant for the reaction j .

[((m3/mol)2-j)/s]

PeH Diffusional heat Peclet number.

[m2]
[-]

[J/(mol K)]

[-]

P

Total pressure.

[Pa]

p

Partial pressure.

[Pa]

Q

Volumetric flow rate.

ℜ

Universal gas constant.

RE

Ratio of the activation energies.

[-]

RH

Ratio of the heat of reaction.

[-]

Rr

Ratio of the reaction rate constants.

[-]

S

Henry’s sorption coefficient.

St

Stanton number.

T

Absolute temperature.

U

Heat transfer coefficient.

X

Conversion.

[-]

y

Molar fraction.

[-]

YC

Overall yield to species C .

[-]

z

Membrane spatial coordinate.

[m3/s]
[J/(mol K)]

[mol/(m3 Pa)]
[-]
[K]
[J/m2 s K]

[m]

Greek Symbols
β

Prater number based on reaction 1.

[-]

γ

Arrhenius’ number based on reaction 1.

[-]

Γ

Dimensionless contact time based on species A .

[-]

δ

Membrane thickness.

[m]
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ζ

Dimensionless membrane spatial coordinate.

[-]

κ

Dimensionless reaction rate constant.

[-]

λe

Effective thermal conductivity.

ν

Stoichiometric coefficient

[J/(s m K)]

( ν A ,1 = −1 , νB ,1 = −1 , νC ,1 = 1 , νD ,1 = 0 , ν A ,2 = 0 , νB ,2 = −1 , νC ,2 = −1 , νD ,2 = 1 ).

[-]

σC

Selectivity to species C .

[-]

φ

Ratio of the reactants composition in the feed stream (based on reaction 1).

[-]

Φ

Thiele modulus.

[-]

Ω

Dimensionless heat generation parameter.

[-]

Subscripts
i

Component i .

[-]

j

Reaction j .

[-]

ref Reference conditions or component.

[-]

Superscripts
*

Dimensionless variable.

[-]

F

Relative to the feed stream conditions.

[-]

G

Relative to the entire reactor (Stanton number definition).

[-]

m

Relative to the membrane.

[-]

O

Relative to the exit conditions (PBR model equations).

[-]

P

Relative to the permeate chamber conditions.

[-]

r

Relative to reaction.

[-]

R

Relative to the retentate chamber conditions.

[-]

s

Relative to the sorbed phase.

[-]
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The present work concerns the study of the performance of a membrane reactor with a dense
polymeric catalytic membrane. Firstly, it was considered the possible enhancements of the attained
conversion when conducting equilibrium-limited gas phase reactions. Then, it was explored the possible
improvements on the selectivity, yield and the outlet stream composition concerning specific species in
consecutive/parallel gas phase reactions. Despite the mathematical models that could be applied to any
hypothetic dense membrane, the main assumptions considered for the development of such models
makes them to be mostly applicable to polymeric membranes.
The work began with the study of the conversion enhancement over the maximum value attained in
a conventioanal catalytic reactor, which was considered to be the thermodynamic equilibrium value,
⎯⎯
→ C + D , isothermal conditions and
considering a hypothetical reaction described by the scheme A + B ←⎯
⎯

perfectly mixed flow pattern. It was considered that the transport of the reaction species through the
membrane thickness was made according to the mechanism of sorption (considered to follow the Henry’s
law) and diffusion (considered to be Fickian). Some other main assumptions include no drop in the total
pressure for each of the reactor sides (retentate and permeate ones), no resistance by any gas film in the
interface membrane/gas and elementary reaction mechanism. The partition coefficient between the
reaction species concentration in the polymer and at the catalyst surface was considered unitary.
Following on, the same model was extended to the case where ∆n ≠ 0 , considering now a hypothetical
⎯⎯
→ cC + dD . The reactor performance concerning these two
reaction described by the scheme aA + bB ←⎯
⎯

models was analyzed in terms of the influence of three main variables: the relative (dimensionless)
sorption coefficients of the reaction species, the relative (dimensionless) diffusion coefficients of the
reaction species and the reaction stoichiometry. The analysis was made in the dimensionless contact
time and Thiele modulus parametric space.
The previous models were extended to a tubular reactor, where the flow pattern was considered to
be plug flow. The hypothetical reaction considered in these cases was simpler than the previous one,
⎯⎯
→ bB , where A and B represented the reactants and products,
described by the scheme aA ←⎯
⎯

respectively. The main assumptions considered for the models with perfectly mixed flow pattern were
kept in the case of plug flow pattern. In addition to a similar analysis like the one performed for the
previous models, it was also considered in the plug flow models the influence of the flow pattern
(cocurrent, countercurrent and crossflow operation modes), total pressure gradient across the membrane,
ratio between the membrane thickness and its internal radius and feed location (tube side or shell side).
An analytical solution for the mass balance equations of the membrane was developed for ∆n = 0 ,
allowing thus for a more accurate and faster solution of the global model.
From the results obtained with these two models, the following main conclusions can be withdrawn:

•

The conversion attained in a non-porous catalytic membrane reactor is not governed by the reaction
species permeability, but by the diffusion and sorption coefficients in an independent way.
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•

An increase of the relative permeability of the reaction products, as well as the total pressure
gradient across the membrane, leads to a decrease of the dimensionless contact time needed to
attain the total permeation condition.

•

For a reactor with plug flow pattern, the cocurrent flow operation is always better than the
countercurrent flow in terms of the attained conversion for a region of intermediate Thiele modulus
and medium to high dimensionless contact time values. Otherwise, there are no differences. The
crossflow pattern gives intermediate values.

•

The relative permeate pressure can favour or penalize the conversion, depending on the relative
permeabilities of each reaction species.

•

The best location of the feed to the reactor (bore side or shell side) and the optimum ratio between
the internal membrane radius and the membrane thickness, depend on the relative sorption and
diffusion coefficients of the reaction components, as well as on the range of Thiele modulus and
dimensionless contact time values.

•

For reactions with ∆n = 0 and for a permeability of the reaction products higher than the one of the
reactants, the maximum conversion is attained in a region of Thiele modulus around a threshold
value, where occurs a change from the kinetic to the diffusional controlled regime, and for the total
permeation condition.

•

For reactions with ∆n = 0 and for a permeability of the reaction products lower than the one of the
reactants, the maximum conversion is attained in a region of high Thiele modulus values.

•

The conversion attained in the reactor is favoured by higher diffusion coefficients of the reaction
products and/or by higher sorption coefficients of the reactants and impaired otherwise.

•

The influence of different diffusion coefficients of the reaction species in the attained conversion is
smaller and smaller as the catalytic activity is higher and higher. For an instantaneous reaction, this
diffusive separation effect is completely vanished away and the conversion approaches the
maximum conversion attained in a conventional catalytic reactor.

•

The influence of different sorption coefficients of the reaction species in the attained conversion has
much more impact than the one due to the different diffusion coefficients, for the same relative
permeabilities. In such cases, the membrane actuates as a concentrator of the reactants or the
reaction products. The maximum influence (positive or negative) is attained for an instantaneous
reaction (high Thiele modulus values).

•

The conversion attained in the reactor is favoured by a high overall sorption capacity of the
membrane for reactions with ∆n < 0 and, conversely, by a low overall sorption capacity for reactions
with ∆n > 0 .

•

The conversion attained in the reactor is favoured by the transmembrane total concentration
gradient for ∆n > 0 reactions, while is disfavoured by the same gradient for ∆n < 0 reactions.
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One of the simplifying assumptions considered in the models developed was related with the
partition coefficient between the concentration of the reaction species in the polymer and at the catalyst
surface, which was considered unitary. This is a strong simplification, because, surely, the equilibrium
isotherms between the polymeric phase and the catalyst surface are more complex. For the hydrogen in
palladium, for example, the isotherm is of type IV. The plateau evidenced in this isotherm is a
consequence of the change in the lattice constant of the fcc lattice, resulting of the α → β phase
transformation. However, it can be considered that the sorption capacity at the catalyst is included in the
effective sorption capacity relative to the polymeric phase. According to this, and for the equilibrium-limited reactions considered, the main conclusions would not be much different from the ones already
presented if different isotherms would be considered, at least qualitatively.
Another simplifying assumption considered in the proposed models is related with the reaction rate
equation. If more complex (“more real”) reaction rate equations were considered, taking into account all
possible sorption, desorption and reaction constants, the main conclusions would not also be much
different from the ones already presented, at least qualitatively. For medium catalytic activities, in the
transition from the kinetic to the diffusional controlled regime, both the global sorption capacity for the
reactants and products and the effective diffusivities of the reaction species would be important for the
reactor performance in terms of the attained conversion. For high catalytic activities, only the effective
sorption capacity of the reaction species would define the attained conversion in the reactor.
An additional subject considered in this work is concerned to numerical methods to solve efficiently
the mathematical model equations relative to membrane reactors with catalytic membranes.
Firstly, it was described the application of a wavelet-based method with a fully automatic adaptive
grid to solve the model equations relative to a catalytic membrane reactor. It was considered a reaction
scheme for which an analytical solution was available, therefore providing useful insight into the accuracy
of the simulated results. These results showed how the conventional methods based on finite differences
with homogeneous grids, frequently used for solving this kind of problems, may fail in reproducing the
correct concentration profiles within the membrane, therefore leading to incorrect predictions of the
reactor performance. On the contrary, the wavelet-based method proved to be a useful tool in dealing with
such problems, either in terms of accuracy or in terms of the computational time efficiency.
Using an optimised grid, this wavelet-based algorithm is an efficient method to model membrane
reactors with catalytic membranes. However, because of its generality, it demands a considerable
amount of computation time, though still lower than the one needed when using an equispaced grid for
the same resolution level. In alternative and since some prior knowledge of the problem solution
behaviour is available, it was developed a numerical scheme that transforms the independent spatial
variable in such a way that the density of grid points becomes proportional to the steepness of the
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intramembrane profiles, improving then the accuracy of the solution. The application of this new
methodology to the resolution of different models describing catalytic membrane reactors and using
orthogonal collocation, for which there was an independent solution with high accuracy, proved its
efficiency in obtaining the respective solution with high accuracy and low demand of computation time.
The present work was concluded with the study of the performance of a completely back-mixed
membrane reactor with a polymeric catalytic membrane for conducting a consecutive-parallel reaction
system given by the scheme A + B → C and B + C → D . This model reaction system describes the
hydrogenation of propyne to the intermediate propene, followed by the deeper hydrogenation to propane.
To carry out such goal, a non-isothermal and non-adiabatic one-dimensional pseudo-homogeneous model
was developed. Like in the first developed models, the same main assumptions were considered. The
reactor performance was analyzed in terms of the main reactants hydrogen and propyne conversion,
propyne concentration in the permeate stream and selectivity and yield to the intermediate product
propene. These quantities were compared with the values attained in a conventional catalytic continuous
stirred tank reactor, which was considered as being equivalent to the catalytic membrane reactor with
equal sorption and diffusion coefficients for each reaction species and operating at the total permeation
condition. Given the rather large number of parameters that describe such a model, this study was made
in the Thiele modulus, dimensionless contact time and Stanton number parametric space, considering
only different values for the relative sorption and diffusion coefficients of the reactant hydrogen. The
corresponding coefficients of the hydrocarbons were considered equal among themselves. All the other
parameters were kept unchanged throughout the simulations.
For the parameter values assigned, the simulation results allowed to set some main conclusions,
presented in the following:

•

The maximum propyne conversion is attained when the reactor operates at the total permeation
condition.

•

The minimum propyne concentration in the permeate stream is obtained for a dimensionless
contact time dependent on the Thiele modulus value.

•

The reactor should operate at a temperature close to the feed one, so as to favour the propyne
conversion and the propene selectivity.

•

A higher hydrogen diffusion coefficient in the region of high Thiele modulus values or a higher
sorption coefficient for the medium Thiele modulus region is beneficial to improve the performance
of the membrane reactor concerning the propyne conversion and propyne concentration in the
permeate stream.
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5.1- Suggestions for Future Work
It is our belief that the polymeric catalytic membrane reactors have potentialities to compete with
the conventional reactors to conduct some reactions at mild condition, like selective hydrogenations. The
operation flexibility of these reactors and the possibilities to produce a wide variety of membranes
suitable to such processes is a great stimulus to accept the challenge that its research implies. Thus, a
future work should explore other features not considered yet and relax some of the assumptions made in
the present study.
In the immediate future, it would be interesting to extend to a polymeric catalytic tubular reactor
with plug flow pattern the model concerning the consecutive/parallel reaction. Contrarily to the
equilibrium gas phase reactions, this type of reactions is not constrained by thermodynamic aspects.
Thus, the results obtained when considering plug flow pattern could be different from the ones when
considering perfectly mixed flow pattern.
Another possible interesting area is the exploration of non-homogeneous catalyst distribution
throughout the membrane.
The introduction of a catalyst in a purifying gas separation membrane system for increasing
impurities driving force by chemically convert them in other species is also an interesting area to be
explored. The utilization of polymeric membranes in the industrial separation of gases is already a reality.
Other important subject that needs considerable research effort is the study of the sorption
isotherms for the system polymer/catalyst. Some exploratory work on the sorption of hydrogen and some
hydrocarbons on PDMS membranes with occluded palladium nanoclusters was already done by the
author during a few stays in the GKSS-Forschungszentrum Geesthacht GmbH, Geesthacht, Germany.
Inclusive, some mathematical models and the respective simulators were tried to describe the process.
However, the complexity of the results obtained led the author to postpone the project for a future work.

